ABSTRACT
SANDEEP KEDIA. Hydrogenation of F-nitrobenzene to F-aminophenol under kinetics and mass
transfer limited regimes: Reaction Kinetics, Mass Transfer Effects and Reaction Pathway. (Under the
direction of Dr. Ruben G. Carbonell and late Dr. George W. Roberts).
The heterogeneous hydrogenation of F-nitrobenzene was studied in a slurry batch reactor.
One of the reduced products, F-aminophenol, is a key intermediate for the manufacture of an Active
Pharmaceutical Ingredient (API) in late-stage clinical trials. Catalysts play a vital role in the
hydrogenation of nitroaromatics. Heterogeneous reactions can be limited by either diffusion or kinetic
control, depending upon the catalyst used or the reaction conditions. Several catalysts were rapidly
evaluated using a high-throughput screening technique from a diverse group of 48 catalysts available,
to choose a single catalyst for this study. The selection criteria included the reactivity, selectivity and
availability of the catalyst for scale-up in pilot facilities.
Heterogeneous hydrogenation reactions exhibit a complex kinetic behavior and require a
careful reaction rate control, as they produce highly energetic intermediates, such as hydroxylamines,
that pose a safety concern upon scale-up. In addition, the mechanism for the formation of the
dehalogenated aniline byproducts in these reactions has not been clearly identified. Such impurities
can pose a potential risk for batch failure in pharmaceutical products. A detailed kinetic model was
developed, elucidating the dominant pathway for the desired reaction. It was found that the
hydroxylamine formation step is a mass transfer limited process, whereas the hydrogenolysis of
hydroxylamine is kinetically limited. The reaction rate and the maximum concentration of
hydroxylamine were both dependent on mass transfer rates and reaction temperature. Similarly, it was
found that formation of a des-F impurity was also a function of both the mass transfer rate, as well as
the reaction temperature. Both the temperature and mass transfer rate information were critical in
order to meet the safety requirements and the product specification for the des-F impurity. It is vital to

scale such reactions from laboratory to pilot plant scale at a similar mass transfer rate of hydrogen gas.
An experimental technique was developed to scale these reactions at a constant overall mass transfer
coefficient. The experimental method also gave a direct measurement of hydrogen solubility in the
solvent system, along with the mass transfer coefficient values.
The reactions were scaled up to pilot plant reactors by maintaining the same mass transfer
coefficient kLa from the lab scale measured using a non-reactive methanol/hydrogen system. Although
the reactions were scaled based on comparable kLa, the reaction rate was found to be much slower
than that of the lab reaction. Upon investigation, it was found that the difference in rates was caused by
the presence of a nitrogen headspace in the reactor, put in place for safety. Even though nitrogen is
considered to be an innocuous substance, it resulted in catalyst inhibition. The catalyst was
characterized by physi- and chemisorption techniques to understand the catalyst inhibition mechanism.
Once the inhibition was well understood, then the pilot plant reactions were scaled up safely and
successfully under a hydrogen atmosphere, producing good quality material required for clinical trials.
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1 CHAPTER 1: INTRODUCTION
1.1

Motivation and Objectives
Hydrogenations of halo-nitroaromatics to halo-anilines, using heterogeneous catalytic

hydrogenation, are increasingly common in the chemical industry [1], as the aniline product is an
essential chemical in the manufacture of dyes, antioxidants, fine chemicals and pharmaceutical
intermediates. Such reactions have been extensively studied since the 1950s [2,3] in an attempt to
understand the catalyst behavior and reaction rates for large-scale production [4]. The hydrogenation
of a halo-nitroaromatic to halo-aniline is a key intermediate for the manufacture of an Active
Pharmaceutical Ingredient (API) in late-stage clinical trials. Such a reaction involves multiple
intermediate steps [1]; but, the relationships between intrinsic kinetics, mass transfer rate, and the
mechanistic pathway are not well understood.
Halo-nitroaromatic reduction takes place in a slurry reactor over a heterogeneous catalyst with
particle diameters typically smaller than 50 µm, and with introduction of hydrogen in the headspace of
the batch reactor. Such reactions exhibit a complex kinetic behavior and require a careful reaction rate
control, as they produce highly energetic intermediates, such as hydroxylamines, that pose a safety
concern upon scale-up. In addition, there are significant mass transfer challenges in these reactions
resulting from the need to transfer the hydrogen from the headspace of the reactor into the liquid
phase, and then onto the catalyst surface. Mass transfer rates in such reactions play a key role in
process safety. Previous work [5], using calorimetric measurements and hydrogen gas uptake data for
these reactions, has not clearly identified the role of mass transfer and the resulting reaction pathway
leading to the formation of various intermediates, such as hydroxylamine. In addition, the mechanism
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for the formation of the dehalogenated aniline byproducts in these reactions has not been clearly
identified. Such impurities can pose a quality risk for pharmaceutical products, thereby risking a batch
failure.
Catalysts play a vital role in the hydrogenation of nitroaromatics. Heterogeneous reactions can
be limited either by diffusion or kinetic control, depending upon the catalyst used or the reaction
conditions. Different reaction regimes can give rise to various intermediates and impurities, which can
be detrimental to the product quality and can inhibit the reaction progress (catalyst poisoning).
Activated carbons are the most widely utilized supports for hydrogenation catalysts [6]. Due to their
high surface area and organophilic character, they can absorb small impurities present in the reaction
medium, thus preventing catalyst metal poisoning. The chemical and physical properties (mineral
impurities, porosity, functional groups, etc.) for activated carbons vary widely as they are derived from
naturally occurring materials, such as wood, peat, fruit kernels, etc. Precious metal catalysts, such as
palladium or platinum on carbon, are the most commonly used catalysts for such hydrogenations [7].
The two most commonly available types of metal dispersions are uniform-type and egg-shell-type metal
dispersion. Metal deposited at the external particle surface results in an egg-shell catalyst whereas
metal deposited throughout the carbon support produces uniform catalysts. Metal deposition can be
controlled either during the impregnation stage for strongly adsorbed metal, resulting in a uniform
catalyst, or during the drying stage for weakly adsorbed metals [8]. In general, for catalytic
hydrogenations, the carbon support and metal type, as well as the deposition profile of the metal, play
a key role in reaction kinetics.
Hydrogen solubilities vary with solvents, such as alcohol, water, etc., and are strongly
dependent on temperature and pressure. The overall rate of the hydrogenation reaction is determined
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by the dissolved hydrogen concentrations [9]. A mixture of solvents is typically used to enhance the
solubility of nitroaromatic compounds for such reactions. Some solubility data of hydrogen at various
temperatures and pressures have been published [10] for single-solvent systems. It becomes an
onerous task to tabulate such data for thousands of co-solvent combinations at various pressures and
temperatures. Hydrogen solubility is a function of Henry's Law constant [11] at low pressures.
However, these linear relationships are not valid beyond 298°K temperatures and 0.1 MPa pressures.
Various equations of state have been applied to a hydrogen-solvent complex system [12,13] by treating
the solvent as a mixture of pseudo-components. Vapor-liquid equilibrium (VLE) data for hydrogen in
various solvents resulted in an average absolute error (AAE) between 0.5 and 2.0%. The AAE percent
was calculated from the difference between the actual and predicted values, divided by the actual
value. Predictions of hydrogen solubilities were variable, but resulted in AAE between 3 and 10% for
three coal liquids. A detailed composition analysis of the solvent must be available for this approach to
be applied but such data are rarely available. Corresponding states theory has been applied for pureand multi-component solvent systems. The AAEs for these systems were found to be 5.8% and 6.8%,
respectively [9].
The focus of this research is the hydrogenation of halo-nitroaromatics to halo-aniline over
heterogeneous catalysts in a slurry batch reactor. This catalytic hydrogenation is a complex chemical
process with several competing mass transfer and kinetic effects which contribute to the overall rate of
the reaction. The effects of heat and mass transfer must be fully understood and quantified for a
successful scale-up of the process. The control mechanisms for one of the highly energetic
intermediates, hydroxylamine, pose a safety concern upon scale-up and, therefore, must be well
understood. The mechanism of the de-halogenated impurity formation and its control during the course
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of the reaction is not fully elucidated and, therefore, must be well understood. The hydrogenation of
halo-nitroaromatic in a batch slurry reactor was investigated to obtain a mechanistic understanding and
control of the various intermediates and impurities in the process. The relationship between intrinsic
kinetics and mass transfer were evaluated to obtain a complete mechanistic understanding for these
reactions.

1.2

Scope of Research
Chapter 2 presents a literature overview of the current state of the art in the hydrogenation of

halo-nitroaromatics and the diverse approaches taken for studying these reactions, including
postulated mechanisms and rate expressions. Chapter 3 focuses on the catalyst selection process,
which affects the overall selectivity, reactivity and kinetics of these reactions. A high-throughput
screening technique narrowed the catalyst choice from forty-eight different catalysts available from two
commercial catalyst manufacturers. Chapter 4 focuses on the mass-transfer scale-up for the reaction.
The reactor geometry differs widely from the lab scale to the plant scale reactors. Based on the
geometric similarities, this chapter also describes the various mass-transfer models and the
disadvantages of using this technique, as cited in the literature. A general procedure for scaling-up the
global mass-transfer rate, independent of the reactor geometry, is outlined in this chapter. Chapter 5
illustrates the relationship between the global mass transfer coefficient and intrinsic kinetics for
hydrogenation reactions. These hydrogenation reactions are often limited by one of three regimes:
mass transfer limited regime; intrinsic kinetic limited regime; or both mass transfer and kinetic control
regimes. Chapter 5 also describes the kinetic model for the postulated reaction mechanism. A new
methodology for testing catalyst robustness, using reaction progress analysis techniques [14] is also
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proposed. Chapter 6 highlights the understanding of intermediates and impurity formation. It illustrates
a control mechanism for such intermediates and impurities based on process parameters. Chapter 7
describes the results from scale-up runs. During the scale-up of the process in the plant reactor, the
reaction rate was observed to be slower than the lab scale reaction. Catalyst characterization
techniques, such as chemisorption, revealed the cause as a special case of catalyst inhibition. Finally,
Chapter 8 summarizes conclusions from these results, along with suggestions for future work.
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2 CHAPTER 2: LITERATURE REVIEW
2.1

Introduction
Historically, aniline is perhaps one of the most prominent synthetic organic chemicals ever

manufactured. During the oxidation of aniline [1], a purple dye, known as mauve, was isolated by Sir
William Henry Perkin in 1856. Understanding the value of his discovery, Perkin (a student at the Royal
College of Chemistry in London), scaled up the process of synthesizing mauve, along with the
synthesis of aniline. This synthesis became one of the first commercial processes to produce a
synthetic organic chemical. Aniline is a key intermediate in the manufacture of polyurethane plastics,
which have emerged over the last three decades, as a growth industry. Aniline is also a key
intermediate for the manufacture of 4, 4’-diphenylmethane diisocyanate (MDI), a key commercial
monomer. Aniline is also an important chemical in the manufacture of various pharmaceutical
intermediates, agrochemicals, and vulcanization accelerators and antioxidants.
Aniline is formed by the reduction of nitrobenzene. Hydrogenation of nitroaromatics has been
the focus of many research groups for over 60 years. Originally, the reaction of nitrobenzene with
dispersed iron in the presence of HCl was found to yield aniline and iron oxide sludge. Catalytic
hydrogenation was eventually introduced to overcome the large amount of iron oxide waste generated
in the original process. The chemistry for the reduction of nitrobenzene to aniline was originally
elucidated by Haber [2] and Debus and Jungers [3] as reported by Stratz [4]. Figure 2.1 depicts the
complex mechanistic pathway, as reported by Stratz, elucidating the reduction of the halo-nitroaromatic
to halo-aniline along with the dehalogenated impurity [I].
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Figure 2.1: Reduction pathway for halo-nitroaromatic to halo-aniline [4]

Several papers in the literature reference the hydrogenation of nitrobenzene in the presence of catalyst
and appropriate solvents to form aniline and various intermediates. Samuelsen et al. [5] hydrogenated
nitrobenzene in the presence of Raney nickel as a catalyst that had been treated with chloroplatinic
acid and found that quantitative conversion of nitrobenzene to aniline proceeded without the formation
of intermediates. Scholnik et al. [6] hydrogenated nitrobenzene and its sodium salts, along with methyl
and ethyl ester derivatives of nitrobenzoic acids, in the presence of Raney nickel, activated with
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platinum chloride. Yao and Emmett [7] discovered that azoxybenzene ([E] in Figure 2.1) and aniline
were formed if the catalyst (Raney nickel) was first degassed. Metcalfe and Rowden [8] found that the
reaction went through stable intermediates, such as hydroxybenzene [B], phenylhydroxylamine [C],
azoxybenzene [E], and azobenzene [F] in Figure 2.1 when butanol was used as a solvent with
palladium-silver alloy as a catalyst. Shebaldova et al. [9] hydrogenated nitrobenzene selectively to
produce phenylhydroxylamine, using catalysts such as rhodium, palladium, and cobalt complexes.
Aniline was not formed; however, increasing amounts of azoxybenzene were produced. Shebaldova
postulated the mechanism, illustrated in Figure 2.2, based on their results. When the reaction catalyst
was changed to iron or nickel, aniline was the only product formed. Thus, depending upon the choice
of the catalyst, the reduction of nitrobenzene yielded various products.

C6H5NO2

C6H5NO

C6H5N

C6H5NHOH

C6H5NH2

NC6H5

O
Figure 2.2: Mechanism proposed by Shebaldova for nitro reduction [9]

Debus and Jungers [3] described the hydrogenation of nitrobenzene in a complex mechanism
involving several intermediates, such as nitroso-benzene, azoxybenzene, azobenzene,
phenylhydroxylamine and azobenzene as shown in Figure 2.1. Nickel catalyst was found to be
poisoned during the oxidation process. Debus et al. postulated a mechanism, as illustrated in
Figure 2.3, similar to Haber [2], depicting the relative rates for nitro reduction.
Burge et al. [10] postulated several intermediates during the reduction of nitrobenzene. The
rate of reduction of nitrobenzene was found to be zero-order when the Haber mechanism was adopted,
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and the rate constants for various mechanistic pathways were calculated. Wisniak et al. [11]
investigated several mechanistic pathways for nitrobenzene reduction and concluded that none of the
mechanisms tested gave an accurate mechanistic description. The reaction order was markedly
different when the overall reaction rates involving only the concentration of aniline or nitrobenzene were
compared between the test runs.
Summarizing, the reduction of nitrobenzene has been extensively studied in a wide range of
conditions: in the liquid and vapor phase, with and without solvent, and with various types of catalysts
and their supports; however, its mechanism has not been fully elucidated.

Figure 2.3: Relative rates of hydrogenation [3]

2.2

Thermal Hazard During Hydrogenation of Nitroaromatic
Thermochemistry plays a vital role in the comprehension and control of chemical process

hazards [12]. Chemical process hazards originate from several factors:


Thermal decomposition of chemical species, such as reactants, intermediates, or products. This
decomposition has led to the development of several instruments such as the Differential Scanning
Calorimeters and Accelerating Rate Calorimeters.
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Heat generated during the reaction, which should be removed from the reactor via heat transfer
fluid (coolant) in the jacket. The rate of heat removal must match or exceed the maximum rate at
which heat is generated in order to prevent a thermal runaway.



Heat of side-reactions, which may occur in conjunction with the main reaction. These require a
change in operating conditions, such as process temperature or catalyst type, and might change
the selectivity of the process, thereby altering the fate of impurities or side-reactions.



Pressure build-up due to gas evolution or vapors in the reactor, resulting from excessive heat
release.
The reduction of nitroaromatics to aniline is a highly exothermic process [13], the heat of the

reaction being 545 kJ/mol (or 130-kcal/mol). It was well known that the reaction proceeds via the
formation of certain intermediates, as postulated in Figure 2.1; but, it was generally assumed their
formation was brief, and thus little attention was paid to them. An explosion occurred during the
catalytic reduction of chloronitrobenzene, which was attributed to runaway decomposition initiated by
exothermic disproportionation of the hydroxylamino intermediate [14], and it has been accepted in
recent years that such intermediates may cause significant process hazards. The heats of formation of
these energetic intermediates were studied by Macnab [12]. The reduction of nitroaromatic to
hydroxylamine was found to be an extremely fast reaction, with ∆Hrxn of 320-kJ/mol, and the reduction
of hydroxylamine to aniline was found to be a slower reaction, with ∆Hrxn of 225-kJ/mol. It is well
known that hydroxylamine disproportionates exothermically [12-15], leading to the formation of azoand azoxybenzene. These reactions are not limited by mass transfer rate of hydrogen and, therefore,
cannot be stopped by slowing the mass transfer rate of hydrogen. As a result, to scale-up an
intrinsically safe process, a complete risk assessment is essential and should be carried out in order to
evaluate the accumulation of such intermediates and determine the consequences for the thermal
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safety of the process. Various heats of formation of intermediates are shown in Figure 2.4, as
calculated and measured by Macnab [12]. These calculated heats of reactions have further
significance: first, the overall cooling requirement for such reactions can be calculated, and second, the
cooling demand must match the heats of reaction to prevent a thermal runaway of hydroxylamine
reduction.

R NO2 + H2

R

NO +

R

NO + H2

R

NHOH

R

NHOH + H2

R

NHOH + R

R
NO2

NH2

+

H = -134 kJ/mol

H2O

H = -155 kJ/mol

H2O

R N N R +

H2O

H = -259 kJ/mol
H = -120 kJ/mol

O
R

NO

+ R

NH2

R N N R +

H2O

H = -160 kJ/mol

Figure 2.4: Heats of reaction during nitroaromatic reduction [12]

Stoessel [13] describes the risk of thermal explosion or time to maximum rate under adiabatic
conditions (TMRad), which can be estimated by the formula published by Townsend and Tou [16]:

𝐶𝑝 𝑅 𝑇𝑜 2
𝑇𝑀𝑅𝑎𝑑 (𝑠𝑒𝑐𝑜𝑛𝑑𝑠) =
𝑞𝑜 𝐸𝑎

[2. 1]

where R = universal gas constant = 8.314 J/mol/K; To = Temperature (K); qo = reaction power per kg at
To (W/kg); Ea = activation energy (J/mol); and Cp = specific heat of reaction mixture (J/kg/K).
In the case of loss of cooling in hydrogenation reactors, heat is accumulated inside the batch
reactor so that even a slow reaction can eventually lead to a thermal runaway. Thus, measures should
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be taken to prevent thermal runaway, such as: emergency cooling of the batch, slow release of
pressure with condensation of solvent, or transfer of the batch to a cooling tank. For safe operation,
one must ensure that the TMRad is considerably longer than the time needed for the intervention after
the cooling breakdown to determine the maximum allowable temperature for the reaction.
A precise control of reaction rates and temperatures must be maintained at all times for safe
plant operation. The role of hazard assessment is to define these limits of safe operation and to take
corrective action to stay within the safety limits. Use of thermochemical data allows an estimate of the
potential temperature rise under adiabatic conditions for given compositions. In conjunction with the
thermal stability data, it is possible to predict the concentrations of nitro and phenyl hydroxylamine for a
given process temperature which may bring about the maximum safe rise of reaction temperature.
Additionally, based on a full understanding of the process chemistry and the possible side-reactions,
thermochemical studies complement experimental thermal stability data in providing the basis for the
control of chemical process hazards.
2.3

Modulation of Hydroxylamine
The catalytic hydrogenation of aromatic nitro compounds is industrially important and proceeds

via several intermediates [17]. Most important is the corresponding hydroxylamine species, as
elucidated by Baumeister et al. [18], and shown in Figure 2.5.
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Figure 2.5: Reaction network for nitroarene hydrogenation [18]

According to Baumeister et al. [18], nitro compounds with electron-withdrawing groups, such
as sulfonamide or a halogen, can accumulate aryl hydroxylamines in large quantities. The
accumulation is seen when the hydrogenation is carried out in a batch reactor at low or medium
temperature (<100C). Hydroxylamines are thermally unstable intermediates that can disproportionate
with a strong exotherm, causing severe explosions [14]. They are also known as potent carcinogens
and, therefore, are hazardous in the event of an incomplete reaction [19]. Hydroxylamines can also
undergo condensation with the nitroso compound, leading to the formation of colored azo or azoxy byproducts (lower part of Figure 2.5), that are detrimental to the product quality. The concentration of
hydroxylamines is difficult to control and predict [20]; therefore, the product quality varies from batch to
batch. Some chemical processes exist to lower the hydroxylamine accumulation [22], but better
understanding and control are clearly needed. A few publications have reported the evasion of this
issue by using semi-batch or continuous processes [21, 22, 23]; but, it is often impossible to employ
such reactors in the production of fine chemicals and pharmaceuticals due to the multi-purpose use
required in such industries.
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Another approach, described by Studer et al. [24], involves the addition of a co-catalyst such
as vanadium to accelerate the disproportionation of hydroxylamine. Vanadium additives were shown to
decrease the accumulation of hydroxylamine. Various vanadium co-catalysts with Pt, Pd, and Ir
metals, have been applied successfully to a number of processes (e.g., the hydrogenation of 2,4dinitrochlorobenzene or 2-nitro-2’,4’,4’- trichlorobiphenyl ether). Minimum to zero accumulation of
hydroxylamine was found; however, the role of these modifiers is still not well understood. The best
combination of catalyst with vanadium is difficult to predict. In some cases, such as hydrogenation of
3,4-dichloronitrobenzene with Pt catalysts, the vanadium modifiers had a negative impact on process
yields and product quality [24]. In other cases, such as Pt–Cu/C catalyst, catalyst poisoning was
observed. Raney nickel (RNi) has been widely utilized due to its low cost and high chemoselectivity for
the hydrogenation of nitro aromatics with several substituent groups (halogen, C=C, C≡N and others);
however, RNi has been known to accumulate large amounts of hydroxylamine during the reaction, and
a suitable remedy has yet to be discovered.
The results for various vanadium promoters were compared with RNi and are tabulated in
Table 2.1. Studer et al. [24] showed that the reproducibility of the reaction rates and concentration of
hydroxylamine (CHB) was an issue (two different batches of RNi showed a variation of the rates
between batches >10%). It was also observed that the premix time of substrate and promoters was
also a key process parameter for the reaction. NMR and GLC techniques were difficult to implement
due to the presence of paramagnetic Ni in the sample and evaporation of anilines. Therefore, the
results shown in Table 2.1 are only of a qualitative nature. The reaction system without modifiers had a
maximum hydroxylamine accumulation of 71%. When vanadium was added as a modifier to the
reaction mixture, the maximal hydroxylamine concentrations were found to be between 11 and 86%.
Studer observed that the modifiers that reduced the amount of hydroxylamine accumulation also
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lowered the overall reaction rate. Likewise, it was also observed that those modifiers that increased
the overall reaction rate also showed significantly higher accumulation of hydroxylamine.
Studer investigated the use of vanadium modifiers of RNi for two additional substrates: the
halo nitro phenol and the substituted nitrobenzene carrying both a COCH3 and a COOH group. He
concluded the following:
•

In reactions where no vanadium promoters were added, both substrates showed higher
accumulation of hydroxylamine in the range of 50–70%.

•

With the addition of vanadium modifiers, the hydroxylamine concentration was significantly
reduced.

•

Reaction screening needed to be performed to yield the best modifier combination, i.e., there
was lack of understanding.

•

Addition of vanadium modifiers led to lower rates in the hydrogenation of halo nitro phenol. The
same was observed for substituted nitrobenzene carrying both a COCH3 and a COOH group;
but, higher reaction rates with high hydroxylamine accumulation were found in some cases.

•

Higher reaction rates and lower accumulation were obtained in the case of halo nitrophenol. The
reason postulated for higher hydroxylamine concentration in the substituted nitrobenzene
molecule, was due to the two electronic withdrawing groups [an acetyl group (-COCH3) and a
carboxylic acid (-COOH)] present in the molecule.
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Table 2.1: Initial screening of various vanadium additives for the hydrogenation of halo
nitrobenzene a [24]
V / RNi

a Conditions: 4.8 mmol 1, 150 mg RNi, 100 ml MeOH, 1.1 bar H2, 30–35C.
b (mol V compound/mol nickel) X 100.
c 100% conversion and 100% H2 uptake in 2 h, the initial rate was 113 mmol g-1 h-1.

In another study, Baumeister et al. [18] speculated that a metal ion or complex may suppress
the accumulation of hydroxylamine by increasing the disproportionation rate of hydroxylamine. A broad
study of the effect of methanol-soluble metal salts was carried out by Studer et al. [24]. Out of the
hundred metal salts screened, eleven showed an extremely fast, and fourteen showed fast,
disproportionation of the hydroxylamine, mainly to nitroso, azoxy, and amine products. The most active
metal salts, such as Ag, Ce, Co, Cu, Cr, Fe, Hg, Mn, Mo, Re, Ru, Ti, Tl, Th, and V, were found to
disproportionate hydrogen peroxide over catalyst. Out of the twelve most reactive salts tested, eight
showed fast hydroxylamine disproportionation reaction (refer to Table 2.2). It was observed that, using

18

most of these salts, more than 88% of the starting material was transformed into azoxy, nitroso, and
aniline product. This indicated that the promoters catalyzed the disproportionation of hydroxylamine
predominantly. However, the amount of product (aniline) formed varied widely from 3 - 71%. It was
observed by Baumeister et al. [18] that CuCl2 catalyzed the oxidation and Tl(NO3)3 the reduction of the
hydroxylamine. It was also seen that CuCl2.2H2O acted only as a disproportionation catalyst. Salts of
Ag, Ce, Mn, and Ti showed slow or no reaction and, with Re, unidentified by-products were formed.
The oxidation state of the metal (e.g., with iron) or the counter ion (e.g., with manganese) had an
influence on the rate of decomposition; however, no clear trend was observed.
Significantly, results by Baumeister et al. [18] showed that the rate of hydrogenation
accelerated in the presence of the vanadium salts, and the amount of hydroxylamine accumulation
decreased substantially (refer to Figure 2.6). The hydroxylamine accumulation decreased from > 40%
to < 1% with NH4VO3 or V/Pd/C. The addition of metal salts, such as VOSO4 and V2O5, also resulted
in the reduction of hydroxylamine concentration but was less effective. Baumeister et al. [18] observed
that the reduction was faster in the presence of vanadium salts. All other additives resulted in longer
reaction times and were less effective in reducing the hydroxylamine accumulation, except for
Co(NO3)2.6H2O. Baumeister et al. [18] also observed that the products obtained with efficient
promoters were cleaner, with fewer intermediates and colored impurities, than the ones without
promoters (see Figure 2.6 for details).
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Table 2.2: Metal salt additive and hydroxylamine formation [18]

Product composition in mol% of starting material after reduction of hydroxylamine (2)
with 3-5 mol% metal salt (methanol reflux, 3h, product analyzed by NMR)

Catalytic hydrogenations of nitroaromatic compounds often have two distinct phases. First, the
nitro compound is reduced to the corresponding hydroxylamine. Then, the hydroxylamine is reduced to
the corresponding aniline. With vanadium promoters, the hydroxylamine disproportionates rapidly
(upper part of Figure 2.5), forming the nitroso intermediate; then, it re-enters the catalytic cycle,
resulting in an acceleration of the amine formation. During various hydrogenations, Baumeister et al.
[18] never observed the nitroso intermediate. This is in direct contradiction to the mechanism
postulated by Debus [3] as fast hydrogenation reaction of the nitroso compound. This means that
either nitroso never leaves the catalyst surface or is reacted quickly, and is therefore, not observed.
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Figure 2.6: Hydrogenation of nitroarene [18]
Effect of additives on the maximum hydroxylamine accumulation (always observed after 66%
hydrogen uptake) and the time needed for 100% conversion. Product analysis by NMR

2.4

Reaction Kinetics
Aromatic nitro reductions have been extensively studied over the past couple of decades.

Wisniak [11] ran several experiments to understand the rates of formation of intermediates as well as
their relative stability. A typical reaction profile is shown in Figure 2.7. Nitrobenzene was reduced to
aniline, using RNi, and only azobenzene and azoxybenzene were observed as intermediates. For the
purpose of kinetic study, it was vital to ensure that the rate data were obtained under the kinetically
controlled regime. Based on the experiment, a pseudo-first order reaction rate was proposed for nitro
reduction:
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𝑑𝐶𝑁𝐵
𝑚𝑜𝑙
= −𝑘 𝐶𝑁𝐵 . (
)
𝑑𝑡
𝐿 ∗ 𝑚𝑖𝑛

[2. 2]

Figure 2.7: Reaction profile with Raney nickel [11]

The reaction rate was found to increase linearly with agitation rate (indicative of mass transfer
limitation); however, it was found that when the agitation speed was above 900 rpm the reaction rate
did not increase further, indicating the system was probably controlled by chemical reaction (as shown
in Figure 2.8) under these conditions.
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Figure 2.8: Influence of agitation rate [11]

Chaudhari et al. [25] screened various catalysts for the p-aminophenol reduction. The effects
of various catalysts and solvents are elucidated in Table 2.3 and Table 2.4, respectively. The reaction
rate (RA) was calculated from the hydrogen uptake data. In this study, Chaudhari et al. [25] defined the
average catalytic activity (N) [expressed as (kmol/kg*h)] as the amount of p-nitrophenol consumed per
unit weight of the catalyst per hour, based on the time required to achieve more than 99% conversion
of p-nitrophenol. Several precious metal catalysts were investigated for the reduction of p-nitrophenol,
and the results are tabulated in Table 2.3. The catalyst activity followed the order Pt > Pd > Ni > Rh >
Ru for the hydrogenation. Platinum catalysts yielded the highest catalytic reactivity, whereas ruthenium
catalyst had the least activity. The catalyst activity was also investigated against various catalyst
supports (Table 2.3, entries 5-8). The highest activity was observed for the carbon-supported platinum
catalysts. A general trend was that increasing platinum content in the catalyst increased the overall
reaction rate of the hydrogenation (Table 2.3, entries 5, 9-11).
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Table 2.3: Initial rate of hydrogen and avg. catalytic activity for various hydrogenation catalysts [25]

Chaudhari et al. [25] also studied the effect of various solvents on reaction rate and catalytic
activity, and the results are presented in Table 2.4. The five solvents studied were: water, methanol,
ethanol, n-propanol, and n-butanol. It was observed that the average catalytic activity and the reaction
rate increased with an increase in the solvent polarity, and rates were highest in water. Such
enhancement in the reaction rates has been previously observed by Rajadhyaksha et al. [26] for nitro
reduction and was partly attributed to the increase in activity of nitro compounds in polar solvents.
Chaudhari et al. also studied the effect of catalyst loading, nitrophenol concentration, agitation speed,
and H2 pressure on the rate of hydrogenation, as shown in Figure 2.9. The reaction rate was found to
increase with an increase in catalyst loading, agitation speed, and H2 pressure. Also, saturation (zero
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order) kinetics was observed at a higher concentration of nitrophenol, versus the first order at a lower
concentration.

Table 2.4: Effect of solvent on the rate of hydrogenation and average catalytic activity a [25]
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Figure 2.9: Reaction rate vs. catalyst loading, initial p-nitrophenol concentration, agitation speed, and
H2 pressure [25]

Stefoglo et al. [27] described a simplified mathematical model of a gas–liquid slurry reactor
system using a suspended catalyst. The overall rate of nitro reduction is given by

𝑑𝐶𝐴
mol
𝑘𝐴∗ 𝐾𝐻 𝐶𝐻𝐿
𝐾𝐴 𝐶𝐴
(
)=
𝑑𝑡 L ∗ min
1 + 𝐾𝐻 𝐶𝐻𝐿 𝐾𝐴 𝐶𝐴 + 𝐾𝐵 𝐶𝐵 + 𝐾𝐶 𝐶𝐶

[2. 3]
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where CA, CB, CC, CHL are the concentrations of ArNO2 (nitro aromatic), Ar-NHOH (hydroxylamine),
ArNH2 (aromatic aniline), and hydrogen, respectively; KA, KB, KC, KH are their respective equilibrium
adsorption coefficients; and kA and kB are the kinetic rate constants. At a fixed hydrogen pressure, this
equation simplifies further, to take the form:

mol
𝐾𝐴 𝐶𝐴 𝐶𝑐𝑎𝑡
𝑅𝐴 (
) = −𝑘𝐴
L ∗ min
𝐾𝐴 𝐶𝐴 + 𝐾𝐵 𝐶𝐵 + 𝐾𝐶 𝐶𝐶

[2. 4]

mol
𝐾𝐴 𝐶𝐴 𝐶𝑐𝑎𝑡
𝐾𝐵 𝐶𝐵 𝐶𝑐𝑎𝑡
𝑅𝐵 (
) = −𝑘𝐴
+ 𝑘𝐵
L ∗ min
𝐾𝐴 𝐶𝐴 + 𝐾𝐵 𝐶𝐵 + 𝐾𝐶 𝐶𝐶
𝐾𝐵 𝐶𝐵 + 𝐾𝐶 𝐶𝐶

[2. 5]

mol
𝐾𝐵 𝐶𝐵 𝐶𝑐𝑎𝑡
𝑅𝐶 (
) = + 𝑘𝐵
L ∗ min
𝐾𝐵 𝐶𝐵 + 𝐾𝐶 𝐶𝐶

[2. 6]

Equations 2.4 – 2.6 are based on a Langmuir-Hinshelwood mechanism of ArNO2 adsorption on
catalytic sites. However, these equations lack the contributions of individual gas-liquid and liquid-solid
mass transfer resistances and are coupled as one overall resistance [𝑘𝐴∗ ] as shown in Equation 2.3.
Crezee et al. [28] describes another kinetic model of hydrogenation of D-glucose based on the
number of sites involved in the reaction step. Three models based on the Langmuir-Hinshelwood rate
form were postulated, assuming the reaction at the surface of the catalyst is the rate-limiting step. The
first model assumed non-competitive adsorption of hydrogen and D-glucose at different catalyst sites.
Hydrogen was found to be weakly adsorbed on the catalytic site, thus resulting in a linear dependency
on hydrogen pressure, and was postulated as either molecular or dissociative [29]. The second model
assumed competitive adsorption of hydrogen and D-glucose [30], which was found to be in direct
contrast with many other hydrogenations reported in the literature involving dissociative chemisorbed
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hydrogen. Nevertheless, Crezee et al. proposed this model since, for D-glucose, hydrogenation has
been described to involve molecularly adsorbed hydrogen [29 - 31] by several references. The third
model postulated by Crezee et al. was competitive adsorption of dissociative chemisorbed hydrogen
and D-glucose [32]. Model 2 seems unlikely since it involves a reaction with molecularly adsorbed
hydrogen. Furthermore, only Model 3 predicts an entropy loss for the adsorption of D-glucose as
expected thermodynamically. Hence, the third model was found to be valid by Crezee et al., which was
also supported by experimental data sets.

2.5

Gas-Liquid Mass Transfer
Catalytic hydrogenation reactions commonly use the surface aeration technique for gas-liquid

mass transfer [33, 34, 35, 36]. It is vital to understand the gas-liquid mass transfer coefficients in the
presence and absence of catalyst particles in these reactors. There are many factors affecting the
volumetric mass transfer coefficient kLa, in gas-liquid and gas-liquid-solid agitated reactors, including:
physical properties of the liquid (density, viscosity, surface tension, etc.); the concentration and
physical properties of the solid (density, particle size, etc.); the geometry of the vessel and agitator; the
power input per unit liquid, or slurry volume; the mobility of the interface; and the drop coalescence
rate.
Unfortunately, the information available in the literature is limited and bewildering regarding the
effects of these design variables on the mass transfer coefficient. Data for the mass transfer
coefficients, power consumption, and solids suspension behavior for some gas-liquid and gas-liquidsolid systems over a wide range of some of the above-mentioned parameters are given by Schumpe et
al. [37]. The mass transfer coefficient in this study was calculated for a batch agitated reactor. As
reported by Topiwala [35] and indicated by Matsumara et al. [38], there was no difference observed
between the performance of surface-aerated vessels and gas-sparged vessels at higher agitation
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rates. Literature data indicate that the gas–liquid mass transfer is usually the rate-limiting step for
industrial scale reactors [39]; and therefore, Morsi et al. [40] focused their research on determining the
hydrodynamics and mass transfer parameters in agitated reactors [ARs]. Morsi et al. studied three
types of agitated reactor systems, as shown in Figure 2.10. In this first reactor system, gas is
introduced in the reactor headspace, and the gas absorption takes place mainly through the gas–liquid
interface. This system is termed the surface-aeration reactor (SAR). In the second system, the gas is
introduced from holes that are machined onto the hollow shaft of the reactor. Due to the angular
velocity of the impeller, a pressure drop exists between the top and bottom of the shaft, which induces
the gas into the liquid-phase interface, thus these systems are referred to as gas-induced reactors
(GIRs). In the third system, the gas is bubbled from a ring located at the bottom of the reactor
underneath the impeller for better mass transfer, referred to as gas-sparging reactors (GSRs). The
hydrodynamic and the mass transfer parameters are expected to be different for these three operating
modes. The SARs have the simplest design; however, Morsi et al. discovered that the gas absorption
rate in such reactors is the lowest when compared with the other two reactor geometeries, GIRs and
GSRs. The GIRs have a higher gas absorption rate when compared to SARs. The GSRs have the
highest gas absorption rate; however, it is associated with significant cost to sparge the gas into these
reactors. Several studies have been devoted to the determination of the hydrodynamics and mass
transfer parameters in agitated reactors (ARs) [41]. Table 2.5 shows correlations of kLa in ARs. Mass
transfer prediction in an agitated reactor is a challenging task, since these parameters can be affected
by:
(1) Reactor geometry: reactor diameter (dT), impeller diameter (dImp.), and impeller clearance from
the bottom of the reactor (HF);
(2) Operating variables: reactor mode (SAR, GIR, and GSR), mixing speed (N), liquid height (H),
liquid height above the impeller (HL), temperature (T), and gas partial pressure (P); and
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(3) Physicochemical variables: liquid viscosity (μL), liquid and gas densities (ρL and ρG), liquid
surface tension (σL), gas diffusivity in the liquid (DAB), and impurities/mixture composition
(XW).

Figure 2.10: Operation modes of agitated reactors [41]
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Table 2.5: Literature correlation of kLa in ARs [41]
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Table 2.5 Continued

Morsi et al. [40] collected a large number of data points (7374) on the hydrodynamic and mass
transfer parameters obtained in the laboratories and from the literature in ARs, covering various reactor
sizes and operating conditions. These large data sets were used to develop a novel empirical and
back-propagation neural network (BPNN) correlation, which was employed to construct a simple
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algorithm for predicting these parameters under industrial conditions. Morsi et al. also noted that,
although the developed algorithm appeared to be a useful tool for predicting the hydrodynamics and
mass transfer parameters in ARs, the precision of such predictions could be further improved by
diversifying and expanding the experimental data bank for large-scale reactors with various
configurations and operating conditions.
Moreover Smith, Van’t Riet, and Middleton [42] proposed the following general correlation for
conventional, mechanically agitated reactors (SAR's) operating with coalescing systems:

𝑃𝐺 0.475 0.4
]
𝑉𝐺
𝑉𝐿

𝑘𝐿 𝑎 = 0.01 [

(s−1 )

[2. 7]

where PG (in Watt) is power consumption in the presence of gas, VL (m3) is total volume of liquid, and
VG (m/s) is superficial gas velocity. A good agreement, using the above empirical equation and
experimental values of ± 25%, was obtained by Poncin et al. [43].
Schumpe et al. [37] and Treybal [44] proposed an experimental technique for measuring kLa
for agitated systems using gas absorption (by surface aeration) of the solute gas in an initially
degassed liquid or slurry. The measurement of the total pressure of the gas phase with respect to time
as the absorption proceeded was utilized to determine the volumetric liquid-side, mass transfer
coefficient kLa. This technique has been previously utilized by Teramoto et al. [45] and Nam [46]. The
equation obtained to directly measure kLa of the system takes the form:

𝑃2
𝑃1 − 𝑃2
ln [
] = 𝑘𝐿 𝑎 (𝑡 )
𝑃1
𝑃 − 𝑃2

[2. 8]
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where P1 & P2 are the initial and final equilibrium pressures, respectively; and P is the pressure of the
system at time t. The mass transfer coefficient 𝑘𝐿 𝑎 is calculated from Eq. 2.8 by measuring pressure
drop for the system as a function of time. The maximum errors calculated by Schumpe et al. (without
accounting for the compensating errors) for the measurements of kLa, equilibrium solubility, power
consumption and gas holdup were found to be 3.5%, 1.3%, 7%, and 11%, respectively.
Garcia-Ochoa [47] proposed a predictive correlation, based on Higbie’s penetration theory,
widely accepted for the description of gas–liquid transfer [48]. For a non-stationary, gas–liquid
interface, the contact or exposure time te for the mass transfer is related to the mass transfer
coefficient by the expression:

𝑚2
𝐷𝐿
𝑘𝐿 ( ) = 2 √
𝑠𝑒𝑐
𝜋 𝑡𝑒

[2. 9]

where DL (m2/s) is the gas diffusivity in the liquid phase, te (s) is given by Equation 2.10, and kL is the
mass transfer coefficient. The interfacial surface area a (1/m), is given as the ratio of the gas hold-up
volume (Φ) to the average bubble diameter (dp in m) as (a = 6Φ/dp)
It was determined by Lamont et al. [49] that kL depends on the mixing intensity, expressed as a
function of the dissipation energy, while the surface renewal rate was found to be higher than that for
the bubbles in free rise under potential flow [50]. The experimental result also concluded that, at a
microscopic level, the exposure time was affected by eddies or turbulence intensity. To characterize
the time scale, the rate of dissipation of energy 𝜀, defined as the energy in the liquid per unit mass, was
utilized. The exposure time te was expressed using an adequate model to characterizes the residence
time of micro-eddies at the interface. Using the Kolmogoroff’s theory on isotropic turbulence, the
34

exposure time te was expressed as the ratio between two characteristic parameters of eddies, namely,
the fluid density (ρ) and the kinematic viscosity (µ). For Newtonian media, the expression for the mass
transfer coefficient reduces to:

1

𝑚2
𝐷𝐿 𝜀 𝜌 4
𝑘𝐿 ( ) = 2 √ [ ]
𝑠𝑒𝑐
𝜋 𝜇

[2. 10]

where
𝜀 𝜌 1/2
]
𝜇

𝑡𝑒 = [

In order to determine kL, the local energy dissipation rate 𝜀 near the interface needs to be
estimated. Several correlations (as seen in Table 2.6) are indicated in the literature for calculating the
volumetric mass transfer in single- and multiple-impeller systems, for various tank volumes, liquid fill
level, impeller geometry, and for both Newtonian and non-Newtonian liquids.
Usually, kLa values are correlated by expression of the following form as expressed by GarciaOchoa [47]:

1
𝑃 𝑏 𝑐
𝑎
𝑘𝐿 𝑎 ( ) = 𝐶 𝑉𝑠 [ ] 𝜇
𝑠𝑒𝑐
𝑉

[2. 11]

In Eq. 2.11, the exponent values (a, b, and c) disagree appreciably in the different correlations
proposed by several authors, as seen in Table 2.6. These differences can be attributed to the various
tank configurations (vessel type, liquid fill level, agitator design, gas distribution system), the difference
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in the liquid properties (density, surface tension, and viscosity), and the range of operating conditions
studied [51] by these authors.

Table 2.6: Exponent values found by several authors on kLa for each variable in the dimensional
correlations proposed in the literature [48]

Units: N (rps); P (W); V (m3); Vs (m/s) and µa (Pa s)

Garcia-Ochoa [47] concluded that volumetric mass transfer coefficients can be predicted with
reasonable accuracy, once the reactor characteristics are established, along with the physicochemical
properties of the fluid. Based on Higbie’s penetration theory, the proposed model has been examined,
using experimental data and correlations available in the literature. A reasonable agreement has been
obtained between both. The proposed model is capable of simulating the experimental data obtained
in stirred tank reactors under a wide range of operating conditions, including very different vessel
volumes and stirrer designs, for both Newtonian and non-Newtonian liquids.
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2.6

Conclusion
Hydrogenation of halo-nitroaromatics to halo-anilines, using heterogeneous catalytic

hydrogenation, is extremely common in the chemical industry, as the aniline product is an important
chemical in the manufacture of dyes, antioxidants, fine chemicals, and pharmaceutical intermediates.
Such reactions have been extensively studied since the 1950s to understand catalyst behavior and
reaction rates critical for large-scale production. Although hydrogenation of nitrobenzene has been
studied in a wide range of conditions, its effect on heat and mass transfer has not been fully elucidated.
The reduction of nitroaromatics to amine is a highly exothermic process, the heat of reaction
being 545-kJ/mol (or 130-kcal/mol). In recent years, it has become evident that its intermediates can
have a significant bearing on process hazards, partially, as a consequence of an explosion in the
United States during the catalytic reduction of chloronitrobenzene, which was attributed to runaway
decomposition initiated by exothermic disproportionation of the hydroxylamino intermediate. The risk of
thermal explosion, or time to a maximum rate under adiabatic conditions (TMRad), can be estimated by
the formula published by Townsend and Tou [16].
Studer et al. [24] showed that, with vanadium promoters, the hydroxylamine accumulation and
the rate in the RNi-catalyzed hydrogenation of nitroarenes can be both increased or decreased.
Modifiers which are able to reduce accumulation always show some deactivation of the catalysts, most
likely, through the poisoning of the hydrogenation sites. It was found that modifiers, which increased
the overall rate of the reaction, also led to higher hydroxylamine accumulation. The hydroxylamine
accumulation can be reduced from ~ 70% to < 20% for various substrates. The vanadium modifiers
were shown to work as disproportionation catalysts for CHB. It was necessary to screen modifiers for
each substrate to find the optimal effect. The storage, pre-treatment, and the sequence of catalyst
addition must be carefully controlled in order to guarantee reproducibility. It is vital to understand the
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effect of modifiers for the current hydrogenation, along with operating conditions to minimize the
amount of hydroxylamine formation during the course of the reaction.
Reaction kinetic models were proposed by various authors and found to be either zero or first
order in nitro aromatic. The reaction rate was found to be the function of a solvent system, with rates
increasing with solvent polarity. Agitation rates, hydrogen pressure, catalyst loading, and temperature
were also assessed and were in agreement by several authors. Out of several proposed kinetic
models, the Langmuir-Hinshelwood rate form (proposed by Stefoglo et al. [27] and other authors) was
found to be in close agreement with measured data.
Gas-liquid mass transfer coefficients were calculated using several empirical equations and
were found to be in reasonable agreement (± 25%) with measured values; however, the method
proposed by Schumpe et al. [37] was found to be most accurate for measuring kLa (± 4-6%). The
method described by Schumpe et al. [37] has been adopted in this thesis for accurate measurement
and calculation of kLa for gas-liquid systems and will be explored to elucidate the reaction mechanism
with respect to heat and mass transfer for such reacting systems.
The primary focus of this research is a full understanding of the reaction mechanism for a halonitroaromatic reduction to halo aniline. Understanding the reaction mechanism will further elucidate the
effects of heat and mass transfer rates on the formation of various intermediate species. This is
essential for controlling the concentration of highly energetic intermediates, such as hydroxylamine.
The maximum concentration of hydroxylamine accumulation for a safe scale-up of the process
depends upon the heat removal rate of the plant reactor; and therefore, a control mechanism must be
in place in order to prevent a thermal runaway. Another impurity of concern is the dehalogenated
impurity formed during the reduction. Such impurities are reported in the literature; but, there is a lack
of mechanistic understanding for their formation.

38

Another key focus is the choice of catalyst from several commercially available catalysts for
these types of hydrogenation reactions. As precious metals have various metal distribution profiles,
such as egg-shell or uniform distribution, the reactivity and selectivity can be markedly influenced by
the catalyst choice. Also, depending upon the metal distribution profile, gas-liquid mass transfer can
significantly impact the reaction rates. Catalyst poisoning, i.e., loss in catalyst activity over the course
of the reaction, is a key concern for such reactions. A mathematical model is postulated to estimate
catalyst activity during the reaction course. This model will elucidate catalyst activity and postulate a
new method for assessing catalyst poisoning for such reactions.
The mass transfer coefficient (kLa) is a key for all heterogeneous catalytic reactions. One
needs to understand the criteria to scale kLa from lab-scale to plant-scale reactors. Mass transfer
coefficients vary widely from reactor to reactor, based on the reactor geometry, agitation types, speed
of agitation, liquid fill level, and pressure in the reactor. Also, evaluating kLa for a reactive system is a
tedious task, as the reaction and mass transfer coefficient must be separated out at various scales. A
generic, non-reactive model for evaluating kLa will be postulated to evaluate kLa at all scales, which can
be applied to all reactions without the need to evaluate kLa for each reactive system.
Another key aspect of this research is the focus on elucidating the reaction mechanism using
kinetic rate law equations. Such a reaction exhibits a complex mechanism, and various reaction
conditions yield to various mechanistic pathways, as shown in Figure 2.1. Understanding the ratelimiting step and the saturation state of the catalyst can also aid in understanding the stability of the
catalyst system. Observed reaction kinetics will also highlight the relationship between intrinsic kinetics
and mass transfer rates for control of energetic intermediates, as well as impurities for the reactive
system. A full scale-up model is developed for the reduction of a halo-nitro aromatic to halo-aniline
compound.
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3 CHAPTER 3: CATALYST SELECTION
3.1

Introduction
Catalysts play a vital role in the hydrogenation of nitroaromatics. Heterogeneous reactions can

be limited by mass transfer or kinetic control, depending upon the catalyst used or the reaction
conditions. Different reaction regimes can give rise to various intermediates and impurities, as shown
in Figure 2.1. Precious metals, such as palladium or platinum are deposited on the support structure,
i.e. carbon, during the catalyst preparation process. Supported catalysts allow for the fine dispersion of
precious metal on their surfaces. The support type varies widely in the chemical industry, ranging from
carbon, aluminum, and bismuth, among which, carbon is the most commonly used support type for
such organic reactions [1].
Three types of carbon are typically used as supports for the precious metal: activated carbon,
carbon black, and graphite [2-3]. Activated carbon is the most widely used support type due to its high
surface area. The raw materials used for the manufacturing of activated carbon are derived from
wood, coal, lignite, coconut shell, and peat, although, other materials, such as fruit pits and synthetic
polymers are also used. Chemically-activated carbons are produced by simultaneously carbonizing
and activating raw material at 600-800°C. Typically, phosphoric acids or zinc chlorides are used as
activating agents in the raw material prior to heating. Steam-activated carbon utilizes decomposition of
raw materials at 600-800°C in the absence or addition of air at a controlled rate [1]. The activation step
is then performed in the presence of steam or CO2 at 800-1100°C. The physical and chemical
properties of activated carbon vary widely due to the various types of raw materials, activating agents
and processes used in its manufacture.
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Precious metals, such as palladium or platinum on carbon, are the most commonly used
metals for nitro reductions [4]. The two most commonly available types of metal dispersions are
uniform and egg-shell type. Metal deposited at the external particle surface results in an egg-shell
catalyst, whereas, metal deposited throughout the carbon support produces uniform catalysts. Metal
deposition can be controlled during the impregnation stage for strongly adsorbed metal, resulting in a
uniform catalyst, or during the drying stage for weakly adsorbed metals [5].
Figure 3.1 shows various metal deposition patterns onto the carbon support. Egg-shell
catalysts typically enhance the selectivity of intermediates of consecutive, irreversible, or diffusionlimited reactions. Egg-yolk catalysts are advantageous for reactions in which diffusion limitation
increases the reactivity and selectivity for the reaction. Egg-white catalysts are typically used for a
reaction that favors kinetic limitation but can be prone to metal poisoning when deposited onto external
surfaces. For example, egg-yolk catalysts are reported to have best activity for CO oxidation over Pt at
low Thiele modules [6], whereas the egg-white catalyst was shown to be optimal under kinetic control
regime [7]. Uniform catalysts are the best choice for reactions subject to diffusion limitation, and the
catalyst is not easily poisoned under the reaction conditions [8, 9, 10, 11, and 12]. The choice of
optimal metal support is determined by the required selectivity, activity, and chemical kinetics of the
desired reaction. In general, for catalytic hydrogenations, both carbon support and metal type, along
with deposition profile of the metal, play a key role in reaction kinetics.
Catalysts were purchased from two commercial vendors for evaluation: Johnson Matthey and
Evonik Industries. A set of forty-eight such catalysts were commercially available to choose from for
the current hydrogenation example. In this chapter, a high-throughput screening methodology is
employed to narrow the catalyst selection from forty-eight to one. Catalysts characteristics differed as
follows: the precious metal type (Pd or Pt); the percent metal loading on the support (5 wt%, 10 wt% or
20 wt%); support type (activated carbon from various raw materials); and the metal distribution on the
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support (egg-shell, egg-yolk, egg-white, or uniform). As catalyst manufacturers seldom reveals the
various characteristics of such catalysts (due to intellectual property claims and competitiveness), all
forty-eight available catalysts were screened to find the optimum catalyst. In section 3.5 below, the
characterization of the chosen catalyst using chemisorption and physisorption techniques, is described.

Figure 3.1: Main types of precious metal distribution on carbon support [1]

3.2

High-Throughput Screening Equipment
The high-throughput catalyst screening equipment consisted of a pressurized metal block with

96-well plates. See Figure 3.2 for details. The reaction block [13] was purchased from the HEL group
in the UK, and equipped with fully automated controls for temperature and pressure inside the block
with a magnetic plate that rotates the magnetic stir bar placed inside each vial, at a fixed speed of 700
rpm. The pressure block is rated for 100 barg (bar gauge pressure) at 150°C. Using the electrical
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heater, the metal block can be heated to achieve the desired temperature; however, it can only be air
cooled by convection. The reactor block is pressurized by two solenoid valves, which are hooked to
the nitrogen and hydrogen gas supply lines, respectively. The reaction block is also equipped with a
pressure relief valve, set at a maximum pressure of 110 barg. A specialized, 2-ml HPLC glass vial,
rated at 20 barg, is placed in each well, which acts as a single reactor. The reaction mixtures
containing various catalysts were added to each vial and placed inside each of the 48 wells. These
vials were then crimped capped and a small puncture was made in the septa of the crimped vials to
enable the flow of gas inside the vial for the reaction to commence. All of the magnetic stir bars inside
the vials were stirred at a constant speed of 700 rpm (single speed), and maintained at the desired
temperature and pressure for the reaction.

3.3

Materials and Reagents
High-purity hydrogen and nitrogen gas cylinders (purity of 99.999%) purchased from Airgas

Inc., were connected to the high-throughput screening reaction block. The starting material,
nitroaromatic [A] in Figure 2.1, is an advanced intermediate prepared by GlaxoSmithKline.
Concentrated hydrochloric acid (HCl) was purchased from Sigma-Aldrich Co., with an assay of
37% HCl. Solvents used for the process; ethanol (200-proof) and distilled water were also purchased
from Sigma-Aldrich. Forty-eight different catalysts were used, primarily from the two vendors: Evonik
Industries and Johnson Matthey. The properties of these catalysts were considered proprietary
information, which the vendors did not reveal. Out of the 48 catalysts, thirty five were single-metal
catalysts (25 Pd and 10 Pt); and thirteen were bimetallic catalysts (8 bimetallic with platinum and
another metal, and 5 bimetallic catalysts with palladium and another metal) which were chosen for
screening. The metal composition for both single and bimetallic catalysts varied from 2.5 wt% to
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20 wt% metal loading. High-performance liquid chromatography (HPLC) grade water and acetonitrile
were used as mobile phases for the HPLC analysis.

48-vial tray

Reactor block

HEL Cat 96 system
Computer controls
Figure 3.2: HEL Cat 96 Reaction Block

3.4

Procedure
The method used to identify the catalyst that would meet the desired reactivity and selectivity

for the reaction is described in the following section. Then, the desired catalyst was further
characterized by Quantachrome Autosorb instrument to understand its chemical and physical
properties.
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3.4.1

Reaction Set-up
In a 2-mL HPLC vial, 50 mg of halonitroaromatic [A] was charged with 280-µL of 200-proof

ethanol, 300-µL of distilled water, and 39-µL of concentrated hydrochloric acid. Five milligrams
(10 wt% loading by weight) of catalyst were added to the individual vial. A magnetic stir bar was then
inserted into the vial before the vial was crimped capped. Forty-eight [14] such vials, containing the
same reaction solution but different catalysts, were prepared. Once all of the reaction vials were
crimped capped, a small puncture was made in the septa of the vial to enable the flow of gas inside the
vial for the reaction to commence. The vials were then inserted into the well plate, and the reactor
block was sealed. The reaction block was set to the desired temperature of 25°C and a stirring speed
of 700 rpm. Using nitrogen gas, a pressure check was performed at 60 psig to ensure that there were
no leaks from the block. Upon passing the pressure check, the reactor was pressurized with nitrogen
and held at 30-psig for two minutes, at which time it was vented to the atmosphere to release the
pressure. This procedure was repeated twice to ensure that the headspace was free of oxygen.
During the pressure purge cycle the agitation was turned off. The reaction block was then purged twice
with hydrogen at 60 psig to evacuate nitrogen from the head space in a similar manner, after which the
block was again pressurized with hydrogen to 60 psig and stirred at 700 rpm for approximately 7 hours
at 25°C. The reaction block was then vented to the atmosphere and pressure purged twice with
nitrogen to evacuate hydrogen from the reactor headspace prior to pulling HPLC samples. The vials
were then un-crimped and analyzed by HPLC for reaction completion.
3.4.2

HPLC Method and Analysis
Reaction mixtures were analyzed by HPLC for the extent of conversion and impurity formation.

An Agilent 1200 series diode-array detector was used for analysis. A Sunfire C18 column (4.6 mm X
150 mm) with 3.5 micron porosity was purchased from Water Corp., and used for peak separation.
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Water and acetonitrile in a 30:70 ratio was used as the mobile phase. The temperature of the column
was set to 30°C, and a flow rate of 1.5 mL/min was chosen for the analysis. Sample preparation
consisted of 0.5 mg sample diluted in 1 mL of acetonitrile with an analysis time of 20 minutes. The
optimum region was found to be at 245 nm wavelength number. The retention times for the product,
des-F impurity (refer to Figure 2.1) and the starting material were found to be 7.44, 7.75, and 9.24
minutes respectively. A typical HPLC chromatogram is shown in Figure 3.5. Other impurities observed
in the chromatogram, were easily purged during the crystallization of the product and were not
considered critical for analysis purposes.
3.4.3

Catalyst Characterization

The chosen catalyst, E101NE/W, was classified as an eggshell catalyst by Evonik Industries.
Eggshell catalyst is characterized by metal deposition on or near the surface of the catalyst rather than
being evenly distributed among the catalyst particles. Such catalysts do not have intra-particle mass
transfer issues, as the reaction takes place on or near the surface of the catalyst, and the intraparticle
diffusion mechanism is absent [7]. Catalyst characterization was performed by using an Autosorb
automated gas sorption system (1-C), purchased from Quantachrome Instruments [15]. The Autosorb
equipment consisted of a sample preparation area and an analysis station. It was also connected to
the helium, nitrogen, and hydrogen gas supply lines. The Autosorb analysis station was also
connected to a high-performance vacuum pump and a mass spectrometer for off-gas analysis. The
system was fully automated and was computer controlled. See Figure 3.3 and Figure 3.4 for schematic
details of the system.
3.4.3.1

Physisorption Analysis

Physisorption is a process by which gas molecules are adsorbed onto a solid surface, usually
performed at cryogenic temperatures. The molecules rely on Van-der Waals forces of attraction, to
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form a thin layer that covers the entire adsorbent surface. Based on the well-known Brunauer, Emmett
and Teller (B.E.T.) theory, the total number of molecules Nm required to cover the adsorbent surface
with a monolayer of adsorbed molecules can be calculated. Multiplying Nm by the cross-sectional area
of an adsorbate molecule results in the total sample surface area [16]. The pores become filled with
adsorbate molecules as the equilibrium adsorbate pressure reaches saturation. The total pore volume
of the sample can be estimated by the density of the adsorbate and the total volume which is occupied.
The catalyst samples were outgassed at 300°C for at least one hour before nitrogen
physisorption measurements were taken. The results for the surface area and total pore volume for
several lots of catalysts are summarized in Table 3.3.

Figure 3.3: Autosorb Automated Gas Sorption system [17]
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3.4.3.2

Chemisorption Analysis

The aim of chemisorption experiments is to determine the number of active sites present on a
given sample. In practice, what is measured is the sample’s chemisorption capacity at different
adsorbate pressures, from which one can estimate the volume of adsorbate needed to form a
monolayer of chemisorbed gas (Vm in cc/g). Based on reasonable assumptions, the active surface
area (ASA in m2/g), the percent dispersion (D) and the average crystallite size (d) [17] can be
calculated using Vm. For H2 chemisorption measurements, the catalyst was dried at 120°C and then
reduced with hydrogen at 400°C. The sample was then cooled down to 25°C prior to chemisorption
analysis. Then, a preselected amount of hydrogen gas was sequentially added to the sample. Thus,
adsorbed volume (V) versus equilibrium pressure (P) isotherm was generated. The monolayer volume
Vm can be estimated from Equation 3.1 [17]:
1 𝑔
1
( )=
+
𝑉 𝑐𝑐
𝑉𝑚

1
𝑉𝑚 [

1
( )
𝑃𝑆 ]

[3. 1]
𝐾𝐶

where S is the adsorption stoichiometry (assumed two Pd atoms per H2 molecule), and Kc is the
adsorption equilibrium constant (adsorption/desorption). A plot of 1/V vs. 1/P (1/S) results in the values
of the inverse of the monolayer volume Vm (as the y-intercept). Pressure is defined in mm of Hg. The
monolayer uptake Nm is then calculated from Vm, as shown in Equation 3.2 [17]:
𝑁𝑚 (µ𝑚𝑜𝑙/𝑔) = 44.61 𝑉𝑚 (cc/ g)

[3. 2]

For the supported metal catalysts, it is vital to know the fraction of active metal atoms exposed.
The metal dispersion (D), defined as the fraction of metal atoms found on the surface of active metal
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particles, is expressed as a percentage of all active metal atoms present in the sample, and its value is
calculated from Nm (µ𝑚𝑜𝑙/𝑔), as shown in Equation 3.3 [17]:

𝐷 (%) =

𝑁𝑚 𝑆 𝑀
(100)
𝐿

[3. 3]

where M and L are the molecular weight (g/mol) and fraction loading (0-1) of the supported metal,
respectively. The active surface area (ASA) and the average crystallite size (d in °𝐴) can be calculated
using Equations 3.4 and 3.5, respectively [17]:

𝐴𝑆𝐴 (

𝑚2
𝑁𝑚 𝑆 𝐴𝑚
)=
𝑔
166

𝑑 (°𝐴) =

100 𝐿 𝑓
𝐴𝑆𝐴 𝑍

[3. 4]

[3. 5]

where ‘Am’ (m2) is the cross-sectional area occupied by each active surface atom; S is the adsorption
stoichiometry, ‘f’ is the particle shape factor (~6 for spheres); and ‘Z’ is the density of the support (i.e.
Carbon).

55

Figure 3.4: Quantachrome Autosorb Catalyst Characterization Equipment

3.5

Results and Discussion
The various catalysts screened will be discussed below, in terms of their performances for

reactivity and selectivity. The physical and chemical property for the chosen catalyst will be further
discussed herein.
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3.5.1

Catalyst Selection
The results of the 48 catalysts, with respect to aniline formation (product) and des-F impurity [I]

formation, are shown in Table 3.1 and Figure 3.6. Figure 3.6 shows a plot of percent aniline (product)
on the y-axis and the percent des-F (impurity) on the x-axis. The screening data in Figure 3.6 is
visualized in Spotfire [18], where the spread of the result is apparent, ranging from 0-100% conversion
and des-F ranging from 0-0.6%. In the figure, the primary metal was colored blue for Pd and red for Pt,
and the catalysts were labeled by manufacturer’s reference (Manf Ref.) numbers. This experiment was
performed twice to confirm the results, which were found to be reproducible with a standard deviation
of 0.14% for the product formation, 0.01% for the des-F formation, and with an instrument variability of
0.01%. To narrow the catalyst choice, selection criteria were arbitrarily set for the desired conversion
of > 96% of product formation (aniline) and < 0.25% of des-F impurity formation. The plot in Figure 3.6
gives the overall performances of the product formation versus des-F, for the various catalysts
screened. Figure 3.7 is drawn with des-F on a reverse scale on the x-axis, with catalysts meeting >
96% aniline formation on the y-axis. The plot shows that, out of the 48 catalysts screened, only nine
met the selection criteria (as shown in Table 3.2).
Further, out of the nine catalysts, only one catalyst (E101 NE/W) was chosen for further
development, primarily due to the cost and availability of that catalyst required for the scale-up studies.
Table 3.2 and Figure 3.7 also indicate that all the catalysts that met the selection criteria contained
palladium as their precious metal type. Additionally, there was only one platinum metal catalyst
(CF1082BV/W) that was in top 20; however, it resulted in an incomplete reaction. This outcome
contradicts the findings in the literature [19-20] that indicates platinum is superior when compared to
palladium for selectively reducing the halonitroaromatic to its respective halo-amino aromatic. This
could be due to the acidic environment under which the reaction is run, which is known to cause
excessive and uncontrollable dehalogenated byproducts [21]. Also, from the information available from
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these vendors Evonik Industries and Johnson Matthey, the nine catalysts that met the criteria were
either egg-shell or uniform catalysts, indicating that the metal distribution was not significant. Utilizing
the high-throughput screening technique narrowed the catalyst choice from forty-eight catalysts to one,
expediting the catalyst selection with minimal time and resources.
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Figure 3.5 HPLC chromatogram result for E 101NE/W catalyst (Reaction Completion)
RT (mins) – 7.44 (product); 7.75 (des-F impurity); and 9.24 nitroaromatic (starting material)

59

Table 3.1: Catalyst Screening Results for all forty-eight catalysts
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% Des-F aniline

Figure 3.6: Catalyst Screening Result

Table 3.2: Catalysts that resulted in > 96% product and < 0.25% impurity
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% Des-F aniline
Figure 3.7: Catalysts that resulted in > 96% product and < 0.25% impurity
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3.5.2

Catalyst Characterization
Several lots of E101NE/W catalyst were characterized and found to be identical with respect to

metal dispersion, active surface area, and crystallite size, as summarized in Table 3.3. The catalyst
manufacturer (Evonik Industries) provided the catalyst shape to be spherical in nature with a diameter
of 28 μm (d50). The catalyst was again tested once the reaction was completed. The catalyst was
filtered and vacuum dried to remove any organic material. The spent catalyst was then analyzed and
compared to the fresh (virgin) catalyst, indicating that the spent catalysts gave the same percent metal
dispersion of 2.5% Pd, along with a crystallite size of ~454°A, compared to the virgin catalyst, thus
confirming that the catalyst did not lose its activity during the course of the reaction. Due to the
proprietary nature of these catalysts, very little published data exists. However, analysis shows greater
degree of agglomeration of active metal, which is evident by large crystal size and low percent metal
dispersion [22]. The BET surface area is well within the published range for activated carbons of 8001200 m2/g [23], and the total pore volume of 0.8 cm3/g suggests that the carbon has been physically or
steam activated with predominantly micro-pore structures for greater adsorption [24, 25].

Table 3.3: Catalyst Characterization Summary for E101NE/W
Avg.
Multi-point Total Pore
Volume
ASA
Dispersion cryst.
BET
Lot #
2
(cm3/g)
(m /g)
(% D)
size
surface
d (°A) area (m2/g)
0.7948
U26046-1
1.10
2.46
454
854.9
0.8013
U26046-2
1.09
2.40
452
855.3
0.7987
U26046-3a
1.12
2.53
453
850.8
0.8028
U26046-3b*
1.11
2.51
451
853.3
*U26046-3b is the spent catalyst compared to the input virgin catalyst U26046-3a.
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3.6

Conclusion
Catalysts were evaluated using a high-throughput screening technique from a diverse group of

48 catalysts available, down to a single catalyst. The selection criteria were based on the reactivity,
selectivity and availability of the catalyst for scale-up. The catalyst screening results showed that the
catalysts containing palladium metal were superior in terms of reactivity and selectivity of the reaction,
when compared to platinum or other bimetallic catalysts, which was in direct contradiction to the
published literature for such reactions [19]. One postulated theory could be that the acidic nature of the
reaction solution resulted in this deviation from the norm [21]. The chosen catalyst (E101NE/W) was
classified as an egg-shell catalyst by Evonik Ind., which was further characterized using Autosorb
equipment by chemisorption and physisorption techniques. Several lots of the catalysts were
compared in terms of the active surface area, metal dispersion, crystallite size, BET surface area, and
pore volume of the catalyst, and were found to be comparable to one another. The catalyst was also
compared, pre- and post reaction, and found to be comparable, thus confirming that the catalyst did not
lose its activity during the course of the reaction.
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4 CHAPTER 4: MASS TRANSFER EFFECTS
4.1

Introduction
Catalytic hydrogenation reactions commonly use the surface aeration technique for gas-liquid

mass transfer [1, 2, 3, 4]. It is vital to understand the gas-liquid mass transfer coefficients in the
presence and absence of catalyst particles in these reactors. The factors affecting the volumetric mass
transfer coefficient kLa in gas-liquid and gas-liquid-solid agitated reactors consist of many parameters:
the physical properties of the liquid (density, viscosity, surface tension, etc.); the concentration and
physical properties of the solid (density, particle size, etc.); the geometry of the vessel and agitator; the
power input per unit liquid, or slurry volume; the mobility of the interface; and the coalescence rate.
A direct experimental technique required for measuring kLa for agitated systems using gas
absorption (by surface aeration) is described herein following the approach described by Shah et al.
[5]. For this method, hydrogen gas is introduced into the headspace of the batch reactor. Using
surface aeration techniques, such as agitation, hydrogen is mixed with the liquid phase and reaches
equilibrium over time. The rate at which the hydrogen concentration reaches equilibrium with the liquid
phase is directly proportional to kLa. The goal was to establish a simple, non-reacting solvent system
to calculate kLa based on various agitation rates and liquid volumes in the lab batch reactor for process
development. As the reactor geometry varies widely from lab to production scale, the volumetric mass
transfer rate would be determined using the same process for the production scale reactors.
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4.2

Theoretical Background
This section describes in detail the background on measuring mass transfer coefficient (kLa)

experimentally, along with discussing the theoretical method for calculating hydrogen solubility in
solvent system utilizing Corresponding States Theory.

4.2.1

Mass Transfer Coefficient (kLa)
The mass transfer rate (kLa) can be measured experimentally, as described by Shah et al. [5].

The experimental technique involves a batch reactor in which gas absorption in the liquid takes place
due to surface aeration. The liquid is added to the batch reactor, and the reactor is pressurized with
the gas (hydrogen) and sealed. Upon initiation of agitation in the reactor, the pressure in the reactor
headspace decreases with time because of the absorption of gas in the liquid phase. This decrease in
pressure with time allows the estimation of mass transfer rate and volumetric mass transfer coefficient
(kLa). The total pressure decrease, until equilibrium is reached, gives us the dissolved equilibrium
concentration (C*). The following assumptions were used by Shah to derive kLa and (C*) equations:
1.

In the pressure range of operation, the ideal gas assumption is valid.

2. Absorption of gas in the liquid phase can be described by Henry’s Law.
3. The temperature of the gas and liquid are equal and constant.
4. While pressurizing the reactor with gas, there is no absorption of gas before the stirrer is set
in motion and aeration takes place.
5. The time required for the achievement of constant gas entrainment and gas holdup during
the start of the absorption process is negligibly short compared to the absorption time
required for saturation.
6. The vapor pressure of the solvent is small compared to total system pressure (usually less
than five percent of the total pressure).
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7. Mass transfer resistance in the gas phase is negligible.
8. The liquid in the reactor is well mixed and has a uniform concentration (CL) at any given time.
With these assumptions, the equilibrium concentration (C*) can easily be obtained from the
total uptake of gas by the liquid and can be calculated by using the ideal gas law as follows:
𝑅𝑇

𝑃1 − 𝑃2 = (𝑛𝐺1 − 𝑛𝐺2 ) 𝑉

(psi)

𝐺

[4. 1]

where P denotes the system pressure, nG denotes the moles of hydrogen, VG is the molar gas volume
of hydrogen, R is the universal gas constant and T is the temperature. The initial and final conditions
are denoted by subscripts "1" and "2", respectively.
The drop in number of moles of hydrogen in the gas phase into the liquid phase is given by:
(𝑛𝐺1 − 𝑛𝐺2 ) = 𝐶 ∗ 𝑉𝐿 (moles)

[4. 2]

where VL denotes the liquid volume and C* is the equilibrium hydrogen concentration.
Re-arranging Equations 4.1 & 4.2 above gives us a way to measure the equilibrium solubility of
hydrogen:

(𝐶 ∗ ) = (𝑃1 − 𝑃2 )

𝑉𝐺 1 moles
(
)
𝑉𝐿 𝑅𝑇
L

[4. 3]

The kinetics of the adsorption process can be analyzed using a differential macroscopic mass balance
for hydrogen in the liquid phase during the adsorption process
𝑑𝐶𝐿 mol
(
) = 𝑘𝐿 𝑎(𝐶 ∗ − 𝐶𝐿 )
𝑑𝑡 L ∗ min

[4. 4]
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Since CL = nL/VL moles of gas in the liquid volume, and using Henry’s Law (C*) = P/H, we rewrite this
expression in the form
𝑑𝑛𝐿 mol
𝑃 𝑛𝐿
(
) = 𝑉𝐿 𝑘𝐿 𝑎 ( − )
𝑑𝑡 min
𝐻 𝑉𝐿

[4. 5]

A differential form of Equation 4.1 gas law can be used to relate pressure changes in the gas phase to
liquid concentration changes as:
𝑑𝑃 psi
𝑅𝑇 𝑑𝑛𝐺
𝑅𝑇 𝑑𝑛𝐿
(
)= (
)=− (
)
𝑑𝑡 min
𝑉𝐺 𝑑𝑡
𝑉𝐺 𝑑𝑡

[4. 6]

Equation 4.6 can be integrated to derive an expression for the time dependence of the total pressure P
as follows:

(𝑛𝐿 − 𝑛𝐿0 )𝑚𝑜𝑙 =

𝑉𝐺
(𝑃1 − 𝑃)
𝑅𝑇

[4. 7]

where P and P1 are the pressures at time 't=t' and at t=0, respectively. The subscripts "L0" and "L"
denotes the moles of hydrogen at time 't=t' and at t=0, respectively.
Inserting Equations 4.6 and 4.7 into Eq. 4.5, we obtain

𝑑𝑃 psi
𝑅𝑇 𝑃
1 𝑉𝐺
𝑛𝐿0
(𝑃1 − 𝑃) −
(
) = −𝑘𝐿 𝑎 𝑉𝐿
[ −
]
𝑑𝑡 min
𝑉𝐺 𝐻 𝑉𝐿 𝑅𝑇
𝑉𝐿

[4. 8]

Integrating the above Equation 4.8 from t=0 to t, and rearranging terms, as shown in Appendix,
(Section 9.1 Mass Transfer Coefficient (kLa)) results in a simplified expression to determine kLa
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(𝑘𝐿 𝑎) t =

(𝑃2 − 𝑃0 )
𝑃1 − 𝑃2
ln [
] (Valid for 𝑃1 < 𝑃 < 𝑃2 )
(𝑃1 − 𝑃0 )
𝑃 − 𝑃2

[4. 9]

where P1 & P2 are the initial and final pressures, respectively; P is the pressure of system at time t; and
P0 is the pre-saturation pressure (or vapor pressure of solvent at the system temperature). This vapor
pressure is usually very small and can be neglected. The volumetric mass transfer rate (𝑘𝐿 𝑎) can be
calculated from Equation 4.9 by measuring the pressure drop of the system as a function of time.

4.2.2

Hydrogen Gas Solubility based on Corresponding States Theory (CST)
Hydrogen solubility in simple and mixed solvent systems can be calculated as described by

Shaw [6] and Sebastian et al. [7]. Hydrogen gas solubility cannot be expressed by simple
relationships, such as Henry's Law, at temperatures and pressures above 298ºK and 0.10 MPa, or
when one of the components is supercritical, as described by Brandani and Prausnitz [8]. A hydrogen
solubility correlation, employing corresponding states theory (CST), was developed by Shaw, by
equating the fugacity of the dissolved hydrogen to the fugacity of the gas in equilibrium
mol
𝑃
𝑓 −1
∗
[𝐶 ]
= 2 𝑆 [ ]
L
𝑃
𝜌𝑟𝑒𝑓
∗

[4. 10]

where Shaw defined 𝜌𝑟𝑒𝑓 (in kg/m3) as the density of liquid phase at 25ºC, P is the hydrogen partial
pressure (in atm), and the normalized solubility (S*) (in mols of H2 L-2solvent atm-1 kgsolvent) for hydrogen
as:

ln(𝑆 ∗ ) =

𝐴1 ∗
𝐴2
𝑇
+
0.5
0.5 + 𝐴3 + 𝐴4 𝛥𝜌𝑠
𝜌𝑟𝑒𝑓
𝜌𝑟𝑒𝑓

[4. 11]
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The constants were regressed using experimental values by Shaw and found to be; A1 = 2.17587; A2 =
-1.81836; A3 = -5.23139; A4 = 1.500; and Δρs is the density difference between the two phases set to
zero for simple solvent systems.
An expression for the fugacity was further derived by Shaw [6] as:

𝑓
(𝛺𝑏 − 𝛺𝑎 𝐹𝑆𝑜𝑎𝑣𝑒 )
[ ] ≅ 𝑒𝑥𝑝
0.5
𝑃
𝑇𝑟
𝑇𝑟
𝑃𝑟
+
[1
−
𝛺
𝐹
]
[2 𝑃𝑟 2 𝑃𝑟
]
𝑇𝑟 𝑎 𝑆𝑜𝑎𝑣𝑒

[4. 12]

where; 𝛺𝑎 𝑎𝑛𝑑 𝛺𝑏 are constants 0.42748 and 0.08664, respectively; Tr and Pr and the reduced
temperatures and pressures, respectively; and FSoave (fugacity function defined by Soave) should
approach zero asymptotically at elevated temperatures,
𝐹𝑆𝑜𝑎𝑣𝑒 = 𝑇𝑟−1 [1 + (0.48 + 1.574𝜔 − 0.176 𝜔2 ) (1 − 𝑇𝑟0.5 )]2

[4. 13]

where ω = Pitzer acentric factor (= - 0.22 for hydrogen); and Tr and Pr are the reduced temperature
and pressure, respectively.
Equations 4.10 through 4.13 are used to calculate hydrogen solubility in the given solvent
system. A detailed derivation for Equations 4.10-4.13 is given in Appendix, Section 9.2: Hydrogen Gas
Solubility based on Corresponding States Theory (CST).

4.3

Factors Affecting Mass Transfer Coefficient (kLa) and Gas Solubility (C*)
In order to understand and scale-up the three-phase gas-liquid-solid system, it is vital to

understand the factors that influence both the equilibrium gas solubility and mass transfer coefficient
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(kLa). This section describes the literature findings of these critical factors, i.e. temperature, pressure,
and agitation rate, and its impact on kLa and gas solubility (C*).
4.3.1

Mass Transfer Coefficient (kLa)
The volumetric liquid-side mass transfer coefficient, kLa is one of the important parameters in

Equation 4.9. The kLa is commonly measured either by chemical or physical methods. The various
factors affecting the kLa values are discussed as follows:

4.3.1.1

Effect of Agitation on kLa

Several authors reported that increasing the agitation rate tends to increase in kLa values
[9,12,13,14,15,and 19]. Both the gas holdup and gas-liquid interfacial area 'a', increase with an
increase in agitation rate. Increasing the mixing speed increases the shear rate applied at the gasliquid interface, which reduces the liquid film diffusion thickness thus increasing the kL values. Several
investigators [10,11], however, reported that at very high agitation rates there was no significant
increase in kLa observed. It was postulated that at higher agitation rates the pumping capacity of the
impeller reaches its maximum and would not provide any further increase in the gas holdup volume
and subsequently kLa values.

4.3.1.2

Effect of Pressure on kLa

It has been reported by several investigators that kLa increases with increasing pressure [12,
13, 14, and 15], while others also reported that kLa remains unaffected [16, 17, and 18]. However, the
majority of these authors have agreed that the effect of pressure on kLa is related to the variation of the
liquid-phase physico-chemical properties due to the increase of gas solubility with pressure, which
tends to the decrease of the viscosity and surface tension of the liquid-phase.
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4.3.1.3

Effect of Temperature on kLa

Resembling the effects of pressure, increasing temperature could lead to an increase
[13,14,18, and 19]; no effect [15,20]; or even reduce [13] kLa values. With increasing temperature, the
liquid viscosity and surface tension decreases, whereas the diffusivity of the gas in the liquid phase
increases. The decrease of viscosity and surface tension leads to a decrease of the average bubble
size, and therefore the gas-liquid interfacial area, a, increases. The increase of the gas diffusivity into
the liquid increases kL since it is proportional to the diffusivity. Therefore, increasing temperature
should increase kLa. Depending on the gas-liquid system, however, since the gas solubility decreases
with increasing temperature, the solubility effect on kLa could offset the expected increase of kLa with
increasing temperature of the liquid.
4.3.2

Gas Solubility (C*)
In a two-phase gas-liquid system, the equilibrium solubility (C*) is an important factor in

determining the mass transfer rate. It is documented in the literature that for many gas-liquid systems,
the solubility tends to increase [14,15,17, and 19] linearly with pressure, and therefore, Henry’s Law is
applicable within the pressure range examined by these authors. Also, the solubilities of gases were
reported to decrease [12,13] with increasing molecular weight and/or carbon number of organic liquids.
Depending on the gas-liquid system and the temperature range used, (C*) values can either tend to
increase or decrease with increasing temperature.

4.4

Equipment
The lab scale hydrogenator [21] was purchased from the HEL group in the UK. It is equipped

with fully automated temperature, pressure, and stirring control. The reactor was made with hastelloy
C-276, with a maximum reaction volume of 100-mL and total volume of 185-mL (total liquid +
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headspace volume). See Figure 4.1 for details. The batch reactor was fitted with a temperature
transducer (Tr), a pressure transducer (P), and a pitched blade turbine agitator (down-flow) with speed
control (M). Gas inlet and outlet (vent) valves (for hydrogen and nitrogen) were located in the
headspace of the vessel. Syltherm was used as a heat transfer fluid in the jacket for temperature
control. The reactor is also equipped with a React IR (high pressure infrared detection system from
Mettler Toledo) for reaction monitoring and a sampling port for taking manual HPLC samples. A threeway ball valve separates the hydrogen and nitrogen gas in the reactor headspace. The rupture disc
was set at 110-barg pressure in case of over pressurization. The hydrogen and nitrogen cylinders are
hooked up to gas regulators; and, the regulators are manually adjusted to obtain a pressure slightly
higher than the desired reaction pressure. The total hydrogen uptake, as well as temperature
difference between the jacket and reactor, is recorded every few seconds in the control software.

4.5

Materials and Reagents
High purity hydrogen and nitrogen gas cylinders (purity of 99.999%) were purchased from

Airgas Co. and were connected to the reactor. As most of the nitro reductions are carried out in water
and/or alcohol systems, methanol was chosen as the standardized solvent to conduct the mass
transfer studies, due to its high dielectric values and hydrogen solubility [22]. Methanol along with
ethanol (200-proof) and high purity water were purchased from Aldrich Chemical Company.
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Figure 4.1: Lab scale 100-mL Hydrogenator
Hydrogenator is a hastelloy vessel, which is completely computer controlled. It is also equipped with a
down flow 45° pitched impeller [M], temperature [T], and pressure [P] controller. The jacket is filled
with syltherm oil for heat transfer. The “React IR” is an in-situ high-pressure infrared concentration
measurement instrument from Mettler Toledo. HPLC samples are pulled through the sample port for
the reaction progress. Hydrogen and nitrogen cylinders are provided with the regulator for the desired
pressure in the vessel. A batch recipe is fed into the vessel for control and operations.

4.6

Procedure for kLa and (C*) Measurement
Most of the industrial hydrogenation is conducted in polar protic solvents, such as water and/or

alcohols, i.e., methanol [23]. Polar protic solvents are solvents with high dielectric solvents which have
the ability to donate H-atoms and form strong hydrogen bonding. Methanol was charged to the reactor,
and the batch temperature was adjusted to 25°C. Once the desired temperature was reached, the
reactor was inerted with nitrogen (agitation was turned off during the inertion process), after which it
was twice pressure purged with hydrogen to evacuate nitrogen from the headspace. Then, the reactor
was pressurized again with hydrogen, to an initial pressure (P1), and the inlet valve was closed. The
reactor was agitated at a constant rpm at t=0, and the pressure drop from the headspace was
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measured as a function of time. As the hydrogen was being absorbed into the liquid phase, the total
hydrogen uptake was calculated from the pressure drop in the headspace using the ideal gas law. The
experiment was completed once the equilibrium pressure was reached in the reactor headspace (final
pressure = P2). Several experiments were run (using virgin methanol for each experiment) varying
agitation rates and liquid level to get a correlation for kLa versus the agitation rate (rpm) and the
reaction liquid volume (mL). Experiments were also run using virgin ethanol or water to measure the
H2 equilibrium solubility (C*) in these solvents.

4.7

Results and Discussion
In this section, the mass transfer coefficient (kLa) and the equilibrium gas solubility data

obtained for 100-mL reactor are presented and discussed.
4.7.1

Mass Transfer Coefficient (kLa)
The volumetric liquid-side mass transfer coefficient kLa for pure hydrogen was measured in

methanol (50-100 mL) in the temperature range of 25-45°C, pressure range of 2-4 barg, and agitation
rate of 700-1150 RPM. The data obtained are discussed in the following section.

4.7.1.1

Effect of Agitation Rate and Liquid Volume on kLa

Hydrogen pressure drop from the headspace was measured as a function of time, and the data
was collected and stored in HEL software [21] every two seconds. Figure 4.2 shows the pressure drop
in the headspace for the experiment run with 50-mL methanol liquid level at an initial hydrogen
pressure of 4-barg, when stirred at various rpm. The pressure in the headspace reaches equilibrium
over time, depending upon the agitation speed, as observed in Figure 4.2 (a) through (d). The higher
the agitation rate, the faster the pressure reaches equilibrium. The overall equilibrium concentration of
hydrogen in methanol was calculated using Equation 4.3 and was found to be in close agreement with
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each other at 1.74 x 10-2 mol/L with a standard deviation of 9.03 x 10-4 mol/L (refer to Table 4.1). The
measured solubility is found to be in close agreement with literature values [22], thereby, validating the
methodology used.
Table 4.1: Estimation of equilibrium concentration of hydrogen in methanol at 25°C using Eq. 4.3

RPM
700
800
900
1150
VG /VL
1/RT

P1 (barg) P2 (barg) (P1-P2) (barg)
4.023
3.8637
0.1593
3.9785 3.8295
0.149
3.9976 3.8283
0.1693
4.1235 3.9642
0.1593
2.7
Std Dev.
0.040342 mol/L/bar

C* (mol/L)
1.74E-02
1.62E-02
1.84E-02
1.74E-02
9.03E-04

Figure 4.2: Pressure vs. time for 50-mL methanol fill level at various rpm
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The overall volumetric mass transfer coefficient (kLa) was calculated from the slope of Eq. 4.9,
shown in Figure 4.3. The right-hand side of Eq. 4.9 is plotted on the y-axis, with time (in seconds) on
the x-axis. The slope of the plot gives the value of the overall volumetric mass transfer coefficient
(kLa). These experiments were each repeated three times, and the kLa values were found to be in
close agreement with each other as shown in Table 4.2.

Figure 4.3: Estimation of kLa for 50-mL MeOH volume using Equation 4.9
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Table 4.2: kLa values for 50-mL MeOH calculated from Eq. 4.9
RPM

kL a 1/sec
(exp 1)

kL a 1/sec
(exp 2)

kL a 1/sec
(exp 3)

Std Dev

700
800
900
1150

0.071
0.135
0.219
0.455

0.069
0.128
0.200
0.430

0.076
0.143
0.250
0.499

0.0037
0.0077
0.0252
0.0348

The overall volumetric mass transfer coefficient was found to depend linearly on rpm, as
shown in Figure 4.4, which is in agreement with the result of numerous authors [9-20]. This is a critical
finding as, due to the linearization of the plot, one can calculate the rpm required to run the reaction at
a desired kLa value for this reaction and volume. Similarly, the measurements were carried out for
various fill levels of methanol and at various agitation rates. For each measurement, a fresh solvent
(methanol) was charged and then degassed, as per the procedure described earlier.
Figure 4.5 shows the plot of kLa (on the y-axis) versus rpm (on the x-axis) for 50-, 75- and 100mL methanol fill levels. It was observed that kLa is linearly proportional to rpm at all fill levels. As it can
be seen, a higher agitation rate is required as the liquid volume increases to achieve the same kLa
value.
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Figure 4.4: The overall volumetric mass transfer coefficient vs. rpm (for 50-mL MeOH fill level)

Figure 4.5: kLa vs. rpm for various MeOH fill levels
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4.7.1.2

Effect of Pressure on kLa

Experiments were run under the reaction pressure conditions to understand the kLa effect in
methanol (50-mL) as described earlier. The effect of pressure on kLa was measured at 25°C for
pressures between 3-5 bar as shown in Figure 4.6. Under the reaction conditions; temperature is
25°C; agitation rate between 700-900 rpm; and pressure ranging from 3-5 bar (absolute), there
appears to be negligible effect of pressure on the kLa measurement. Our results concur that under
small pressure variation (1-3 MPa), there is negligible increase in gas solubility (see Section 4.7.2
below) or gas-liquid interfacial area 'a', to have an appreciable effect of pressure on kLa.

Figure 4.6: Effect of Pressure on kLa in 50-mL MeOH at 25°C

4.7.1.3

Effect of Temperature on kLa

Experiments were run under the reaction temperature conditions to understand the kLa effect
in methanol (50-mL) as described earlier. The effect of temperature on kLa was measured at 4 barg H2
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head-space pressure, varying temperature and agitation speeds between 25-45°C and 700-900 RPM,
respectively, as shown in Figure 4.7. The plot shows that the kLa value decreases with increase in
temperature, and the effect is larger at the higher agitation speeds.
It is known that at higher temperature the diffusivity increases, and the surface tension
between the gas-liquid interface decreases, leading to the creation of many small gas bubbles which
increases the interfacial area 'a'. This should result in increase in kLa values. However, at higher
temperatures the partial pressure of solvent also increases, resulting in more resistance to gas
component for diffusing into the liquid phase (counter flux), i.e. 'kL'. Thus, the overall effect of
temperature on kLa will be the combination of 'a' and 'kL' at elevated temperatures. Thus, we observe
that increasing temperature reduces the kLa values due to the increase in counter flux to mass transfer
created by the increase in partial pressure of the solvent system.

Figure 4.7: Effect of Temperature on kLa at 4-barg H2 pressure in methanol
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4.7.2

Hydrogen Solubility (Equilibrium measurements compared to CST)
The equilibrium solubility was measured by Eq. 4.3 as described by Shah et al. [5]. Critical

properties for common solvents (i.e., methanol, ethanol, and water) and hydrogen are found in Reid et
al. [24] as shown in Table 4.3. Hydrogen solubility was calculated using corresponding states theory
(CST) as described by Shaw in Eq. 4.10 and given in Table 4.4.

Table 4.3: Critical properties of common solvents derived from Reid et al. [12]

Table 4.4: Hydrogen solubility comparison between CST and experimental procedure (T=25ºC)
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The percent difference found between the experimental and calculated values is less than five
percent; hence, the CST method can be applied with confidence to a wide variety of solvent systems,
and the hydrogen solubility can be calculated, thereby, expediting the solvent selection. In addition,
this method can also be used to calculate Henry's constant for solvents that are not readily available by
using the correlation given by Eq. 4.15.

𝑚𝑜𝑙
𝑃
𝑓 −1
𝑃
[𝐶 ∗ ] (
) = 2 𝑆∗ [ ] =
𝐿
𝑃
𝐻
𝜌𝑟𝑒𝑓

𝐻 (𝑃𝑎

2
𝑚3
𝑓 𝜌𝑟𝑒𝑓
)= [ ] ∗
𝑚𝑜𝑙
𝑃 𝑆

[4. 14]

[4. 15]

The equilibrium solubility of hydrogen in methanol (C*) was also measured as a function of
temperature and pressure and compared with the CST model as shown in Figure 4.8 below, and is
found to increase with increases in pressure and temperature. The increase in solubility with pressure
can be related to the increase in driving force (concentration difference of hydrogen gas between the
two phases) when increasing the system pressure. This behavior is in good agreement with the
reported literature [12,16,18, and 19].
Several potential causes for the increase in solubility of H2 with increasing temperature were
postulated by Y. Rakymkul [25]:
1. During the dissolution of gas into a liquid phase, heat is absorbed by the liquid phase to create
a cavity for the gas to dissolve. Once the gas molecule enters the pocket of solvent, energy is
then released.
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2. Heat is released as the intermolecular forces of attractions between the gas and the solvent
molecules lowers its energy. The stronger the attraction (H-bonding), the larger the heat
released. There is a net absorption of heat when gases are dissolved in liquid phase.
According to Le Chatelier's principle, higher temperature will favor the heat absorption process
of the gases into the liquid phase. Thus, the solubility was expected to increase due to
increase in temperature for hydrogen with polar solvents (i.e. Methanol, Ethanol, etc.).

Figure 4.8: Equilibrium Solubility as a function of Temperature and Pressure
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4.8

Conclusion
An experimental technique was utilized to measure the overall mass transfer coefficient as

described by Shah et al. [5]. Furthermore, as most of the nitro reductions are carried out in a water
and/or alcohol system, methanol was chosen as the standardized non-reactive solvent to conduct the
mass transfer studies, due to its high dielectric values and high hydrogen solubility [22]. The
experimental method also gave a direct measurement of hydrogen solubility in the solvent system,
along with kLa values. The overall equilibrium concentration of hydrogen in methanol was calculated
(at T=25ºC and P = 5-Bara) using Equation 4.3 and found to be 1.74 x 10-2 mol/L with a standard
deviation of 9.03 x 10-4 mol/L. The measured solubility was found to be in close agreement with
literature values [22], validating the methodology used. The overall volumetric mass transfer coefficient
was calculated from experimental data using Eq. 4.9 and was found to increase linearly with reactor
agitation rate at all liquid volumes. This is particularly useful, as one can predict the kLa values for the
desired liquid fill volume and rpm. For the given system, it was found that kLa was constant over the
pressure range, however, was found to decrease with increasing temperature.
For simple systems, the CST method is in agreement with the measured value of hydrogen
solubility in the solvent system (i.e. MeOH), even for the systems (i.e., MeOH, Ethanol and water)
which do not have readily available Henry's constant data. Also, the hydrogen solubility in methanol
was found to increase with increase in temperature and pressure. With the degree of accuracy for
hydrogen solubility, such data can be generated very quickly without the need to do experiments, and
then can be verified in the lab for the system of interest, thus saving process development timelines.
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5 CHAPTER 5: REACTION KINETICS
5.1

Introduction
Halo-nitroaromatic reduction takes place in a slurry reactor over a heterogeneous catalyst with

particle diameters typically smaller than 50 µm, with the introduction of hydrogen in the headspace of
the batch reactor. Such reactions exhibit a complex kinetic behavior and require a careful reaction rate
control, as they produce highly energetic intermediates, such as hydroxylamines, that pose a safety
concern upon scale-up. In addition, there are significant mass transfer challenges in such reactions
resulting from the need to transfer the hydrogen from the headspace of the reactor into the liquid
phase, and then onto the catalyst surface. Mass transfer rates in such reactions play a key role in
process safety. Previous work of F. Visentin [1], using calorimetric measurements and hydrogen gas
uptake for such reactions, has not clearly identified the role of mass transfer and the resulting reaction
pathway, along with the formation of various intermediates, such as hydroxylamine. In addition, the
mechanism for the formation of the dehalogenated aniline byproducts in these reactions has not been
clearly identified. Such impurities can pose a quality risk for pharmaceutical products, thereby, risking
a batch failure.
In order to understand and control the intermediates concentrations (such as hydroxylamine),
as well as the impurity (des-F), it is essential to understand the overall reaction mechanism as shown in
Figure 5.1. The reaction mechanism is sub-divided into the following three main pathways:
a) Formation of aniline [D] via conversion of nitro aromatic [A] and hydrogenolysis of
hydroxylamine [C] ([C] to [D] directly)
b) Formation of azo-oxy intermediate [E] and subsequent hydrogenation to make azo [F], di-azo[G], and final reduction to aniline [D] ([C] through [E], [F], [G] to [D])
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c) Formation of the des-F impurity [I] by de-fluorination of the nitro [A] followed by reduction to
form the des-F aniline [I] , or des-F of aniline product [D] to [I]
To establish a kinetic model, it was essential to understand the dominant pathway the reaction
takes for the product formation. It was also critical to understand the reaction order with respect to
hydrogen and catalyst concentration. Finally, it was important to understand whether the reaction was
in mass transfer limited regime, intrinsic kinetic limited regime, or both mass transfer and kinetic control
regimes. A series of experiments were performed to address these questions.
The scope of this chapter is, therefore, to discuss the general model for the three-phase nitro
reduction and to investigate the role of reaction kinetics, mass transfer rate, and the resulting reaction
pathway such reactions exhibit. In addition, a kinetic rate model is postulated, based on several
assumptions, and the validity of this model will be investigated, either by calculations or by kinetic
measurement, as described in the latter part of this chapter.
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Figure 5.1: Reduction pathway for halo-nitroaromatic to halo-aniline [2]
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5.2

Theoretical Background
For a given three-phase slurry reactor, a general model for nitro reduction over a Pd/C catalyst

with hydrogen in the liquid phase was developed. The model incorporates various physical and
chemical steps that can occur in a three-phase reaction system (Figure 5.2). The chemical reaction
rate expression is based on Langmuir-Hinshelwood theory, with adsorption of hydrogen and nitro
aromatic [A] on different active sites of the catalyst.

Figure 5.2: Physical and chemical steps of a three-phase hydrogenation [3]
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5.2.1

Kinetic Model
For the reduction of nitro aromatic [A] to aniline [D], the only major intermediate (>2%)

identified was hydroxylamine [C], as shown in Figure 5.1. For such reaction, the reaction steps can be
written as:
𝑘𝑎 /− 𝐻2 𝑂

[𝐴] + [𝐻2 ] →

𝑘𝑏 /+ 𝐻2

[B] + [𝐻2 ] →

𝑘𝑐 /− 𝐻2 𝑂

[𝐶] + [𝐻2 ] →

[𝐷]

[5. 1]

In this kinetic analysis, it will be assumed that all intrinsic adsorption/desorption steps on the catalyst
surface for all species (H2, A, B, C and D) are much faster than the chemical reaction steps involving
adsorbed aromatic species and hydrogen in the liquid phase. As a result, all adsorption/desorption
steps are assumed to be in equilibrium.
It is also assumed that hydrogen adsorbs to the catalyst surface to catalytic sites that are different from
those to which all the aromatic species can bind [4 - 5]. The aromatic species A, B, C, and D are all
assumed to bind to the same binding type of binding sites for aromatics.
The elementary step for adsorption/desorption of [A] on active catalytic site [𝜃∗ ] can be written as:
𝐾𝐴

𝐴 + 𝜃1∗ ↔ 𝜃𝐴

[5. 2]

where KA is the equilibrium constant for adsorption of [A], [𝜃1∗] is the fraction of aromatic binding sites
that are vacant, and [𝜃𝐴] is the is the fraction of aromatic binding sites occupied by [A].
Similarly, the adsorption/desorption of [B], [C], and [D] on the aromatic sites can be written as:
𝐾𝐵

𝐵 + 𝜃1∗ ↔ 𝜃𝐵
𝐾𝐶

𝐶 + 𝜃1∗ ↔ 𝜃𝐶

[5. 3]
[5. 4]
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𝐾𝐷

𝐷 + 𝜃1∗ ↔ 𝜃𝐷

[5. 5]

where KB, KC and KD are the equilibrium constants for adsorption of [B], [C] and [D], respectively.
Similarly, the adsorption/desorption of hydrogen from the liquid phase to the surface of the
catalyst can be written as:

𝐾𝐻

𝐻2 + 𝜃2∗ ↔ 𝜃𝐻

[5. 6]

Where KH is the adsorption equilibrium constant, [𝜃2*] is the fraction of hydrogen binding sites that are
vacant and [𝜃𝐻] is the fraction of hydrogen binding sites occupied by hydrogen.
Once [A] is absorbed onto the active catalyst aromatic site [𝜃𝐴 ], it is assumed that it can react
with hydrogen to form the intermediate (nitroso – [B]) that is then instantaneously reacts with another
mole of hydrogen and forms hydroxylamine – [C], which remains bound on the aromatic binding site.
Finally, one mole of hydrogen reacts with [C] to form the product [D].

𝑘𝑎

𝜃𝐴 + θH → 𝜃𝐵 + 𝐻2 𝑂
𝑘𝑏

𝜃𝐵 + θH → 𝜃𝐶
𝑘𝑐

𝜃𝐶 + θH → 𝜃𝐷

[5. 7]
[5. 8]
[5. 9]

The reaction rate for hydrogenation of [A] can be written as:
𝑚𝑜𝑙
−𝑟𝐴 (
) = 𝜂 𝑚𝑘 𝑘𝑎 [𝜃𝐴 ] [𝜃𝐻 ]
𝐿 𝑚𝑖𝑛

[5. 10]
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Where 𝜂 = 1(for egg shell catalyst) and 𝑚𝑘 is defined as the amount of catalyst (wt% of catalyst per
gram of [A])
The reaction rate for hydrogenation of [B] can be written as:

𝑟𝐵 (

𝑚𝑜𝑙
) = 𝑚𝑘 𝑘𝑎 [𝜃𝐴 ] [𝜃𝐻 ] − 𝑚𝑘 𝑘𝑏 [𝜃𝐵 ] [𝜃𝐻 ]
𝐿 𝑚𝑖𝑛

[5. 11]

Furthermore, since the intermediate [B] is not observed under HPLC conditions in any
appreciable quantity (<0.1%), it is assumed that it reacts rapidly with one mole of hydrogen to form the
hydroxylamine [C] intermediate. The above equation is written as:

𝑟𝐵 (

𝑚𝑜𝑙
) ≅ 0 𝑎𝑛𝑑
𝐿 𝑚𝑖𝑛

𝑘𝑎 [𝜃𝐴 ] [𝜃𝐻 ] = 𝑘𝑏 [𝜃𝐵 ] [𝜃𝐻 ]

[5. 12]

Similarly, the reaction rates for hydrogenation of [C] and [D] are written as:

𝑟𝐶 (

𝑚𝑜𝑙
) = 𝑚𝑘 𝑘𝑎 [𝜃𝐴 ] [𝜃𝐻 ] − 𝑚𝑘 𝑘𝑐 [𝜃𝐶 ] [𝜃𝐻 ]
𝐿 𝑚𝑖𝑛

𝑚𝑜𝑙
𝑟𝐷 (
)=
𝐿 𝑚𝑖𝑛

𝑚𝑘 𝑘𝑐 [𝜃𝐶 ] [𝜃𝐻 ]

[5. 13]

[5. 14]

By definition, the fraction of all aromatic catalyst binding sites that are free and bound to A, C,
D add up to one:
1 = [𝜃1∗ ] + [𝜃𝐴 ] + [𝜃𝐶 ] + [𝜃𝐷 ]

[5. 15]
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Similarly, the fractions of all hydrogen binding sites that are free and bound to hydrogen also, add up to
one:
1 = [𝜃2∗ ] + [𝜃𝐻 ]

[5. 16]

The equilibrium binding constants for the adsorption of [A], [C] and [D], are defined according to these
equations:
[𝜃𝐴 ] = 𝐾𝐴 ∗ [𝜃1∗ ] ∗ [𝐶𝐴𝑙 ]

[5. 17]

[𝜃𝐶 ] = 𝐾𝐶 ∗ [𝜃1∗ ] ∗ [𝐶𝐶𝑙 ]

[5. 18]

[𝜃𝐷 ] = 𝐾𝐷 ∗ [𝜃1∗ ] ∗ [𝐶𝐷𝑙 ]

[5. 19]

where 𝐶𝐴𝑙 , 𝐶𝐶𝑙 , and 𝐶𝐷𝑙 are the bulk liquid concentration for species [A], [C] and [D], respectively.
Combining and rearranging Equations 5.15-5.19, we get an expression for the fraction of
‘vacant’ aromatic catalyst binding site [𝜃1∗ ] surface concentration as:

[𝜃1∗ ] =

1
(1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙 )

[5. 20]

Similarly, the fraction of hydrogen binding sites that are bound to hydrogen is give as:

[𝜃𝐻 ] =

K 𝐻 𝐶𝐻𝑙
(1 + K 𝐻 𝐶𝐻𝑙 )

[5. 21]

where CHl is the bulk liquid concentration for [H2] species.
Substituting for [𝜃𝐴 ] from Eq. 5.17 and 5.20, and [𝜃1∗ ] from Eq. 20 into Eq. 5.11, we get:
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mol
𝑚𝑘 𝑘1 K A 𝐶𝐴𝑙
− 𝑟𝐴 (
)=[
]
L min
1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙

[5. 22]

Similarly, the rate of disproportionition (𝑟𝐶) of hydroxylamine and the rate of product formation (𝑟𝐷),
from Eq. 5.18 through 5.20 and inserting into Eq. 13 and Eq. 14, respectively, can be written as:

𝑟𝐶 (

mol
𝑘1 K A 𝐶𝐴𝑙 − 𝑘2 K C 𝐶𝐶𝑙
) = 𝑚𝑘 [
]
L min
1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙

[5. 23]

𝑟𝐷 (

mol
𝑘2 ∗ K C 𝐶𝐶𝑙
) = 𝑚𝑘 [
]
L min
1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙

[5. 24]

where k1 and k2 are the rate constant written as:

𝑘1 = 𝑘𝑎 𝜃𝐻

= 𝑘𝑎 [

𝑘2 = 𝑘𝑐 θH = 𝑘𝑐 [

𝐾𝐻 𝐶𝐻𝑙
]
1 + 𝐾𝐻 𝐶𝐻𝑙

[5. 25]

𝐾𝐻 𝐶𝐻𝑙
]
1 + 𝐾𝐻 𝐶𝐻𝑙

[5. 26]

where k1 and k2 contains the intrinsic rate constants (𝑘𝑎 𝑎𝑛𝑑 𝑘𝑐 ), and the hydrogen term as described
earlier.
Also, 𝐶𝐴𝑙, 𝐶𝐶𝑙, 𝐶𝐷𝑙, and K A, K C, K D are the concentrations in the liquid phase and the equilibrium
constants for A, C or D, respectively; k1 and k2 are the reaction rate constants as described in
Equations 5.25 and 5.26, respectively; ka and kc are intrinsic rate constants, and 𝑚𝑘 is the
concentration of the catalyst in the reaction mixture. Table 5.1 summarizes the kinetic rate equation
and the rate constants for the kinetic control regime.
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Table 5.1: Kinetic Control Rate Model

− 𝑟𝐴 (

𝑟𝐷 (

mol
𝑚𝑘 𝑘1 K A 𝐶𝐴𝑙
)=[
]
L min
1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙

mol
𝑘2 K C 𝐶𝐶𝑙
) = 𝑚𝑘 [
]
L min
1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙

[𝜃𝐶 ] =

𝐾𝐶 𝐶𝐶𝑙
(1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙 )

[𝜃𝐻 ] =

mol
𝑘1 K A 𝐶𝐴𝑙 − 𝑘2 K C 𝐶𝐶𝑙
𝑟𝐶 (
) = 𝑚𝑘 [
]
L min
1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙

[𝜃𝐴 ] =

𝐾𝐴 𝐶𝐴𝑙
(1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙 )

[𝜃𝐷 ] =

𝐾𝐷 𝐶𝐷𝑙
(1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙 )

K 𝐻 𝐶𝐻𝑙
(1 + K 𝐻 𝐶𝐻𝑙 )

𝑘1 = 𝑘a 𝜃𝐻

𝐶𝐻𝑙 = 𝐶𝐻𝑔 f (P, T)

𝑘2 = 𝑘c θH

Where KA, KC, KD, KH, k1 and k2 are the equilibrium and reaction rate constants.
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5.2.2

Mass Transfer Limited Regime
In a steady state chemical reaction, the molar rate of reaction should equal the stoichiometric

rates of adsorption and mass transfer for the individual specie. The steady state reaction rate for the
mass transfer limited regime based upon the physical and chemical steps for the nitro reduction to
aniline, as shown in Figure 5.1, can be derived using the following assumptions:
1) The rate of [H2] mass transfer across the gas-liquid interface is given by:
𝑚𝑜𝑙
−𝑟𝐻 (
) = [𝑘𝐿 𝑎]𝐻 [𝐶𝐻𝑔 − 𝐶𝐻𝑙 ]
𝐿 ∗ 𝑚𝑖𝑛

[5. 27]

where 𝑟𝐻 , 𝑘𝐿 𝑎, 𝐶𝐻𝑔 , 𝑎𝑛𝑑 𝐶𝐻𝑙 are the rate of hydrogenation, gas-liquid mass transfer coefficient, the
concentration of H2 in gas and bulk liquid phases, respectively.
2) From equation 5.21, the fraction site absorbed by hydrogen [𝜃𝐻 ] is given as:

𝜃𝐻 = [

𝐾𝐻 𝐶𝐻𝑙
]
1 + 𝐾𝐻 𝐶𝐻𝑙

[5. 28]

where, KH and CHl are the equilibrium adsorption constant and the concentration of hydrogen in the
liquid phase, respectively.
Under the mass transfer regime, the gas-liquid mass transfer resistance for H2 across the
interface is large (i.e. 𝐶𝐻𝑙 <<< 𝐶𝐻𝑔 ), hence −𝑟𝐻 and 𝜃𝐻 simplifies to (as 1 ≫ 𝐾𝐻 𝐶𝐻𝑙 ):
𝑚𝑜𝑙
−𝑟𝐻 (
) = [𝑘𝐿 𝑎]𝐻 [𝐶𝐻𝑔 ] 𝑎𝑛𝑑 𝜃𝐻 = 𝐾𝐻 𝐶𝐻𝑙
𝐿 ∗ 𝑚𝑖𝑛

[5. 29]
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3) Furthermore, there are three moles of H2 consumed for every mole of D formed. For every
mole of A reacting, two moles of H2 are consumed. As a result, the rates of reaction of A and
D can be related to the rate of disappearance of H2 in the reaction as:
2

−𝑟𝐴 = 3 (−𝑟𝐻 )

𝑟𝐷 =

1
(−𝑟𝐻 )
3

[5. 30]

[5. 31]

4) From Equations 5.22, 5.29 and 5.30, we get :

[

𝑚𝑘 𝑘1 K A 𝐶𝐴𝑙
2
] = [𝑘𝐿 𝑎]𝐻 [𝐶𝐻𝑔 ]
1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙
3

𝑘1 =

2 1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙
[𝐶𝐻𝑔 ] [𝑘𝐿 𝑎]𝐻
3
𝑚𝑘 K A 𝐶𝐴𝑙

𝑘1 = 𝐺1′ [𝑘𝐿 𝑎]𝐻

[5. 32]

Where, the kinetic terms are grouped along with the constants into 𝐺1′ , and now substituting for 𝑘1
from Eq. 5.25 and simplifying 𝜃𝐻 from Eq. 5.29 we get:

mol
𝑚𝑘 𝑘1 K A 𝐶𝐴𝑙
− 𝑟𝐴 (
)=[
]
L min
1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙

[5. 33]

Where 𝑘1 = 𝐺1′ [𝑘𝐿 𝑎]𝐻 in mass transfer limited regime;
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Similarly, Equation 5.23 and 5.24 equates to:

𝑟𝐶 (

mol
𝑘1 K A 𝐶𝐴𝑙 − 𝑘2 K C 𝐶𝐶𝑙
) = 𝑚𝑘 [
]
L min
1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙

[5. 34]

𝑟𝐷 (

mol
𝑘2 K C 𝐶𝐶𝑙
) = 𝑚𝑘 [
]
L min
1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙

[5. 35]

Where 𝑘1 = 𝐺1′ [𝑘𝐿 𝑎]𝐻 and 𝑘2" = 𝐺2′ [𝑘𝐿 𝑎]𝐻 ; and 𝐺1′ 𝑎𝑛𝑑 𝐺2′ are the constants summarized
in the Table 5.2.

104

Table 5.2 summarizes the kinetic rate equation and the rate constants for the mass transfer
limited regime.
Table 5.2: Mass Transfer Limited Rate Model

− 𝑟𝐴 (

𝑟𝐷 (

mol
𝑚𝑘 𝑘1 K A 𝐶𝐴𝑙
)=[
]
L min
1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙

mol
𝑘2 K C 𝐶𝐶𝑙
) = 𝑚𝑘 [
]
L min
1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙

[𝜃𝐶 ] =

𝐺1′ =

𝐾𝐶 𝐶𝐶𝑙
(1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙 )

mol
𝑘1 K A 𝐶𝐴𝑙 − 𝑘2 K C 𝐶𝐶𝑙
𝑟𝐶 (
) = 𝑚𝑘 [
]
L min
1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙

[𝜃𝐴 ] =

𝐾𝐴 𝐶𝐴𝑙
(1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙 )

[𝜃𝐷 ] =

𝐾𝐷 𝐶𝐷𝑙
(1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙 )

[𝜃𝐻 ] = K 𝐻 𝐶𝐻𝑙

𝐶𝐻𝑙 = 𝐶𝐻𝑔 f (P, T, k L a)

𝑘1 = 𝐺1′ [𝑘𝐿 𝑎]𝐻

𝑘2 = 𝐺2′ [𝑘𝐿 𝑎]𝐻

2 1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙
[𝐶𝐻𝑔 ]
3
𝑚𝑘 K A 𝐶𝐴𝑙

−𝑟𝐴 =

𝐺2′ =

1 1 + K A 𝐶𝐴𝑙 + K C 𝐶𝐶𝑙 + K D 𝐶𝐷𝑙
[𝐶𝐻𝑔 ]
3
𝑚𝑘 K D 𝐶𝐷𝑙

2
(−𝑟𝐻 )
3

𝑟𝐷 =

1
(− 𝑟𝐻 )
3

Where KA, KC, KD, KH, 𝑘1 and 𝑘2 are the equilibrium and reaction rate constants.

5.3

Experimental Procedure
This section describes the equipment; materials and reagents; and procedure used for

estimating the kinetic and equilibrium rate constants.
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5.3.1

Materials and Reagents
High purity hydrogen and nitrogen gas cylinders (purity of 99.999%) were purchased from

Airgas Co. and were connected to the reactor. Ethanol, methanol and high purity water were
purchased from Aldrich Chemical Company. Halo-nitroaromatic [A] was a GSK proprietary
intermediate that was used for these experiments to reduce to aniline. Catalyst (10% Pd/C) was
purchased from Evonik Industries.

5.3.2

Equipment (100-mL Reactor)
The lab scale hydrogenator [6] as described in Section 4.4 was used for these experiments. It

is equipped with fully automated temperature, pressure, and stirring control. The reactor was made
with hastelloy C-276, with a maximum reaction volume of 100-mL and total volume of 185-mL (total
liquid + headspace volume). See Figure 4.1 and Section 4.4 for more details. The reactor also had
capability to measure hydrogen gas-uptake directly, and was hooked-up with an Infrared high-pressure
detection instrument (ReactIR) for online spectra measurements. Offline High Pressure Liquid
Chromatography (HPLC) was used to aid and quantify ReactIR concentration profiles.

5.3.3

React IR
React IR (high-pressure infrared instrument a product of Mettler Toledo) was used to analyze

individual concentrations in real time for species [A], [C] and [D]. ReactIR is a Fourier Transform
Infrared (FTIR) spectroscopy based, high performance, in situ reaction analysis system. React IR is
used directly to measure the liquid phase reactant concentrations during hydrogenations. The solid
catalyst is often not observed in the spectra, even though the dispersions can be fully opaque (due to
carbon-black-supported metal catalysts), and the gas bubbles do not interfere with the measurements
(mid-infra red instruments are only affected by solid coating on the window and can see through gas
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bubbles). React IR consists of an FTIR instrument box where the data is collected and transferred to
the computer for analysis, a fiber optic conduit, and a hastelloy probe with Dicomp diamond sensor.
React IR uses the mid-infrared portion of the spectrum for concentration changes over time for a range
of wave numbers. This change of the mid-infrared region over time gives us information of real-time
concentration profiles. Concentration profiles are further regressed by Chemometrics software
(Intelliform), using a curve resolution method (as described in Section 5.3.4.2), and then fitted to the
measured HPLC data to give us real-time information of each species concentration. The mid-IR
region for the instrument was between 800 and 2000 cm-1, and the peaks are typically well resolved so
that the concentration of the chemical species present can be readily determined by measuring the
peak height relative to a nearby baseline region that contains no peaks. Mid-IR regions for the nitro
aromatic can be found to be around 1530 cm-1, whereas, for the aniline, the mid IR region is around
1620 cm-1 [7]. Using advance chemometrics analysis, experiments revealed a new change in the
spectra at 1500 cm-1, which was not readily visible from the React IR plot below. This component
corresponds to the hydroxylamine intermediate. A typical waterfall-plot of React IR spectra showing
the various reaction components can be found in Figure 5.13. Using principal component analysis on
the React IR spectra, hydroxylamine was identified by the Intelliform software.

5.3.4

Procedure
This section describes in detail the procedure and analytical method used to estimate the

equilibrium and rate constants for the given reaction.
5.3.4.1

Reaction Set-up

In a batch reactor (as shown in Figure 4.1), halo-nitro aromatic [A] was charged (5 grams)
along with 10 wt% Pd on C [8] (0.5 grams) catalyst, 22.4 mL of 200-proof ethanol, 24.1 mL of purified
water, and 3.1 mL of concentrated HCl. Concentrated HCl was added to dissolve the halo-nitro
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aromatic in the reaction solution. The reactor was stirred for 5 minutes at 25°C to dissolve [A] into the
solution. The reactor was then purged with nitrogen, followed by hydrogen, to evacuate the reactor
headspace from air and nitrogen, respectively. During the pressure purge cycle, the agitation rate was
set to zero. The reactor was then pressurized to 60-psig (4-barg) of H2 pressure, and then agitation
was started to allow the reaction to commence. The species concentrations were measured by HPLC
grab samples (every 10-30 mins) during the reaction; also, the reaction spectra was collected using the
mid-infrared React IR [9] instrument. The hydrogen uptake was directly measured based on the
pressure drop in the headspace of the reactor with time. The reaction was deemed complete once the
HPLC profile showed less than 0.20% area under curve (AUC) for residual [A] and greater than 98%
(AUC) for product [D]. Once the reaction was completed, the reactor was vented off and inerted once
again with nitrogen. The catalyst was then filtered off from the reaction solution, for further processing.
A set of experiments were run at different conditions to understand the following:
1. The order of reaction with respect to hydrogen concentration (varying only the
pressure between 3-5 bara of hydrogen gas in the headspace), while keeping the
agitation rate (815 rpm), the temperature (25°C), the catalyst loading (10 wt%), and
the nitro aromatic concentration (0.0109 mol) constant.
2. The order of reaction with respect to catalyst loading (varying only the catalyst
loadings from 2.5 - 10.0 wt%) while keeping the agitation rate (815 rpm), the
temperature (25°C), the pressure (5 bara of hydrogen gas in the headspace), and the
nitro aromatic concentration (0.0109 mol) constant.
3. Mass transfer effects by varying the kLa between 0.10 – 0.60 (1/s), while keeping the
temperature (25°C), the pressure (5 bara of hydrogen gas in the headspace), the
catalyst loading (10 wt%) and the nitro aromatic concentration (0.0109 mol) constant.
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4. Activation energy by varying the temperature between 25-45°C for each set of kLa
(from 0.10 – 0.60 1/s), while keeping the pressure (5 bara of hydrogen gas in the
headspace), the catalyst loading (10 wt%) and the nitro aromatic concentration
(0.0109 mol) constant.
5. The data was fitted to the kinetic model developed previously to test the assumptions.

5.3.4.2

Chemometrics Analysis

React IR spectra were further analyzed using a chemometrics package (Intelliform [10-11]).
Analysis involves regressing the data using principal component analysis (PCA) across the spectra for
each time interval (between the spectra collection). Three components were identified by the
chemometrics techniques, and, then, the species were normalized with respect to the mass balance for
each spectrum, so that the sum of the three equals one. This technique is commonly referred to as
curve resolution technique. Once the spectra concentration profiles were obtained, they were further
analyzed from the measured HPLC concentration to obtain the concentration values with respect to
time.

5.4

Results and Discussion
In order to estimate the equilibrium and reaction rate constants, it is vital to understand the

reaction order with respect to hydrogen concentration and catalyst loading. Once that is well
understood, it becomes imperative to understand whether the reaction is gas-liquid; liquid-solid; and/or
kinetically limited. As seen earlier, the governing rate equations would vary depending upon the rate
limiting step. In addition, activation energies were also measured at these reaction conditions. The
results indicated that for a heterogeneous catalytic reactions that have activation energy (Ea) ≤ 5
kJ/mol are often diffusion-limited processes; Ea in the range of 5-15 kJ/mol can be either kinetic-limited
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or diffusion-limited processes; and Ea ≥ 15 kJ/mol are intrinsic kinetic-limited processes (base on work
from Bartholomew and Farrauto [12]). Finally the reaction equilibrium and rate constants are evaluated
and fitted against the experimentally data to evaluate the kinetic understanding mentioned earlier.

5.4.1

Reaction Order
A reaction order with respect to hydrogen headspace pressure and catalyst concentration is

established in this section.
5.4.1.1

Hydrogen Pressure Effects

A series of experiments was run, varying the hydrogen pressures in the headspace (3, 4, and 5
bar absolute (bara), respectively), while keeping the agitation rate (815 rpm), temperature (25°C),
catalyst loading (10 wt%), and the nitro aromatic concentration (0.0109 mol) constant. The overall
reaction rate was calculated from the hydrogen uptake measurements, as shown in Equation 5.36 as:

− 𝑟𝐻 (

𝑚𝑜𝑙
𝑑[𝐻2 ]
)=
𝐿 𝑚𝑖𝑛
𝑑𝑡

[5. 36]

The plot of hydrogen uptake vs. time shows a linear H2 uptake for the reaction, as shown in
Figure 5.3. The global reaction rate is given by the slope of the line as given by Eq.5.36, and shown in
Table 5.3 and Figure 5.4. It was shown that, for the operating conditions studied, Henry’s law was valid
[13-14]. Figure 5.4 shows that the reaction rate is a linear function of H2 pressure passing through the
origin, thereby, indicating first-order behavior of hydrogen at tested pressures.
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Table 5.3: Rate of reaction at varying H2 pressure

Figure 5.3: Hydrogen uptake rate for various experiments at different H2 pressure
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Figure 5.4: Rate of reaction at varying H2 pressure

5.4.1.2

Catalyst Loading Effects

In another set of experiments, the amount of catalyst was varied (2.5 wt%, 5 wt%, 10 wt%) to
understand the order of reaction with respect to catalyst concentration, by keeping the substrate
concentration (0.0109 mol), agitation rate (815 rpm), reaction temperature (25°C), and hydrogen
pressure (5 bara) constant. The overall reaction rate was calculated from the hydrogen uptake
measurements, as shown in Equation 5.36.
Figure 5.5 shows the hydrogen uptake vs. time for different catalyst loading experiments, and it
is a linear function of catalyst loading. Also, it can be seen in Figure 5.6 that the reaction rate doubles
when the catalyst loading is doubled from 2.5 wt% to 5.0 wt%, and then from 5.0 wt% to 10.0 wt%
loading. This confirms the first-order behavior in the catalyst. This further indicates that gas-liquid
mass transfer resistance is not significant under these reaction conditions as described by Chaudhari
et. al [15].
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Figure 5.5: H2 uptake for various catalyst loading experiments

Figure 5.6: Reaction rate vs. catalyst loading
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5.4.2

Gas-Liquid (G-L) Mass Transfer Effect
In order to understand whether the reaction was kinetically or gas-liquid mass transfer limited,

several reactions were run varying mass transfer coefficient (kLa), while keeping the other parameters
(H2 pressure 4 barg, temperature at 25°C, catalyst loading at 10 wt%, and substrate concentration at
0.0109 mols) constant. The mass transfer coefficients were varied between 0.10 - 0.60 (1/s).
Figure 5.7 shows the hydrogen uptake vs. time for various kLa runs. The reaction rate was calculated
from the overall hydrogen uptake, as given in Equation 5.36.

Figure 5.7: Hydrogen uptake vs. time for various kLa at 25°C

Figure 5.7 shows that there is a large increase in reaction rate observed when kLa is increased
from 0.10 to 0.60 (1/s). Figure 5.8 shows that the reaction rate is almost constant between the kLa
values of 0.15 and 0.60 (1/s), but it sharply decreases below a kLa of 0.15 (1/s). The results indicate:
a) Reaction is mass transfer limited (H2 concentration in the liquid phase) when kLa < 0.15 (1/s);
b) The reaction rate appears to be constant as the kLa was increased from 0.15 to 0.60 (1/s),
indicative of a kinetic control regime.
114

3.5E-03

Reaction rate vs kLa

rate (mol/L*min)

3.0E-03
2.5E-03
2.0E-03
1.5E-03

Intrinsic Kinetics

G/L

1.0E-03

5.0E-04
0.0E+00
0

0.1

0.2

0.3
0.4
kLa (1/s)

0.5

0.6

0.7

Figure 5.8: Reaction rate vs. kLa at 25°C

To further test this conclusion, calculations suggested by Mills and Chaudhari [16] were used,
as seen in Equation 5.37. The gas-liquid mass transfer can be neglected if the ratio of the observed
reaction rate (rH) to the maximum gas-liquid mass transfer rate (𝛾1 ) is < 0.1. The hydrogen solubility
for the reaction solvent system (ethanol and water), was calculated using Equation 4.3 as described by
Shah et. al [17] (see Chapter 4 Section 4.2.1).
Table 5.4 shows the ratio of the observed reaction rate to the maximum gas-liquid mass
transfer rate for various values of kLa. Also, as concluded previously, 𝛾1 is greater than 0.1 for the
reaction that is run at a kLa of 0.10 (1/s), and less than 0.1 for reactions that are run between a kLa of
0.15 to 0.60 (1/s), indicative of a reaction starved of hydrogen at lower than 0.15 kLa (1/s). The
maximum gas-liquid mass transfer rates were found to be 74-200 times higher than the observed rate
of H2 consumption for these experiments. Therefore, it can be said that the effect of G-L mass transfer
rate on the reaction is insignificant for kLa of 0.15 1/s or higher.
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Gas-liquid mass transfer is insignificant if:

𝛾1 =

𝑟𝐻
< 0.1
𝑘𝐿 𝑎 𝐻2 [𝑠𝑎𝑡]

[5. 37]

Table 5.4: Reaction rate versus diffusion rates as suggested by Mills and Chaudhari [15]

5.4.3

Liquid-Solid (L-S) Mass Transfer Effect
Mills and Chaudhari [12] proposed that the liquid-solid (L-S) mass transfer can be neglected, if

the ratio of the observed reaction rate (rH) to the maximum L-S mass transfer rate (𝛾2 ) is < 0.1. The
ratio (𝛾2 ) is expressed as:
L-S mass transfer is insignificant if:

𝛾2 =

[𝑘𝐿 𝑠]𝐴 𝑜𝑟 𝐻2

𝑟𝐻
< 0.1
∗ 𝑎𝑝 ∗ 𝐻2 [𝑠𝑎𝑡]

[5. 38]

where ap is the ratio of the external surface of the catalyst to the slurry volume (cm2/cm3) and was
calculated, as given by Bartholomew and Farrauto [8]:

6 ∗ g of catalyst
𝑐𝑚2
ap =
(
)
𝜌𝑎 ∗ 𝑑𝑝 ∗ Slurry Volume 𝑐𝑚3

[5. 39]
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𝑐𝑚2
ap = 18.55
(For the given system)
𝑐𝑚3
A detailed calculation of diffusivities and kLs for [A] and [H2] can be found in Appendix, Section
9.3. Similarly to the G-L resistance, Table 5.5 shows the ratio of the observed reaction rate to the
maximum liquid-solid mass transfer rates (for [A] and [H2]) at various values of kLa. The maximum
liquid-solid mass transfer rates were found to be 250-1200 times higher than the observed rate of H2
consumption for these experiments. Therefore, it can be said that the effect of L-S mass transfer rate
on the reaction is insignificant. In addition, the L-S mass transfer rates are 2-4 orders of magnitude
larger, when compared to the G-L mass transfer rates, concluding that the L-S is not the rate-limiting
step for the reaction.

Table 5.5: Calculation of Gas-Liquid/ Liquid-Solid resistances at various rpm
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5.4.4

Activation Energy
Another method used to determine the reaction limitation is the measurement of the activation

energy, which gives an indication of whether the reaction is mass transfer or kinetically limited, as
described by Bartholomew and Farrauto [8]. Three different sets of experiments, varying kLa and
temperatures, were used to evaluate this phenomenon. Mass transfer coefficients of 0.10, 0.15, and
0.60 (1/s) were selected, and for each selected kLa, three experiments were run at 25°C, 35°C, and
45°C, respectively, to obtain activation energy values at those agitation rates. The rate constant was
obtained from the slope of hydrogen uptake, as given by equation 5.36. The activation energy was
calculated by plotting Ln (k) vs. 1/T, and is given in equation 5.33 and plotted in Figure 5.9:

𝑆𝑙𝑜𝑝𝑒 = 𝐿𝑛

𝑘
𝐸𝑎
=
1
𝑅
[𝑇 ]

[5. 40]

where Ea= Activation energy, R=gas constant = 8.314 J/mol*K, k= rate constant, and T is temperature
in Kelvin.
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Figure 5.9: Ln[k] versus 1/T

Figure 5.10 (a) through (c) show hydrogen uptake rate versus time for 0.10, 0.15, and 0.60
(1/s) kLa, respectively. At a kLa of 0.10 (1/s), it can be observed that, the hydrogen uptake rate is
similar for the three temperature runs (25-45°C). Similarly, at a higher kLa’s (0.15 1/s and 0.60 1/s), the
hydrogen uptake rate increases as the temperature increases. Activation energies calculated for
various sets of kLa experiments are tabulated in Table 5.6. A plot of activation energy versus G-L mass
transfer coefficient is also shown in Figure 5.11. It can be concluded that Figure 5.11 has a very similar
profile compared to Figure 5.8, thereby, defining the gas-liquid mass transfer control regime below 0.15
(1/s) kLa and a kinetic control regime above 0.15 (1/s) kLa.
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Figure 5.10: Hydrogen uptake vs. time at various kLa’s
a) Hydrogen uptake rate vs. time at 0.10 (1/s) kLa

b)

Hydrogen uptake rate vs. time at 0.15 (1/s) kLa

c) Hydrogen uptake rate vs. time at 0.60 (1/s) kLa
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Table 5.6: Activation Energies versus kLa (1/s)
kLa (1/s)
Ea (kJ/mol)
0.10

4.38

0.15

15.85

0.60

17.86

Figure 5.11: Activation Energies versus kLa (1/s)
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5.4.5

Kinetic Modeling
As reaction kinetic is found to be the rate limiting step for mass transfer coefficient (kLa) region

0.15 (1/s) and higher, kinetic modeling will be performed in this region between 0.15-0.60 (kLa) 1/s
using the equations shown in Table 5.1.
5.4.5.1

Reaction Profile

A typical reaction profile is shown in Figure 5.12. The conditions for the reaction were 4-barg
H2 pressure, temperature of 25°C, and 1150 rpm (~0.60 1/s kLa). The individual species
concentrations were obtained from React IR along with HPLC [18] analysis. The reaction profile shows
three main components (>2% AUC for HPLC analysis): the nitro aromatic [A], hydroxylamine [C], and
the aniline [D] product. The sum for the remaining species ([E], [F], and [G]), as described in
Figure 5.1, were under two percent (AUC) and were being ignored from the kinetic model. Similarly,
the impurity [I], typically found to be less than 0.5% AUC, was also ignored for kinetics modeling,
leaving for consideration only the main reaction of [A] converting to [D] via [C].
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Figure 5.12: Reaction profile showing various concentrations vs. time
(at 25°C, 0.60 1/s kLa)

A typical React IR plot is as shown in Figure 5.13. Chemometrics analysis is
performed on the spectra data sets to obtain the concentration versus time as shown in
Figure 5.14. Pure component spectrums for these three reacting species (nitroaromatic [A],
hydroxylamine [C], and aniline [D]) are obtained from chemometrics analysis as shown in
Figure 5.15.
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Figure 5.13: Waterfall plot of React IR showing the mid-infrared for nitro reduction

Ar-NO2

Ar-NH2

Ar-NHOH

Figure 5.14: Pure component concentration over time resulting from chemometrics
analysis
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Figure 5.15: Pure component spectra results from PCA

5.4.6

Kinetic Rate Constants
Rate constants, as defined in equations 5.22, 5.23, and 5.24 were obtained from a set of

three experiments varying catalyst amounts (as stated earlier). All three experiments were run at
0.60 (1/s) kLa, 4 barg H2 reactor headspace pressure, 25°C batch temperature, but varying in catalyst
amount, 2.5, 5.0, and 10.0 wt%, respectively. These three sets of experiments yielded nine known
concentrations as a function of time plots (each experiment with three reacting species [A], [C], and
[D]). From the kinetic rate law model, we have five unknown rate and equilibrium constants (k1, k2, KA,
KC, and KD). Using the Least Mean Square method (equation 5.41) it was possible to regress the
measured concentrations of the individual species with the appropriate rate law equations
(equation 5.22 for [A], 5.23 for [C], and 5.24 for [D]) simultaneously, to fit these unknown rates and
equilibrium constants. This was achieved by using solver function in MS Excel, and calculating the
concentration at time t2 with known concentration of the species (i.e., [A]) at time t1. Solver is used to fit
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these rate constants simultaneously across all three data sets, by regressing the measured
concentration at various time intervals (t), such that the error, as defined in equation 5.42, is minimized.

[𝑋]𝑐𝑎𝑙𝑐,2 = [𝑋]𝑐𝑎𝑙𝑐,1 − (rX,1 + rX,2 ) ∗ [

𝑁

∑

t 2 − t1
]
2

[5. 41]

[[𝑋]𝑚𝑒𝑎𝑠𝑢𝑟𝑒𝑑 − [𝑋]𝑐𝑎𝑙𝑐𝑢𝑙𝑎𝑡𝑒𝑑 ]2 ≅ 0

[5. 42]

𝑛=1

where [X ]= [A], [C] and [D].
Thus, by fitting the above three equations 5.22, 5.23, and 5.24, simultaneously, for three
different catalyst loading experiments, we obtain the unknown rate and equilibrium constants: k1
(Eq.5.25), k2 (Eq. 5.26), KA, KC, and KD. The constants obtained by this method, along with their
corresponding errors, are given in Table 5.7. The individual concentration profiles are given in
Figure 5.16, Figure 5.17, and Figure 5.18.

Table 5.7: Rate constants using LMS method and Data Fitting for 0.6 kLa,
25°C and 10 wt% catalyst loading
Constant

Units

Error

k1

0.79

1/min

±2.8 X 10-4

KA

1.4 X 1013

L/mol

± 32

k2

5.5 X 1010

1/min

± 20

KC

19.7

L/mol

± 0.34

KD

2.0 x 1012

L/mol

± 24
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It can be clearly seen that [𝐾𝐴 𝐶𝐴𝑙 𝐾𝐴 𝐶𝐴 + 𝐾𝐷 𝐶𝐷 𝐾𝐷 𝐶𝐷𝑙 ] ≫ 1 (max CA,D = 0.010 mol/L),
indicating that the catalyst is saturated by liquid phase substrate. In Figure 5.16, the concentration
profiles are plotted for 10 wt% catalysts loading. Nitroaromatic [A], plotted in (a), shows that the
calculated concentration is in reasonable agreement with the measured value (by React IR,
Chemometrics and HPLC grab samples). This behavior is also observed in figure (b) for
hydroxylamine [C] and in figure (c) for aniline [D] concentration.
Similarly, the concentration profiles for 5.0 and 2.5 wt% catalysts loading are plotted in
Figure 5.17 and Figure 5.18, respectively, using the rate constants obtained in Table 5.7. Similar to the
10 wt% catalyst loading, the measured and calculated concentrations for nitroaromatic [A],
hydroxylamine [C], and aniline [D] are in close agreement with each other.
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Figure 5.16: Concentration profiles for 10 wt% catalyst loading
a) Nitroaromatic concentration measured vs. calculated

b) Hydroxylamine concentration measured vs. calculated

c) Haloaminoaromatic concentration measured vs. calculated
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Figure 5.17: Concentration profiles for 5 wt% catalyst loading
a) Nitroaromatic concentration measured vs. calculated

b) Hydroxylamine concentration measured vs. calculated

c) Haloaminoaromatic concentration measured vs. calculated
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Figure 5.18: Concentration profiles for 2.5 wt% catalyst loading
a) Nitroaromatic concentration measured vs. calculated

b) Hydroxylamine concentration measured vs. calculated

c) Haloaminoaromatic concentration measured vs. calculated
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5.4.7

Catalyst Order using Kinetics Analysis
In order to confirm that these reactions are indeed first order in catalyst as shown previously,

we compare these three experiments using earlier rate law equations 5.22 – 5.24. The reaction
progress analysis technique as described by Kedia et al. [19] was used to describe the catalyst activity.
The overall reaction rate for reduction of halonitroaromatic [A] to haloaminoaromatic [D] can be related
to the rates of reaction of A and D according to Eq. 5.36:

𝑚𝑜𝑙
𝑅𝐴 (
) = −𝑟𝐻 = −𝑟𝐴 + 𝑟𝐷
𝐿 𝑚𝑖𝑛

[5. 43]

where 𝑟𝐴 , 𝑟𝐷 , and 𝑟𝐻 are obtained from equations 5.22, 5.24 and 5.36, respectively.
A plot of concentration of nitroaromatic vs. the overall rate (RA) is shown in Figure 5.19. It can
be seen that, as the nitroaromatic concentration decreases, the rate of the reaction does not change;
i.e., it is constant for a major part of the reaction (90%). From Figure 5.19, it can be said that saturation
kinetics is observed for the most part of the reaction, i.e., zero order with respect to [A] from the
commencement of the reaction, up to 90% [A] is consumed. Then, there is a small transient behavior
observed, before the reaction rate becomes first order in [A] toward the end.
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Figure 5.19: Overall Reaction rate vs. Nitroaromatic Concentration [A]
The overall rate of reaction [RA], is divided by catalyst concentration [cat] to normalize the

RA/[cat] (1/min)

reaction rate with respect to the catalyst, and it is plotted in Figure 5.20.

2.0
1.8
10 wt%
1.6
5 wt%
1.4
1.2
2.5wt%
1.0
0.8
0.6
0.4
0.2
0.0
0.000 0.002 0.004 0.006 0.008 0.010 0.012
conc [A] {mol/L}
Figure 5.20: Normalized rate vs. [A]
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From these results, it can be concluded that:
a)

As seen from Figure 5.19, the reaction was indeed first order in catalyst concentration, when
the catalyst concentration was doubled, the reaction rate also doubled.

b)

In addition, it can also be seen that, when the overall reaction rate was normalized with the
catalyst concentration from Figure 5.20, all the three reactions overlay each other. If the
reactions were not first order in catalyst, this behavior would not have been observed. The
total number of active sites, as seen from mass balance (Eq. 5.15), has to be constant for them
to overlay, i.e., the number of active sites/gm-catalyst have to be the same for all three
experiments, as the concentrations of [A], [C], and [D] are the same in these reactions. Thus,
it can be concluded that the catalyst is not poisoned, or inhibited with substrates or product,
during the course of the reaction. If the catalyst sites were poisoned or it lost its active sites
(due to binding of various species), the reaction rate would be different for all three
experiments; and when the normalized reaction rate with respect to catalyst was plotted, the
rates would not overlay each other.
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5.5

Conclusions
This chapter elucidates the dominant pathway for the desired reaction, to establish a kinetic

model. Results proved that the dominant pathway for the generic reaction schematic, as shown in
Figure 5.1, was the reduction of nitroaromatic to hydroxylamine and, then, the hydrogenolysis of
hydroxylamine to aniline. This mechanistic pathway was then utilized to postulate a kinetic model,
considering the various kinetic reactions: gas-liquid mass transfer and liquid-solid mass transfer that
need to take place during such heterogeneous catalysis.
In addition, the postulated kinetic rate model, based on several calculations and by kinetic
measurement, established that intrinsic kinetics rather than gas-liquid or liquid-solid mass transfer
resistances limited the reaction rate. Furthermore, results show that the reaction behaves first order in
both the hydrogen concentration (i.e., partial pressure of hydrogen in the reactor headspace) as well as
the catalyst concentration. A new methodology to test catalyst robustness (i.e., catalyst poisoning,
inhibition, or degradation) was established, using reaction progress analysis, which showed that the
given catalyst was robust for the given reaction conditions. Rate constants obtained from reaction data
sets were used to validate catalyst robustness, by normalizing the reaction rate w.r.t. catalysts. Later
Chapters will discuss the control mechanism for hydroxylamine and the impurity [I] formation.
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6 CHAPTER 6: CONTROL OF HYDROXYLAMINE AND
DES-F IMPURITY
6.1

Background
Catalytic hydrogenation of nitroaromatic proceeds through intermediate formation, such as

hydroxylamine, which further reduces to its corresponding aniline. Accumulating intermediates, i.e.,
hydroxylamine, can undergo side reactions that result in lower selectivity to the aniline. It is well known
that hydroxylamine disproportionates exothermically [1, 2, 3, 4], leading to the formation of azo- and
azoxybenzene, reactions which are not limited by the mass transfer rate of hydrogen and, therefore,
cannot be stopped by slowing the mass transfer rate of hydrogen. An explosion occurred during the
catalytic reduction of chloronitrobenzene, which was attributed to runaway decomposition initiated by
exothermic disproportionation of the hydroxylamine intermediate [5]. Therefore, to scale up an
intrinsically safe process, it is critical to understand and control the accumulation of these intermediates
in the process. Furthermore, they are often carcinogenic and allergenic, therefore, hazardous in the
event of an incomplete reaction [6]. Hydroxylamines can also undergo condensation with the nitroso
compound, leading to the formation of colored azo- or azoxy- by-products, which are detrimental to the
product quality. Clearly, for these reasons, the accumulation of hydroxylamine should be minimized.
Various methodologies, such as adding a co-catalyst, as proposed by Studer et al. [7], may accelerate
the rate of hydroxylamine disproportionation. Another approach proposed by Birckenstock et al. [8] is
to use a semi-batch or continuous process in order to minimize the accumulation of hydroxylamine.
However, this is often not possible in pharmaceutical manufacturing plants, which prefers to use
flexible equipment to run multi-purpose batch processes. In addition, the current literature does not
provide information on the rates of formation of hydroxylamine under reaction conditions, as well as the
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impact of heat and mass transfer rates on the formation of such energetic intermediates. The primary
focus of this chapter is to illustrate a complete understanding of the reaction mechanism for a halonitroaromatic reduction to halo aniline, which will further elucidate the effects of heat and mass transfer
rates on the formation of various intermediate species, including the formation of hydroxylamine. The
maximum concentration of hydroxylamine accumulation for a safe scale-up of the process depends
upon the heat removal rate of the plant reactor; and, therefore, a control mechanism must be in place
in order to prevent a thermal runaway. For the current project, the maximum hydroxylamine
concentration that can be tolerated safely in the process should be < 70% area under curve (AUC) on
the HPLC analysis.
Another impurity of concern is the dehalogenated impurity formed during the reduction. Such
impurities are reported in the literature [9]; but, there is a lack of mechanistic understanding for its
formation. The rates of formation of such impurities are not well understood and could result in a batch
failure. For the current project, the maximum dehalogenated aniline that can be tolerated safely in the
process should be < 0.15% AUC.

6.2

Experimental Procedure
This section describes the equipment; materials and reagents; and procedure used for

estimating the kinetic and equilibrium rate constants.

6.2.1

Materials and Reagents
High purity hydrogen and nitrogen gas cylinders (purity of 99.999%) were purchased from

Airgas Co. and were connected to the reactor. Ethanol, methanol and high purity water were
purchased from Aldrich Chemical Company. Halo-nitroaromatic [A] was a GSK proprietary
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intermediate that was used for these experiments to reduce to aniline. Catalyst (10% Pd/C) was
purchased from Evonik Industries.

6.2.2

Equipment (100-mL Reactor)
The lab scale hydrogenator [10] described in Section 4.4 was used for these experiments. It

is equipped with fully automated temperature, pressure, and stirring control. The reactor was made
with hastelloy C-276, with a maximum reaction volume of 100-mL and total volume of 185-mL (total
liquid + headspace volume). See Figure 4.1 and Section 4.4 for more details. The reactor also had
capability to measure hydrogen gas-uptake directly, and was hooked-up with an Infrared high-pressure
detection instrument (ReactIR) for online spectra measurements. Offline High Pressure Liquid
Chromatography (HPLC) was used to aid and quantify ReactIR concentration profiles.

6.2.3

React IR
React IR (high-pressure infrared instrument a product of Mettler Toledo) was used to analyze

individual concentrations in real time for species [A] - nitroaromatic, [C] - hydroxylamine and [D] aniline. ReactIR is a Fourier Transform Infra-red (FTIR) spectroscopy based, high performance, in situ
reaction analysis system. React IR is used directly to measure the liquid phase concentrations during
hydrogenations. Refer to Section 5.3.3 for details.

6.2.4

Procedure
In a batch reactor (as shown in Figure 4.1), halo-nitro aromatic [A] was charged (5 grams)

along with 10-wt % Pd on C [11] (0.5 grams) catalyst, 22.4 mL of 200-proof ethanol, 24.1 mL of purified
water, and 3.1 mL of concentrated HCl. Concentrated HCl was added to dissolve the halo-nitro
aromatic in the reaction solution. The reactor was stirred for five minutes at 25°C to dissolve [A] into
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the solution. The reactor was then purged with nitrogen, followed by hydrogen, to evacuate the reactor
headspace from air and nitrogen, respectively. During the pressure purge cycle, the agitation rate was
set to zero. The reactor was then pressurized to 60-psig (4-barg) of H2 pressure, and then agitation
was started to allow the reaction to commence. The species concentrations were measured by HPLC
grab samples (every 10-30 mins) during the reaction; also, the reaction spectra was collected using the
mid-infrared React IR [12] instrument. The hydrogen uptake was directly measured based on the
pressure drop in the headspace of the reactor with time. The reaction was deemed complete once the
HPLC profile showed less than 0.20% area under curve (AUC) for residual [A] and greater than 98%
(AUC) for product [D]. Once the reaction was completed, the reactor was vented off and inerted once
again with nitrogen. The catalyst was then filtered off from the reaction solution, for further processing.
A set of experiments were run at different conditions In order to understand the impact of
temperature and mass transfer rates on the formation of hydroxylamine and des-F impurity as follows:
1. Mass transfer effects by varying the kLa between 0.10 – 0.60 (1/s), while keeping the
temperature (25°C), the pressure (5 bara of hydrogen gas in the headspace), the catalyst
loading (10 wt%) and the nitro aromatic concentration (0.0109 mol) constant.
2. Varying the temperature between 25 to 45°C, while keeping the kLa (0.15 1/s), the
pressure (5 bara of hydrogen gas in the headspace), the catalyst loading (10 wt%) and the
nitro aromatic concentration (0.0109 mol) constant.
3. Kinetic model was build using the data from the above set of experiments
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6.3

Results and Discussion
This section is divided into two parts: (a) the hydroxylamine formation and control, and (b) the

des-F impurity formation and control.

6.3.1

Hydroxylamine Formation
Hydroxylamine formation and control were analyzed by varying reaction conditions, including

mass transfer rates, temperature, and addition of additives, such as vanadium promoters, as described
herein.
6.3.1.1

Vanadium Promoters

In order to investigate the role of vanadium promoters, as described by Studer et al. [13], to
reduce the maximum accumulation of the hydroxylamine formed during such nitro reductions, reactions
were run using vanadium pentoxide and vanadium trichloride as additives. These reactions were run
at 25°C with 10-wt percentage catalyst and 0.15 kLa (1/s), and compared to the standard reaction with
no additives. Refer to Table 6.1 for the effect of vanadium promoters on the concentration of
hydroxylamine formation.
Table 6.1: Vanadium promoters for the hydrogenations

Although a slight decrease in the formation of the hydroxylamine was observed for the
reactions with vanadium additives, the overall reduction in the hydroxylamine was not found, as
reported by Studer et al. [7]. One of the potential causes could be due to the varying amount of the
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unsupported vanadium modifier on the catalyst surface; neither reduced the hydroxylamine
accumulation nor deactivated the catalyst significantly. A wider screen of catalyst-vanadium modifier is
required to find the optimum combination in order to reduce the hydroxylamine accumulation.
However, the catalyst was chosen earlier in the screen due to its availability on a commercial scale.
6.3.1.2

Mass Transfer Effect

Hydroxylamines are highly energetic intermediates formed during the nitro reduction. The
hydroxylamine concentration was required to maintain AUC < 70% in the reaction mixture, due to its
high thermal decomposition energy of 487-kJ/mol, and due to the limited heat removal rates of the pilot
plant reactors. Although the overall reaction is kinetically limited (at a kLa of 0.15 1/s and above), as
shown in Chapter 5 (Figure 5.8), the rate of intermediate formation (hydroxylamine) and by-products
(des-F impurity) are not well understood. In order to understand the rate of formation of intermediate
species with respect to mass transfer rates, several reactions were run varying gas-liquid mass transfer
coefficient (kLa), keeping temperature (25°C) and catalyst loading (10-wt %) constant for these
experiments. Refer to Figure 6.1 for details of hydroxylamine formation (as seen by React IR) at
various mass transfer coefficients (kLa).
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Figure 6.1: Hydroxylamine concentration vs. time at various kLa values (25°C and 10-wt % catalyst
loading)

As can be seen from Figure 6.1, the rate of formation of the hydroxylamine [C], increases
rapidly with increases in kLa from 0.10 to 0.60 (1/s), indicative of mass transfer control regime at 25°C.
The amount of accumulation of [C] also increases with the increase in kLa; as the hydrogen transfer
rate in the liquid increases, more and more of nitro aromatic is converted to hydroxylamine. Thus, the
rate of nitro reduction to hydroxylamine can be said to be mass transfer limited at all kLa studied.
Based on the accumulation of hydroxylamine, the mass transfer coefficient of 0.25 (1/s) kLa or less is
desired for maintaining the concentration of hydroxylamine to ≤ 70% for a safe process scale-up as,
described earlier.
6.3.1.3

Temperature Effects

In order to understand the formation of hydroxylamine with respect to reaction temperature,
several reactions were run varying the temperature from 25°C to 45°C, keeping mass transfer rate of
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0.15 (1/s) and catalyst loading (10-wt %) constant for these experiments. Figure 6.2 shows the
concentration profile (as seen by React IR) for nitro reduction at 25°C. From the profile, it can be seen
that the nitro aromatic is reduced to hydroxylamine, which, in turn, upon hydrolysis reduces to the
corresponding aniline. Also, the reaction profiles reveal that the nitro is completely depleted prior to the
end of the reaction, and the rate-limiting step of the reaction is the hydrogenolysis of the hydroxylamine
to its corresponding aniline. The kinetic model as shown below was also in agreement with the
React IR data, with a maximum 10% deviation. The rate constants are shown in Table 6.2 for various
kLa [0.15 kLa (1/s)]. See Section 6.3.1.4 on Kinetic Modeling for details.
Figure 6.3 shows no accumulation of the hydroxylamine in the reaction system, as observed by
React IR, at a reaction temperature of 35°C. The rate of aromatic nitro reduction is directly
proportional to the rate of formation of its corresponding aniline. Hence, one can postulate that the
rates of formation of hydroxylamine and reduction of hydroxylamine are equal at these temperatures;
additionally, no appreciable accumulation was observed in the reaction media by HPLC. In addition, it
can be seen that the reaction kinetic and the mass transfer rate model, described in Chapter 5, are in
good agreement with the experimental data, with a maximum deviation of 10%. These results are
verified by HPLC samples, and the maximum hydroxylamine concentration observed was < 2% AUC.
A similar result (no accumulation of hydroxylamine) was obtained at 45°C.
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Figure 6.2: Concentration profile at 0.15 (1/s) kLa, 25°C and 10 wt% catalyst loading

As it can be observed from the reaction profile that there is a shift in rate limiting step from
25°C to 35°C and higher. For the reaction that is run at 25°C the rate limiting step was the
hydrogenolysis of hydroxylamine to its respective aniline, whereas, for the reaction that was run at
35°C or higher, the rate limiting step appears to be the nitro aromatic reduction (as no appreciable
amounts of hydroxylamine is observed in the reaction mixture). This will be further evaluated under the
kinetic modeling section below.
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Figure 6.3: Concentration profile at 0.15 (1/s) kLa, 35°C, and 10 wt% catalyst loading

6.3.1.4

Kinetic Modeling

In order to establish the relationships between the rate of hydroxylamine formation and the
effects of temperature and kLa, several reactions were run and a reaction rate model was postulated
below. This section is divided into two sub-sections: the mass transfer effects and the temperature
effects on the hydroxylamine formation.
6.3.1.4.1

Mass Transfer Effect on Hydroxylamine Formation

In order to obtain the apparent reaction rate constants 𝑘1 𝑎𝑛𝑑 𝑘2 (as defined in Table 5.1) for
kinetic controlled regime and in and Table 5.2 for mass transfer controlled regime, a set of four
experiments varying kLa were run (0.10, 0.15, 0.25 & 0.60 1/s). Chapter 5 has already shown that the
overall rate for reactions performed at or above 0.15 (1/s) kLa was kinetically limited, and the reaction
that was run at 0.1 (1/s) kLa was mass transfer limited process limited. The adsorption/de-sorption
coefficients; KA for [A], KC for [C] and KD for [D] were kept constant (as defined in Table 5.7). All these
experiments were run at 10.0 wt% catalyst loading, 4 barg H2 reactor headspace pressure, and 25°C
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batch temperature. These set of experiments yielded 12 known concentrations as a function of time
plots (each experiment with three reacting species [A], [C], and [D]), and two unknown rate constants
(𝑘1 𝑎𝑛𝑑 𝑘2 as defined in Table 5.1 and Table 5.2). Albeit the global reaction rate was in the kinetically
controlled regime for kLa values at and above 0.15 1/s, the rates of formation and disappearance of
hydroxylamine may still vary as function of kLa, i.e. 𝑘1 𝑎𝑛𝑑 𝑘2 = 𝑓(𝑘𝐿 𝑎). It was possible to regress
the measured concentrations of the individual species with the appropriate rate law equations
(Equations 5.22 for [A], 5.23 for [C], and 5.24 for [D]) simultaneously, to fit these unknown rates
constants using the Least Mean Square method (as described in Equation 5.41). This was done using
the solver function in MS Excel, and calculating the concentration at time t2 with known concentration of
the species (i.e., [A]) at time t1. Solver is used to fit these rate constants simultaneously across all four
data sets, by regressing the measured concentration at various time intervals (t), such that the error, as
defined in Equation 5.42, is minimized.
Thus, by solving the above three Equations 5.22, 5.23, and 5.24, simultaneously, for three
different kLa experiments (0.15-0.60 1/s), we obtain the two unknown rate constants: 𝑘1 and 𝑘2 (for
kinetic limited regime). Similarly, Equations 5.33, 5.34 and 5.35 were regressed for 𝑘1 and 𝑘2 (for
mass transfer limited regime) for a kLa value of 0.10 1/s. The constants obtained by this method, along
with their corresponding errors, are given in Table 6.2. The individual concentration profiles are given
in Figure 6.4 through Figure 6.7 For all higher kLa values the reactions are kinetically controlled. The
values of adsorption rate constants KA, KC and KD are taken from the results shown in Table 5.1.
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Figure 6.4: Concentration profiles for 0.60 kLa (1/s)
a) Nitroaromatic concentration measured vs. calculated

b) Hydroxylamine concentration measured vs. calculated

c) Aniline concentration measured vs. calculated
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Figure 6.5: Concentration profiles for 0.25 kLa (1/s)
a) Nitroaromatic concentration measured vs. calculated

b) Hydroxylamine concentration measured vs. calculated

c) Aniline concentration measured vs. calculated
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Figure 6.6: Concentration profiles for 0.15 kLa (1/s)
a) Nitroaromatic concentration measured vs. calculated

b) Hydroxylamine concentration measured vs. calculated

c) Aniline concentration measured vs. calculated
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Figure 6.7: Concentration profiles for 0.10 kLa (1/s)
a) Nitroaromatic concentration measured vs. calculated

b) Hydroxylamine concentration measured vs. calculated

c) Aniline concentration measured vs. calculated
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Table 6.2: Rate Constants using LMS method and Data Fitting a 25°C

From Table 6.2 it is observed that the apparent rate constants 𝑘1 is a function of kLa, i.e., as
kLa decreases, the apparent '𝑘1 " decreases (see Figure 6.8). This concurs with the finding described
under Figure 6.1, that the nitro aromatic reduction is entirely influenced by the mass transfer rate of
hydrogen across the gas-liquid interface. The error (in Table 6.2) is calculated as the mean difference
between the values obtained from three individual experiments run under identical reaction conditions.
The apparent rate constants (𝑘1 and 𝑘2 ) are products of intrinsic rate constants (𝑘𝑎 and 𝑘𝑐 ) and the
K 𝐶𝐻𝑙

hydrogen constant term (1+K𝐻

𝐻 𝐶𝐻𝑙

) for the kinetic limited regime (Table 5.1) for 𝑘𝐿 𝑎 between 0.15 and

0.60 1/s, where 𝐶𝐻𝑙 = 𝐶𝐻𝑔 f (P, T). Similarly, the apparent rate constants (𝑘1 and 𝑘2 ) are products
of rate constants (𝐺1′ and 𝐺2′ ) and the mass transfer coefficient 𝑘𝐿 𝑎, for the mass transfer limited
process (Table 5.2) at 0.10 1/s 𝑘𝐿 𝑎. Thus, it can be concluded (from Figure 6.8) that the rate of nitro
reduction to hydroxylamine can also be said to be mass transfer limited at all kLa studied due to linear
relationship with 𝑘𝐿 𝑎
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Figure 6.8: Apparent rate constant 𝑘1 vs. kLa at 25°C

In addition, from the Table 6.2 it is observed that the apparent rate constant 𝑘2 for
hydrogenolysis of hydroxylamine to its respective aniline, is nearly constant for kLa values from 0.15 0.60 1/s. However, the 𝑘2 value increases sharply at kLa of 0.10 1/s. See Figure 6.9 for the
corresponding plot. As described earlier, the intrinsic rate constant (𝑘𝑐 ) should be a constant (for both
mass transfer and intrinsic kinetic limited regimes). However, it is seen from Figure 6.9 that there is no
effect of increase in kLa (from 9 - 36 1/min) on 𝑘2 values, but, at a kLa value of 6 (1/min), 𝑘2 increases
dramatically. When this intrinsic rate constant 𝑘𝑐 (at kLa (1/min) = 6) is normalized (𝑘𝑐 = 𝑘2 /𝑘𝐿 𝑎),
then the intrinsic rate constant (𝑘𝑐 ) remains nearly constant across the kLa ranges examined (6 - 36
1/min). See Figure 6.10 for details. We can summarize the kinetic findings at 25°C below:
1) The nitro aromatic reduction to hydroxylamine is limited by mass transfer at all measured
kLa values between 6 - 36 1/min.
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2) The hydrogenolysis of hydroxylamine is limited by mass transfer rate only for a kLa value of
6 1/min and below.
3) The overall rate limiting step is the hydrogenolysis of the hydroxylamine to its respective
aniline (k2 KC << k1 KA) at 25°C for kLa ranges between 9 – 36 1/min.
4) The overall rate limiting step for a kLa value of 6 1/min, is the reduction of nitro aromatic
(mass transfer limited) as k2 KC >> k1 KA at 25°C
To understand the temperature effect on the intermediate steps, a set of temperature
experiments were also run.

Figure 6.9: Apparent rate constant 'k2' vs. kLa at 25°C
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Figure 6.10: Apparent intrinsic rate constant 𝑘2′ vs. kLa at 25°C.

6.3.1.4.2

Temperature Effects on Hydroxylamine Formation

In order to calculate the activation energies and the apparent rate constants, three different
sets of experiments, varying kLa and temperatures were run. Mass transfer coefficients of 0.10, 0.15,
and 0.60 (1/s) were selected, and for each selected kLa, three experiments were run at 25°C, 35°C,
and 45°C, respectively, to obtain activation energy values at those agitation rates. From Figure 6.3 it
can be observed that there was no hydroxylamine detected or accumulated in the reactor at a
temperature ≥ 35°C (at 0.15 1/s), hence, the rate of formation of aniline now equals the rate of
disappearance of nitro aromatic [A] (rD = rA). A similar trend was observed for all kLa ranges evaluated
between 0.10 to 0.60 1/s (no hydroxylamine observed at a temperature ≥ 35°C).
In order to obtain the apparent reaction rate constant (k1) [as defined in Equation 5.22; three
sets of experiments varying the temperature between 25-45°C for the kLa of 0.10, 0.15 and at 0.60 1/s,

156

were executed. The activation energies [Ea] and the pre-exponential factor (A) were also calculated
and compared to the data obtained in Section 5.4.4 and in Table 5.6. The adsorption/de-sorption
coefficients; KA for [A], KC for [C] and KD for [D] were kept constant (as defined in Table 5.7). All these
experiments were run at 10.0 wt% catalyst loading and at 4 barg H2 reactor headspace pressure.
These set of experiments yielded three known concentrations (for nitro reduction) as a function of time
plots, and three unknown rate constants (k1 for various kLa's). It was possible to regress the measured
concentrations of the individual species with the appropriate rate law equations (Equations 5.22 for [A]
and rD = rA), to fit these unknown rates constants using the Least Mean Square method (as described
in Equation 5.41). This was computed by using solver function in MS Excel, and calculating the
concentration at time t2 with known concentration of the species (i.e., [A]) at time t1. Solver is used to fit
these rate constants simultaneously across all three data sets, by regressing the measured
concentration at various time intervals (t), such that the error, as defined in Equation 5.42, is minimized.
Thus, by solving the Equations 5.22, simultaneously, for three different temperature experiments (for
each set of kLa), we obtain the unknown rate constant: k1. A plot and data for the constants obtained
by this method are given in Figure 6.12 and Table 6.3, respectively. From the plot it can be seen that
the apparent rate constant 'k1' increases with the increase in temperature at all kLa values studied. The
activation energy was calculated by plotting Ln (k) vs. 1/T, and is given in equation 5.40 and plotted in
Figure 6.13. The activation energies obtained are compared to the overall activation energies obtained
using the hydrogen uptake rate as shown in Table 5.6, and found to be in agreement with a maximum
deviation of 14% as shown in Table 6.3. This validates the findings in Chapter 5 for the rate limiting
steps and the activation energies obtained via hydrogen uptake method. It also validates the findings
that at higher temperatures (≥35°C) there is no hydroxylamine formed as k1 = 0 (similar activation
energies obtained for k1 when compared to H2 uptake rate). Thus, for the overall reaction it can be said
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that the gas-liquid mass transfer rate controls the regime below 0.15 (1/s) kLa and the reaction is
kinetically controlled above a kLa of 0.15 (1/s) as summarized in Section 6.3.1.5.

Table 6.3: Apparent rate constant 'k1' at various temperature and activation energies

Figure 6.12: Apparent rate constant 'k1' at various temperature
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Figure 6.13: Activation energy for k1 at various kLa's

6.3.1.5

Rate-Limiting Step

The rate of formation of hydroxylamine [C] increases rapidly with increase in kLa from 0.10 to
0.60 (1/s) at 25°C, indicative of mass transfer control regime as mentioned earlier; whereas, the rate of
consumption of hydroxylamine [C] increases rapidly with increase in temperature from 25°C to 45°C,
indicative of intrinsic kinetic control regime, as seen previously. Results show that the hydroxylamine is
only formed when reactions are run at 25°C or lower (see Figure 6.1); whereas, the nitro aromatic and
aniline products were observed at temperatures equal to and greater than 35°C (refer to Figure 6.2 and
Figure 6.3). Thus, experiments specify that the rate of consumption of hydroxylamine is a temperature
dependent phenomena, i.e., intrinsic kinetics; whereas, the rate of formation of hydroxylamine is a
mass transfer dependent phenomena.
These results proved to be a critical step towards understanding the reaction mechanism.
Also, for the reactions that were run at 25°C and between 0.15 to 0.60 (1/s) kLa, the hydrogenolysis
was found to be the rate-limiting step (hydroxylamine reduction to aniline), which is a kinetically limited
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phenomena (see Figure 6.14). Whereas, for the reactions that were run at 35°C and between 0.15 to
0.60 (1/s) kLa (see Figure 6.15), nitro reduction was found to be the rate-limiting step, i.e., mass
transfer limited phenomena. The reaction was found to be rate-limiting in nitro-reduction at all
temperatures (25-45°C) that were run at 010 kLa (1/s). Thus, it can be concluded that for reaction that
were run between a kLa of 0.15-0.60 1/s, hydrogenolysis of hydroxylamine controls the overall reaction
rate at 25°C; whereas, at 35°C or higher, the nitro reduction is the overall rate-limiting step in the
process. For reactions that were run at 0.10 1/s kLa, the nitro reduction is the overall rate-limiting step
at all temperatures (25-45°C). Therefore, it can be seen that the rate-limiting step is switched from
hydrogenolysis of the hydroxylamine (Figure 6.14) to the hydrogenation of nitrophenol (Figure 6.15) by
raising the reaction temperature from 25°C to 35°C (for a kLa of 0.15-0.60 1/s).
This was a critical finding, as most nitro reductions are perceived to be limited by the hydrogen
concentration alone, irrespective of the reaction temperature or the mass transfer rate. It is, therefore,
vital to understand the rate-limiting step of the process. In order to control the accumulation of
hydroxylamine in the reactor, the reaction can be run at a higher temperature for accelerating the rate
of hydrogenolysis to its corresponding aniline or at a lower mass transfer rate in order to match the
heat removal rate of the plant reactor which would prevent the thermal runaway. The overall conditions
would depend upon the desired selectivity and reactivity of the process.
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6.3.2

Des-F Formation
Dehalogenation during the reduction of halo nitroaromatic to halo aniline has been well known

in the literature. Kosak [9] studied the reduction of p-chloroaniline and suggested that the
dehalogenation is a function of reaction pressure and temperature. However, the operating conditions
would need to be optimized differently for each catalyst and substrate system, and Kosak
demonstrated no clear understanding of the mechanistic pathway for the formation of the
dehalogenated impurity. In order to understand the formation of des-F impurity, several experiments
were run varying temperature, mass transfer rates, and catalyst loading.

6.3.2.1

Mass Transfer Effect

In order to understand the effect of mass transfer on the formation of the dehalogenated
impurity, a reaction was run at 0.10 (1/s) kLa at 25°C, while keeping the catalyst loading at 10-wt
percentage. Concentrations of individual species were measured over time by HPLC; additionally, the
reaction profile was plotted using React IR spectra, measured every two minutes, as shown in
Figure 6.16.
The plot indicates that the rate of formation of the des-F impurity is directly proportional to the
rate of disappearance of the halo nitroaromatic compound. Once the halo nitroaromatic is completely
depleted from the reaction mixture, no further increase in des-F is observed, thereby confirming that
des-F is not formed from the halo aniline but originates either from the halo nitroaromatic or from the
de-halogenation of the intermediates, such as the hydroxylamine.
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Figure 6.16: Dehalogenation (des-F) impurity formation at 0.10 (1/s) kLa at 25°C and 10-wt % Cat.

To further de-convolute the mechanism for the formation of the des-F impurity, several
reactions were run, varying the gas-liquid mass transfer coefficients (kLa) and keeping the temperature
(25°C) and the catalyst loading (10-wt %) constant for these experiments. Refer to Figure 6.17 for
details of the des-F formation (as measured by HPLC analysis) for various mass transfer coefficients
(kLa). It can be seen that, as the rate of mass transfer coefficients (kLa) increases from 0.10 to 0.25
(1/s), the overall percent des-F formation decreases from 0.18% to 0.02%. At a kLa value of higher
than 0.25 (1/s), the des-F formation remains unchanged from a value of 0.02%. Note that the input
starting material contains a 0.02% of des-F nitro aromatic. However, as it can be seen in Figure 6.18
that the rate of des-F formation is independent on the kLa, thereby indicating apparent "first order"
behavior in [A]. The postulate rate law for des-F formation can be written as:

𝑚𝑜𝑙
𝑟𝑑𝑒𝑠−𝐹 (
) = 𝑘′8 [𝐴]
𝐿 𝑚𝑖𝑛

[6. 1]
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Where, k’8 = k8 [θH] = overall rate constant for des-F formation. See Figure 5.1 for details. It is
presumed that once des-F nitroaromatic is formed, it further hydrogenates at the same rate to form
des-F hydroxylamine (with rate constant k1), and des-F aniline [I] (with rate constant k2).
The calculated value for the rate constant (k’8) was found to be 2.3 X 10-7 (1/min). This rate
constant was used to calculate percent des-F formed for various kLa values assuming ‘first-order’
behavior in [A], and knowing des-F is only formed during the nitro reduction, is also plotted in
Figure 6.17. The plot validates the conclusions made, as the modeled data for des-F concentrations
are found to be in good agreement with the experimentally measured values with a maximum 10%
deviation.

Figure 6.17: Des-F formation vs. kLa at 25°C and 10-wt % catalyst loading

In addition, as seen in Figure 6.1, the rate and net accumulation of hydroxylamine
concentration increases with an increase in the overall mass transfer coefficients (kLa). This effect
indicates that the des-F formation is inversely proportional to the hydroxylamine formation, thereby,
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confirming that the des-F formation is a result of the reduction of the halo group during the halo nitro
reduction, and not the result of the dehalogenation of hydroxylamine. Therefore, the des-F formation
results from a competitive reaction between the nitro group and the fluorine atom on the molecule. The
faster the nitro is reduced to its corresponding hydroxylamine, the lower the amounts of the des-F
formation are seen in the reaction. Also, as concluded earlier, there is no des-F formation observed at
a kLa of 0.25 (1/s) and higher, nor after all of the nitro is converted to hydroxylamine or to its
corresponding aniline.

Figure 6.18: Rate of des-F impurity formation vs. time at 10 wt% cat and 25ºC

6.3.2.2

Catalyst Loading

In order to understand the catalyst loading effects on the formation of the dehalogenated
impurity, several reactions were run at 0.15 (1/s) kLa and at 25°C; varying the catalyst loading between
2.5 and 10-wt % loading. Concentrations of the individual species were measured over time by HPLC;
and, the reaction profile was plotted using React IR spectra, measured every two minutes, as shown in
Table 6.4.
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Table 6.4: Catalyst Loading vs. des-F Formation

Table 6.4 shows that as the catalyst loading decreases from 10-wt % to 2.5-wt %, the des-F
impurity increases from 0.08% to 0.26%. In addition, as the catalyst loading is decreased from 10-wt %
to 2.5-wt %, the rate of nitro reduction also decreases due to fewer available active sites, thereby,
resulting in lower overall reaction rate. Similarly, in a separate experiment, a reaction was run as
described above in absence of catalyst for five hours. During the course of the reaction, samples were
pulled to analyze the species concentration using HPLC; but, no des-F or reduction of nitro aromatic
was observed. The resultant conclusion is that the formation of des-F occurs during the competitive
reduction of the nitroaromatic.

6.3.2.3

Temperature Effects

In order to understand the temperature effect on the formation of the dehalogenated impurity,
several reactions were run at 0.15 (1/s) kLa, varying the temperature between 25°C and 45°C, and
keeping the catalyst loading of 10-wt percentage constant. Concentrations of the individual species
were measured over time by HPLC; and, the reaction profile was plotted using React IR spectra,
measured every two minutes, as seen in Figure 6.19 .
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Figure 6.19: Des-F formation vs. the temperature at 0.15 kLa (s-1) and 10-wt % catalyst loadings

The plot shows that the rate of formation of des-F increases linearly with temperature (25-45ºC
at 0.15 1/s kLa). The percent des-F was also calculated using Eq. 6.1. It can be observed from the
Figure 6.19 that the modeled data for des-F concentrations are found to be in good agreement with the
experimentally measured values with a maximum 10% deviation, for the temperature range under
investigation.
Also, from Figure 6.20 the activation energy of 36.4 kJ/mol is obtained for des-F formation. It
can be said that the des-F formation is a kinetically limited process based on Bartholomew et al. [14]
with an activation energy greater than 20 kJ/mol for a catalytic process.
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Figure 6.20: Activation energy plot for des-F formation

6.3.2.4

Des-F Impurity Postulation

From the des-F impurity formation experiments, the findings can be summarized as follows:
a) Initially the catalyst sites were pre-saturated with nitroaromatic due to the strong nitroaromatic
adsorption rate (very high KA compared to Kc).
b) At higher kLa values (≥ 0.25), no des-F was observed during the course of the reaction (refer to
Figure 6.17).
c)

At lower kLa values (≤ 0.20), des-F was found to increase in proportion to the rate of the
nitroaromatic reduction.

d) In addition, at lower catalyst loadings, higher amounts of des-F formation were observed; and in
the absence of the catalyst, no further des-F or nitroaromatic reduction took place in the reaction
mixture.
e) It was also noted that the des-F formation increases linearly with an increase in temperature from
25°C to 45°C.
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Therefore, it can be postulated that the dehalogenation takes place due to competitive
reduction between the nitroaromatic and the halo- functional group on the nitroaromatic ring. The
dehalogenation was only observed in the presence of the catalyst, because the catalyst lowers the
overall activation energy for the system. During the reaction, the nitro adsorbs onto the catalyst site,
and the hydrogen is adsorbed onto the adjacent site in order for the reduction to occur (single-site
model from the reaction kinetics chapter). If the reaction conditions are such that the rate of nitro
reduction is suppressed from the lack of hydrogen, then the halogen on nitroaromatic has time to react
with the dissolved hydrogen gas in the liquid phase and forms the dehalogenated impurity. The rate of
dehalogenation increases with the lower catalyst loadings and lower mass transfer rates (i.e., lower
adsorption of hydrogen onto the catalyst site available to reduce the nitro group), as well as, increasing
the reaction temperature.
Initially, due to the presence of the electron-withdrawing group on the aromatic ring, such as
the nitro-, it stabilizes the incipient negative charge developed on the aromatic ring during the
hydrogenolysis of carbon sp2-substituted halogen bond. Once the electron-withdrawing group is
reduced to the electron-rich group, such as the hydroxylamine, aniline, etc., then the rate of
hydrogenolysis of C-X (halogen) drops. A similar observation was cited by Moreau [15], where the rate
of hydrogenolysis of carbon sp2–substituted bond resulted due to the hydride ion attack onto the C-X.
The rate of hydrogenolysis was calculated by quantum chemical calculations and found to correlate
with the π-electron density charge on the carbon substituent. The hydrogenolysis rate was found to
increase with an increase in π-electron density on the carbon substituent (C-X). Refer to Figure 6.21
for des-F postulation.
Hence, it can be concluded that the de-halogenation results only during the presence of the
nitroaromatic group which stabilizes the negative charge on the aromatic ring. Once the nitro aromatic
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is consumed completely, the rate of hydrogenolysis of C-X bond drops, and no further dehalogenated
impurity is generated in the reaction mixture.
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Figure 6.21: Postulation of des-F formation

6.4

Conclusions
Hydroxylamine formation was found to be a mass transfer limited process, whereas, the

hydrogenolysis of hydroxylamine was found to be kinetically limited. In order to control the rate and the
maximum concentration of hydroxylamine in the reaction, both mass transfer rates and the desired
reaction temperature were required. A shift in the rate-limiting step was postulated for the mass
transfer limited process, which resulted in hydroxylamine formation as rate limiting, to a kinetically
limited process, which resulted in hydrogenolysis as the rate-limiting step. For the current example and
choice of the catalysts system, vanadium promoters were found to be ineffective in reducing the overall
accumulation of hydroxylamine in the reaction mixture. A detail kinetic model was also presented in
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order to understand and control the hydroxylamine formation with respect to both, the mass transfer
coefficient and the intrinsic kinetics.
Des-F impurity formation was found to be a function of both the mass transfer rate, as well as
the reaction temperature. The dehalogenated impurity was formed as a result of competitive reduction
between the nitroaromatic and the halo- functional group on the nitroaromatic ring during the mass
transfer limited process. The rate of dehalogenation was found to increase with lower catalyst loadings
or lower mass transfer rates (i.e., lower adsorption of hydrogen onto the catalyst site available to
reduce the nitro group), as well as with the increase in the reaction temperature. Initially, due to the
presence of the electron-withdrawing group on the aromatic ring, such as the nitro-, it stabilizes the
incipient negative charge developed on the aromatic ring during the hydrogenolysis of carbon
sp2-substituted halogen bond. Once the electron-withdrawing group was reduced to the electron-rich
group, such as the hydroxylamine, aniline, etc., then the rate of hydrogenolysis of C-X (halogen) drops.
It was found that the dehalogenated impurity only occurred in the presence of nitroaromatic, and it did
not increase during the hydrogenolysis of hydroxylamine or in the presence of aniline under the
reaction conditions. Both the temperature and mass transfer rates were critical in order to meet the
product specification for the des-F impurity. A kinetic model was also postulated in order to understand
and control the des-F formation with respect to both, the mass transfer coefficient and the intrinsic
kinetics.
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7 CHAPTER 7: SCALE-UP OF NITROAROMATIC AND
CATALYST ROBUSTNESS
7.1

Background
Hydrogenation of halonitroaromatic is a highly energetic process with a heat of reaction of

545-kJ/mol [1]. The reaction mechanism was found to proceed by the reduction of halonitroaromatic
to its corresponding hydroxylamine, which is a highly energetic intermediate that poses a safety
concern upon scale-up, followed by the hydrogenolysis of hydroxylamine to its corresponding halo
aniline. The formation of hydroxylamine was found to be both a function of both the reaction
temperature, as well as mass transfer rate of the hydrogen gas into the reaction solution. In addition,
another impurity was formed during such reaction: the dehalogenated aniline. It was also found to be a
function of reaction rate that needed to be controlled upon scale-up in order to meet the final product
specifications.
In order to establish the volumetric mass transfer coefficient for the pilot plant reactor, similar to
the lab process, the method described by Shah et al. [2] was utilized. The hydrogen gas is introduced
into the headspace of the batch reactor and, using surface aeration techniques such as agitation,
hydrogen is mixed with the liquid phase and reaches equilibrium over time. The rate at which the
hydrogen concentration reaches equilibrium with the liquid phase is directly proportional to the
volumetric mass transfer coefficient (kLa). The volumetric mass transfer coefficient depends upon
several factors, such as the liquid state properties, agitation rate and mechanism, pressure of the
system, and liquid volume (hydrogen solubility). By using a simple, non-reacting solvent system to
calculate kLa based on various agitation rates and liquid volumes in the plant reactor, the process could
be scaled up from lab to plant reactors by maintaining the reactions at similar kLa values.
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An explosion occurred during the catalytic reduction of chloronitrobenzene, which was
attributed to runaway decomposition initiated by exothermic disproportionation of the hydroxylamine
intermediate [3], and it has been accepted in recent years that such intermediates may cause
significant process hazards. In order to safely scale-up and prevent the thermal runaway during such
hydrogenations, the heat removal rate would be required to exceed the heats of reaction. Also, the
reaction profile for the intermediate species, along with the impurity, would require scaling up of both
the mass and heat transfer from lab to pilot scale in order to meet the desired specification.
Catalyst behavior is always in question during scale-up of any heterogeneous reaction and will
be evaluated. The catalyst is said to be robust when it has the same turnover frequency (TOF) as the
lab scale reactions during plant runs. External factors, such as plant operation, which can sometimes
cause the catalyst to perform differently from lab scale runs, will also be evaluated, as elucidated
earlier.
7.2

Experimental Setup
This section details in the pilot scale reactor used for scaling-up the nitroaromatic reaction. It

details in the procedure for measuring kLa values and scaling-up reactions from laboratory scale to pilot
scale using this information. A procedure for the scale-up reaction of nitroaromatic is also detailed
herein.
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7.2.1

Equipment
The plant scale hydrogenator was purchased from the Precision Stainless group in the USA. It

is equipped with fully automated temperature, pressure, and stirring control. The reactor was made
with hastelloy C-22, with a maximum reaction volume of 947-L and total volume of 1247-L (total liquid +
headspace volume). See Figure 7.1 for details. The batch reactor was fitted with a temperature gauge
(T), a pressure transducer (P), and a pitched blade turbine agitator (down-flow) with speed control (M).
Gas inlet and outlet (vent) valves for hydrogen and nitrogen, were located in the headspace of the
vessel. Syltherm was used as a heat transfer fluid in the jacket for temperature control. A three-way
automatic valve separates the hydrogen and nitrogen gas in the reactor headspace. The rupture disc
is set at 15-barg pressure in case of over pressurization. Both the hydrogen and the nitrogen cylinders
are hooked up to the gas regulators; and the regulators are manually adjusted at a rate slightly higher
than the desired reaction pressure. The total hydrogen uptake, as well as temperature difference
between the jacket and reactor, are recorded every few seconds in the control software.
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Figure 7.1: Pilot Plant Reactor Configuration

7.2.2

Materials and Reagents
The materials and reagents used for measuring the mass transfer coefficient and for scaling up

the reaction are given as follows:
7.2.2.1

Mass Transfer Coefficient Measurement (kLa)

High-purity hydrogen and nitrogen gas cylinders (purity of 99.999%), purchased from Airgas
Co.; were connected to the reactor. As most of the nitro reductions are carried out in water and/or
alcohol systems, methanol was chosen as the standardized solvent to conduct the mass transfer
studies due to its high dielectric values and hydrogen solubility [4]. Methanol was purchased from
Aldrich Chemical Company.

177

7.2.2.2

Reaction Scale-up

High-purity hydrogen and nitrogen gas cylinders (purity of 99.999%) purchased from Airgas
Inc., were connected to the pilot plant reactor. The starting material, nitroaromatic [A] in Figure 5.1, is
an advanced intermediate prepared by GlaxoSmithKline. Concentrated hydrochloric acid (HCl) was
purchased from Sigma-Aldrich Co., with an assay of 37% HCl. Solvents used for the process;
methanol, ethanol (200-proof) and distilled water were also purchased from Sigma-Aldrich company.
The catalyst (10% Pd/C) was purchased from Evonik Industries.

7.2.3

Procedure
This section describes in detail the procedure used for both measuring the kLa and scaling-up

the reaction to produce halo-aniline product in the pilot scale reactor.
7.2.3.1

Mass Transfer Coefficient (kLa) Measurement

Most of the industrial hydrogenations are conducted in polar protic solvents, such as water
and/or alcohols, i.e., methanol [5]. Polar protic solvents are solvents with high dielectric solvents which
have the ability to donate H-atoms and form strong hydrogen bonding. Methanol (400-L) was charged
to the reactor, and the batch temperature was adjusted to 25°C. Once the desired temperature was
reached, the reactor was inerted with nitrogen (agitation was turned off during the inertion process).
The reactor was then pressure purged twice with hydrogen to evacuate nitrogen from the headspace.
Subsequently, the reactor was pressurized again with hydrogen to 60 psig, and the inlet valve was
closed. Initial agitation was set to 80 RPM at t=0, and the pressure drop from the headspace was
measured as a function of time every two seconds. As the hydrogen was being absorbed into the liquid
phase, the total hydrogen uptake was calculated from the pressure drop in the headspace using the
ideal gas law. Several experiments were run (using virgin methanol for each experiment) while varying
agitation rates and maintaining a constant liquid level in order to get a correlation for kLa versus the
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agitation rate (rpm). The liquid level was calculated from the reaction volume to be run in the plant
vessel. By virtue of maintaining similar kLa values between the lab and the plant scale reactor, the
overall mass transfer rate can be kept constant.
7.2.3.2

Reaction Scale-up Procedure

In a batch reactor (as shown in Figure 7.1), halonitroaromatic [A] was charged (40-kg), along
with 10-wt% Pd on C [6] catalyst (4-kg), 179.2-L of 200-proof ethanol, 192.8-L of purified water, and
24.8-L of concentrated HCl. The reactor was stirred for 30 minutes at 25°C to dissolve [A] into the
solution. The reactor was then purged with nitrogen to evacuate the reactor headspace from air and
inert the reactor. Unlike the lab reactions, the reactor was not purged with hydrogen after the nitrogen
purge cycle but was maintained under 2-psig of nitrogen pressure in order to avoid the potential
runaway reaction. Secondly, the presence of small amounts of nitrogen prevents the reaction from
consuming the entire amount of hydrogen present in the headspace and creating an unsafe
environment by creating a vacuum. This was the normal safety procedure followed in the pilot plant for
such hydrogenation reactions. During the pressure purge cycle, the agitation rate was set to zero. The
reactor was then pressurized to 60-psig (4-barg) of H2 pressure, and then the agitation was started
(120 rpm or a kLa of 0.15 1/s) to allow the reaction to commence. During the scale-up of such
reactions, the kLa was kept constant (using methanol/hydrogen kLa, as described earlier) from lab to
pilot plant reactors. The hydrogen uptake was directly measured based on the pressure drop in the
headspace of the reactor with time. The species concentrations were measured by HPLC grab
samples (at 30 minute intervals and upon cessation of the hydrogen uptake) during the reaction. The
reaction was deemed complete once the HPLC profile showed < 0.20% area under curve (AUC) for
residual [A] and greater than 98% (AUC) for product [D]. Once the reaction was completed, the reactor
was vented off and inerted once again with nitrogen. The catalyst was then filtered off from the
reaction solution for further processing.
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7.2.3.3

Catalyst Characterization

Catalyst characterization of virgin and spent catalyst, was performed by using an Autosorb
automated gas sorption system (1-C), purchased from Quantachrome Instruments (as described in
Section 3.4.3). The Autosorb equipment consisted of a sample preparation area and an analysis
station. It was also connected to the helium, nitrogen, and hydrogen gas supply lines. The Autosorb
analysis station was also connected to a high-performance vacuum pump and a mass spectrometer for
off-gas analysis. The system was fully automated and was controlled by the computer system. See
Figure 3.3 and Figure 3.4 for schematic details of the system. By measuring physi- and chemisorption
for the catalyst, one can understand the differences in catalyst performances for the virgin and spent
catalysts (refer to Sections 3.4.3.1 and 3.4.3.2 for physisorption and chemisorption techniques,
respectively).
The Quantachrome Autosorb Automated Gas sorption system was also equipped with mass
spectrometry, for outlet gas analysis. The catalyst was loaded into the quartz tube and then dried
under helium atmosphere for six hours under vacuum, as the catalyst was water wet. The catalyst was
then reduced with hydrogen gas in order to determine the dispersion and crystallite size of Pd/C. Once
the reduction was complete, the catalyst was filtered off and dried under vacuum. The spent catalyst
was then analyzed (by various purging sequences with and without N2 atmosphere in the headspace),
along with a fresh catalyst (virgin).
7.3

Results and Discussion
This section details in the results for the kLa experiments and the reaction scale-up data in the

pilot plant reactor. Catalyst activity and performance will also be evaluated and compared with the lab
scale reactions. Finally, this section discusses the reaction performances along with any catalyst
inhibition observed on scale.
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7.3.1

Pilot Plant Reactor kLa Measurement
Hydrogen pressure drop from the headspace was measured as a function of time, and the data

was collected and stored in Delta V (pilot plant software) every two seconds. Figure 7.2 illustrates the
pressure drop in the headspace for the experiment run with 400-L methanol liquid level and at an initial
hydrogen pressure of 9-barg, when stirred at 110 rpm.

Figure 7.2: Pressure vs. Time for 400-L Methanol at 110 rpm

The overall volumetric mass transfer coefficient (kLa) was calculated as the slope of
Equation 4.9, and plotted in Figure 7.3. The right-hand side of Equation 4.9 is plotted on the y-axis,
with time on the x-axis. The slope of the plot gives the value of the overall volumetric mass transfer
coefficient (kLa). These experiments were replicated three times, and the kLa values were found to be
in close agreement with each other, as illustrated in Figure 7.4.
The overall volumetric mass transfer coefficient was plotted versus the rpm and was found to
be linear, as observed in Figure 7.4. This is a critical result as, due to the linearization of the plot, one
can calculate the rpm required to run the reaction at a desired kLa value. Similarly, the measurements
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were carried out at various agitation rates for 400-L methanol volume. For each measurement, a fresh
solvent (methanol) was charged and then degassed, as per the procedure stated earlier.

Figure 7.3: Estimation of kLa using Eq. 4.9

Figure 7.4: The Overall Volumetric Mass Transfer Coefficient vs. rpm (for 400-L MeOH fill level)
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7.3.2

Pilot Plant Reaction Scale-up Under N2 Atmosphere
Hydrogen uptake was measured as a function of time for the plant reaction and comparatively

for the lab reaction. Figure 7.5 illustrates the hydrogen uptake between the lab and plant scale
reaction. Results showed that the plant scale reaction was much slower compared to the lab reaction
at a similar mass transfer rate (kLa of ~0.15 1/s), reaction temperature (25°C), and the catalyst loading
(10-wt %). Since the reaction conditions and the mass transfer rate were similar between the lab and
plant scale reactions, the catalyst for the plant reaction was deemed inhibited by some external factors.
The reaction profile at the end of the reaction was higher in des-F content, at 0.18% (AUC), than the
specification (< 0.15% AUC). In order to scale the reaction in the pilot plant reactor successfully, the
des-F levels had to be maintained below 0.15% AUC. It was necessary to understand the catalyst
behavior at plant scale.

Figure 7.5: Pilot Plant and Lab Scale Reactions at 0.15 kLa (1/s)
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7.3.2.1

Understanding Catalyst Inhibition

Figure 7.5 illustrates that both the lab and plant runs had similar reaction rates for the first
three minutes, after which the plant reaction rate was almost half for the rest of the reaction. In
addition, the des-F impurity was higher than the specification and, thus, it was vital to understand the
cause for the catalyst inhibition. Comparisons between the two different kLa of 0.10 and 0.15 1/s
reactions in the lab were made to the plant run, as seen in Figure 7.6. During the start of the plant
reaction, the H2 uptake is similar for the first three minutes when compared to the lab reaction at the
same kLa of 0.15 (1/s). However, after the first three minutes of the reaction, it slowed to the point that
now the rate of the reaction became similar to the one obtained in the lab reaction that was run at 0.10
kLa (1/s).

Figure 7.6: Comparison of H2 Uptake Between the Lab and Plant Reactions

This change from a kinetic limited reaction (at 0.15 kLa) to the mass transfer limitation (at 0.10
kLa) as shown in Chapter 5, is indicative of catalyst poisoning or inhibition of some sort. In order to
identify this phenomenon, several reactions were run in the lab at kLa of 0.15 (1/s), 10-wt % catalyst
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loading, and at 25°C, but varying the hydrogen pressure, with and without nitrogen present in the
headspace. Refer to Table 7.1 for the experimental details.

Table 7.1: Reactions with Varying Amounts of H2 Pressure and With/without N2

The results clearly indicate the following conclusions:
1. The reaction rate decreases with the decrease in hydrogen pressure (with or without nitrogen
present); and
2. The des-F impurity increases with a decrease in the hydrogen pressure; however, the des-F
increases significantly in the presence of nitrogen in the headspace at the same hydrogen
pressure.
The results indicate that the presence of nitrogen in the headspace actually inhibits the
reaction rate at the same hydrogen pressure (refer to Figure 7.7). In order to comprehend the potential
of catalyst poisoning the catalyst would be further characterized.
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Figure 7.7: Reaction Rate vs. H2 Pressure (with/without N2 headspace)

7.3.2.2

Catalyst Characterization using Quantachrome Autosorb Instrument

In order to understand the catalyst inhibition as shown above, it was desired to characterize
the catalyst using physi- and chemisorption methods as discussed in Chapter 3, Section 3.4.3. The
spent catalyst was filtered and analyzed by physi- and chemisorption techniques, using Quantachrome
Autosorb automated gas sorption system [7] hooked to a mass spectrometer to measure off-gassing
from the catalyst, and compared to that of the virgin catalyst.
7.3.2.2.1

Physisorption Analysis

The purpose of physisorption was to determine the changes in the surface area and the total
pore volume for the virgin and the spent catalyst from the reaction media. The catalyst samples (virgin
and spent) were outgassed at 300°C for at least one hour before nitrogen physisorption measurements
were taken (as detailed in Section 3.4.3.1). The results for the surface area and total pore volume for
several lots of catalysts are summarized in Table 7.2.
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7.3.2.2.2

Chemisorption Analysis

The aim of chemisorption experiments is to determine the number of active sites present on a
given sample (as detailed in Section 3.4.3.2). Several lots of the catalyst were characterized, using this
technique, and were found to be identical with respect to metal dispersion, active surface area, and
crystallite size, as summarized in Table 7.2. Once the reaction was completed, the catalyst was retested. The catalyst was filtered and vacuum dried to remove any organic material. The spent catalyst
was then analyzed and compared to the fresh (virgin) catalyst, which indicated that the spent catalyst
gave the same percent metal dispersion of 2.5% Pd, along with crystallite size of ~454°A, compared to
the virgin catalyst, thus confirming that the catalyst did not lose its activity during the course of the
reaction.

Lot #

ASA

Table 7.2: Catalyst Characterization Results
Dispersion Avg. Cryst. Size
Multi-point BET

Total Pore

(m2/g)

(% D)

d (°A)

Surface Area (m2/g)

Volume (cm3/g)

1.10

2.46

454

854.9

0.7948

Spent cat 1

1.08

2.39

448

856.3

0.8113

Spent cat 2

1.10

2.52

451

852.8

0.8037

Spent cat 3

1.11

2.53

454

849.3

0.7868

Virgin
Catalyst

7.3.2.3

Mass Spectrometer Analysis

Mass spectrometry was used to measure the off gassing during the physi- and chemisorption
analysis, for both the virgin and the spent catalyst. For the reactions that were run under H2
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headspace (no partial N2 present), the virgin and the spent catalyst showed presence of three peaks in
the mass spec during the helium drying process; water vapor, oxygen and helium. However, for the
spent catalyst, which was run under a partial nitrogen atmosphere during the reaction, mass spec
analysis indicated presence of a couple of additional peaks during the helium drying cycle, as shown in
Figure 7.8. These two new peaks were later identified as carbon monoxide and carbon dioxide based
on the molecular weight obtained from the mass spec. These findings indicate the presence of small
amounts of CO in the nitrogen supply stream.

H2O off gassing
(MW - 18)

He off gassing
(MW - 4)

Ion Current [A]

CO off gassing
(MW - 28)
O2 off gassing
(MW - 32)

CO2 off gassing
(MW - 44)

Time (hrs)
Figure 7.8: Mass Spec Profile during Helium Drying for Spent Catalysts Run under N2 Atmosphere
Reaction Conditions

As the drying of the catalyst continued, the CO and CO2 peaks reached a maximum value and
then started to decrease after two hours; whereas, the water peak was still rising as the catalyst was
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over 50% water wet (w/w %). The catalyst was dried until the water peak started to decrease and
reached a low-level equilibrium.
A small sample of N2 from the supply tank was directly injected into the gas chromatography
(GC) instrument. The result illustrated in Figure 7.9 (a) showed a small peak after the nitrogen (large)
peak on the shoulder. In addition, a nitrogen sample from the ultra pure supply tank containing
99.999% pure nitrogen was also injected into the GC. This sample only indicated the presence of
nitrogen in the GC and did not have this small shoulder CO peak near the end (refer to Figure 7.9 (b)).
This indicated the presence of small amounts of CO in the N2 supply, which might have had a larger
impact on the observed reaction rate.
It can be postulated that when the reaction is run under slight N2 headspace, due to the
presence of small amounts of CO in the nitrogen stream, the CO adsorbs onto the catalyst and,
thereby, reduces the number of sites available for reaction. Also, from hydrogen pressure vs. the
reaction rate plot (Figure 7.7), it can be postulated that the rate of catalyst poisoning is first order w.r.t.
concentration of CO present in N2, thereby, reducing the total active site [𝜃∗ ] balance to Equation 7.1.
Where CCO is the concentration of CO (ppm) in the reactor headspace, Ki is the equilibrium rate
constant for species “I”; and [A], [C], and [D] are the species concentrations.
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N2 peak

a)

CO peak

b)

N2 from supply tank

N2 from ultra pure (99.999%) supply tank

N2 peak

a) sample indicates presence of small amounts of CO in the N2 supply;
b) sample indicates no CO in the ultra pure N2 injection below.
Figure 7.9: Gas Chromatography of Nitrogen Sample

[𝜃∗ ] =

1 − 𝐶𝐶𝑂
(1 + 𝐾 𝐴 [𝐶𝐴𝑙 ] + 𝐾𝐶 [𝐶𝐶𝑙 ] + 𝐾𝐷 [𝐶𝐷𝑙 ])

[7. 1]

To verify this claim, a series of experiments were run in the lab using a pre-mixed CO (50 and
100 ppm) in the nitrogen supply tank to purge the reactor. Initially, once all the materials were charged,
no H2 purge sequence was applied. The reactor was then pressurized to 4-barg of H2, and H2 uptake
measurements were collected as the reaction progressed (Refer to Table 7.3 for the reaction
conditions). As can be examined from the controlled reaction (with H2 purge sequence), the reaction
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rate decreases as the amount of CO increases from 50 to 100 ppm in the reactor headspace
(experiments 2 through 4). The reaction that was run with 1-bara (bar atmospheric) of ultra pure
nitrogen (no CO present) and 4-bara of hydrogen was found to be indistinguishable when compared to
the reaction that was run in the absence of nitrogen and 4-bara of hydrogen (experiments 1 and 5).

Table 7.3: Controlled Reaction vs. Reaction Rates

Experiments 2, 4, and 5 were plotted vs. the reaction rate, demonstrating a linear relationship
between the amounts of CO present in the nitrogen stream, as illustrated in Figure 7.10. Based on this
linear relationship, the carbon monoxide for the plant reaction was calculated to be ~ 83 ppm. The
suppliers for the lab and the plant N2 were the same and found to contain similar amounts of carbon
monoxide. In addition, it can also be observed that, at 125 ppm of CO, the reaction rate would reduce
to zero. To confirm this claim, a pre-mixed nitrogen cylinder with 125 ppm of CO was used to purge
the reaction mixture, and was run under 4-bar of H2 and 1 bar of N2 pressure (as shown in Table 7.3,
experiment 6). This reaction did not progress even after being for 4-hours under the reaction condition.
Since the use of ultra pure nitrogen is cost prohibitive on a plant scale, it was recommended that the
headspace be evacuated after the N2 purge with H2, prior to start of the reaction, in order to
successfully scale up the reaction and control the des-F impurity formation. In case of an emergency
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(i.e. thermal runaway reaction), the agitation could be stopped to prevent a thermal runaway, thereby,
maintaining a safe environment in the pilot plant reactors. This procedure was also demonstrated in
the lab reactor and shown to control the thermal runaway in case of an emergency.

Figure 7.10: Reaction Rate vs. Concentration of CO (ppm)

The Equation 7.1 is re-written as follows from the above experimental data to incorporate the
deactivation of catalyst as:
𝐶𝐶𝑂
125
[𝜃∗ ] =
(1 + K A [𝐶𝐴𝑙 ] + K C [𝐶𝐶𝑙 ] + K D [𝐶𝐷𝑙 ])
1−

[7. 2]

This equation shows that all the vacant sites are fully occupied by carbon monoxide at 125-ppm
concentration present in the headspace of the reactor, to shut-off the reaction completely.
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7.3.3

Pilot Plant Reaction Scale-up Under H2 Atmosphere
The procedure is followed as described in Section 7.3.2, with the exception of nitrogen present

in the headspace prior to the start of the reaction. The reactor was pressure purged with hydrogen, to
evacuate the nitrogen from the headspace, once all materials were charged and fully dissolved.
Two batches were manufactured using this procedure. The agitation was set to 123 rpm (with
a +/- 5 rpm variance). Hydrogen uptake was measured as a function of time for the plant reaction and
compared to that for the lab reaction. Figure 7.11 depicts the hydrogen uptake between the lab and
plant scale reaction. Results indicated that both of the reactions were identical. In addition, the
reaction rate for these reactions was similar when compared to the lab runs between a kLa of 0.15 and
0.25 1/s. The reaction profile at the end of the reaction was similar in des-F content at 0.08-.010%
(AUC) for the two batches and met the product specification of < 0.15% (AUC). This indicated that the
reaction inhibition was well understood, and the controls were put in place in order to safely scale-up
these hydrogenation reactions, producing good quality materials from lab to plant scale.

Figure 7.11: Reaction Rate for Lab and Plant Scale Reactions vs. Time
Plant runs 1 & 2 were run at a kLa value of ~0.20 (1/s)
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7.4

Conclusions
The reactions were scaled up into the pilot plant reactors by maintaining analogous kLa from

the lab scale based on a non-reactive methanol/hydrogen system as described in Chapter 4. Although
the reactions were scaled based on comparable kLa, the reaction rate was found to be much slower
than that of the lab reaction. Upon investigation, it was found that the issue was caused by the
presence of nitrogen headspace in the reactor, according to the plant safety procedures. Even though
nitrogen is considered to be an innocuous substance, it somehow resulted in catalyst inhibition issues.
Later results, discovered by physi- and chemisorption measurements, along with mass spectrometer
and gas chromatography instruments, indicated that the plant nitrogen contained small amounts of
carbon monoxide present in the nitrogen supply stream. From a series of controlled experiments,
using various amounts of CO present in the nitrogen supply stream (0, 50, 100 and 125 ppm), it was
illustrated that CO adsorbs onto the catalyst sites during the course of the reaction, thereby,
diminishing the reaction rate. In the absence of CO (by utilizing ultra pure nitrogen in the headspace),
the reaction rates were analogous to the one without nitrogen in the headspace. However, due to the
excessive cost of using ultra pure nitrogen for the plant reactions, the plant reactor was operated
without nitrogen in the headspace. The reactor agitation was shown to act as the safety control in the
plant reactor in case of a thermal runaway reaction. Finally, the pilot plant reactions were scaled up
safely and successfully under hydrogen atmosphere (no N2), producing good quality material required
for on-going clinical trials.
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8 CHAPTER 8: CONCLUSIONS AND RECOMMENDATIONS
8.1

Conclusions
Reduction of halo-nitroaromatic to halo-aniline is an industrially important reaction carried out

over a heterogeneous catalyst in a batch slurry reactor. One such reduction product, the halo-aniline,
is a key intermediate for the manufacture of an Active Pharmaceutical Ingredient (API) in late-stage
clinical trials. Such a reaction involves multiple intermediate steps [1]; but, the relationships between
intrinsic kinetics, mass transfer rate, and the mechanistic pathway are not well understood. This
research supports the probable mechanistic pathway the reaction takes by means of kinetic profiling.
In addition, results highlight the relationship between intrinsic kinetics and mass transfer rate, which
plays a vital role in understanding the mechanistic pathway. It also elucidates the formation and control
of the highly energetic intermediate - the hydroxylamine and the des-F impurity for safely scaling up the
desired reaction.
A set of forty-eight catalysts, varying in precious metal types (Pd, Pt, etc.), deposition types
(eggshell, uniform, etc.), percent metal loading (5%, 10%, etc.), and various metal combinations (i.e.,
mono vs. bi-metallic), were chosen to test the performance of these individual catalysts under the
reaction conditions to yield the desired selectivity and activity for the reaction. Catalysts were rapidly
evaluated using a high-throughput screening technique from a diverse group of 48 catalysts available,
down to a single catalyst. The selection criteria were based on the reactivity, selectivity and availability
of the catalyst for scale-up in the pilot facilities. The catalyst screening results showed that the
catalysts containing palladium metal were superior in terms of reactivity and selectivity of the reaction,
when compared to platinum or other bimetallic catalysts, which was in direct contradiction to the
published literature for such reactions [2]. One postulated theory could be that the acidic nature of the
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reaction solution resulted in this deviation from the norm [3]. The chosen catalyst (E101NE/W) was
classified as an eggshell catalyst by Evonik Ind., which was further characterized using Autosorb
equipment by chemisorption and physisorption techniques.
It was essential to develop and measure mass transfer rate for the reaction in lab scale
reactors, prior to scaling it up in the pilot and manufacturing facilities. An experimental technique was
utilized to calculate the overall mass transfer coefficient (kLa) as described by Shah et al. [4]. Also, as
most of the nitro reductions are carried out in a water and/or alcohol system, methanol was chosen as
the standardized non-reactive solvent to conduct the mass transfer studies, due to its high dielectric
values and hydrogen solubility [5]. The experimental method also gave a direct measurement of
hydrogen solubility in the solvent system, along with kLa values. The overall equilibrium concentration
of hydrogen in methanol was calculated and found to be 1.74 x 10 -2 mol/L with a standard deviation of
9.03 x 10-4 mol/L. The measured solubility was found to be in close agreement with literature values
[4], thereby, validating the methodology used. The overall volumetric mass transfer coefficient was
calculated and found to be a linear function with respect to reactor agitation rate, as seen in Chapter 4.
In addition, kLa was found to be a linear function of liquid level in the reactor. This is particularly useful,
as one can predict the kLa values for the desired liquid fill volume and rpm. For the given system, it
was found that kLa was constant over the pressure range, however, was found to decrease over
increase in temperature. This methodology was used to scale-up mass transfer coefficient from lab to
plant scale reactors.
In addition, for simple systems, the CST method is in agreement with the measured value of
hydrogen solubility in the solvent system, even for the systems which do not have readily available
Henry's constant data. Also, the hydrogen solubility in methanol was found to increase with increase in
temperature and pressure. With the degree of accuracy for hydrogen solubility, such data can be
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generated very quickly without the need to do experiments, and then can be verified in the lab for the
system of interest, thus saving process development timelines.
Chapter 5 elucidates the dominant pathway for the desired reaction, to establish a kinetic
model. Results proved that the dominant pathway for the generic reaction schematic, as shown in
Figure 5.1, was the reduction of nitroaromatic to hydroxylamine and, then, the hydrogenolysis of
hydroxylamine to aniline. This mechanistic pathway was then utilized to postulate a kinetic model,
considering the various kinetic reactions: gas-liquid mass transfer and liquid-solid mass transfer that
need to take place during such heterogeneous catalysis.
In addition, the postulated kinetic rate model, based on several calculations and by kinetic
measurement, established that intrinsic kinetics rather than gas-liquid or liquid-solid mass transfer
resistances limited the reaction rate. Furthermore, results show that the reaction behaves first order in
both the hydrogen concentration (i.e., partial pressure of hydrogen in the reactor headspace) as well as
the catalyst concentration. A new methodology to test catalyst robustness (i.e., catalyst poisoning,
inhibition, or degradation) was established, using reaction progress analysis, which showed that the
given catalyst was robust for the given reaction conditions. Rate constants obtained from reaction data
sets were used to validate catalyst robustness, by normalizing the reaction rate w.r.t. catalysts.
Hydroxylamine formation was found to be a mass transfer limited process, whereas, the
hydrogenolysis of hydroxylamine was found to be kinetically limited. In order to control the rate and the
maximum concentration of hydroxylamine in the reaction, both mass transfer rates and the desired
reaction temperature were required. A shift in the rate-limiting step was postulated for the mass
transfer limited process, which resulted in hydroxylamine formation as rate limiting, to a kinetically
limited process, which resulted in hydrogenolysis as the rate-limiting step. For the current example and
choice of the catalysts system, vanadium promoters were found to be ineffective in reducing the overall
accumulation of hydroxylamine in the reaction mixture.
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Des-F impurity formation was found to be a function of both the mass transfer rate, as well as
the reaction temperature. The dehalogenated impurity was formed as a result of competitive reduction
between the nitroaromatic and the halo- functional group on the nitroaromatic ring during the mass
transfer limited process. The rate of dehalogenation was found to increase with lower catalyst loadings
or lower mass transfer rates (i.e., lower adsorption of hydrogen onto the catalyst site available to
reduce the nitro group), as well as with the increase in the reaction temperature. Initially, due to the
presence of the electron-withdrawing group on the aromatic ring, such as the nitro-, it stabilizes the
incipient negative charge developed on the aromatic ring during the hydrogenolysis of carbon
sp2-substituted halogen bond. Once the electron-withdrawing group was reduced to the electron-rich
group, such as the hydroxylamine, aniline, etc., then the rate of hydrogenolysis of C-X (halogen) drops.
It was found that the dehalogenated impurity only occurred in the presence of nitroaromatic, and it did
not increase during the hydrogenolysis of hydroxylamine or in the presence of aniline under the
reaction conditions. Both the temperature and mass transfer rates were critical in order to meet the
product specification for the des-F impurity. A detail kinetic model was also presented for both the
hydroxylamine and the des-F formation, in order to understand and control the respective
concentrations with respect to both, the mass transfer coefficient and the intrinsic kinetics.
The reactions were scaled up into the pilot plant reactors by maintaining analogous kLa from
the lab scale based on a non-reactive methanol/hydrogen system as described in Chapter 4. Although
the reactions were scaled based on comparable kLa, the reaction rate was found to be much slower
than that of the lab reaction. Upon investigation, it was found that the issue was caused by the
presence of nitrogen headspace in the reactor, according to the plant safety procedures. Even though
nitrogen is considered to be an innocuous substance, it somehow resulted in catalyst inhibition issues.
Later results, discovered by physi- and chemisorption measurements, along with mass spectrometer
and gas chromatography instruments, indicated that the plant nitrogen contained small amounts of
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carbon monoxide present in the nitrogen supply stream. From a series of controlled experiments,
using various amounts of CO present in the nitrogen supply stream (0, 50, 100, and 125 ppm), it was
illustrated that CO adsorbs onto the catalyst sites during the course of the reaction, thereby,
diminishing the reaction rate. In the absence of CO (by utilizing ultra pure nitrogen in the headspace),
the reaction rates were analogous to the one without nitrogen in the headspace. However, due to the
excessive cost of using ultra pure nitrogen for the plant reactions, the plant reactor was operated
without nitrogen in the headspace. The reactor agitation was shown to act as the safety control in the
plant reactor in case of a thermal runaway reaction. Finally, the pilot plant reactions were scaled up
safely and successfully under hydrogen atmosphere (no N2), producing good quality material required
for on-going clinical trials.
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8.2

Future Recommendations
Although the corresponding states theory method predicts the hydrogen solubility within five

percent of the measured value, some fluids exhibit higher start deviation for hydrogen solubility
between the experimental and CST method. Higher deviations are generally caused by stronger
hydrogen bonding. Future work can explore equations of state based on the statistical associating fluid
theory (SAFT) in order to minimize the standard deviation between the measured and calculated
values.
New catalysts can be designed, which will be less prone to poisoning due to the presence of
small amounts of carbon monoxide found in the nitrogen stream in the plant environment. Thereby,
avoiding the catalyst inhibition that is caused during the course of the reaction, and providing
considerable plant savings in terms of cycle time, catalyst cost, batch deviations, as well as avoiding
higher costs of ultra purified nitrogen stream than would be required for the current catalyst system.
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9 APPENDIX
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9.1

Mass Transfer Coefficient (kLa)
The mass transfer rate (kLa) can be measured experimentally, as described by Shah et al. [1].

The experimental technique involves a batch reactor in which gas absorption in the liquid takes place
due to surface aeration. The liquid is added to the batch reactor, and the reactor is pressurized with
the gas (hydrogen) and sealed. Upon initiation of agitation in the reactor, the pressure in the reactor
headspace decreases with time because of the absorption of gas in the liquid phase. This decrease in
pressure with time allows the estimation of mass transfer rate and volumetric mass transfer coefficient
(kLa). The total pressure decrease, until equilibrium is reached, gives us the dissolved equilibrium
concentration (C*). The following assumptions were used by Shah to derive kLa and (C*) equations:
1.

In the pressure range of operation, the ideal gas assumption is valid.

2. Absorption of gas in the liquid phase can be described by Henry’s Law.
3. The temperature of gas and liquid are equal and constant.
4. While pressurizing the reactor with gas, there is no absorption of gas before the stirrer is
set in motion and aeration takes place.
5. The time required for the achievement of constant gas entrainment and gas holdup during
the start of the absorption is negligibly short compared to the absorption time required for
saturation.
6. The vapor pressure of the solvent is small compared to total system pressure (usually less
than five percent of the total pressure).
7. Mass transfer resistance in the gas phase is negligible.
8. The liquid in the reactor is well mixed and has a uniform concentration (CL) at any given
time.
With these assumptions, the equilibrium concentration (C*) can easily be obtained from the total uptake
of gas by the liquid and can be calculated by using the ideal gas law as follows:
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𝑃1 − 𝑃2 (psi) = (𝑛𝐺1 − 𝑛𝐺2 )

𝑅𝑇
𝑉𝐺

[9. 1]

where P denotes the system pressure, nG denotes the moles of hydrogen, VG is the molar gas volume
of hydrogen, R is the universal gas constant and T is the temperature. The initial and final conditions
are denoted by subscripts "1" and "2", respectively.
The drop in number of moles of hydrogen in the gas phase into the liquid phase is given by:
(𝑛𝐺1 − 𝑛𝐺2 )[𝑚𝑜𝑙𝑒𝑠] = 𝐶 ∗ 𝑉𝐿

[9. 2]

where VL denotes the liquid volume and C* is the equilibrium hydrogen concentration.
Re-arranging Equations 9.1 & 9.2 above gives us a way to measure equilibrium solubility of hydrogen:
𝑚𝑜𝑙
𝑉𝐺 1
𝐶∗ (
) = (𝑃1 − 𝑃2 )
𝐿
𝑉𝐿 𝑅𝑇

[9. 3]

The differential mass balance for hydrogen in the liquid phase during the adsorption process takes the
form
𝑑𝐶𝐿 𝑚𝑜𝑙
(
) = 𝑘𝐿 𝑎(𝐶 ∗ − 𝐶𝐿 )
𝑑𝑡 𝐿 ∗ 𝑚𝑖𝑛

[9. 4]

With CL = nL/VL moles in liquid volume, and using Henry’s Law (C*) = P/H, we get
𝑑𝑛𝐿 𝑚𝑜𝑙
𝑃 𝑛𝐿
(
) = 𝑉𝐿 𝑘𝐿 𝑎 ( − )
𝑑𝑡 𝑚𝑖𝑛
𝐻 𝑉𝐿

[9. 5]

A differential form of Equation 9.1 gas law can be used to relate pressure changes to liquid
concentration changes as:
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𝑑𝑃 𝑎𝑡𝑚
𝑅𝑇 𝑑𝑛𝐺
𝑅𝑇 𝑑𝑛𝐿
(
)= (
)= − (
)
𝑑𝑡 𝑚𝑖𝑛
𝑉𝐺 𝑑𝑡
𝑉𝐺 𝑑𝑡

[9. 6]

Equation 9.6 can be integrated to derive an expression for the time dependence of the total pressure P
as follows:

(𝑛𝐿 − 𝑛𝐿0 )[𝑚𝑜𝑙𝑒𝑠] =

𝑉𝐺
(𝑃1 − 𝑃)
𝑅𝑇

[9. 7]

where P and P1 are the pressures at time 't=t' and at t=0, respectively. The subscripts "L0" and "L"
denotes the moles of hydrogen at time 't=t' and at t=0, respectively.
Inserting Equations 9.6 and 9.7 into Eq. 9.5, we obtain
𝑑𝑃 atm
𝑅𝑇 𝑃
1 𝑉𝐺
𝑛𝐿0
(𝑃1 − 𝑃) −
(
) = −𝑘𝐿 𝑎 𝑉𝐿
[ −
]
𝑑𝑡 min
𝑉𝐺 𝐻 𝑉𝐿 𝑅𝑇
𝑉𝐿
Defining α = 𝑉𝐿

𝑅𝑇
𝐻 𝑉𝐺

and 𝑛𝐿0 = 𝑉𝐿

𝑃0
𝐻

[9. 8]

in the above equation we get

𝑑𝑃 𝑎𝑡𝑚
(
) = −𝑘𝐿 𝑎 [𝑃(α + 1) − 𝑃1 − αP0 ]
𝑑𝑡 𝑚𝑖𝑛

[9. 9]

We now define 𝑋 = {𝑃(α + 1) − 𝑃1 − αP0 } and {𝑑𝑃(α + 1) = dX} into Eq. 9.9 we get the
following equation:
𝑑𝑋
= −𝑘𝐿 𝑎(α + 1)𝑑𝑡
[𝑋]

[9. 10]

Integrating Eq. 9.10 results in the linearized equation below:
[𝑙𝑛𝑋] = [ −𝑘𝐿 𝑎(α + 1)𝑡]

[9. 11]

206

Applying the limit @ t=0, P=P1 we get
𝑃1 (α + 1) − 𝑃1 − αP0
𝑃1 (𝛼 + 1) − 𝑃1 − 𝛼𝑃0
𝑘𝐿 𝑎(α + 1)𝑡 = ln[
] = ln[
]
𝑃(α + 1) − 𝑃1 − αP0
𝑃(𝛼 + 1) − 𝑃1 + 𝑃0 − 𝑃0 − 𝛼𝑃0

𝑘𝐿 𝑎(𝛼 + 1)𝑡 = ln[

α(𝑃1 − P0 )
]
(𝑃 − 𝑃0 )(α + 1) − (𝑃1 − P0 )

[9. 12]

[9. 13]

From Henry’s law {𝑛𝐿 = 𝑃2 𝑉𝐿 /𝐻} and using Eq. 9.7 along with the definition of nL0, we get
𝑃2 𝑉𝐿 𝑉𝐿 𝑃0
𝑉𝐺
(𝑃1 − 𝑃2 )
(
−
)=
𝐻
𝐻
𝑅𝑇

And using the definition of α = 𝑉𝐿

[9. 14]

𝑅𝑇
𝐻 𝑉𝐺

yields

α (𝑃2 − 𝑃0 ) = (𝑃1 − 𝑃2 )

[9. 15]

Rearrange Eq. 9.15 to get α as follows:
α=

(𝑃1 − 𝑃2 )
(𝑃2 − 𝑃0 )

[9. 16]

Substituting this value of α into Eq. 9.13 results in the linearized equation below:

(𝑃1 − 𝑃2 )
𝑘𝐿 𝑎 (
+ 1) 𝑡 = ln[
(𝑃2 − 𝑃0 )

(𝑃1 − 𝑃2 )
(𝑃 − P0 )
(𝑃2 − 𝑃0 ) 1
]
(𝑃1 − 𝑃2 )
(𝑃 − 𝑃0 ) (
+ 1) − (𝑃1 − P0 )
(𝑃2 − 𝑃0 )
(𝑃1 − 𝑃2 )
(𝑃 − P0 )
(𝑃2 − 𝑃0 ) 1
]
(𝑃1 − 𝑃2 ) + 𝑃2 − 𝑃0
(𝑃 − 𝑃0 ) (
) − (𝑃1 − P0 )
(𝑃2 − 𝑃0 )

(𝑃1 − 𝑃2 ) + 𝑃2 − 𝑃0
𝑘𝐿 𝑎 (
) 𝑡 = ln[
(𝑃2 − 𝑃0 )
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(𝑃1 − 𝑃0 )
(𝑃 − P2 )
𝑃1 − 𝑃0
(𝑃2 − 𝑃0 ) 1
𝑘𝐿 𝑎 (
) 𝑡 = ln[
]
𝑃 −𝑃
𝑃2 − 𝑃0
(𝑃 − 𝑃0 ) ( 𝑃1 − 𝑃0 ) − (𝑃1 − P0 )
2

0

(𝑃1 − 𝑃0 )
(𝑃 − 𝑃2 )
𝑃1 − 𝑃0
(𝑃2 − 𝑃0 ) 1
𝑘𝐿 𝑎 (
) 𝑡 = ln[
]
𝑃 − 𝑃0
𝑃2 − 𝑃0
(𝑃1 − 𝑃0 )[(𝑃 − 𝑃 ) − 1]
2
0
(𝑃1 − 𝑃0 )
(𝑃 − 𝑃2 )
𝑃1 − 𝑃0
(𝑃2 − 𝑃0 ) 1
𝑘𝐿 𝑎 (
) 𝑡 = ln[
]
𝑃 − 𝑃0 − 𝑃2 + 𝑃0
𝑃2 − 𝑃0
(𝑃1 − 𝑃0 )[(
)]
𝑃2 − 𝑃0
The equation finally simplifies to the equation shown below:

[𝑘𝐿 𝑎] t =

(𝑃2 − 𝑃0 )
𝑃1 − 𝑃2
ln [
]
(𝑃1 − 𝑃0 )
𝑃 − 𝑃2

[9. 17]

where P1 & P2 are the initial and final pressures, respectively; P is the pressure of system at time t; and
P0 is the pre-saturation pressure (or vapor pressure of solvent at the system temperature). This vapor
pressure is usually very small, and can be neglected. The volumetric mass transfer rate (𝑘𝐿 𝑎) is
calculated from Eq. 9.17 by measuring the pressure drop of the system as a function of time.
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9.2

Hydrogen Gas Solubility based on Corresponding States Theory (CST)
Hydrogen solubility in simple and mixed solvent systems can be calculated as described by

Shaw [2] and Sebastian et al. [3]. Hydrogen gas solubility cannot be expressed by simple relationship,
such as Henry's Law, at temperatures and pressures above 298ºK and 0.10 MPa, or when one of the
components is supercritical, as described by Brandani and Prausnitz [4]. A hydrogen solubility
correlation, employing corresponding states theory (CST), was developed by Shaw, by equating the
fugacity of the dissolved hydrogen equal to fugacity of gas in equilibrium, calculated from an equation
of state as in Eq. 9.18.
𝑓′
𝑓
𝑃𝑉
[ ] = [ ] 𝑒𝑥𝑝 [ ]
𝑥
𝑥
𝑅𝑇

[9. 18]

where f and f' are the fugacities in the reference state and vapor phase, respectively; x is the mole
fraction of the solute; P is the hydrogen partial pressure; V is the molar volume; R is the universal gas
constant; and T is temperature.
An expression for the gas solubility, using CST, was obtained using the following assumptions:
1. Hydrogen solubility is primarily a function of the Tr (reduced temperature) of solvent.
2. The mole fraction of hydrogen in solvent is low, and the impact of hydrogen on Tc of liquid can
be neglected. The pseudo critical temperature of n-component mixtures can be established by
mixing rule proposed by Reid et al. [5] as given the form:

[𝑇𝑐] = [∑𝑛𝑖 𝑥𝑖 𝑇𝑐𝑖2 /𝑃𝑐𝑖 ] /[∑𝑛𝑖 𝑥𝑖 𝑇𝑐𝑖 /𝑃𝑐𝑖 ]

[9. 19]

where Tc is the critical temperature; Pc is the critical pressure; and x is the mole fraction of solute.
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3. The solute molecule occupies the free volume that is within the ensemble of larger solvent
molecules. The fluid free volume per mole of solvent is proportional to the molar volume and
inversely proportional to the fluid density. On a unit mass basis, free volume is inversely
proportional to the square of the density.
4. The concentration of dissolved hydrogen (C*) is given as:

[C ∗] = S (P) (

𝑚𝑜𝑙 𝑜𝑓 𝐻2
)
𝑘𝑔𝑠𝑜𝑙𝑣𝑒𝑛𝑡

[9. 20]

where S is the solubility coefficient and P is the hydrogen partial pressure.
The fugacity in the gas and liquid phases are equal for hydrogen; hence, we get:
𝑓′
𝑓
𝑓
[ ] – [ ] = [𝐶 ∗ ] 𝛾 [ ]
𝑃
𝑃
𝑃

[9. 21]

where γ is the activity coefficient
Shaw approximated the fugacity coefficient in the gas phase [f'/P] and in reference state [f/P],
using the Redlich-Kwong equation of state as:
𝑃′ 𝑉
𝑉 𝛺𝑎 𝑏 𝐹
=
𝑅𝑇
𝑉 − 𝑏 𝛺𝑏 (𝑉 + 𝑏)

[9. 22]

where P' = total pressure; 𝛺𝑎 = 0.42478; 𝛺𝑏 = 0.08664; b = ( 𝛺𝑏 R Tc / Pc ); and F = fugacity function,
which approaches zero asymptotically at higher temperatures.
Furthermore, the fugacity coefficients were calculated by Shaw as:
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𝑓′
𝑏𝑖
𝑉𝑚
(𝑍𝑚 − 1) − ln 𝑍𝑚 + ln[
ln [ ] ≅
]
𝑃
𝑏𝑚
𝑉𝑚 − 𝑏𝑚
− 2 ∑(1 − 𝐾𝑖𝑗 )𝑌𝑗

+

𝛺𝑎
𝑏𝑖
𝐹𝑚 [ ]
𝛺𝑏
𝑏𝑚

(𝑏𝑖 𝑏𝑗 𝐹𝑖 𝐹𝑗 )0.5
𝑉𝑚 + 𝑏𝑚
ln [
]
𝑏𝑚 𝐹𝑚
𝑉𝑚

𝑓
𝑉−𝑏
𝛺𝑎
𝑉+ 𝑏
𝑉
𝛺𝑎 𝑏𝐹
𝑉
ln [ ] ≅ −ln[
]+
𝐹 ln[
]+
−
− ln[
]
𝑃
𝑉
𝛺𝑏
𝑉
𝑉 − 𝑏 𝛺𝑏 (𝑉 + 𝑏)
𝑉−𝑏
𝛺𝑎 𝑏𝐹
−
]
𝛺𝑏 (𝑉 + 𝑏)

[9. 23]

[9. 24]

where Z = compressibility factor; Kij = iteration parameter; and Y = mole fraction of hydrogen in gas
phase.
Ignoring the less significant terms and linearizing Eqs. 9.23 and 9.24, and inserting EOS
Eq. 9.22 into Eq. 9.21 yields:
𝑓′
𝑓
𝑏𝑚
𝑏
𝛺𝑎
𝐹𝑚
𝐹
𝑓
[ ]–[ ] ≅ [
−
−
(
−
)] 𝑃 = 𝑆 (𝑃)𝛾 [ ]
𝑃
𝑃
𝑍𝑚 𝑅𝑇𝑌 𝑍𝑅𝑇 𝛺𝑏 𝑍𝑚 𝑅𝑇𝑌 𝑍𝑅𝑇
𝑃

[9. 25]

f

As the concentration of the vapor phase is nearly constant with pressure, the product of S γ [P]
is constant over a wide range of pressures. Shaw experimentally fitted the infinite solubility coefficient
(S0) to the relation as follows:
𝑓
𝑚𝑜𝑙 𝑜𝑓 𝐻2
𝑆0 = 𝑆 [ ] (
)
𝑃
𝑘𝑔𝑠𝑜𝑙𝑣𝑒𝑛𝑡 ∗ 𝑎𝑡𝑚

[9. 26]

where S and S0 are is the solubility coefficient and is the solubility coefficient at zero pressure.
Shaw also suggested that the activity coefficient in the liquid phase would remain independent
of the hydrogen concentration, thereby, redefining the solubility (S*) per free unit volume as
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𝑓 2
𝑚𝑜𝑙 𝑜𝑓 𝐻2
(𝑆 ∗ ) = 𝑆 [ ] 𝜌𝑟𝑒𝑓
(
)
𝑃
𝑘𝑔𝑠𝑜𝑙𝑣𝑒𝑛𝑡 ∗ 𝑎𝑡𝑚 ∗ 𝐿 2𝑠𝑜𝑙𝑣𝑒𝑛𝑡

[9. 27]

where S* = normalized solubility of hydrogen, and ρ = specific gravity of reference solvent.
Shaw further calculated the fugacity coefficient in reference state at elevated temperatures
(𝑇𝑟 ≥ 8) and at moderate pressures (where 𝑏 ≪ 𝑉) as:

𝑓
(𝛺𝑏 − 𝛺𝑎 𝐹)
[ ] ≅ 𝑒𝑥𝑝
0.5
𝑃
𝑇𝑟
𝑇𝑟
𝑃𝑟
+
[1
−
𝛺
𝐹]
[2 𝑃𝑟 2 𝑃𝑟
]
𝑇𝑟 𝑎

[9. 28]

Theoretically, the 'F' function approaches zero asymptotically at elevated temperatures in the
above equation, and the Tsoave shares this property, where Fsoave was suggested by Shaw as:
𝐹𝑆𝑜𝑎𝑣𝑒 = 𝑇𝑟−1 [1 + (0.48 + 1.574𝜔 − 0.176 𝜔2 ) (1 − 𝑇𝑟0.5 )]2

[9. 29]

where ω = Pitzer acentric factor (= - 0.22 for hydrogen); and Tr and Pr are the reduced temperature and
pressure, respectively.
Shaw found that the plot of ln (S*) vs. Tr (solvent) was linear, except near the critical region.
Hence, a scaling function (T* solvent) was introduced by Shaw to maintain the linear correlation of
Ln (S*) vs. Tr (solvent) in the critical region as

∗
𝑇𝑠𝑜𝑙𝑣𝑒𝑛𝑡
=

𝑇𝑟 𝑠𝑜𝑙𝑣𝑒𝑛𝑡
(1 − 𝑇𝑟 𝑠𝑜𝑙𝑣𝑒𝑛𝑡) 0.132

[9. 30]

Furthermore, Shaw fitted the experimental value with the new T* solvent w.r.t. Ln (S*) and
derived a simplified version for solubility as:
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ln(𝑆 ∗ ) =

𝐴1 ∗
𝐴2
0.5 𝑇 +
0.5 + 𝐴3 + 𝐴4 𝛥𝜌𝑠
𝜌𝑟𝑒𝑓
𝜌𝑟𝑒𝑓

[9. 31]

where the constants were regressed as A1 = 2.17587; A2 = -1.81836; A3 = -5.23139; A4 = 1.500; and ρs
is the density difference between the two phases set to zero for simple solvents.
The resulting solubility of hydrogen [C*] in the given solvent system, is the simplified version
from the above equations to

∗

[𝐶 ] =

𝑃
2
𝜌𝑟𝑒𝑓

𝑓 −1
𝑚𝑜𝑙
𝑆 [ ] (
)
𝑃
𝑘𝑔𝑠𝑜𝑙𝑣𝑒𝑛𝑡
∗

[9. 32]

where normalized hydrogen solubility (S*) is given by Eq. 9.31 and [f/P] is given by Eq. 9.28.
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9.3

Liquid-Solid (L-S) Mass Transfer Effect
To confirm that the liquid-solid (L-S) mass transfer coefficient (kLs) for both [A] and [H2] were

not rate limiting, these kLs were estimated using the correlation given by Roberts [6-7] and Satterfield
[8]. The expression for kLs is given by:

2

[

3

2
3

𝑘𝐿 𝑠 𝑑𝑝
𝑔 𝑑𝑝 (𝜌𝑎 − 𝜌𝑙 )
] = 16 + 4.84 [
]
𝐷
18 𝜇 𝐷

[9. 33]

where dp is the diameter of the catalyst particle (d50 of 28 µm – obtained from the manufacturer); D is
the effective diffusivity of [A] or [H2] in cm2/sec; g is the gravitation force (9.81 m/s2); 𝜌𝑙 is the liquid
density (=0.85 g/cc); and 𝜇 is the liquid viscocity (1.08 X 10-4 poise).
The apparent density for the catalyst (𝜌𝑎 ) was calculated, as given by Roberts [9] as:

𝜌𝑎 =

𝜀
𝑔
+ 𝜀 𝜌𝑙 = 1.155
𝑉𝑝
𝑐𝑐

[9. 34]

where 𝜀 (=0.55) is the catalyst porosity given by the manufacturer; Vp (=0.80 cm3/g) is the pore
volume measured by the physisorption analysis (Table 3.3); and 𝜌𝑙 (=0.85 g/cm3) is the liquid density of
the reaction solvent system.
Effective diffusivity (D) was calculated, using the expression given by Wilke and Chang [10]:

𝐷𝐴 𝑜𝑟 𝐷𝐻2 (

𝑐𝑚2
𝑇 (𝜁 𝑀2 )0.5
) = 7.4 𝑥 10−10
𝑠
𝜇 (𝑉𝑏 )0.6

[9. 35]

where DA or DH2 are the diffusion coefficients for [A] and [H2], respectively; T is temperature in Kelvin;
𝜁 is the association parameter (=2.05 from [10]); M2 is the molecular weight of the solvent; 𝜇 is the
viscosity in poise (=1.08 X 10-4 poise); and Vb is the molar volume of diffusing solute in cm3/g-mol.
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The molar volumes (Vb) for [A] and [H2] are calculated from the values given by Satterfield [10]
and found to be 473.4 cm3/g-mol and 3.7 cm3/g-mol, respectively.
Substituting these values into Eq. 9.35, the effective diffusivities are calculated as:
𝑐𝑚2

𝐷𝐴 = 4.13 𝑥 10−4 (

𝑠

𝐷𝐻2 = 75.8 𝑥 10−4 (

)

𝑐𝑚2
𝑠

[9. 36]

)

[9. 37]

Substituting the values from Equations 9.34– 9.37, into Eq. 9.33, the L-S mass transfer
coefficients for [A] and [H2]are obtained as:
𝑚
[𝑘𝐿 𝑠] 𝐴 = 88.1 ( )
𝑠

[9. 38]

𝑚

[𝑘𝐿 𝑠]𝐻2 = 1175.1 ( )
𝑠

[9. 39]

Mills and Chaudhari [15] proposed that the liquid-solid (L-S) mass transfer can be neglected, if
the ratio of the observed reaction rate (rH) to the maximum L-S mass transfer rate (𝛾2 ) is < 0.1. The
ratio (𝛾2 ) is expressed as:
L-S mass transfer insignificant if:

𝛾2 =

[𝑘𝐿 𝑠]𝐴 𝑜𝑟 𝐻2

𝑟𝐻
< 0.1
∗ 𝑎𝑝 ∗ 𝐻2 [𝑠𝑎𝑡]

[9. 40]

where ap is the ratio of the external surface of the catalyst to the slurry volume (cm2/cm3) and was
calculated, as given by Bartholomew [8]:
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6 ∗ g of catalyst
cm2
ap =
𝜌𝑎 ∗ 𝑑𝑝 ∗ V (slurry volume) cm3

ap = 18.55

[9. 41]

𝑐𝑚2
𝑐𝑚3

216

References

1

Y.T. Shah, A. Deimling, B.M. Karandikar, and N.L. Carr, Solubility and mass transfer of CO and H2
in Fischer—Tropsch liquids and slurries, The Chemical Engineering Journal, 1984, Vol. 29 (3),
p. 127-140.

2

J. M. Shaw, A Correlation for Hydrogen Solubility in Alicyclic and Aromatic Solvents; The Canadian
Journal of Chemical Engineering, 1987, Vol 65, p. 293-298.

3

H. M. Sebastian, H. M. Lin and K. C. Chao, Correlation of Solubility of Hydrogen in Hydrocarbon
Solvents, AIChE J., 1981, Vol. 27, p. 138-148.

4

V. Brandani and J. M. Prausnitz, Thermodynamics of Gas Solubility in Liquid Solvents and Solvent
Mixtures, Fluid Phase Equilibria, 1981, Vol. 7, p. 259-274.

5
6

R. C. Reid, The properties of gases and liquids, McGraw-Hill Publications, 1977, 3rd Edition.
G. W. Roberts, The Influence of Mass and Heat Transfer on the Performance of Heterogeneous
Catalysis in Gas/Liquid/Solid Systems, Catalysis in Organic Synthesis, Academic Press: New
York, 1976.

7

G. W. Roberts, D. Xu, R. G. Carbonell, and D. J. Kiserow, Kinetics, Catalysis and Reaction
Engineering, Ind. Eng. Chem. Res., 2003, Vol. 42, p. 3509-3515.

8

C. N. Satterfield, Mass Transfer in Heterogeneous Catalysis, Robert E. Krieger Publishing
Company, Malabar, FL., 1981.

9

G. W. Roberts, Chemical Reactions and Chemical Reactors, John Wiley & Sons, Inc., 2009.

10 C. R. Wilke and P. Change, Correlation of Diffusion Coefficients in Dilute Solutions, A.I.C.H.E. J.,
1955, Vol. 1 (2), p. 264-270.

217

