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ABSTRACT

XIE, CHI. Modeling the Performance and Emissions of Integrated Gasification

Combined Cycle based Lurgi Ammonia Synthesis System. (Under the Direction of H.

Chris Frey)

To evaluate the risks and potential pay-offs of a new technology, the Integrated

Gasification Combined Cycle (IGCC), a systematic approach for assessment needs to be

developed. Characterization of the performance and emissions of the technology needs to

be made comparable to conventional and other advanced alternatives. The current study

deals with the development of models for estimating energy consumption and emission of

a polygeneration IGCC based Lurgi ammonia synthesis process.

Polygeneration IGCC is a multipurpose technology for waste control and co-

production of energy and chemicals. The processes involved in IGCC include partial

oxidation of carbonaceous materials to produce a synthesis gas (syngas) containing CO,

H2 and hydrocarbons, for example, methane. After gas cooling and cleaning, the purified

syngas can be used to produce chemicals such as methanol, ammonia, hydrogen etc., or

drive a gas turbine to generate electric power after further gas saturation. The high

temperature and pressure steam recovered from the system can also produce electric

power, and the tailgas recover from desulfurization can be treated in Claus plant to

produce sulfur.

This research modeled the Lurgi ammonia synthesis process that will be integrated

with a British Gas/Lurgi (BGL) Slagging gasifer-based IGCC system in ASPEN Plus,

which is a powerful and versatile unit process simulation software. The Lurgi ammonia

synthesis technology is based on partial oxidation of solid feedstock such as coal, or solid

waste if incorporated with a more robust gasifier design. The liquid nitrogen wash,

Rectisol process and recycle gas reforming and shifting make the Lurgi ammonia system

capable to process different types of incoming syngas with significant amount of

impurities. The ASPEN Plus performance model calculates mass and energy balances for
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the entire ammonia system.  For validation, the model was calibrated to the best available

reference.

After setting up the design basis of Lurgi ammonia synthesis system, a case study

was performed based on 1000 lbmol clean syngas input for ammonia synthesis. The clean

syngas was produced from gasification on American Waste Fuel, which is an American

75/25 percent mixture of Refuse Derived Fuel (RDF) and Pittsburgh No. 8 Bituminous

coal. Based on the results from the case study, prediction on the performance and

emissions of the ammonia model integrated with the IGCC system was performed, and the

total power consumption of the base system was compared with the reference data for

model verification. Then, sensitivity analyses on properties of incoming syngas, hydrogen

to nitrogen ratio, purge gas recycle ratio and flow rate of incoming syngas were performed

on the calibrated base case model to identify the key variables affecting the system-wide

performance and emissions significantly and how. These sensitivity analyses can also be

used to test the robustness of the model, which is critical for integration with the IGCC

system.

Based on the pre-assessment of the performance of the base case ammonia model

integrated with the IGCC system, an IGCC system with about 447429 lb/hr of American

Waste Fuel input can at least support an ammonia plant with 31979 lb/hr of ammonia

production. But the typical yield of ammonia that can be supported by a calibrated IGCC

system firing 287775 lb/hr of Pittsburgh No. 8 coal and without methanol production is

about 1700 short tons/day.

Through the sensitivity analyses, Operation near the stoichiometric point of the

ammonia synthesis reaction was found to be the best choice from the perspective of

electric energy consumption. Higher purge gas recycle ratios can better the conversion of

ammonia, and reduce electric power, net steam consumption and emissions. Different

feedstock had no obvious effect on the total electric power consumption of this ammonia

system, but the composition of CO, CH4 and sulfur influence the steam consumption and

emissions substantially. In order to make the model converge faster and more normally at
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different flow rates of incoming syngas, some of the design specification boundaries were

changed.

In the future, when the ammonia model is integrated with the IGCC system in

ASPEN Plus, the fate of steam, purge gas, ammonia and sulfur emissions should be

considered. In addition, a conventional ammonia model based on steam reforming of

natural gas needs to be developed for Life Cycle Assessment, and Life Cycle Indexes

should be compared between the conventional and Lurgi’s ammonia synthesis processes

to assess any advantages and disadvantages. Probability analysis methods such as Monte

Carlo method or Orthogonal Latin Square experiment design should be introduced to

optimize the model performanc, to identify which model parameters most affect

performance and to quantify the uncertainty and variability associated with the model.
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1.0 INTRODUCTION

In this thesis, a performance and emission model for an Integrated Gasification

Combined Cycle (IGCC) based ammonia synthesis system is designed and implemented

in ASPEN Plus, which is a widely-used chemical process simulation software package

developed by AspenTech, Inc. The model was developed to help analyze and quantify the

expected benefits associated with polygeneration MSW gasification. Gasification used to

produce several different products such as electric power and chemicals is termed

“polygeneration”. The work described here is a part of a larger project that will develop

novel assessment methodologies for evaluation of the risks and potential pay-offs of new

technologies that avoid pollutant production.  First, A technical background of the IGCC

polygeneration system, as well as the technical basis for ammonia synthesis industry is

reviewed.  Then a base-case Lurgi ammonia synthesis system is developed and calibrated

to the literature. Based on the calibrated case study, sensitivity analyses were performed

to identify key parameters that influence the system performance and emission, and to

examine the robustness of the model in extended ranges of input assumption. These

activities will become a basis for further integrating the Lurgi ammonia synthesis process

with the IGCC system, and for an overall comparison of Life Cycle Inventory indexes

between the multipurpose IGCC system with conventional MSW treatment, power

generation and chemical production approaches.

  This chapter presents a brief description of polygeneration IGCC system,

ammonia production technologies and the current status of IGCC system as it is applied

to ammonia production.  This chapter also describes the ASPEN PLUS software used to

simulate the process, while addressing the main objectives of the project.

1.1 Motivating Questions

To evaluate the risks and potential pay-offs of a new technology, in this case the

gasification based Lurgi ammonia synthesis process, a systematic approach for

assessment needs to be developed. Characterization of the performance and emissions of
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the technology needs to be made in a manner comparable to conventional ammonia

production technologies. The current study deals with the development of models for

estimating energy consumption and emission of Lurgi ammonia synthesis process and

has following motivating questions:

1) What are the chemical production rates, electric power consumption, steam usage

and emissions of selected IGCC based ammonia system when fueled by either

coal or MSW?

2) To what extent can the model reflect the real system?

3) What are the key design and operating parameters that have significant effects on

the performance and emissions of the selected ammonia synthesis process? How

do they influence the performance and emissions?

4) How robust is the ammonia production model? What details must be considered

when it is integrated with the IGCC system?

1.2 Objectives

The objectives for the current work are:

1) To develop a IGCC based Lurgi ammonia synthesis model for process

performance and emissions based upon the best available information;

2) To calibrate the models through comparison between simulation result and

reference data;

3) To capture the key inputs of the model through sensitivity analysis and assess the

robustness of the model in extended ranges of input assumptions for integration

with IGCC system in the future;

1.3 Current Status of Polygeneration IGCC Systems

Gasification is a multipurpose technology for waste control and coproduction of

energy and chemicals. The processes involved in gasification include partial oxidation of

carbonaceous materials to produce a synthesis gas (syngas) containing CO, H2 and
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hydrocarbons, for example, methane. After gas cooling and cleaning, the purified syngas

can be used to produce chemicals such as methanol, ammonia, hydrogen, formaldehyde,

and others (Simbeck et al., 1983), or drive a gas turbine to generate electric power after

further gas saturation. The high temperature and pressure steam recovered from the

system can also produce electric power, and the tailgas recovered from desulfurization

can be treated in Claus plant to produce sulfur. A conventional term for a gasification-

based system that produce primarily electric power is integrated gasification combined

cycle (IGCC) system. If the IGCC system is used to produce several different products

such as electric power and chemicals, it may be called “polygeneration”.

The feedstock for polygeneration IGCC technology includes light or heavy

hydrocarbons and coal.  Municipal Solid Waste (MSW) gasification is a relatively new

concept. Some demonstration plants using solid waste gasification technology have been

set up in Italy (Thermoselect), Germany (Lurgi/Shwarze Pumpe) and U.S.A

(ThermoChem) (Niessen et al., 1996). The Mulipurpose Gasification (MPG) technology

of Lurgi is an example that has been commercialized. The MPG process applies a robust

burner design, which is able to digest a variety of liquid and solid wastes as well as

combinations of them. The MPG process can coproduce electric power, ammonia,

hydrogen, CO and Oxo-synthesis gas (Hofmockel and Liebner, 2000).

1.4 Overview of IGCC based Ammonia Synthesis Process

An ammonia synthesis process integrated with an IGCC system has different

characteristics than a stand-alone process. For example, because the feedstock is in the

solid phase, partial oxidation is required for the gasification island design, unlike the

traditional natural gas and light hydrocarbon based ammonia plants, which apply steam

reforming for syngas generation. The solid feedstock usually contains a higher

composition of sulfur and other impurities, which require extra treatment utilities and add

more purification load to the ammonia system.
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Beside the different requirements of feedstock to the gas generation process

between the stand-alone ammonia synthesis process and the process integrated with

IGCC system, the size may be another important difference. For the stand-alone ammonia

system, all syngas produced from the gasification or steam reforming is used for

ammonia synthesis, thus its size tends to be greater than the one integrated with the IGCC

system, in which appreciable amount of syngas is applied in the gas turbine or other

chemical production. Typically, a maximum of 1700 short tons ammonia/day stand-alone

ammonia plant is possible by 1981 (Strelzoff, 1981).  However, for an IGCC integrated

ammonia system, the appropriate size depends on a detailed cost-benefit estimation, in

which tradeoffs between the power generation, steam producton and different chemical

syntheses are compared in order to find an optimal cost-benefit performance in the whole

IGCC system.

Lurgi’s MPG based ammonia synthesis process is such an example (Lurgi,

2000a). Beside the partial oxidator and original Rectisol process, it includes water gas

shift conversion, an additional Rectisol process, liquid nitrogen wash, and steam reformer

and shift converter for recycled gas treatment for gas purification.

The energy and materials consumption for a solid waste based ammonia system is

usually higher than for a gas-fed steam reformer based system (Lurgi, 2001a), but this

disadvantage can be compensated by the cheaper feedstock and environmental benefits.

1.5 Introduction to ASPEN PLUS Chemical Process Simulation Modeling

Software

ASPEN (Advanced Systems for Process Engineering), was originally developed

during the period 1976 to 1981 for the DOE by Massachusetts Institute of Technology

(MIT) in 1987 (MIT, 1987), is a powerful and versatile unit process simulation software.

ASPEN Plus can estimate material and energy balance, phase and equilibria, physical

properties of chemical compounds and even the capital costs of equipment. Given

reliable thermodynamic data, realistic operating conditions, and rigorous equipment



5

models by specific users, it can model, control, optimize and manage a steady-state

chemical process even if users don’t know the details about the internal mathematical

structure of every unit equipment. ASPEN Plus incorporate the basic functions of old

version of ASPEN and a Graphic User Interface  (Aspen Tech, 2000).

In ASPEN Plus, three types of streams are used. They are material, heat and work.

Unit operation blocks represent processes in an actual chemical plant. Design

specification blocks can be used to achieve design and operating targets by changing any

flow sheet variables. Design specification blocks provide several optional convergence

methods, such as Secant, Newton and Broyden methods. Users can make their own

choices based on different natures of convergence. FORTRAN blocks are used to do

feed-forward control on the flow sheet. Any moderately complex manipulation of the

flow sheet calculation can be programmed in the built-in FORTRAN language in the

coding area provided in FORTRAN blocks. The software can also deal with recycled

streams in the form of a “tear stream”. Any tear stream encountered before it is actually

calculated has to be initialized. The program will solve the tear stream iteratively until it

obtains a solution. The default method used for converging tear streams is the Wegstein

method.

All of the unit, FORTRAN and design specification blocks involved in an ASPEN

Plus flowsheet will be calculated sequentially, and the convergence sequence can be

specified by users.

1.6 Overview of Report

The organization of the report is as follows.  Chapter 2 provides a technical

background of commercial ammonia synthesis processes. Chapter 3 describes the design

basis of the selected ammonia system in ASPEN Plus.  Chapter 4 elaborates on a case

study performed on the design basis. The fifth chapter explains how the base case model

was calibrated. Descriptions and results of the sensitivity analyses are presented in
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Chapter 6. Finally the conclusions obtained from the current study, as well as

recommendations for future development, are in Chapter 7.
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2.0 TECHNICAL BACKGROUND FOR COMMERCIAL AMMONIA

SYNTHESIS PROCESSES

“Ammonia is the second largest synthetic chemical product; more than 90% of

world consumption is manufactured from the elements nitrogen and hydrogen in a

catalytic process originally developed by Fritz Haber and Carl Bosch using a promoted

iron catalyst discovered by Alwin Mittasch” (Appl, 1998). Although nearly one hundred

years has passed by, there is no basic change in the ammonia synthesis process. Even

now the industrial production of ammonia still relies on the high-pressure reaction

between hydrogen and nitrogen over the catalyst such as magnetite, Fe3O4 (Strelzoff,

1981). The core part of an ammonia synthesis plant – the synthesis loop today has no

fundamental difference from those developed in the early 20th century, except some

small changes in operating temperature and pressure, recycle technology and ammonia

separation configuration (Appl, 1998).

The hydrogen for ammonia synthesis can be obtained through the steam

reforming reaction, partial gasification or water electrolysis, and nitrogen is from an air

separation system. Traditionally fossil fuels such as natural gas, liquefied petroleum gas

(LPG), naphtha, and higher petroleum fractions are predominantly used by commercial

ammonia systems to produce hydrogen; coal, coke or even solid waste is used only under

special conditions (Appl, 1998).

In this chapter, several important commercial ammonia synthesis processes will

be reviewed. Theoretic comparison will be made and detailed reasons will be given to

support the choice of Lurgi ammonia synthesis process, which is appropriate to be

integrated with the polygeneration IGCC system. Then the prevalent unit technologies

applied in commercial ammonia production systems traditionally and currently will be

described.
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2.1 Review of Commercial Systems

This chapter describes several important commercial ammonia synthesis

processes. Theoretic comparison will be made and detailed reasons will be given to

support the choice of Lurgi ammonia synthesis process, which is appropriate to be

integrated with the polygeneration IGCC system.

2.1.1 Haber-Bosch Process

The classic Haber-Bosch plant uses coke as the feedstock for of synthesis gas

generation. Figure 2-1 shows the simplified process flow diagram of the Haber-Bosch

Process. In the water gas generator, coke reacts with water according to the following

formulas (Appl, 1976):

mol/kJ7.118H,HCOOHC o
K29822 +=∆+ →+     (2-1)

mol/kJ6.77H,H2COOH2C o
K298222 +=∆+ →+      (2-2)

The coke-water reactions are endothermic, which means the forward reaction is

favored by high temperature. In the gasification process area, the producer gas generator

can be used to produce additional nitrogen to correct the stoichiometric ratio. Raw syngas

leaving the gasification island will be first desulphurized by oxidation, and then extracted

by ammonium sulphide solution. After desulphurization, CO shift conversion on syngas

can form more hydrogen. The CO shift conversion reaction is represented by Equation 2-

3 (Appl, 1976):

mol/kJ2.41H,HCOOHCO o
K298222 −=∆+→+     (2-3)

Water scrubber can remove bulk amount of carbon dioxide generated from shift

reaction, and the copper liquor scrubber can remove trace carbon monoxide. After all of
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the pretreatment procedure and syngas compression, the purified hydrogen-nitrogen

mixture reacts in ammonia converter according to the Equation 2-4 (Appl, 1976):

mol/kJ8.91H,NH2NH3 o
K298322 −=∆↔+     (2-4)

Figure 2-1. Simplified Process Flow Diagram
of the Haber-Bosch Process (Appl, 1976)

Gasification: a. water gas generator b. producer gas generator c. scrubber  d. holder for water gas e.
holder for producer gas
Gas purification: f. sulphur removal g. saturator for shift conversion h. shift conversion i. gas cooler
k. holder for shifted gas l. compressor m. water scrubber n. water pumps and turbines o. scrubber for
Cu-liquor p. Cu-liquor pumps q. Cu-liquor regeneration r. washing with NH3-water s. pumps for
NH3-water
Synthesis: t. converter u. mole pump v. water cooler w. low temperature exchanger x. cooler
(evaporating NH3) y. separator z. let-down vessel
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Here, the nitrogen for ammonia synthesis is from the air input to the water gas generator

and producer gas generator. In the synthesis loop, recycle gas circulation can improve the

equilibrium of ammonia synthesis reaction and therefore increase the output of ammonia.

2.1.2 The Braun Purifier Process

The choice of feedstock is a critical factor to influence the configuration of a

anmmonia plant. “In North America, where natural gas had become available in huge

quantities at low prices compared with other feedstocks, interest concentrated from about

1940 onwards on the steam reforming of methane as a new route to ammonia” (Appl,

1976). Currently, for a single ammonia plant, natural gas-based processes usually need

relative smaller investment than heavy hydrocarbon or coal-based ones. For a plant with a

capacity of 1800 t/d ammonia, the natural gas-based plant requires an energy

consumption of 28 GJ/tNH3, which is less than any other feedstock based ones (Appl,

1998). Natural gas has higher hydrogen content than other heavier feedstock and doesn’t

have much sulfur, heavy metals or other heavy residuals.

 Braun Purifier Process was a conventional and highly commercialized process

based on natural gas. This process depends on steam-reforming reaction to generate

syngas. It got its name because a special cryogenic purifier is installed to remove any

trace impurities before the syngas enters the synthesis loop.

Figure 2-2. shows the simplified flow diagram of a typical Braun purifier process.

The steam reforming reaction proceeds in two reactors – the primary reformer and the

secondary reformer. The basic reaction that happens in steam reformer is as follows

(Appl, 1998):

mol/kJ206H,H3COOHCH 224 +=∆+↔+     (2-5)

In a Braun purifier configuration, the primary reformer duty can be reduced by shifting

part of reaction task to the secondary reformer through excess air input, while the
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cryogenic purifier can remove the excess nitrogen introduced by this air input. The

syngas produced in steam reformers goes through CO shift converters, carbon dioxide

removal column, methanator and cryogenic purifier before it enters the ammonia

converter. The additional cryogenic purifier can increase the purity of syngas and then

mitigate the burden on purge gas treatment. Braun purifier process is a relative low-

energy process. If integrated with gas turbine driven compressor, steam export and other

available improvement possibilities, a total energy consumption ratio of 27 GJ/tNH3

seems feasible (Appl, 1998).

Air

Figure 2-2. Simplified Flow diagram of the
Braun purifier process (Kroschwitz et al., 1992)
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2.1.3 The Lurgi Process

Under special economic (i.e. low price) and geographical circumstances (i.e.

China), coal can be used as feedstock for ammonia synthesis. What’s more, some given

technical conditions will require the application of solid feedstock. Lurgi’s multi-purpose

gasification (MPG) is such an example. The MPG process applies a robust burner design

that can digest all kinds of feedstock, even solid waste and co-produce electric power and

various chemicals such as ammonia, hydrogen and methanol. Thus ammonia synthesis

can serve as a waste control approach beyond its direct purpose.  The BGL Slagging

Gasifier based Polygeneration IGCC system is another example, which is also developed

by Lurgi (Hofmockel and Liebner, 2000).

Figure 2-3 shows a simplified flow diagram for ammonia production integrated

with Lurgi coal gasification. The coal, heavy residual oil or solid waste feed combined

with steam and pure oxygen obtained from an air separation plant reacts in the gasifier to

generate syngas. The raw syngas from gasifier contains methane, higher hydrocarbons,

troublesome phenolic material and tars. After ash removal, gas cooling and some other

process steps to recover tar, phenols and some ammonia from gas liquor, cleaned syngas

can be further treated by shift conversion, Rectisol process and liquid nitrogen wash to

form make-up gas.

The Rectisol process is a widely used CO2 and sulfur removal approach. In a

typical Lurgi ammonia synthesis including syngas generation, two Rectisol processes are

used, the first one focuses on desulfurization, and the second one removal CO2 generated

from water gas shift.

The liquid nitrogen wash process can remove any trace impurities in the syngas,

especially methane, and input necessary nitrogen for final synthesis. The methane

enriched tail gas from liquid nitrogen wash will be recycled to recover more hydrogen for

ammonia synthesis.
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The main advantages of Lurgi’s ammonia synthesis process can be summarized as

follows (Lurgi, 2001a):

• Uses cheap residuals oil or solid waste as feedstock

• Integrated energy scheme with proven waste heat boiler

• Virtually inert-free synthesis gas using liquid nitrogen wash, thus mitigate the burden

of purge gas treatment

And one of the major disadvantages is:

• Air separation plant has to consume additional electric energy.

Reported electric power consumption of a MPG based Lurgi ammonia synthesis

process is about 497 kWh/metric ton NH3 with the air separation included (Lurgi, 2001a).

Other typical consumption figures per metric ton NH3 are (Lurgi, 2001a):

Figure 2-3. Flow sheet for ammonia production from
Lurgi coal gasification (Kroschwitz et al., 1992)
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Heavy residue: 31 GJ

Boiler feed water: 1.5 m3

Cooling water: 188 m3 (∆T = 10 K)

2.1.4 Comparison between Different Ammonia Synthesis Processes

There are numerous ammonia synthesis processes used commercially.  They can

be classified into two main categories: the steam reforming based processes and partial

oxidation based ones. The steam reforming based processes are more appropriate for

natural gas or light hydrocarbon feedstock, and can be further divided into four

subcategories. They are (Appl, 1998):

1) Advanced conventional processes with high duty primary reforming and

stoichiometric process air in the secondary reformer

2) Processes with reduced primary reformer firing and surplus process air

3) Processes without a fired primary reformer (exchanger reformer)

4) Processes without a secondary reformer using nitrogen from an air separation

plant

The Braun Purifer process is a typical process falling into Type 2.

Heavy hydrocarbons, coals or even solid wastes are more appropriate to be used

as the feedstock for ammonia plants based on partial oxidation. Shell process and Topsøe

process are based on heavy hydrocarbon, while the Koppers-Totzek process and Lurgi

processes are good examples of using coal or solid waste.

The choice of an ammonia synthesis process will be affected by many economic,

geographic and technical factors, such as availability of feedstock, the price of feedstock,

the purpose of ammonia production, availability of electric power, etc. Usually, the steam

reforming-based process require less investment than partial oxidation based ones, but the
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rising world-wide shortage of fossil fuel and the increasing requirement for pollution

control will bring us more reasons to develop more cheap and robust ammonia synthesis

process based on solid waste in the future. In this paper, a Lurgi ammonia synthesis

process model integrated with its BGL slagging gasifier will be set up. The gasification

island use municipal solid waste (MSW) (Pickett, 2000) as its feedstock. An air

separation plant has already been integrated into the whole IGCC system.

2.2 Process Steps of Ammonia Production

In this section, typical unit operations used in modern ammonia plant will be

reviewed.  A complete industrial ammonia synthesis process can be further divided into

the following sections (Appl, 1998):

A) Syngas production

1) Feedstock pretreatment and gas generation

2) Carbon monoxide conversion

3) Gas purification

B) Compression

C) Synthesis and purge gas management

2.2.1 Syngas Generation

Steam Reforming and Partial Oxidation are two basic unit processes for syngas

generation. Equation 2-5 has given the steam reforming reaction for methane.

Theoretically, a more general overall reforming reaction can be represented by the

following equation (Appl, 1998):

22)2n2(n H)1n2(nCOOnHHC ++↔++      (2-6)

Here, the CnH(2n+2) means any light alkane with high composition of hydrogen element.
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However, when the mechanism of methane steam reforming is further studied,

some of other side reactions involving methane can be found. They are (Strelzoff, 1981):

CH4+2H2O →   CO2+4H2  –39.5 cal                 (2-7)

CH4+CO2 →   2CO+2H2  – 59.1 kcal     (2-8)

CH4+CO2 →   CO+H2+H2O+C  –27.7kcal     (2-9)

2CH4 →   C2H4+2H2  –48.3kcal   (2-10)

Beside the reaction above, water gas shift reaction happens simultaneously in the

steam reformer. Strelzoff (1981) has provided some experimental data (Table 2-1) on the

composition of similar gasesous mixtures from reforming at 927 –1227 oC and 1 – 40 atm

abs., with a CH4/H2O ratio of 1:2 in the feed mixture.

Very often, steam reforming proceeds in two sections. The primary reformer can

convert most of the feedstock, say, methane, into the carbon monoxide-hydrogen mixture

over its catalyst bed. A typical methane concentration (dry basis) in the effluent gas from

primary reformer for a conventional plant that based 65% on methane feed is about 14

mol% (Appl, 1998). The primary reformer usually operates under 750 oC (1382 oF) – 850
oC (1562 oF) (UNIDO and IFDC, 1998) and 450 – 500 psig (Strelzoff, 1981). Even

though the steam reforming reaction can increase the volume of gas, conventional

designs choose high pressure for the steam reformer. The advantages are reduced

downstream compression work, more heat recovery from downstream condensation,

more compact equipment design and the available high-pressure natural gas.

The steam reforming is an endothermic reaction that needs external heat from fuel

combustion. Typically, the feedstock, the syngas or the purge gas can all serve as the fuel

gas in the steam-reforming furnace. The furnace operates at 1350 – 1700 OF (Appl, 1998).

The high-temperature flue gas from the furnace can be used to generate steam.

The secondary reformer can further increase the conversion rate of the feedstock.

Typical, the methane concentration can be reduced to 0.5% or lower (dry basis) (Appl,



17

1998) in the secondary reformer.  Because of the lower input of methane, with the same

amout of steam input, secondary reformer practically needs higher operating temperature

to reach its more critical equilibrium requirement.

Table 2-1.  Experimental equilibrium gas compositions from
steam reforming methane at various temperatures and
pressures and steam/methane ratios (Strelzoff, 1981)

Temperature

(oC)

Pressure

(atm)

Dry Converted Gas Composition

(vol %)

Moisture Content

of Converted Gas

(vol H2O/vol dry gas)

CO2 CO H2 CH4

  927 1 3.78 20.27 75.94 0.01 0.203

10 3.99 19.75 75.22 1.04 0.216

  …… …… …… …… …… ……

  1027 1 3.17 21.08 75.79 0.002 0.210

10 3.21 20.94 75.65 0.20 0.213

  …… …… …… …… …… ……

  ……   …… …… …… …… …… ……

CH4/H2O = 1:2

Partial Oxidation is usually used to treat heavy hydrocarbon, coal or solid waste,

because the feedstock contains substantial amount of sulfur, heavy metals or other

impurities that will poison the reforming catalyst. On the contrary, Partial Oxidation can

proceed without catalyst involved. The typical reactions proceed in Partial Oxidation are

(Appl, 1998):

22mn H2/mnCOO2/nHC +→+    (2-11)

mol/kJ123H,COO2/1C 2 −=∆→+   (2-12)

22mn H)2/mn(nCOOnHHC ++→+   (2-13)

mol/kJ119H,HCOOHC 22 +=∆+→+   (2-14)

Conventionally, partial oxidation of coal or other solid feedstock can be also

named as gasification, i.e. Lurgi process.
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2.2.2 CO Shift Conversion

CO Shift Conversion (or water gas shift reaction) is a widely used technology to

removal carbon monoxide from the raw syngas generated from steam reforming or partial

oxidation. The CO shift reaction has been formulated by Equation 2-3, which is (Appl,

1976):

mol/kJ2.41H,HCOOHCO o
K298222 −=∆+→+   (2-15)

It is an exothermic reaction favored by low temperature and independent of pressure from

the pure perspective of equilibrium. However, a high-pressure condition of 400 – 500

psig (Strelzoff, 1981) is often used to reduce the requirement of high-temperature and

then the consumption of steam.

Traditionally, CO shift reaction proceeds in two sections – the high-temperature

shift converter (HTS) and low-temperature shift converter (LTS). HTS reactor is loaded

with iron-chromium catalyst. Syngas often enters HTS reactor at 320 oC (608 oF) – 350
oC (662 oF) and leaves with a temperature increase of about 50 oC (122 oF) – 70 oC (158
oF). LTS reactor contains copper-zinc-alumina catalyst and operates at 200 oC (392 oF) –

210 oC (410 oF). High-temperature shift converter aims at bulk conversion of carbon

monoxide, and typically will reduce the CO concentration of raw syngas to about 3 vol%,

while low-temperature shift converter can treat trace amount of carbon monoxide and

reduce the concentration to about 0.1 – 0.3 vol% (Appl, 1998).

There exists different ways to arrange the HTS and LTS reactors in an ammonia

synthesis process. For example, classical Braun Purifier ammonia plant puts its primary

and secondary reformers in sequence, while Lurgi plant installs a HTS reactor directly

after the syngas generation island, and another shift converter after the steam reformer for

recirculated gas treatment. The shift converter that connects with additional steam

reformer for recycling removes small quantities of CO generated from steam reforming

reaction on recycled methane from liquid nitrogen wash.
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Figure 2-4. shows a typical configuration of multi-staged CO shift converter. In

order to keep the reaction temperature from becoming too high, condensation equipment

is installed between each catalyst stage. The heat exchanger under reaction bed can be

used to recover heat from product gas and raise the temperature of feed gas.

Strelzoff (1981) gave a group of data (Please refer to Table 2-2) on the material

balance and key operating conditions around the first stage of two-stage CO shift

converter, which is pretty like a traditional high-temperature shift converter for bulk

purification on raw syngas.

Steam-gas
mixture in

Converted gas

Heat
exchanger

Condensate in

Condensate in

Catalyst
1st stage

Catalyst
2ndstage

Catalyst
3rd stage

Figure 2-4. Arrangement of heat exchangers and condensers
for three-stage water gas shift converter (Strelzoff, 1981)
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Table 2-2. Material balance around the first stage of a
two-stage water-gas shift converter (Strezoff, 1981)

Syngas Steam Outlet

H2 54.57% 36.60%

N2 21.6% 12.05%

H2O 100% 38.07%

CH4 0.48% 0.27%

CO 13.94% 1.61%

CO2 9.14% 11.25%

Ar 0.27% 0.15%

Mole frac

Total 100% 100% 100%

Total Volume, m3 1000 750 1793.5

Temperature of Steam – gas mixture at the converter entrance, oC                                             424

Temperature of Steam – gas mixture at the converter exit, oC                                                      400

2.2.3 Gas Purification

After CO shift conversion, further purification is still necessary to remove CO,

CO2, water and other impurities that may poison the ammonia synthesis catalyst before

the syngas enters synthesis loop. Commercial technologies for final gas purification

include Rectisol process, Liquid Nitrogen Wash, Methanation, Crygenic methods,

Pressure Swing Adsorption, etc. Choices of different purfication technologies depends on

many factors, in which the extent of simplicity, energy consumption and availability of

technologies are the most important ones.

2.2.3.1 Rectisol  Process

Rectisol process is a multipurpose separation technologies developed by Lurgi

and matured to industrial application together with Linde. The Rectisol process uses

liquid methanol to remove both sulfur and carbon dioxide by absorption.

Advantages of the Rectisol® process include (Pickett, 2000; Supp, 1990):
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• Pretreatment of solvent is not necessary because light hydrocarbons can be separated

easily from the methanol via azeotropic distillation.

• Since methanol is the solvent, it can be generated and re-cleaned in house.

• High selectivity between sulfur components and CO2

• Low viscosity even at low temperatures, high absorptivity at low temperatures and

convenient regenerability at temperature levels where cheap waste heat can be used

The disadvantages are (Pickett, 2000):

• Operates at a lower temperature, causing increase in energy costs.

Figure 2-5. shows us a typical Lurgi ammonia synthesis process usually use two

stages of Rectisol units to do purification. The first stage can remove most of the sulfur

compound to about 0.1 ppm total sulfur while the second stage can remove carbon

dioxide to below 10 ppm. If the syngas will be further purified in a liquid nitrogen wash

process, a 2 – 10 ppm of CO concentration is needed. This can be achieved by the fully

regenerated cold methanol scrubbing. (Lurgi, 2001b)

Typical utility needed for a Rectisol process includes electric power, steam cooling

water and refrigeration duty. Based on an estimate by Eustis and Paffenbarger in 1990,

using the Rectisol® process combined with a Texaco type gasifier, the utilities

consumption are:

Total Electric Use 0.267 kWh/lbmol syngas

Total Steam Use 1722 BTU/lbmol syngas

Minimum Steam Level Saturated steam at 65 psia
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2.2.3.2 Liquid Nitrogen Wash

Liquid Nitrogen Wash process can be used to remove most kind of trace

impurities and input nitrogen before the syngas enters ammonia synthesis loop. In a

typical Lurgi ammonia production process, the tail gas from liquid nitrogen wash

contains substantial amount of methane, which can be recycled to recover more

hydrogen.

Figure 2-6. shows a simplified flow diagram of liquid nitrogen wash process

developed by Linde. Most of the unit operations in this process operates at 150 – 300

Figure 2-5. A similified flow diagram of Rectisol process in
Lurgi’s multi-product application  (Lurgi, 2001)
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psig. The dehydrated hydrogen-rich incoming syngas is first precooled by purified make-

up gas and external refrigeration equipment, and then enters three low temperature heat

exchangers one by one. The first exchanger condenses small amounts of hydrocarbons at

about –150 oF. The second one operates at about –230 oF to remove an ethylene-rich

fraction. In the third exchanger, additional ethylene and methane can be condensed at

about –290 oF. The unit block following the three heat exchangers is a low-temperature

methane condenser operating at –300 oF, from which a methane fraction that contains

almost all the methane, traces of ethylene, some carbon monoxide, nitrogen and hydrogen

will be condensed. The refrigeration duty to keep the temperature of methane condenser

is from liquid nitrogen boiling. After passing the methane condenser, the syngas enters

the core part of a liquid nitrogen wash process – the liquid nitrogen absorber. This

adsorption column operates at about –300 oF. The overhead product from it contains 85 –

95 % hydrogen, 5 – 15 % nitrogen and only a few ppm carbon monoxide and methane.

The original temperature of the input nitrogen is about –50 oF (Strelzoff, 1981).

Nitrogen
cooler

CH4

condenser
2nd

exchanger
1st

exchanger

N2+H2

CH4

conden-
-sateCO+N2 condensate

CO+N2

N2+H2

CH4

N2+H2

CH4

N2CO+N2C2H4

N2

CH4N2+H2

Inlet
Gas

3rd

exchanger
Liquid N2

wash column

Figure 2-6. Schematic flow diagram of a liquid
nitrogen wash process (Strelzoff, 1981)
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Refrigeration and heat exchange systems are the major part for a liquid nitrogen

wash process beside the absorber. Here, the details of the complex heat-exchanging

network won’t be mentioned.

Nitrogen input in the liquid nitrogen wash process is the critical factor to adjust

the nitrogen-hydrogen ratio in ammonia converter.

Strelzoff has provided the compositions and quantities of the various streams

obtained in the purification of a typical cokeoven gas (Table 2-3).

Table 2-3. Composition of gas streams in liquid
nitrogen wash of coke oven gas (Strelzoff, 1981)

Component
Feed Gas

(vol%)

Nitrogen

(vol%)

Ethylene

(vol%)

Methane

(vol%)

Carbon

Monoxide

(vol%)

Product

(vol%)

  H2 49.3 0 0 4.2 0 75

  CH4 26.6 0 30.6 74.4 6.9 0

  N2 13.7 100 0 8.7 73.1 25

  CO 6.6 0 2 9.6 18 0

  CnHm
* 1.8 0 36.7 1.9 0 0

  C2H6 1 0 30.7 0 0 0

  O2 1 0 0 1.2 2 0

  Total 100 100 100 100 100 100
  * Mostly ethylene with some propylene

2.2.3.3 Methanation

Methanation is widely used in steam reforming based ammonia plants. “It is

actually the reverse reaction of steam reforming of methane.” (Appl, 1998)  Its

advantages lie in simplicity. However, methanation will produce additional impurities in

the makeup gas.
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2.2.4 Ammonia Synthesis Loop

This section reviews technologies used in the ammonia synthesis loop.

2.2.4.1 Compression

The forward equilibrium of ammonia synthesis reaction is favored by high

pressure. Typical, a current ammonia plant operates at the synthesis pressure of 150 – 250

bar (Appl, 1998). Because of the high-pressure requirement, multi-stage compressors are

often used to overcome the operating limit. In a typical system reported by Slack et al. in

1974, there is three stages for the syngas compressor, and “the number of stages should

not exceed 8 for rotor dynamics considerations” (Brown, 1986). Very often, the same

compressor for syngas is also used to recompress the recycled purge gas, which has a

pressure drop of 5 – 20 bar (Appl, 1998) after passing the whole synthesis loop.

Syngas compression consumes a substantial fraction of energy for ammonia

plants. Reciprocating compressors was used in old days. In 1963, M. W. Kellogg

replaced the reciprocating compressors by centrifugal compressors in their ammonia

synthesis process, and since then centrifugal compression technologies has become a

standard for most ammonia plants. The basic advantages of centrifugal compressors are

low investment and maintenace cost (Appl, 1998).

In order to avoid the losses of electric power generation and transmission, most

current ammonia plants use steam turbines to directly drive compressors. The steam

comes from steam reforming reactors, the waste heat reboilers, or other external

resources (i.e. the steam cycle of IGCC system).

2.2.4.2 Equilibrium of Ammonia Synthesis

Ammonia is synthesized by the reversible reaction of hydrogen and nitrogen

(Appl, 1976):



26

mol/kJ8.91H,NH2NH3 o
K298322 −=∆↔+   (2-16)

The equilibrium of this exothermic reaction depends on temperature, pressure and

hydrogen-nitrogen ratio. Usually, a hydrogen-nitrogen ratio of 3:1 (Appl, 1998) is used

before most of the current plants can obtain a conversion near equilibrium. Table 2-4

(Czuppon et al., 1992) gives the values for the ammonia equilibrium concentration

calculated for a feed using a 3:1 hydrogen to nitrogen ratio and either 0 or 10% inert.

Table 2-4. Equilibrium Percent of Ammonia for a Gas Containing a
Hydrogen to Nitrogen Ratio of 3:1 at Various Pressures (Czuppon et al., 1992)

Equilibrium % at pressure, kPa
Temperature, K

10,133 20,265 30,398 40,530

Using 0% inerts

  633 35.10 49.62 58.91 65.72

  673 25.37 38.82 48.18 55.39

  713 17.92 29.46 38.18 45.26

  753 12.55 21.91 29.52 36.03

  793 8.32 16.13 22.48 28.14

  833 6.27 11.88 16.99 21.73

  873 4.53 8.80 12.84 16.72

Using 10% inerts

  633 28.63 40.53 48.14 53.70

  673 20.68 31.71 39.38 45.29

  713 14.60 24.06 31.21 37.02

  753 10.22 17.88 24.14 29.48

  793 7.18 13.16 18.38 23.04

  833 5.10 9.68 13.88 17.79

  873 3.69 7.17 10.49 13.68

And Table 2-5 (Appl, 1998) shows the typical operating parameters for modern synthesis

loops at 140 and 220 bar (1000 t/dNH3).
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Table 2-5. Typical operating parameters for
Modern synthesis loops (Appl, 1998)

Inlet pressure, barParameter

140 220

Inlet flow, Nm3/hr 500000 407000

Inlet NH3 conc., mol% 4.1 3.8

Outlet NH3 conc., mol% 17.1 19.9

Inlet inert conc. Mol% 8.0 12.0

NH3 separator temperature, oC -5 -5

Relative catalyst volume 1 0.6

2.2.4.3 Configuration of Synthesis Loop

Based on the location of ammonia condensation and the makeup gas input point,

synthesis loop can be divided into four basic configurations, which is shown in Figure 2-

7.

Type A in Figure 2-7 is the most favorable configuration for its minimum energy

requirement and maximum ammonia concentration for condensation if the incoming gas

is extremely pure. However, if the incoming syngas still contains appreciable catalyst

poison such as water and carbon dioxide, Type B, C or D can be the alternative, because

the liquid ammonia from condenser is a good absorbent to remove inerts.  The

disadvantages of Type B configuration are that “the ammonia concentration for

condesation is reduced by dilution with the makeup gas.” (Appl, 1998) and additional

work is needed to compress all product ammonia with recyle gas. Type C and D can

somewhat mitigates the waste of energy due to their rearrangement of condensers or

compressors. Furthemore, if the operating pressure is high enough, the problem of energy

can also be overcome because almost all ammonia produced will be liquefied in the

condenser.
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2.2.4.4 Waste Heat Recovery of Ammonia Converter

The profile of operating temperature in ammonia synthesis converter depends on

the ignition temperature of reaction, the equilibrium requirement and kinetic limit.

Industrial converters usually keep a temperature curve in degression to reach optimal

conversion. The temperature at the entrance is near the ignition point of reaction, which is

about 400 oC (752 oF), and the outlet temperature is close to 350 oC (662 oF). Waste heat

released from the exothermic synthesis reaction can be recovered to produce high-

pressure steam. (Appl, 1998)

Figure 2-7. Schematic flow diagrams of typical synthesis loops (Appl, 1998)

A) Synthesis loop for pure and dry makeup gas; B) Product recovery after recycle compression; C)
Product recovery before recycle compression (four–nozzle compressor design); D) Two stages of
product condensation
a) Ammonia converter with heat exchanger; b) Ammonia recovery by chilling and condensation; c)
Ammonia recovery by condensation at ambient temperature; d) Synthesis gas compressor; e)
Recycle compressor
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2.2.4.5 Ammonia Recovery

Ammonia product can be recovered by low temperature condensation or water

scrubbing.

For the condensation method, if the synthesis pressure is extremely high, say,

greater than 450 bar, additional refrigeration duty has to be introduced to keep the

condenser in a low temperature around –25 oC (-13.3 oF). The liquid ammonia leaving

condenser is flashed to about 20 bar (Appl, 1998).

Water scrubbing is more appropriate for the ammonia synthesis process operating

at extremely low pressure and offers a very low recovery rate for ammonia. But

ammonia-water mixture recovered by water scrubbing needs further drying or distillation.

2.2.5 Purge Gas Treatment

If there exists appreciable amount of inerts such as argon, helium or methane in

the makeup gas, the purge gas generated from synthesis loop should be removed

continuously, otherwise those inerts will concentrate in the synthesis loop and break the

mass balance. However, “if the inerts concentration in the makeup gas is low enough, i.e.,

under 0.2 vol%, dissolution in the product ammonia suffices to remove the inerts from

the synthesis loop.” (Appl, 1998) Typically, for a Lurig ammonia synthesis system, the

Rectisol process can remove most of the impurities in the syngas to very low

concentration, for example, 0.1 ppm total sulfur, 2ppm CO2, close to zero amount of

moisture, so if further treated in the liquid nitrogen wash process, the high pure make up

gas will make the purge gas recovery unnecessary (Lurgi, 2001a, b).

Several possibilities are available for reducing the losses associated with the

purge gas. The most expensive method consists of feeding the purge gas to a second

synthesis loop at lower operating pressure. Other methods include Hydrogen Recovery by
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Cryogenic Units, Membrane Separation and Pressure Swing Adsorption, Hydrogen

Recovery using Mixed Metal Hydrides, etc.
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3.0 DOCUMENTATION OF THE PLANT PERFORMANCE AND EMISSION

MODEL IN ASPEN PLUS OF THE LURGI AMMONIA SYNTHESIS

PROCESS

This chapter presents the performance model of the Lurgi ammonia system. The

performance model, which calculates mass and energy balances for the entire Lurgi

ammonia synthesis system, is implemented in ASPEN PLUS.  The ASPEN PLUS model

unit operation blocks, FORTRAN blocks and design specifications are described for each

process area. The convergence sequences for each process area and for the entire model

is explained in details.

3.1 Overall Process Description

The performance model of the Lurgi ammonia synthesis process is an extension

of the BGL slagging gasifier-based IGCC ASPEN Plus model developed by Pickett

(2000) and revised by Chi and Li (refer to Appendix D), in which the gasification island

produces the syngas by partial oxidation on three types of feedstocks. They are Pittsburgh

No. 8 coal, American Waste Fuel and German Waste Fuel. The crude syngas from the

gasification island goes through the internal cooling and cleaning process areas in

Pickett’s model, and then can be used to synthesize chemicals including ammonia. The

typical temperature and pressure of a clean syngas from gasification on Pittsburgh No. 8

is about 75 oF and 400 psi in the model developed by Pickett (2000).

The ammonia synthesis model includes all of the classical unit operations in a

typical Lurgi process except syngas production. These operations include CO shift

conversion, Rectisol process, liquid nitrogen wash, steam reformer and CO shift

conversion for recycled gas treatment, and the ammonia synthesis loop. Please refer to

Figure 3-1 for a conceptual diagram of this model.

The fuel gas needed for recycle gas steam reforming can come from either

incoming syngas or the purge gas from the synthesis loop, but purge gas has higher
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priority because the expensive syngas should be used as much as possible to produce

ammonia. In other words, if the purge gas is enough to support combustion for steam

reforming, no syngas needs to be split from the main stream.

Electric power is consumed for makeup gas compression, refrigeration in the

Rectisol process, liquid nitrogen wash and ammonia condensation process areas.

Additional steam is generated by waste heat recovery from the high-temperature and low-

temperature shift converter, the fluegas leaving furnace of steam reforming and ammonia

converter.
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WaterWater

Steam
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Heat
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Heat

Electric power

Figure 3-1. Conceptual diagram of Lurgi ammonia
synthesis process as modeled in ASPEN Plus
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There is no purge gas recovery existing in the model, and Type A configuration is

chosen for the synthesis loop (refer to Figure 2-7 and Section 2.2.4.3), in which only one

compressor, one ammonia converter and one ammonia condensation process areas exists

and all ammonia condensation task is performed after the ammonia conversion in the

synthesis loop. The reason for this configuration is that the incoming syngas is already

pure enough after passing gas cleaning in the IGCC model developed by Pickett (2000)

and revised by Chi and Li (refer to Appendix D) and the purification steps assumed in

Lurgi ammonia synthesis model. (Please see Section 2.2.5 for an additional explanation)

The special liquid nitrogen wash technology in a Lurgi process likely make the purge gas

treatment even more unnecessary. (Please see Section 2.1.3 for an additional explanation)

3.2 Major Process Sections in the Ammonia Synthesis System

Each major process area of the Lurgi ammonia production plant is described in

the following sections.   For each process area, an ASPEN PLUS flowsheet, a table

describing the unit operations, streams and design specifications, a figure of the

convergence sequence and a detailed description of the process area are provided. The

property method used in the simulation is the Peng-Robinson equation of state with

Boston-Mathias modifications option. This choice reflects the recommendation of the

ASPEN PLUS user manual for high-pressure applications (Aspen Tech, 2000). The

ASPEN Plus terminology are explained in Appendix C.

3.2.1 CO Shift Conversion

The purpose of this CO shift conversion process area is to convert CO in the

syngas to CO2, the latter of which is more easily removed in the downstream Rectisol

process. Furthermore, the shift conversion process favors the formation of H2 from H2O

in the syngas. The removal of CO2 and an increase in the concentration of H2 is important

in order to favor the production of ammonia in the downstream ammonia synthesis

system.
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In this section, the details of the flow diagram in Figure 3-2 are discussed. The

convergence sequence is shown in Figure 3-3. Key input assumptions on streams, unit

blocks and design specifications are summarized in Table 3-1.

3.2.1.1 Streams and Unit Operation Blocks

The syngas enters the CO shift process area as the stream SYNGAS identified in

Figure 3-2. The syngas enters unit operation block NT-ST01, which is a splitter that

separates some syngas into stream RC-06 for use in a steam reforming process described

in Section 2.2.1. The amount of syngas that is split into stream RC-06 is determined by

how much purge gas is available from the purge gas recovery process to support the

combustion in the steam reforming process area. If the fuel gas from purge gas recovery

is enough to support the heat for the steam reformer in recycle gas treating system, no

fresh syngas should be wasted. Therefore, the split ratio should be zero.  Otherwise, a

design specification (RC-DS02) will be set up to determine how mush additional syngas

needs to be used for combustion.

The syngas in stream SC-01 enters a mixer, SC-MIX01, in which steam, in stream

SC-STM01 is mixed with the syngas. The H2O in the steam is needed as a source of

hydrogen in the shift reaction, and to provide oxygen atoms for conversion of CO to CO2.

The amount of steam required is determined by a design specification, SC-DS01, which

varies the amount of steam added to the syngas to achieve a target outlet CO volume

percentage in the gases that leave the equilibrium shift reactor. The syngas and steam

mixture, stream SC-02, enters a heat exchanger, SC-HX01, which heats the syngas and

steam mixture to 635 oF.  The heated syngas and steam mixture leaves the heat exchanger

in stream SC-03 and enters an equilibrium reactor, SC-SC01, which simulates the water-

gas shift reaction. The water-gas shift reaction is documented in Section 2.2.2. The

product form water-gas shift reaction leaves at 743 oF.

The heat generated by water-gas shift reaction is represented by the heat stream

SC-Q01. In a real ammonia plant, a built- in condenser in water-gas shift converter is
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used to recover reaction heat and keep the reaction temperature from becoming too high.

However, for the purpose of simplification and better convergence, the heat stream SC-

Q01 in this design basis will be recovered to generate steam in a global heat recovery

block, SC-HT01. This configuration does not represent the real situation, but will not

influence the mass and energy balance of the model. It will be discussed later (Section

3.2.7). The inlet to the heater SC-HT01 is water and the outlet is saturated steam. The

flow rate of inlet water is determined by a FORTRAN block SC-F01. In more details, the

trial-and-error method was used to find the target ratios between the flow rates of input

water and input heat duty to achieve target saturated vapor fraction in the outlet steam,

which is near but a little less than 100 %, then the ratios are used in FORTRAN blocks to

estimate the water consumption at different syngas input. This method is valid because

the properties of inlet and outlet streams for the heaters are pre-specified and will not be

changed at different syngas input, and therefore the water input is proportional to the heat

duty input. The steam that leaves the heater SC-HT01 will go to the steam cyle in the

IGCC system to generate electric power.

S C -S C 0 1

S C -Q 0 1

S C -03

S C -04

S C -R D 0 1

S C -H X 0 1
S C -02

S C -05

MIXER

S C -M I X 0 1

S C -S T M 0 1

S C -01

S C -H T 0 1

S C -W T R 0 1 S C -S T M 0 2

R C -06

FSPLIT

N T -S T 0 1

S Y N G A S

R C -Q 0 4
Q

A S -Q 0 1
Q

Figure 3-2. ASPEN Plus flow diagram of the
CO shift conversion for the design basis
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Table 3-1. Input assumption of CO shift conversion for the design basis
Stream

Stream ID Stream Type Stream Parameter Description

  RC-06

Fresh syngas used as fuel gas

for steam reforming in

recirculated gas treatment

  SYNGAS Fresh syngas

  SC-01

Syngas to the syngas-steam

mixer in the high-temperature

shift conversion

  SC-02

Mixture of syngas and steam to

the heat exchanger in the high-

temperature shift conversion

  SC-03

Mixture of syngas and steam to

the high-temperature shift

converter

  SC-04
Product gas from the high-

temperature shift converter

  SC-STM01

Temperature = 450 oF

Pressure = 400 psi

Composition: 100 mol% of H2O

Input steam for CO shift

reaction

  SC-05
Product syngas from shift

conversion

  SC-WTR01

Temperature = 59 oF

Pressure = 14.7 psi

Composition: 100 mol% of H2O

Cooling water

  SC-STM02
Pressure = 400 psi

Composition: 100 mol% of H2O

Steam generated by heat

recovery from CO shift reacton

  SC-RD01

  Material

A dummy liquid residual

required by any REquil reactor

  AS-Q01
Heat recovered from the

ammonia synthesis reaction

  SC-Q01

  Heat
Heat recovered from the high-

temperature shift converter

   Continued on next page
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   Table 3-1. Continued

  RC-Q04
Heat recovered from the steam

reforming

Unit Block

Block ID Block Type Block Parameter Description

  NT-01   Fsplit Pressure drop = 0 psi

Separate syngas into feedstock

for ammonia synthesis and fuel

gas for steam reforming

  SC-MIX01   Mixer Pressure drop = 0 psi
Mix incoming syngas (Stream

1)and steam (STEAM01)

  SC-HX01   HeatX
Cold outlet temperature = 635 oF

Pressure drop = 0 psi

Heat the water-gas mixture by

product syngas from CO shift

reaction

  SC-HT01   Heater
Flash pressure = 400 psi

Pressure drop = 0 psi

Condenser to keep shift reactor

from becoming too hot

  SC-SC01   REquil

Operating pressure = 400 psi

Operating temperature =743 oF

Pressure drop = 0 psi

Reaction:

  CO+H2O ↔ CO2+H2

  Temperature approach = 86.6 oF

Reactor for CO shift conversion

Design Specification

Block ID Target variable Target value Manipulated variable

  RC-DS02 Heat duty of RC-Q03 0
Split ratio of PG-10 in PG-ST01  or

Split ratio of RC-06 in NT-ST01

  SC-DS01
CO mole fraction in

Stream SC-05
3% Mole flow of SC-STM01
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3.2.1.2 Temperatures and Pressures

The temperatures and pressures in the shift conversion process area are based on

best judgments and reported values in the literature. The syngas that enters the shift

conversion system is obtained from the gasification process area after it has gone through

syngas cooling and the first stage of the Rectisol process. For a typical ASPEN Plus

simulation of a Lurgi gasifier-based IGCC system, this syngas will have a pressure of 400

psi and a temperature of 75 oF. The stream RC-06 will have the same temperature and

pressure as the inlet syngas stream.

The inlet steam in stream SC-STM01 is assumed to have a pressure of 400 psi and

a temperature of at least 444.59 oF (conditions of saturation, Çengel and Boles, 1998).

The steam must have at least the same pressure as the inlet syngas. If saturated steam is

used, the temperature will be 444.59oF at 400 psi. For simplicity, a steam temperature of

450 oF is assumed. When the ammonia synthesis process is integrated with the IGCC

system model, the steam will come from the existing steam cycle. In the IGCC system

previously developed by Pickett (2000), steam that most closely matches the criteria of a

pressure of at least 400 psi is available at 508 psi and 716 oF. Thus, in the future, these

latter conditions may be assumed as one of the default input values for the steam

temperature and pressure for the integration of model between the IGCC system and the

ammonia synthesis process.

The syngas and steam mixture in stream SC-02 is typically at a temperature of

approximately 375.6 oF. Therefore, it must be heated in order to reach the design inlet

temperature of 635 oF for the shift reactor. The entrance and exit temperatures of the shift

reactor were determined based upon two averages of values reported by Appl (1998) as

typical of the operating temperatures of such a reactor. The two reported values for the

inlet temperature were 608 oF and 662 oF. Therefore, the heat duty of the heat exchanger

SC-HX01 is determined by the mass flow of stream SC-02 and the requirement that the

stream leaving the heat exchanger have a temperature of 635 oF. The water-gas shift

reaction is slightly exothermic, leading to an expected temperature rise of approximately
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140 oF based on an average of values of 122 oF and 158 oF as reported by Appl (1998).

The outlet temperature of the shift converter SC-SC01 is specified as 743 oF, based upon

an average temperature rise of 140 oF.

The temperature of stream SC-05 is determined based upon the heat duty of the

heat exchanger and the mass flow rate of SC-04.

The pressure of the steam leaving the heat exchanger SC-HT01 is specified as 400

psi, and the FORTRAN block SC-F01 determine the flow rate of inlet water to achieve a

0.995 vapor fraction in the outlet steam, which is close to the saturation point.

Figure 3-3. ASPEN Plus convergence sequence
of CO shift conversion for the design basis
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The pressure of the main syngas flow path through the shift conversion process

area is assumed to be constant at the inlet syngas pressure. At this time, no pressure drops

are simulated in this process area. However, as more data become available, a user can

specify pressure drops as appropriate in the shift reactor. Usually, the pressure drop in a

shell-tube heat exchanger is very small, as illustrated by an example in Appendix B.

3.2.1.3 Convergence Sequence

The convergence sequence for the CO shift conversion process area is shown in

Figure 3-3. Because the syngas composition, temperature, pressure and flow rate are

already known, the sequence begins with calculation of the split in block NT-ST01 and

the results for streams SC-01 and RC-06. The design specification SC-DS01 must

monitor the steam flow rate of stream SC-STM01 that is input to unit operation block

SC-MIX01. Next, the heat duty on the unconverted syngas side of heat exchanger SC-

HX01 is simulated and the values for stream SC-03 are calculated. Then the reactor SC-

SC01 is calculated and heat duty SC-Q01 is estimated. Finally, the results are iterated by

design specification SC-DS01 with respect to the CO volume percent in the outlet syngas

by varying the steam that enters SC-MIX01 until the convergence is achieved.

 3.2.2 CO2 Removal by Rectisol Method

The main purpose of this Rectisol process area is to remove the bulk amount of

CO2 generated from water-gas shift conversion. The Rectisol process uses liquid

methanol to remove sulfur, carbon dioxide and other impurities such as naphtha and

ammonia by absorption. The removal of CO2 is important in order to favor the catalytic

production of ammonia in the downstream ammonia synthesis system.

In this section, the details of the flow diagram in Figure 3-4 are discussed. The

convergence sequence is shown in Figure 3-5. Key input assumptions on streams, unit

blocks and design specifications are summarized in Table 3-2.
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3.2.2.1 Streams and Unit Operation Blocks

Pickett (2000) has provided a full description on the design base of Rectisol block

for the gasification island of IGCC system. Here, most of his input assumptions will be

applied in this design basis. (Please refer to Table 3-2 for RL-RL01).

Figure 3-4 shows the ASPEN Plus flow sheet for the design base. In the model,

the recycle gas from liquid nitrogen wash will be treated by a steam reformer and another

CO shift converter and then come back to the Rectisol process for further removement of

impurities and serves as additional hydrogen source for ammonia synthesis. Thus, the

syngas stream SC-05 from shift reaction process is combined with the recylced stream

RC-05 Stream in the mixer NT-MIX01. The outlet stream NT-02 of NT-MIX01 enters a

heat exchanger, NT-HX01, and cooled by the low-temperature syngas LN-06 separated

from the liquid nitrogen wash process. Then, the outlet syngas from NT-HX01 enters the

separator RL-RL01 to be purified.
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Figure 3-4. ASPEN Plus flow diagram of the Rectisol process for the design basis
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Table 3-2. Input assumption of Rectisol process for the design basis
Stream

Stream ID Stream Type Stream Parameter Description

  LN-06 Syngas from liquid nitrogen wash

  NT-01 Syngas to ammonia synthesis

  NT-02

Mixture of syngas and recycled

gas to the heat exchanger of

Rectisol

  RC-05
Recycled gas from recirculated

gas treatment process

  RL-01 Syngas to the Rectisol separator

  RL-02 Syngas to liquid nitrogen wash

  RL-STM01

Temperature =444.59 oF

Pressure = 400 psi

Composition: 100 mol% of H2O

Input steam for Rectisol process

  RL-CNS01
Water condensed from the

Rectisol separator and discharged

  RL-CO201
CO2 rich stream from the Rectisol

separator and vented

  RL-NA01
Naphtha rich stream from the

Rectisol separator and vented

  RL-S01
Sulfur rich stream from the

Rectisol separator and vented

  SC-05

  Material

Product syngas from shift

conversion

  RL-Q01   Heat
Refrigeration heat removed from

Rectisol process

Unit Block

Block ID Block Type Block Parameter Description

  NT-MIX01   Mixer
Combine recycled gas and new

syngas

Continued on next page
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Table 3-2 Continued

  NT-HX01   HeatX

Cold stream outlet temperature

approach =50 oF

Pressure drop = 0 psi

Cool incoming syngas from CO

shift conversion by syngas from

liquid nitrogen wash

RL-02:

  Temperature = 75 °F

  Pressure = 400 psi

  Mole Fraction of H2S = 0.0001

RL-CO201:

  Temperature = 70 °F

  Pressure= 16.0 psi

RL-S01:

  Temperature = 75 °F

  Pressure = 25 psi

  Mole Fraction of CO2 = 0.015
  RL-RL01   Sep

RL-CNS01:

  Temperature = 140 °F

  Pressure = 14.7 psi

  Mole Fraction of H2O = 1.0

RL-NA01:

  Temperature = 75 °F

  Pressure = 100 psi

Remove CO2, sulfur compound

and other impurities

Design Specification

Block ID Target variable Target value Manipulated variable

  RL-DS01 CO2 mole fraction in Stream RL-02 5 ppm

Split fraction of CO2 for

Stream RL-02 in

RECT01

The steam consumption for Rectisol process can be estimated if the heat duty of

the Rectisol® process is known, which is met by cooling saturated steam. A typical

number of the required heat duty is 1,722 BTU heat duty/ lbmol of dry syngas input
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(Pickett, 2000). The equation used to calculate the steam requirement is as follows

(Pickett, 2000):

M
H

Q
m ==     (3-1)

where, M  Inlet dry syngas molar flowrate, lbmol/hr

m  Amount of steam required, lb/hr

Q  Heat duty required for Rectisol process, Btu/lbmol dry syngas

H  Enthalpy of saturated steam, Btu/lb

Here, the enthalpy of saturated steam at certain temperature and pressure can be

estimated based on the steam table provided by Çengel and Boles (1998).

In the design basis, the steam requirement of Rectisol process is calculated in the

FORTRAN block RL-F01 that executes Equation 3-1.

Based on the input assumption made by Pickett (2000), the RL-RL01 block

separates the gas into five streams; four are contaminates and the fifth a cleaned syngas

stream, RL-02.  RL-02 has trace amount of H2S and 5ppm CO2 and will go to liquid

nitrogen wash process. 5 ppm is in the range suggested by Lurgi (2001b). The design-

spec RL-DS01 calculates the FRAC of CO2 in stream RL-02 based on given mole percent

of CO2 in clean gas stream.  The acid stream RL-S01 contains all remaining H2S, and will

be sent the Claus plant for the recovery of sulfur in the future.  RL-S01 also contains 1.6

percent of the Rectisol® inlet CO2 and trace amounts of low-weight hydrocarbons.  The

CO2 rich stream, RL-CO201, contains the rest of the CO2 and trace amounts of hydrogen,

carbon monoxide, nitrogen, methane and low-weight hydrocarbons, and will be vented to

the atmosphere according to this assumption but should be further treated in the future if

required.  The naphtha stream, RL-NA01, contains naphtha if any and other impurities,

and will also be treated in a water scrubbing process to remove substantial amount of

ammonia in the future. The stream RL-CNS01 contains the steam condensate from the

Rectisol® process, and will be discarged. The heat stream RL-Q01 represents the
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refrigeration duty needed for the Rectisol process, and will result in some electric power

load.

Cleaned syngas RL-02 will go to the liquid nitrogen wash process for deeper

purification.

3.2.2.2 Temperatures and Pressures

Because Rectisol process runs under low temperature, which is about 75 oF in

Pickett ’s model (2000), It is necessary to lower the temperature of syngas before it goes

into the Rectisol seperator. Following this reasoning the product syngas LN-06 from

liquid nitrogen wash will be used to cool (in NT-HX01) the syngas coming from CO shift

conversion, since liquid nitrogen wash is cryogenic process. Moreover, the syngas

leaving liquid nitrogen wash process need to be heated before coming into the high-

temperature and pressure ammonia synthesis loop. In fact, this kind of configuration has

been described in Section 2.2.3.1, which is used by Lurgi (2001b). In the model, the

syngas and recycled gas mixture leaving NT-MIX01 is at 401 oF and 400 psi, and the

temperature and pressure of stream LN-06 is about 25 oF and 400 psi, respectively.

Through trial and error of temperature profile in the heat exchanger NT-HX01, it

is noticed that the temperature change of hot stream (NT-02) is much less than that of

cold stream (LN-06) due to higher flow rate or/and specific heat. Thus it is more

reasonable to specify cold stream outlet temperature approach when this heat exchanger

is simulated, so as to increase its heat duty as much as possible. 10 oC (about 50 oF) is a

typical approach temperature discussed by Thompson (1999), and this number will be

arbitrarily chosen for NT-HX01 or other heat exchangers in the model if the approach

temperatures have to be specified.

In the design basis, the steam requirement of Rectisol process is calculated in the

FORTRAN block RL-F01 that executes Equation 3-4. The steam (RL-STM01) has the

same pressure as that used in CO shift conversion, but it is saturated for Rectisol process.
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Based on the steam table provided by Çengel and Boles (1998), it will be found that the

saturation temperature of this steam is 444.59 oF and its enthalpy is 1204.5 Btu/lb.

Therefore, 444.59 oF was chosen as the temperature of RL-STM01. This steam will come

LN-TR01
(Stream LN-04)

RC-TR02
(Stream RC-05)

LN-TR02
(Stream LN-06)

Figure 3-5. ASPEN Plus convergence sequenceof Rectisol
Process and Liquid Nitrogen Wash for the design basis
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from the steam cycle of the IGCC system previously developed by Pickett (2000), which

has been discussed in Section 3.2.1.2.

The flash pressures and temperatures of the outlet streams are based on the

Rectisol model previously developed by Pickett (2000), which are shown in Table 3-2.

3.2.2.3 Convergence Sequence

Finally, please check Figure 3-5 for the convergence sequence of the Rectisol

model. Because the composition, temperature, pressure and flow rate of syngas (SC-05)

leaving shift conversion are already known, the sequence begins with calculation of the

mixer in block NT-MIX01. The recycled gas RC-05 is a tear stream, which is unknown

when the NT-MIX01 is calculated for the first time, and should be initialized and solved

in an iterative way. Next, the FORTRAN block RL-F01 will calculate and initialize the

flow rate of steam RL-STM01 based on the composition and flow rate of the stream RL-

02. The design specification LN-DS02 monitors the inlet nitrogen flow rate in liquid

nitrogen wash process area, and is initialized after the FORTRAN block. Its details will

be discussed in Section 3.2.3. Next, the heat duty on the hot side of heat exchanger NT-

HX01 is simulated and the values for stream RL-01 are calculated. The inlet stream LN-

06 to heat exchanger NT-HX01 is a tear stream, and should be initialized before the first

calculation of NT-HX01. Finally, the separator RL-RL01 is calculated given the available

data on stream RL-01, and at the same time the design specification RL-DS01 monitor

the split fraction of product syngas (RL-02) in RL-RL01 to achieve the target CO2 mole

fraction in RL-02.

3.2.3 Liquid Nitrogen Wash

The syngas purified by the Rectisol process will be further treated in the Liquid

Nitrogen Wash process. Almost all impurities will be removed in this process area. In this

way, the following ammonia synthesis loop can operate under a nearly inert free

condition. The off gas from liquid nitrogen wash process contains substantial amount of
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CH4, which can be recycled and used to recover additional hydrogen for ammonia

synthesis through a steam reformer and another low temperature shift converter.

In this section, the details of the flow diagram in Figure 3-6 are discussed. The

convergence sequence is shown in Figure 3-5. Key input assumptions on streams, unit

blocks and design specifications are summarized in Table 3-3.

3.2.3.1 Streams and Unit Operation Blocks

The syngas RL-02 coming from the Rectisol process enters the liquid nitrogen

wash process area shown in Figure 3-6. Heat exchanger LN-HX01 cools it by product gas

leaving liquid nitrogen wash process, and Heater LN-HT01 represents a refrigerator, and

provide additional cool duty to make the syngas reach the specified temperature before

entering liquid nitrogen wash column LN-LN01. This kind of heat transfer configuration

has been discussed in Section 2.2.3.2. After LN-HX01 and LN-HT01, the syngas LN-02

enters the liquid nitrogen wash column LN-LN01. There will be no other external heat or

cool duty needed to finish the liquid nitrogen wash according to a typical configuration

provided by Strelzoff (1981), so the heat duty of stream LN-Q02 should be 0 in the

simulation. Here, the design specification LN-DS1 is used to meet this requirement. In

LN-DS01, the flash temperature of product gas LN-04 in the liquid nitrogen wash column

(LN-LN01) is the manipulated variable.

The liquid nitrogen wash separator LN-LN01 is in fact a simplification of the

more complex process presented by Strelzoff (1981). A “Sep” block in ASPEN Plus

10.1-0 can represent it. For simplicity, the components’ split fractions of product gas

obtained by a mass balance calculation in the section of model calibration are applied in

LN-LN01. The input nitrogen LN-N201 is obtained from the air separation plant. Its flow

rate determines the nitrogen to hydrogen ratio in product syngas, and therefore is an

important design factor to the final ammonia synthesis. Typically, the ratio is set near the

stoichiometric ratio of ammonia synthesis reaction, which is 3 (Appl, 1998). Here, the
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design specification LN-DS02 is used to achieve a H2/N2 ratio of 3 by changing the

nitrogen input (LN-N201).

The liquid nitrogen wash column LN-LN01 separates inlet syngas into two outlet

streams – the off-gas and product gas. The off-gas contains substantial amount of CH4,

some nitrogen, hydrogen and CO, and trace amount of CO2 and sulfur, and will be

recycled to recover hydrogen. The product gas contains only hydrogen and nitrogen, and

will be preheated in the heat exchangers LN-HX01 and NT-HX01 one after another, and

then go to the synthesis loop for ammonia production.

3.2.3.2 Temperatures and Pressures

The heat exchanger LN-HX01 cools the incoming syngas from the Rectisol

process by product gas leaving liquid nitrogen wash, and its cold stream temperature

approach is set as 50 oF, which is a typical value reported by (Thompson, 2001).

Figure 3-6. ASPEN Plus flow diagram of liquid nitrogen wash for the design basis
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Table 3-3. Input assumption of liquid nitrogen wash process for the design basis
Stream

Stream ID Stream Type Stream Parameter Description

  LN-01
Inlet syngas from the heat

exchanger in liquid nitrogen wash

  LN-02
Inlet syngas from the cooler in

liquid nitrogen wash

  LN-04
Product syngas to the heat

exchanger in liquid nitrogen wash

  RL-02
Product syngas from Rectisol

process

  LN-N201

Temperature = -50 oF

Pressue = 400 psi

Composition: 100 mol% of N2

Nitrogen input from the air

separation plant

  LN-06
Product syngas leaving liquid

nitrogen wash amd recycled

  LN-05

  Material

Recycle gas leaving liquid nitrogen

wash

  LN-Q01
Cool duty from the cooler in liquid

nitrogen wash

  LN-Q02

  Heat
Dummy cool duty (will be set as 0

through design specification)

Unit Block

Block ID Block Type Block Parameter Description

  LN-LN01   Sep

LN-05:

  Pressure = 400 psi

LN-04:

  Pressure = 400 psi

  Split fraction of H2 = 0.97211

  Split fraction of N2 = 0.490031

  Split fractions of other

  components = 0

Remove impurities from the

hydrogen and nitrogen mixture

Continued on next page
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Table 3-3. Continued

  LN-HX01   HeatX

Cold stream outlet temperature

approach = 50 oF

Pressure drop = 0 psi

Cool incoming syngas by product

gas

  LN-HT01   Heater

Flash temperature = -50 oF

Flash pressure = 400 psi

Pressure drop = 0 psi

Cool incoming syngas by

refrigeration duty

Design Specification

Block ID Target variable Target value Manipulated variable

  LN-DS01 Heat duty of stream LN-Q02 0
Flash temperature of LN-04 in unit

block LN-LN01

  LN-DS02 H2/N2 ratio in Stream NT-01 3 Mole flow of Stream LN-N201

The flash temperature and pressure of Heater LN-HT01 are set as -50 oF and 225

400 psi, respectively. –50 oF is a typical inlet temperature for liquid nitrogen wash

treatment, which is reported by Strelzoff (1981). 400 psi is the same as the pressure of

incoming syngas.

In the liquid nitrogen wash column LN-LN01, the flash pressures of product gas

(LN-04) and off gas (LN-05) are both set as 400 psi, which assumes no pressure drop

exists in the liquid nitrogen wash column. The flash temperature of off gas LN-05 is set

as –300 oF, which is typical temperature reported by Strelzoff (1981). The flash

temperature of product gas LN-05 is found by the design specification LN-DS01. This

design specification block tries to achieve zero heat duty of the liquid nitrogen wash

column by varying the flash temperature of product gas LN-05.

The temperature and pressure of input nitrogen are determined by the air

separation model in Appendix A, which are –50 oF and 400 psi, respectively. Please refer

to the section for discussion on auxiliary load calculaton of the air separation plant to find

details (Section 3.3).  The nitrogen is sent to the liquid nitrogen wash process in vapor

phase and will be reliquified in coils located in the methane condenser of the liquid
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nitrogen wash process (Strelzoff, 1981). Because the liquid nitrogen wash process has

been simplified in the design basis, such details won’t be considered.

3.2.3.3 Convergence Sequence

The convergence sequence for the liquid nitrogen wash process is shown in

Figure 3-5. Because the composition, temperature, pressure and flow rate of the syngas

(RL02) coming from the Rectisol process are already known, the sequence begins with

calculation of the heat exchanger LN-HX01, and the tear stream LN-04 should be

initialized at the first calculation cycle. The hot-side outlet of LN-HX01 is Stream LN-01.

Next, the cooler LN-HT01 will be simulated. Then the liquid nitrogen wash column LN-

LN01 will be calculated, and at the same time, the design specification LN-DS01 iterates

to monitor the heat duty (LN-Q02) of LN-LN01 to achieve the target flash temperature of

product gas LN-04. Finally, the design specification LN-DS02 is returned and iterated to

achieve the target hydrogen to nitrogen ratio in the stream NT-01 (Figure 3-4). This

stream will enter the synthesis loop for ammonia production.

3.2.4 Steam Reforming for Recirculated Gas Treatment

The purpose of the steam reforming process area is to convert CH4 in the recycled

gas from liquid nitrogen wash process to CO and H2. The hydrogen recovered in this way

and produced in the following low temperature CO shift conversion can come back to the

main stream of the system for ammonia synthesis.

In this section, the details of the flow diagram in Figure 3-7 are discussed. The

convergence sequence is shown in Figure 3-8. Key input assumptions on streams, unit

blocks and design specifications are summarized in Table 3-4.
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3.2.4.1 Streams and Unit Operation Blocks

Figure 3-7 shows the ASPEN Plus flow diagram of steam reforming for the

design basis. The off-gas LN-05 from liquid nitrogen wash process is mixed with steam

RC-STM01 in RC-MIX01. A design specification block, RC-DS01, tries to find how

much steam (mole flow rate) is needed to achieve 14% (Appl, 1998) for the outlet CH4

dry mole fraction in stream RC03, which is the direct product of steam reforming

reaction taking place in RGibbs block – RC-SR01.

The product gas RC-03 from steam reformer RC-SR01 heats the reactant gas RC-

01 in Heat exchanger RC-HX01. Stream RC-01 is the outlet steam-gas mixture from the

mixer RC-MIX01. This kind of configuration is reported by Strelzoff (1981).

Reactor RC-SR01 is actually assumed as a primary reformer and there is no

secondary reformer in this ammonia system. This assumption is made because the steam

reformer is not the one especially for syngas production, which means the feedstock

(recirculated gas) to the steam reforming is not pure natural gas and its reaction load is

not high.

The RGibbs block RC-CB01 represents a fuel gas combustor to support the

endothermic steam reforming reaction in RC-SR01. The major reactions taking place in

RC-CB01 are:

CH4 + 2O2 →   CO2 + 2H2O     (3-2)

CO + 1/2O2 →   CO2     (3-3)

H2 + 1/2O2 →   H2O     (3-4)

The flue gas from RC-CB01 will be used to generate steam. This configuration of

heat transfer is reported by Strelzoff (1981). For convenience, part of the fresh syngas to

the whole ammonia system or fuel gas from purge gas recovery will serve as the

feedstock for combustion (RC-06). A design specification block, RC-DS02, is used to
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determine the split fractions in NT-ST01 (Figure 3-2) or PG-ST01 (Figure 3-10) needed

for the combustion in RC-CB01. Because syngas is more critical for an ammonia plant, it

should not be used for combustion unless the purge gas is not enough.

Stream RC-AIR01 contains air for combustion in RC-CB01. If it is assumed that

the combustion reactions in RC-CB01 can reach the extent of 100%, the mole flow rate

of air input can be roughly determined based on their stoichiometric coefficients as

follows:

MAir=(2×MCH4+0.5×MCO+0.5×MH2)×100/20.9     (3-5)

Where, MAir – Mole flow rate of RC-AIR01

MCH4, MCO, MH2 – Mole flow rates of CH4, CO and H2 in RC-06

and Fortran block RC-F01 will implement Equation 3-5.
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Figure 3-7. ASPEN Plus flow diagram of steam reforming
for recirculated gas treatment for the design basis

LN-05
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Table 3-4. Input assumption of steam reforming for
recirculated gas treatment for the design basis

Stream

Stream ID Stream Type Stream Parameter Description

  RC-01

Mixture of recycled gas and

steam to the heat exchanger in

steam reforming

  RC-02 Reactant gas to steam reformer

  RC-03 Product gas from steam reformer

  PG-04
Fuel gas from purge gas

recovery

  RC-STM01

Temperature = 450 oF

Pressure = 400 psi

Composition: 100 mol% of H2O

Input steam for steam reforming

  LN05

Recyle gas from liquid nitrogen

wash and feedstock for steam

reforming

  RC-04
Recirculated gas to low

temperature CO shift conversion

  RC-06
Part of the fresh syngas used as

fuel gas for steam reforming

  RC-07
Flue gas leaving the firebox of

steam reformer

  RC-08
Flue gas leaving steam

reforming process

  RC-AIR01

  Material

Temperature = 59 oF

Pressure = 14.7 psi

Composition: 79.1 mol% of N2

                       20.9 mol% of O2

Input air for combustion

  RC-Q01
Heat to support the steam

reforming reaction

  RC-Q03
Dummy heat stream from the

steam reforming furnace

  RC-Q04

  Heat

Heat recovered from the flue gas

leaving steam reforming furnace

Continued on next page
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Table 3-4. Continued

Unit Block

Block ID Block Type Block Parameter Description

  RC-MIX01   Mixer Pressure drop = 0 psi
Mix the recirculated gas with

steam for steam reforming

  RC-HX01   HeatX

Hot stream outlet

temperature =401 oF

Pressure drop = 0 psi

Use product gas of steam

reforming to heat the reactant

  RC-SR01   RGibbs

Temperature =1472 oF

Pressure =400 psi

Pressure drop = 0 psi

Steam reformer

  RC-CB01   RGibbs

Temperature = 1500 oF

Pressure =1 atm

Pressure drop = 0 psi

The firebox of fuel gas

  RC-HT02   Heater
Flash Pressure = 1 atm

Pressure drop = 0 psi

Use the waste heat of flue gas to

generate steam

Design Specification

Block ID Target variable Target value Manipulated variable

 RC-DS01
Dry mole fraction of CH4 in

RC-03
14% Mole flow rate of RC-STM01

 RC-DS02 Heat duty of RC-Q03 0
Split ratio of PG-10 in PG-ST01  or

Split ratio of RC-06 in NT-ST01

The flue gas from the steam reforming combustor RC-CB01 will enter the cooler

RC-HT02, and the heat (RC-Q04) recovered from RC-HT02 will go to the global heater

SC-HT01 to generate steam. This modified configuration has been discussed in Section

3.2.1.1.

3.2.4.2 Temperatures and Pressures

The temperatures and pressures in the steam reforming process area are based

upon best judgments and reported values in the literature.
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The temperature and pressure of steam RC-STM01 are 450 oF and 400 psi, which

is a default value discussed in Section 3.2.1.2.

The cold outlet temperature of RC-HX01 is specified as 205 oC, which is a typical

value for the operating temperature of low-temperature shift conversion. The shift

converter for recirculated gas treatment will be discussed later (Section 3.2.5).

The operating temperature and pressure of RGibbs reactor RC-SR01 are 400 psi

and 1472 oF. 400 psi equals the pressure of inlet stream (LN-05) to steam reforming

process, which means no pressure drop is assumed in this process area. 1472 oF is in the

Figure 3-8. ASPEN Plus convergence sequence of steam reforming and
CO shift conversion for  recirculated gas treatment for the design basis
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range of 1382 oC – 1472 oF provided by UNIDO (1998). The fuel gas combustor RC-

CB01 operates under ambient pressure and 1500 oF, which is in the range of 1350 oF to

1700 oF (Strelzoff, 1981).

The combination of RC-HT02 and SC-HT01 can simulate a countercurrent heat

exchanger between flue gas from steam reforming and waste heat water. Here, the outlet

stream RC-08 of RC-HT02 is like the hot outlet stream of the imaginary heat exchanger

and SC-WTR01, the cold inlet stream. The imaginary hot outlet temperature approach

(temperature of RC-08 – temperature of SC-WTR01) is arbitrarily set as 72.5 oF, thus the

flash temperature of RC-HT02 is about 131.5 oF, which is 72.5 oF greater than the

temperature of SC-WTR01 (59 oF). 72.5 oF is a little bit higher than the temperature

approaches that have been set for other heat exchangers, which is 50 oF. It has been

chosen because it’s the minimal value that can be successfully used to run the model.

3.2.4.3 Convergence Sequence

Finally, the convergence sequence for the steam reforming process is shown in

Figure 3-8. Because the composition, temperature, pressure and flow rate of recycled gas

from liquid nitrogen wash process are already known, the sequence begins with

calculation of the mixing in block RC-MIX01. At the same time, the design specification

RC-DS01 must monitor the mole flow rate of steam RC-STM01 that is input to unit

operation block RC-MIX01. Next, the heat duty on the cold side of heat exchanger RC-

HX01 is simulated and the values for stream RC-02 are calculated. When the result of

RC-02 is available, the unit block RC-SR01 will then be simulated. Then, the results are

iterated by the design specification RC-DS01 with respect to the CH4 mole fraction in the

outlet stream from RC-SR01 by varying the steam that enters RC-MIX01 until the

convergence is achieved. The heat duty of stream RC-Q01 can be found through the

calculation of RC-SR01. The simulation of steam reforming furnace is proceeded after

the result of the low temperature shift converter RC-SC01 is available. RC-F01 estimates

the flow rate of air stream RC-AIR01. After RC-AIR01 is initialized, the combustor RC-

CB01 and RC-HT02 will be calculated one after another. The design specification RC-
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DS02 is initialized at the beginning of the convergence sequence of the whole ammonia

system and returned after the convergence sequence of synthesis loop is finished.

3.2.5 CO Shift Conversion for Recirculated Gas Treatment

The purpose of this CO shift conversion process area is to convert CO in the

recycle gas to CO2, the latter of which is more easily removed after the recycle gas comes

back to the main syngas stream and when it is treated in the Rectisol porcess.

Furthermore, this shift conversion process favors the formation of additional hydrogen

from the H2O in the recycle gas, and will finally increase the ammonia yield.

In this section, the details of the flow diagram in Figure 3-9 are discussed. The

convergence sequence is shown in Figure 3-8. Key input assumptions on streams, unit

blocks and design specifications are summarized in Table 3-5.

3.2.5.1 Streams and Unit Operations Blocks

Figure 3-9 shows the ASPEN Plus flow diagram of CO shift conversion for

recirculated gas treatment in the design basis. The product gas leaving steam reforming

(RC-04) enters the CO shift converter RC-SC01 before it is cooled in the heat exchanger

RC-HX01 by the incoming recycle gas (RC-01) to steam reformer (RC-SR01). The outlet

gas RC-05 from the shift converter RC-SC01 will come back to the mixer NT-MIX01

and join the main syngas stream SC-05.

Heater RC-HT01 is used to simulate the condensation in the CO shift converter,

just as what have been done to the shift converter for fresh syngas treatment (refer to

Section 2.2.2). The flow rate of inlet water to RC-HT01 is determined by a FORTRAN

block, RC-F02. This FORTRAN block use a steam to water ratio obtained from trial-and-

error method to estimate the amount of water needed. The same method has been

discussed in Sections 3.2.1.1 and 3.2.1.2.
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This shift conversion for recycle gas treatement doesn’t need additional steam,

because the gaseous mixture leaving steam reforming contains about 11 mol% of steam,

its CO mole flow rate is relative low compared with the main syngas stream and the CO

concentration is only about 10 mol%. The effluent from this shift conversion contains

only about 2 mol% of CO.

3.2.5.2 Temperatures and Pressures

The heat exchanger RC-HX01 cools the product gas leaving steam reforming

(RC-04) to 205 oC (401 oF). RC-SC01 represents a low-temperature shift converter in

Lurgi ammonia synthesis process. And for the low-temperature shift converter that have

been chosen here, 401 oF and 400 psi are the operating temperature and pressure. 205 oC

(401 oF) is an average number of the ranges given by Appl (1998). 400 psi is the same as

the operating pressure of the high temperature shift conversion that has been discussed.

Because the operating temperature of shift conversion here is only 401 oF, the

heat generated from the shift reaction can not be used to produce a steam with a

Figure 3-9. ASPEN Plus flow diagram
of CO shift coversion for recirculated

gas treatment for the design basis
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temperature of 444.59 oF. Hence, it is arbitrarily assumed that the generated steam has a

temperature of 195 oC (383 oF), which is 10 oC less than the operating temperature of the

shift converter. Here, 10 oC is also chosen as the approach temperature, just like what has

been done for the heat exchanger LN-HX01 in Section 3.2.3.2. The condensate consists

of pure water under 59 oF and 14.7 psi, which is also the default values for other process

areas.

Table 3-5. Input assumption of CO shift conversion
process for recirculated gas treatment for the design basis

Stream

Stream ID Stream Type Stream Parameter Description

  RC-04
Recirculated gas leaving steam

reforming process

  RC-05
Recirculated gas coming back

to Rectisol process

  RC-RD01 A dummy stream

  RC-WTR01
Temperature =59 oF

Pressure = 14.7 psi

Water for condensation in

shift converter RC-SC01

  RC-STM02

  Material

Steam generated from

condensation

  RC-Q02   Heat
Heat removed from CO shift

reaction

Unit Block

Block ID Block Type Block Parameter Description

  RC-SC01   REquil

Temperature = 205 oC (401 oF)

Pressure = 400 psi

Pressure drop = 0 psi

Reaction:

  CO+H2O ↔ CO2+H2

  Temperature approach = 86.6 oF

The low-temperature CO shift

converter for recirculated gas

treatment

  RC-HT01   Heater
Flash temperature=195 oC (383 oF)

Pressure drop = 0 psi

Condenser in the CO shift

converter
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3.2.5.3 Convergence Sequence

Figure 3-8 shows the convergence sequence of the CO shift conversion for

recycled gas treatment. The calculations of RC-SC01 and RC-HT01 are separated by

other sequence blocks for the purpose of faster convergence.

3.2.6 Synthesis Loop

The purpose of the ammonia synthesis loop is to convert the makeup gas

(hydrogen and nitrogen) into ammonia, and separate the ammonia from the product

mixture by condensation. The tail gas from the ammonia condensation is called purge

gas. Purge gas contains residual hydrogen, nitrogen and ammonia, and can be recycled to

the compressor of the synthesis loop to increase the ammonia conversion rate, treated by

further purge gas recovery or combusted in the steam reforming furnace to support the

endothermic stream reforming reaction. In this Lurgi ammonia system, because the

combination of the Rectisol process, liquid nitrogen wash and recirculated gas treatement

can assure the makeup gas to synthesis loop reach a inert free state, no specific purge gas

treatment process is needed. However, a water scrubbing process may be needed in the

future to remove any substantial ammonia emission.

In this section, the details of the flow diagram in Figure 3-10 are discussed. The

convergence sequence is shown in Figure 3-11. Key input assumptions on streams, unit

blocks and design specifications are summarized in Table 3-6.

3.2.6.1 Streams and Unit Operation Blocks

Figure 3-10 shows the ASPEN Plus flow diagram of ammonia synthesis loop. The

makeup gas NT-01 from the liquid nitrogen wash process area enters a five-staged

isentropic compressor AS-CP01, in which the pressure of makeup gas is raised to the

specified value for ammonia synthesis reaction. The discharge temperature of the

compressor is specified as the operating value in ammonia converter. The isentropic
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efficiency of each compressor stage is set as 0.89, which is a typical number used by

Pickett (2000). Because the purge gas recycled only has a little pressure drop in synthesis

loop, it will directly enter the last stage of syngas compressor. Heater AS-HT02 simulates

the overall cooling process of the five intercoolers in the makeup gas compressor. Here,

the FORTRAN block AS-F01 tries to find the mole flow rate of inlet cold water AS-

WTR02 to AS-HT02 to achieve target temperature of the heated outlet water AS-

WTR03. The FORTRAN block AS-F01 is implemented based on the cold water to hot

Figure 3-10. ASPEN Plus flow diagram of ammonia
conversion process for the design basis
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water ratio obtained from trial-and-error method. This strategy of simulation has been

discussed in Section 3.2.1.1 and 3.2.1.2.

The compressed make up gas AS-01 enters the ammonia reactor AS-AS01.

Because the reaction in ammonia converter can come close to equilibrium in most plants

today (Appl, 1998), a REquil type reactor (AS-AS01) will be used in ASPEN Plus to

represent the ammonia converter. The heat duty AS-Q01 from the exothermic ammonia

reaction will go to the global heat recovery block SC-HT01 for steam generation. This

configuration has been discussed in Section 3.2.1.1.

The effluent (AS-02) from ammonia converter first cooled by the purge gas (PG-

02) from the ammonia condenser (AS-CN01) in the heat exchanger AS-HX01 and

product ammonia (AS-06) leaving ammonia flash column (AS-FL01) in AS-HX02, and

then enters ammonia condenser, from which the ammonia is separated in liquid phase.

After condensation, the pressure of product ammonia can be further reduced in the flash

column, AS-FL01 (Appl, 1998).

The overhead gas (PG-01) of AS-FL01 and purge gas (PG-03) from ammonia

condenser are mixed in PG-ST01. One part (PG-04) of effluent from the splitter PG-ST01

serves as the fuel gas for the steam-reforming furnace, and the rest (PG-05) goes back to

syngas compressor for ammonia production. The design specification RC-DS02 can

monitor the split fraction of PG-04 in the splitter PG-ST01 to satisfy the heat requirement

of steam reforming, and purge gas has higher priority than fresh syngas to support the

steam reforming reaction, which has been discussed in Section 3.2.1.1.

3.2.6.2 Temperatures and Pressures

The temperatures and pressures in the shift conversion process area are based

upon best judgments and reported values in the literature.
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Table 3-6. Input assumption of synthesis loop for the design basis
Stream

Stream ID Stream Type Stream Parameter Description

  NT-01

Incoming syngas to synthesis

loop from the heat exchanger

in the Rectisol process

  AS-WTR02

Temperature =59 oF

Pressure =14.7 psi

Composition: 100 mol% H2O

Cooling water for the

intercoolers of syngas

compressor

  AS-WTR03

Hot water generated by the

intercoolers of syngas

compressor

  AS-01
Makeup gas to ammonia

converter

  AS-02
Product gas from ammonia

converter

  AS-RD01
Dummy stream from ammonia

converter

  AS-03

Product gas leaving the first

heat exchanger in synthesis

loop

  AS-04

Product gas leaving the second

heat exchanger in synthesis

loop

  AS-05
Product gas from ammonia

condenser

  PG-02
Purge gas from ammonia

condenser

  PG-03
Purge gas from the first heat

exchanger in synthesis loop

  AS-06
Product gas from ammonia

flasher

   PG-01

  Material

Purge gas from ammonia

flasher

   Continued on next page
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   Table 3-6. Continued

  AS-NH301
Ammonia product from

synthesis loop

  PG-05
Purge gas recycled for

ammonia synthesis

  PG-04
Fuel gas to steam reformer for

recirculated gas treatment

  AS-Q01
Cool duty of the ammonia

converter (to SC-HT01)

  AS-Q02
Cool duty of the ammonia

condenser (Refrigeration)

  AS-Q03
Cool duty of the ammonia

flash column (Refrigeration)

  AS-Q04

  Heat

Cool duty of the intercoolers

of synthesis compressor (to

AS-HT02)

  AS-W01   Work
Electrical power for syngas

compression

Unit Block

Block ID Block Type Block Parameter Description

  AS-CP01   MCompr

5 stages

Isentropic for each stages = 0.89

Discharge pressure = 220 bar

Discharge temperature = 662 oF

Make up gas outlet temperature

of incoolers 1,2,3,4 = 80 oF

Syngas compressor for

ammonia synthesis

  AS-HT02   Heater
Flash pressure = 1 atm

Pressure drop = 0 psi

Cold side of Intecoolers for

syngas compressor

  AS-HX02   HeatX

Cold stream outlet temperature

approach =50 oF

Pressure drop = 0 psi

Cooling raw product ammonia

by final product ammonia

   Continued on next page
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   Table 3-6. Continued

AS-CN01   Flash2

Flash temperature = -13.3 oF

Flash pressure = 207.5 bar

Pressure drop = 0 psi

Ammonia condenser

  PG-ST01   FSplit Pressure drop =0 psi

Split the purge gas and send

part of it back to ammonia

conversion

  AS-FL01   Flash2

Flash temperature = -13.3 oF

Flash pressure = 20 bar

Pressure drop = 0 psi

Adjust the pressure of product

ammonia

  AS-HX01   HeatX

Cold stream outlet temperature

approach =50 oF

Pressure drop = 0 psi

Cooling raw product ammonia

by purge gas from ammonia

condenser

  AS-AS01   REquil

Operating pressure = 220 bar

Pressure drop = 0 psi

Reaction:

  N2 +3 H2 ↔ 2NH3

  Temperature approach = 0 oC

Ammonia converter

The outlet pressure and temperature of compressor is set as 220 bar and 662 oF

(Appl, 1998), which are the same as the operating temperature of the ammonia converter

AS-AS01. The first four intercoolers in the compressor all have an outlet temperature of

80 oF (Kiersz, et al., 1987). The outlet pressure of the heater AS-HT02 is set as the

ambient value. Its outlet temperature is set as 85 oF (Kiersz, et al., 1987) and will be

achieved by the specific inlet water flow rate calculated by the FORTRAN block AS-

F01. The approach temperature of ammonia synthesis reaction in it is set as 0 oC, which

is a number obtained from the section of model calibration.

The flash temperature in ammonia condenser AS-CN01 is –13.3 oF  (Appl, 1998).

At the same time, because the typical pressure drop of recirculated purge gas is about 5 –

20 bar (Appl, 1998), the flash pressure of ammonia condenser is arbitrarily set through

the following equation:



68

220 - (5 + 20)/2 = 207.5 bar     (3-6)

where, 220 bar is the outlet pressure of Compressor AS-CP01

The flash temperature and pressure in the ammonia flasher AS-FL01 are assumed as –

13.3 oF and 20 bar.

The cold outlet temperature approach of the heat exchanger AS-HX01 and AS-

HX02 are all assumed as 50 oF, a defaut number discussed in Section 3.2.3.2.

3.2.6.3 Convergence Sequence

The convergence sequence for the synthesis loop process area is shown in Figure

3-11. Because the composition, temperature, pressure, and flow rate of the makeup gas

NT-01 are already known, the sequence begins with calculation of the multi-staged

compressor AS-CP01 and the results of material stream AS-01 and work stream AS-

W01. The recycled purge gas stream PG-05 is a tear stream and should be initialized

before the calculation of AS-CP01 at the first simulation cycle. After the result of stream

AS-01 comes out, the ammonia converter AS-AS01 is simulated. Next, based on the

available outlet stream (AS-02) from AS-AS01, the heat exchangers AS-HX01 and AS-

HX02 are calculated one by one, and before the calculation of these two heat exchangers,

the tear stream PG-02 and AS-06 need to be initialized for the first simulation cycle.

Next, the ammonia condenser AS-CN01 and ammonia flasher AS-FL01 are calculated

one after another. Based on the result from simulation of them, the tear stream PG-02 and

AS-06 will be converged by iteration. Finally, the splitter PG-ST01 is calculated.

The FOTRAN block AS-F01 and heater AS-HT02 are simulated at the end of the

whole sequence of the ammonia system for the purpose of faster convergence. And the

design specification RC-DS02 monitor the split fraction of PG04 in splitter PG-ST01

outside of the main sequence of synthesis loop, and try to satisfy the heating requirement

of the steam reforming. If the split fraction PG-04 have reached 100 % in the result but is

still not enough to support the steam reforming reaction, it will be set as 1, the



69

manipulated variable of RC-DS02 will be reset as the split fraction RC-06 in NT-ST01

and the whole ammonia model should be reruned.

3.2.7 Heat Recovery Process Areas

This section describes the method used to estimate the water flow rate to each

heat recovery blocks in the design basis.

The high-temperature CO shift converter (SC-SC01), steam reforming furnace

(RC-CB01) and ammonia converter (AS-AS01) operate at 743 oF, 1500 oF and 662 oF,

respectively, so they can be used as the heat source to produce a saturated steam at about

400 psi and 444.59 oF. Thus the heat streams from the high-temperature CO shift

converter (SC-Q01), the steam reforming (RC-Q04) and the ammonia converter (AS-

Q01) will be combined to produce steam in one heater block, which is SC-HT01.

AS-TR03
(PG-02)

PG-TR03
(PG-4)

AS-TR01
(PG-05)

AS-TR02
(AS-06)

AS-CP01

AS-AS01

NT-ST01

RC-DS02

AS-HX01

AS-HX02

AS-CN01

AS-FL01

PG-ST01

AS-F01

AS-HT02

Figure 3-11. ASPEN Plus convergence sequence of synthesis loop for the design basis

Tear StreamDesign
Specification

Unit Block
or Stream
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Through trial-and-error method, it was found that given the fixed inlet

temperature and pressure of cold water, which are 59 oF and 1 atm, and outlet pressure

and vapor fraction of steam, which are about 400 psi and 0.995 (close to the saturation

point), about 234 lbmol/hr of water is needed to recover about 5.24×106 Btu/hr of heat.

Then the water to heat ratio is:

heatBtu/waterlbmol1047.4)hr/Btu1024.5/()hr/lbmol234( 56 −×=×     (3-7)

Based on the ratio got from Equation 3-7, a FORTRAN block, SC-F01, will be set up to

calculate the water flow rate to heater SC-HT01 at any system material load in the

following way:

)QQQ(1047.4Q1047.4M 321
55 ++×=×= −−     (3-8)

where, M – Mole flow rate of SC-WTR01 at 59 oF and 1 atm, lbmol/hr

Q – Total heat duty of SC-HT01

Q1, Q2, Q3 – Heat duty of SC-Q01, AS-Q01 and RC-Q04, respectively

This method is valid because the properties of inlet and outlet streams for the

heaters are pre-specified and will not be changed at different syngas input, and therefore

the water input is proportional to the heat duty input.

SC-HT01 calculated at the end of the convergence sequence. This configuration

combined with the application of FORTRAN blocks instead of design specifications will

simplify the convergence sequence, and make the model converge faster.  The same

method is used for the heater RC-HT01 in its related FORTRAN block RC-F02, and AS-

HT02 in its related FORTRAN block AS-F01.

Because RC-SC01 is a low temperature shift converter that operates at 401 oF, it

can’t serve as a heat source to produce the saturated steam at about 444.59 oF. Thus its

heat recovery will be simulated separately. For the similar reason, AS-HT02 only
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generate heated water, but not steam, so it is not combined with the global steam

generator SC-HT01.

3.3 Auxiliary Power Loads

This section discusses the approaches to calculate auxiliary power loads for the

design basis of Lurgi ammonia process. There are several process areas that consume

electric power, which are the makeup gas compression, recycle gas compression,

refrigeration in the Rectisol, liquid nitrogen wash and ammonia condensation process

areas. Air separation also needs power load, but only the nitrogen compression and

refrigeration power consumption in the air separation plant will be considered in the

design basis, because other parts of the air separation process are related with the oxygen

consumption for the gasification island of the whole IGCC system. Table 3-7 summarizes

the process areas involved and method used to estimate auxiliary power loads in the

design basis. In the ASPEN Plus model, the total power consumption is calculated in the

FORTRAN block TWORK that is implemented at the end of the convergence sequence.

Table 3-7. Process areas involved and methods used
to estimate auxiliary power load in the design base

Process Areas Type Method for Estimation

Rectisol Published data

Liquid Nitrogen Wash

Ammonia
Condensation

Cooling of
Input Nitrogen

Refrigeration

Calculation based on theories of refrigeration cycles

Syngas
compression

Nitrogen compression
Compression Reported by ASPEN Plus model
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3.3.1 Rectisol  Process

The electrical requirements for the Rectisol® process can be calculated by

Equation 3-9 (Eustis and Paffenbarger, 1990):

oGC,R,RECT M 0.267 W =     (3-9)

where, WRECT  = Electricity required, in kW, for the Rectisol® process

MR,GC,o = Molar flowrate of dry, clean syngas, lbmol/hr.

In the ASPEN Plus flow sheet, the mole flow rate of dry, clean syngas can be calculated

by subtracting the total mole flow rate of stream RL-01 by the H2O mole flow rate in

stream RL-01.    

3.3.2 Refrigeration

Electric power consumption for refrigeration can be estimated based on the ideal

Carnot coefficient of refrigeration performance (ICCOP). The theoretic definition of

coefficient of refrigeration performance is represented by Equation 3-10 (ASHRAE,

2001):

Coefficient of Performance (COP)

= (Refrigeration Capacity) / (Power Input) = (Heat Removed) / (Work Done)   (3-10)

The Ideal (Carnot) Coefficient of Performance is given by (ASHRAE, 2001):

ICCOP = TC / (TH - TC)   (3-11)

where, TC, TH – the minimum and maximum temperature in the refrigeration cycle, K.

And, the refrigeration efficiency, ç, is given by (ASHRAE, 2001):
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ç = COP / ICCOP   (3-12)

where, typically, ç < 0.5 or 50%. (Tristan Technologies, 2001)

So, in the design basis for the Lurgi ammonia synthesis process, if the cool duty

and the operating temperature of a cooler, the ambient temperature and refrigeration

efficiency ç are known, the power consumption for refrigeration can be roughly

calculated through following Equation:

)
TT

T
(

movedReHeat
InputPower

CH

C

−
η

=   (3-13)

And 0.45 will be arbitrarily chosen as the refrigeration efficiency, η in the design basis.

This number is less than 50 %.

In the ASPEN Plus model, based on Equation 3-12, for the refrigeration in liquid

nitrogen wash, the heat duty of LN-Q01 represents “Heat Removed”. The flash

temperature of heater LN-HT01 represents TH, and TC is always assumed as the ambient

value, which is 288.3 K (59 oF). Please refer to Table 3-8 for the input assumptions for

refrigeration calculation of other process areas. The electric power consumption in the

Rectisol process is also for refrigeration, but there is a different method to calculate it,

which has been discussed in Section 3.3.1. So Table 3-8 doesn’t include the refrigeration

of Rectisol process.

Table 3-8. Input assumptions for refrigeration calculation in the design basis
η Heat Removed TH TC

Liquid nitrogen wash 0.45 Heat duty of LN-Q01 Flash temperature of LN-HT01 288.3 K

Ammonia condenser 0.45 Heat duty of AS-Q02 Flash temperature of AS-CN01 288.3 K

Ammonia flasher 0.45 Heat duty of AS-Q03 Flash temperature of  AS-FL01 288.3 K

Nitrogen cooling 0.45 Heat duty of AP-Q05 Flash temperature of AP-HT04 288.3 K

Note: 1. The name of each input variable is based on Equation 3-12

          2. The electric power for nitrogen cooling is calculated in Appendix A
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3.3.3 Additional Power for Air Separation

For a typical IGCC system without co-production of ammonia, the nitrogen

generated from air separation plant is usually vented to the atmosphere.  The auxiliary

power load for this kind of air separation system has been estimated by Pickett (2000).

Appendix A provides another air separation model developed in ASPEN Plus. This

model has been used to find the pressure and temperature of nitrogen from the cryogenic

separator and the needed compression and refrigeration power consumption before this

product nitrogen enters the liquid nitrogen wash process, which is 1.35 kWh/lbmol

nitrogen treated for ammonia synthesis, or the total electric power consumped for air

separation but based on unit amout of nitrogen output, which is 2.67 kWh/lbmol nitrogen

treated. Thus, given the mole flow rate of inlet nitrogen (LN-N201) to liquid nitrogen

wash process, these two ratios will be used to calculate the power load associated with

the nitrogen pretreatment or air separation (if the air separation only belongs to the

ammonia synthesis system) through Equation 3-14 or 3-15, respectively.

2N1 M35.1W ==     (3-14)

2N2 M67.2W ==     (3-15)

where, W1  Electric power load associated with the nitrogen compression and

precooling, kW;

W2  Electric power load assciated with the air separation plant just for the

ammonia synthesis, kW (based on the nitrogen used for the liquid nitrogen wash

process);

2NM   Mole flow rate of the inlet nitrogen to the liquid nitrogen wash process,

lbmol/hr (Stream LN-N201 in the design basis)
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3.4 Environmental Emissions

Several process areas in the Lurgi ammonia synthesis system will generate

emissions. Almost all of them leave this system in vapor phase. According a simplified

assumption made by Pickett (2000), the tail gas from Rectisol  process will contains

trace amount of H2S and Substantial amount of CO2. Because the purge gases that go to

the steam-reforming furnace contain N2, H2 and small amounts of ammonia, the outlet

flue gas from this furnace may contain NOx and residual NH3. Moreover, the steam

reforming reaction itself will produce some ammonia because it proceeds at high-

temperature and high pressure and there are some N2 and H2 in the reactant. This part of

ammonia will leave the ammonia synthesis system from the Rectisol process.

Typically, in the design basis, based on a 1000 lbmol/hr of syngas input, all of the

fuel gas (PG-04) is from the purge gas recovery. The maximum possible fuel-bound NOX

emission (reported as NO2) that might occur will be about 8726 ppmv or 288 lb/MBtu if

it is assumed that all of the ammonia in the fuel gas is converted to NO2. On the contrary,

if all ammonia leaves unconverted, the maximum ammonia emission with respects to

steam reforming furnace will be about 8726 ppmv.

Most of the ammonia emitted in the design basis is from the tail gas (RL-NA01)

of Rectisol process. A typical number is about 1.84×10-3 lb/lb ammonia produced, which

is far greater than that from the steam reforming furnace (3.6×10-7 lb/lbammonia

produced). This substantial amount of ammonia shouldn’t be emitted directly to the

atmosphere. A possible solution in the future is to use additional water scrubbing and

distillation to recover ammonia from the tail gas.
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4.0 CASE STUDY ON THE PERFORMANCE AND EMISSION MODEL OF

THE LURGI AMMONIA SYNTHESIS PROCESS

This chapter describes a case study based on the design basis described in Chapter

3.0. Section 4.1 will give the input assumption of key operating parameters to the base

case ammonia plant, and in Section 4.2 the important results from the simulation will be

displayed, such as the mass and energy balance, emission data and auxiliary load for the

overall system or individual unit operations. Section 4.3 discusses the pre-assessment on

the performance and emissions of the base case ammonia model integrated with the

IGCC system, and Finally in Section 4.4, the verification of total auxiliary power load for

the base-case ammonia system is performed.

4.1 Input Assumptions for the Case Study

Table 4-1 gives some key input assumption of the IGCC model application of

10,000 lb methanol/hr by Pickett (2000).

This model application that has been further revised by Chi and Li (refer to

Appendix D) choose American Waste Fuel (Pickett, 2000) as the feedstock of

gasification, and includes the integrated simulations of gasification island, gas cooling

and cleaning, liquor separation, sulfur recovery, fuel gas saturation, gas turbine, steam

cycle, liquid phase methanol production and purge gas recycle. In this application, the

purified syngas leaving the Rectisol block for gas cleaning is the direct feedstock for

methanol production. It will be also used as the input syngas for the ammonia synthesis in

the case study, just like the Multi-purpose Gasification process developed by Lurgi

(2001a). Table 4-2 shows key input assumption including properties of this input syngas

and the chosen flow rate for the case study of the ammonia model. Other input and design

assumption for the ammonia synthesis process is the same as that in the design basis

provided in Chapter 3.
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Table 4-1. Key Input Assumptions of the IGCCmodel used to generate

syngas for ammonia synthesis in the case study (Pickett, 2000)

Parameter Value

ASPEN Plus Model IGCC System with Methanol Production and Purge Gas

Recycle, and Calibrated to Pittsburgh No. 8 Coal

Fuel American Waste Fuel

Methanol Produced, lb/hr 10000

Gasification Island

   Combustion Zone Temperature, oF 3196

   Gasification Zone Temperature, oF 1300

   Heat Loss from Gasifier, % 1.0

   Exiting Syngas Temperature, oF 297.7

   Steam-to-oxygen Molar Ratio 1.087

Gas Cleaning Process Area

  CO2 in Clean Syngas, mole% 2.0

Fuel Gas Saturation Process Area

   Saturation Level, % 45.8

   Exit Syngas Temperature, oF 572

Table 4-2. Key input assumption for the
case study on the ammonia synthesis system

Fresh syngas

(Pickett, 2000 and Appendix D)

Mole flow rate, lbmol/hr 1000

Temperature, oF 75

Pressure, psi 400

Vapor fraction 1

Mole fraction

  H2 0.352

  N2 0.011

  H2S 0.429ppm

  CH4 0.112

  CO 0.505

  CO2 0.02

  Total 1

Continued on next page
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Table 4-2. Continued

Hydrogen to nitrogen ratio 3

Purge gas recycle ratio

(beside the purge gas for combustion)
100 %

4.2 Model Results

In this section, the model result of the case study with ammonia synthesis process

described in Section 4.1 will be discussed. Table 4-3 presents the mass balance

simulation results. Table 4-4 provides the steam consumption and production results for

the overall process and individual process areas. Table 4-5 gives a summary on the

energy balance results. Table 4-6 shows the total auxiliary power load of the ammonia

system, and finally, the emissions from the case study is summarized in Table 4-7.

Table 4-4 gives the key results on the steam consumption and production for the

overall process and individual process areas. Based on the results in Table 4-3, total

steam consumption of the case study is about 2.29 lb steam/lb ammonia produced or

12900 Btu steam/lb ammonia produced, which include about 1.97 lb steam/lb ammonia

produced or 11100 Btu steam/lb ammonia produced at 450 oF and 400 psi for CO shift

conversion and steam reforming, and about 0.32 lb steam/lb ammonia produced or 1790

Btu steam/lb ammonia produced at 444.59 oF and 400 psi for Rectisol process. Steam

consumption comes from the shift conversion for syngas treatment, the Rectisol process

and steam reforming, and most of the steam is used for the CO shift conversion for

syngas treatment. The shift conversion for recycle gas treatement doesn’t need additional

steam, because the gaseous mixture leaving steam reforming contains about 11 mol% of

steam, and the CO concentration is relative low, which is only about 10 mol%. The

effluent from this shift conversion contains only about 2 mol% of CO, which is pretty

small.

Steam is generated from the global heat recovery block (SC-HT01) at 400 psi and

about 444 oF, which is about 1.96 lb steam/lb ammonia produced or 11100 Btu steam/lb
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ammonia produced, and the heat recovery block (RC-HT01) for the low temperature shift

converter at 202 psi and 383 oF, which is about 0.13 lb steam/lb ammonia produced or

731 Btu steam/lb ammonia produced. The total steam production is about 2.09 lb

steam/lb ammonia produced or 11800 Btu steam/lb ammonia produced. Finally, the net

steam consumption is about 1090 Btu steam/lb ammonia produced.

Table 4-3. Summary of mass balance simulation results from
case study with the ammonia synthesis process model

Description Mass flow
lb/hr

Temperature
oF

Pressure
psi

High-temperature shift conversion
  Fresh syngas to the ammonia system 17840 75 400
  Syngas to the syngas-steam mixer in the high-temperature
  shift conversion

17840 75 400

  Steam to the steam-syngas mixer in the high-temperature
  shift conversion

19369 450 400

  Mixture of syngas and steam to the heat exchanger in the
  high-temperature shift conversion

37209 376 400

  Mixture of syngas and steam to the high-temperature shift
  Converter

37209 635 400

  Product gas from the high-temperature shift converter 37209 743 400
  Dummy stream from the high-temperature shift converter 0 400
  Product gas leaving the high-temperature shift conversion 37209 403 400
 Rectisol
  Mixture of syngas and recycled gas to the heat exchanger of
  Rectisol

62793 401 400

  Steam to the Rectisol separator 4030 445 400
  Syngas to the Rectisol separator 62793 298 400
  Syngas from the Rectisol separator 22797 75 400
  Water condensed from the Rectisol separator 15969 140 15
  CO2 rich stream from the Rectisol separator 27584 70 16
  Naphtha rich stream from the Rectisol separator 24 75 100
  Sulfur rich stream from the Rectisol separator 449 75 25
Liquid nitrogen wash
  Inlet syngas from the heat exchanger in liquid nitrogen wash 22797 20 400
  Inlet syngas from the cooler in liquid nitrogen wash 22797 -50 400
  Product syngas to the heat exchanger in liquid nitrogen wash 14791 -47 400
  Off gas from the liquid nitrogen wash column 19883 -50 400
  Product syngas from the heat exchanger in liquid nitrogen
  Wash

14791 25 400

  Inlet nitrogen to liquid nitrogen wash column 11877 -50 400
Steam reforming
  Steam to the steam-gas mixer in steam reforming 5701 450 400
  Mixture of recycled gas and steam to the heat exchanger in
  steam reforming

25583 300 400

Continued on next page
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Table 4-3. Continued
  Reactant gas to steam reformer 25583 1281 400
  Product gas from steam reformer 25583 1472 400
  Fresh syngas to steam reforming furnace 0
  Inlet air to steam reforming furnace 12043 59 15
  Flue gas from the steam reforming furnace 14103 1500 15
  Flue gas leaving the ammonia system 14103 132 15
Low-temperature shift conversion
  Recycled gas to the low-temperature shift converter 25583 401 400
  Product gas from the low-temperature shift converter 25583 401 400
  Dummy stream from low-temperature shift converter 0 400
  Cooling water to the cooler of low-temperature shift
  Converter

1644 59 15

  Steam recovered from the low-temperature shift converter 1644 383 202
Synthesis loop
  Makeup gas to synthesis compressor 14791 351 400
  Cooling water to the intercoolers of syntheis compressor 47774 59 15
  Heated water from the intercoolers of synthesis compressor 47774 85 15
  Makeup gas to ammonia converter 18200 662 3191
  Product gas from ammonia converter 18200 662 3191
  Dummy stream from ammonia converter 0 3191
  Product gas leaving the first heat exchanger in synthesis loop 18200 462 3191
  Product gas leaving the second heat exchanger in synthesis
  Loop

18200 55 3191

  Product gas from ammonia condenser 12829 -13 3010
  Purge gas from the ammonia condenser 5370 -13 3010
  Purge gas from the first heat exchanger in synthesis loop 5370 612 3010
  Product gas from ammonia flasher 12731 -13 290
  Purge gas from the ammonia flasher 98 -13 290
  Product ammonia 12731 412 290
  Purge gas to steam reforming furnace 2060 612 290
  Purge gas recycled to synthesis compressor 3408 612 290
Others
  Steam recovered from the global heat recover block 24963 444 400
  Cooling water to the global heat recover block 24963 59 15

Table 4-6 shows the auxiliary power load for individual process area and the total

value. Given the mass and energy balance results in Table 4-3 and 4-4, they are

calculated based on the methods discussed in Section 3.3. In this case study, the total

electric power consumption is about 571 kWh/metric ton ammonia produced including

the cooling  and compression of input nitrogen in the air separation plant. Electric power

is consumed in the compression of synthesis loop, and refrigeration of Rectisol process,

liquid nitrogen wash, ammonia condensation and nitrogen pretreatment. Compression of
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synthesis loop has greater magnitude than other process areas to influence the global

electric consumption.

Table 4-7 gives a summary on all key emissions in the case study with ammonia

synthesis process. The discussion on the results and the methods used to obtained them

are presented as follows:

Table 4-4. Summary of steam consumption and production results
from case study with the ammonia synthesis process model

Description
Btu/lb ammonia

produced

lb/lb ammonia

produced

Consumption of the high temperature shift conversion 8.58E+03 1.52

Consumption of the Rectisol process 1.79E+03 0.32

Consumption of the steam reforming 2.53E+03 0.45

Total consumption 1.29E+04 2.29

Production at 400 psi and about 444 oF 1.11E+04 1.96

Production at 202 psi and 383 oF 7.31E+02 0.13

Total production 1.18E+04 2.09

Net consumption 1.09E+03 0.20

Table 4-5. Summary of energy balance simulation results
from case study with the ammonia synthesis process model

Description Heat duty, Btu/hr
  Cool duty from the high-temperature shift converter 5243533
  Refrigeration duty from the Rectisol separator 21702221
  Refrigeration duty from the heat exchanger in liquid nitrogen wash 1100380
  Dummy heat duty from the liquid nitrogen wash column 0
  Heat duty for the steam reformer 12476924
  Dummy heat duty from the steam reforming furnace 146
  Heat recovered from the flue gas of steam reforming furnace 8250535
  Cool duty from the low-temperature shift converter 2017480
  Cool duty form the synthesis compressor 1338153
  Cool duty from the ammonia converter 17556389
  Refrigeration duty from the ammonia condenser 1562628
  Refrigeration duty from the ammonia flasher 129253

Power hp
  Electric power needed for synthesis compression 2146
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Table 4-6. Summary of total auxiliary power demands from
case study with the ammonia synthesis process model

Description kWh/ metric ton NH3 produced
  Refrigeration for Rectisol 131
  Refrigeration for liquid nitrogen wash 33
  Refrigeration for Ammonia condensation 31
  Compression of synthesis loop 278
  Additional power consumption for input nitrogen 99
  Total 571

Table 4-7. Summary of emissions from case study
with the ammonia synthesis process model

Description lb/MBtu ppmv lb/lb NH3 produced
0.467

  NH3 from steam reforming furnace
8726max

3.58E-07

  NH3 from Rectisol 0.00184
  Total NH3 0.00184
  Sulfur (reported as H2S) 1.15E-06
  CO2 2.20
  NO 5.05E-12

  NO2 1.08E-20

1.24E-07 3.73E-6
  Total NOX (reported as NO2) 288max 8726max

7.74E-12

  Note: “max” represents the maximum possible emission might occur. For ammonia, it means all

ammonia in the fuel gas will leave the steam reforming furnace (RC-CB01) unconverted; for NOX,

it menas all ammonia in the fuel gas will be converted to NO in the steam reforming furnace.

According to the configuration of Rectisol process used by Pickett (2000), the

tailgas from Rectisol process are split in three streams, which is the naphtha, CO2 rich

and the sulfur (reported as H2S) rich fractions. In the case study, the ammonia emission

from the Rectisol process lies mostly in the naphtha rich stream. Combined with the

output from the steam reforming furnace, the total ammonia emissions can reach 0.00184

lb/lb ammonia produced. This significant amount of ammonia should further be removed

through cooling or water scrubbing in the future. CO2 emission is about 2.20 lb/lb

ammonia produced, and need to be removed if required. The sulfur emission is about

1.15×10-6 lb/lb ammonia produced. The sulfur rich stream can be sent to Claus plant for

sulfur recovery when the integration between ammonia synthesis and IGCC system is

considered. Besides, the NO and NO2 emission from steam reforming furnace are both

below 10-11 lb/lb ammonia produced.
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The emission of ammonia and NOX from the steam reforming furnace can be

reported as lb/lb ammonia, lb/MBtu fuel gas, or ppmv. Moreover, the maximum possible

emission of these two chemicals can be estimated through the following method:

Typically, in the design basis, based on the 1000 lbmol/hr of syngas input, all of

the fuel gas (PG-04) is from the purge gas recovery. Its flow rate and enthalpy are about

238 lbmol/hr and 8×105 Btu/hr, respectively, and the ammonia flow rate in the fuel gas is

about 5 lbmol/hr. The flow rate of flue gas from steam reforming furnace is about 573

lbmol/hr. So if it is assumed that all of the ammonia in the fuel gas is converted to NO2,

the maximum possible fuel-bound NOX emission (reported as NO2) that might occur

should be:

ppmv8726)hr/gasfluelbmol573/()hr/NOlbmol5( 2 ≈≈      (4-1)

or

MBtu/lb288)hr/gasfuelBtu108/()NOlbmol/NOlb46()hr/NOlbmol5( 5
222 ≈≈××××

    (4-2)

On the contrary, if all ammonia leaves unconverted, the maximum ammonia emission

with respect to steam reforming furnace will be:

ppmv8726)hr/gasfluelbmol573/()hr/NHlbmol5( 3 ≈≈     (4-3)

Here, because the flow rate of ammonia in fuel gas is pretty small compared with the

total flow rate of fuel gas, it is assumed that the flue gas flow rate will not change

significantly with the NOX conversion rate.
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4.3 Pre-estimation on the Performance and Emission of the Base Case Ammonia

Synthesis Model Integrated with the IGCC System

In this section, based on the mass and energy balance result obtained from the

original base case ammonia synthesis model, pre-estimation on the performance and

emission of the base case ammonia model integrated with the IGCC System deveoped by

Pickett (2000) and revised by Li and Chi (refer to Appendix D) will be performed.

Firstly, the mathematic method will be described, and then Table 4-10 will show all key

result from the calculation.  The calculation is based on the IGCC model firing American

Waste Fuel with 10000 lb/hr methanol production, which has been discussed in Section

4.1. Table 4-8 provides the proximate analysis, ultimate analysis and higher heating value

of American Waste Fuel, and Table 4-9 presents the key mass and energy balance and

electric power result for this case study.

The base case ammonia synthesis model has been integrated with the IGCC

system deveoped by Pickett (2000) and revised by Chi and Li (refer to Appendix D) yet,

so a complete assessment on the performance and emmissions of the ammonia system

integrated with IGCC system in ASPEN Plus is impossible. However, a rough estimation

based on mathematic calculation is possible.

The base case ammonia system need clean syngas, steam, electric power and

liquid nitrogen. If all of the clean syngas for methanol production in Pickett’s model will,

instead, be sent to the ammonia system plant, then the maximum possible amount of

ammonia that might be produced is:

hr/NHlb31979
hr/syngascleanlb17840

/hrNHlb12714syngas/hrclean  lb 44872
3

3 ≈≈
××

     (4-4)

where, 44872 lb clean syngas/hr means the flow rate of clean syngas to methanol

production in Pickett’s case; 12714 lb NH3/hr is the total ammonia produced in

the base case ammonia model; 17840 lb clean syngas/hr is the total clean syngas

used in the base case ammonia model.
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Table 4-8. Properties of Ammerican Waste Fuel
used in the IGCC system (Pickett, 2000)

Proximate Analysis, dry wt% American Waste Fuel
  Moisture (wt%) 9.6
  Fixed Carbon 17.5
  Volatile Matter 72
  Ash 10.5
Ultimate Analysis, dry wt%
  Carbon 52.1
  Hydrogen 5.9
  Nitrogen 0.9
  Sulfur 0.9
  Oxygen 29.7
  Ash 10.3
HHV – Dry Basis (BTU/lb) 9,970

Table 4-9. Key results from the IGCC model firing American Waste
Fuel with 10000 lb/hr methanol production (Pickett, 2000 and Appendix D)

Reproduced
Results

Reproduced
Results

Mass Flow Rate lb/hr Mass Flow Rate lb/hr
To Gasifier                          Fuel   448723 Steam to Methanol Process 6939

Oxygen 67075 Saturation Water 341344
Steam 39261 Steam for Saturation Heating 448723

Quench Water 465666 MW
Crude Syngas 591104 Gas Turbines 375.89

Clean Syngas to Saturator 406136 Steam Turbines 135.20
Clean Syngas to Methanol 44872 Gross Power 511.09
Total Clean Syngas 452729 Auxiliary Loads 32.52
Feed Syngas to Gas Turbine 813587 Power to Grid 478.57
Air to Gas Turbine 7073980 Methanol Production 11.44
Purge Gas from Methanol 34539 Total Power (w/Methanol) 490.01
Total Feed to Saturator 440675 Power Thermal Efficiency  
Fuel Mixture in Gas Turbine 6614250 HHV BASIS 41.04%
Methanol 10000 LHV BASIS 45.85%
Overall Water Consumption 390410 Combined Thermal Efficiency  
Production of Sulfur 3805 HHV BASIS 42.02%
Slag Production 52679 LHV BASIS 46.95%

Or, if all steam for methanol production is sent to ammonia production, the maximum

ammonia production should be:

hr/NHlb35394
NHlb/producedsteamlb09.2NHlb/consumedsteamlb29.2

steam/hr lb 6939
3

33

≈≈
−−

    (4-5)
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where, 6939 lb steam/hr means the flow rate of steam to methanol production in Pickett’s

case; 2.29 lb steam consumed/lb NH3 means the total steam consumption rate in

the base case ammonia model; 2.09 lb steam produced/lb NH3 is the yield rate of

steam from the base case ammonia model.

Or, if all electric power generated (Power to grid) in IGCC system is used for ammonia

synthesis, the maximum value should be:

hr/NHlb1847141
NHtonmetric/kWh29.571

tonmetric/lb2205MW/kW1000MW57.478
3

3

≈≈
××××

   (4-6)

where, 478.57 MW is total power produced in Pickett’s case study (Power to grid);

571.29 kWh/metric ton NH3 is the total power consumption in the base case

model (Including nitrogen cooling).

Or, if all nitrogen obtained from the IGCC system is used for ammonia production, the

maximum value should be:

hr/NHlb234769
Olb)329.20(

Nlb)281.78(
hr/Olb67075

hr/Nlb11877

hr/NHlb12714
3

2

2
2

2

3 ≈≈
××
××

××××

    (4-7)

where, 11877 lb N2/hr is the total nitrogen consumption in the base case model;

67075 lb O2/hr is total oxygen consumption for the gasifier in Pickett’s case

Based on Equation 4-5, 4-6, 4-7 and 4-8, the maximum yield of ammonia for the

ammonia system integrated with Pickett’s 10000 lb methanol/hr case should be 31979 lb

ammonia/hr, which is the minimum value in the four results obtained from above

Equations. In other words, the ammonia yield is determined by the amount of clean

syngas inputted in this case. Then based on this maximum ammonia yield, the key

performance and emission results for the integrated ammonia system should be:

Clean syngas consumption: 44872 lb/hr
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External steam consumption:

hr/lb6270NHlb/neededsteamlb)09.229.2(hr/NHlb31979 33 ≈≈−−××    (4-8)

Electric power consumption:

MW3.8
MW/kW1000tonmetric/lb2205

NHtonmetric/kWh29.571hr/NHlb31979 33 ≈≈
××

××
  (4-9)

Liquid nitrogen consumption:

hr/lb29874
hr/NHlb12714

hr/Nlb11877hr/NHlb31979

3

23 ≈≈
××

   (4-10)

Feedstock (American Waste Fuel) consumed for ammonia synthesis:

hr/lb44475
hr/syngascleanlb452729

hr/syngascleanlb44872hr/fuellb448723
≈≈

××
  (4-11)

Enthalpy (based on HHV) of the feedstock consumed for ammonia synthesis:

hr/MBtu443Btu/MBtu10hr/lb44475lb/Btu9970 6 ≈≈×××× −−   (4-12)

Ammonia Emission (based on the enthalpy of feedstock to IGCC system but counted for

ammonia synthesis):

MBtu/lb13.0
hr/MBtu443

hr/produceNHlb31979producedNHlb/lb00184.0 33 ≈≈
××

  (4-13)

Other emissions can be calculated in a similar way, so the equations are neglected. Table

4-10 summarizes the results for the pre-estimation of performance and emissions.

The mathematic method described above is correct only when the IGCC model

has a linear relation between its solid fuel input and key output variables, and the

ammonia model has a linear relation between its clean syngas input and key output

variables. The first assumption has been verified by Picket (2000), and the second one

will be verified in the chapter of sensitivity analysis.

These calculations can only give a simplified and approximate estimate on the

possible size of the base case ammonia system based on the requirement of least change
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on the original IGCC system itself. In fact, the system performance of IGCC itself will

unavoidably be influenced if the methanol production was all shifted to ammonia

synthesis. So for a complete and more accurate assessment of the ammonia system with

the IGCC, an integrated ASPEN Plus model is needed.

Table 4-10 Prediction on the key performance and emission results of
the base case ammonia synthesis process integrated with the IGCC system

Clean syngas consumption lb/hr 44872
Electric power consumption MW 8.3
External steam consumption lb/hr 6270
Liquid nitrogen consumption lb/hr 29874
Ammonia production lb/hr 31979
Feedstock (to gasifier) consumed lb/hr 44475
Enthalpy of the feed stock MBtu/hr 443
Emission NH3 lb/MBtu 0.13

Sulfur (reported as H2S) 8.29E-05
CO2 159
NO 3.64E-10
NO2 7.79E-19

The above calculation use the utilities required by the methanol production to

estimate the lower end size of the base case ammonia process in the chosen IGCC system

without methanol production for an approximate prediction when a full-scale integration

between the IGCC system and ammonia process is not available. However, a real IGCC

system may have enough flexibility to accommodate a quite wide range of the ammonia

plant size, because the steam output at specific levels from the steam cycle of the IGCC

system won’t influence the power production from the steam turbine substantially

(Pickett, 2000), and the total electric power generated from the IGCC system is far from

the constraint for the ammonia plant size based on the calculation made above. The

excess amount of power generated may be even reduced to some extent to let the

gasification island have more syngas to feed the ammonia synthesis.  In fact, a optimal

size of the IGCC-based ammonia system should be determined by a detailed cost-benefit

estimation, in which tradeoffs between the power generation, steam producton and

different chemical syntheses are compared in order to find an optimal cost-benefit

performance in the whole IGCC system.
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Typically, for a stand-alone ammonia plant of 1700 short tons ammonia/day

reported by Strelzoff (1981), based on the result of the base case ammonia system in this

thesis, the net steam needed is about 27800 lb/hr; the fresh syngas needed is about

198800 lb/hr; the electric power consumption is about 37 MW; and the liquid nitrogen

consumption is about 132300 lb/hr. At the same time, the calibrated IGCC system

without methanol production and firing about 287800 lb/hr of Pittsburgh No. 8 coal

(Pickett, 2000) can provide about 467 MW (384 MW from the gas turbine, 132 MW from

the steam turbine and 48 MW auxiliary load) net power to grid, about 511200 lb/hr of

fresh syngas, about 593000 lb/hr nitrogen, about 108600 lb/hr intemediate pressure steam

(508 psia and 716°F) for process use and about 44700 lb/hr of low pressure steam (145

psi and 356°F) for process use. Furthermore, according to the sensitivity analyses on the

steam cycle of this calibrated IGCC model, when the intemediate pressure steam output is

increased by 20% from about 108600 lb/hr to about 130300 lb/hr, the electric power

generated from the steam turbine only decrease by 1.6%; and when the low pressure

steam ouput is increased by 20% from about 44700 lb/hr to about 53700 lb/hr, the electric

power generated from steam turbine only decrease by 0.4%. So with only a little bit loss

of power production, the steam from this IGCC system is enough to support an 1700

short tons/day ammonia plant.  Conversely, the gasification island can be resized to

accommodate the syngas demand of both the ammonia synthesis plant and the combined

cycle system. For example, if the size of the gasification island is resized to the original

IGCC system plus the ammonia plant, the original sizes of other process areas in the

IGCC system can at least be kept unchanged and at same time an 1700 short tons

ammonia/day plant can be supported.

This calculation is based on the size of a stand-alone ammonia plant. If it is a

IGCC-based ammonia plant, the choice of size should be reconsidered based on a cost-

benefit calculation on the overall performance of the IGCC system.
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4.4 Verification of the Total Electric Power Consumption for the Base Case

Ammonia Synthesis System

This section describes the verification of total electric power load for the base-

case ammonia synthesis system.

Reported electric power consumption of a typical MPG based Lurgi ammonia

synthesis process is about 497 kWh/metric ton NH3 with the air separation included

(Lurgi, 2001a). This number is less than what is obtained from model result of the base

case, which is about 571 kWh/metric ton (Section 4.2). However, the base case Lurgi

ammonia synthesis only includes the power consumption for output nitrogen cooling in

the air separation plant. Now, if the overall power consumption of the air separation plant

that has been developed in Appendix A is counted into the ammonia synthesis, the total

power load will become about 668 kWh/metric ton, which is also greater than Lurgi’s

data. Because Lurgi didn’t provide details on the ammonia system that generates this

result, several uncertainties and variabilities may exist under this difference, such as the

steam treatement, the configuration of the compressor and the compression efficiency,

the refrigeration efficiency, the operating conditions of unit blocks, etc. For example,

many ammonia plant use steam turbines to drive the synthesis compressor (Appl, 1998),

so it’s not clear whether the Lurgi has counted the electric power generated by the steam

from ammonia system to the total power load of ammonia system itself. In fact, the steam

driven power generation process is not in this paper.

So it was concluded through this verification that the model result can only

approximately reflect the industrial practice of the Lurgi ammonia process due to the

uncertainty and variabilites from the limited available reference data.
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5.0 CALIBRATION OF THE PERFORMANCE AND EMISSION MODEL OF

THE LURGI AMMONIA SYNTHESIS PROCESS

This chapter describes the calibration of individual unit blocks. Two strategies

will be used to do model calibration on the design basis. One is to compare model results

from the design basis with reference data, and the other is to directly use empirical data to

deduce the design basis. For the second method, the published system output is used to

find the key input assumption for the specific process areas such as the liquid nitrogen

wash by strict mathematic deduction, so the model results based on the calculated input

assumption will be the same as the reference results.

The whole chapter is organized as the following way. Section 5.1 discusses the

calibration the CO Shift Converter. Liquid Nitrogen Wash column is calibrated in Section

5.2. Section 5.3 focuses on the Steam Reforming and finally Section 5.4 elbaorates on the

ammonia converter.

The Rectisol process and the overall ammonia system have’t been calibrated in

this chapter because no appropriate reference data is available till now.  In fact, Pickett

(2000) has calibrated the IGCC model, which gives us some confidence to use the

Rectisol process developed in the base case ammonia system, because this Rectisol

process is based on the same input assumption as the first stage Rectisol process in the

IGCC system developed by Pickett (2000).

5.1 CO Shift Converter

Strelzoff (1981) gave a group of data (Please refer to Table 2-2) on the material

and heat balance around the first stage of two-stage CO shift converter, which is like a

traditional high-temperature shift converter for bulk purification on raw syngas.
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In this section, a simple shift conversion block (Figure 5-1) will be modeled in

ASPEN Plus and the modeling result will be compared with those data from the

literature.

In Figure 5-1, SHIFT01, a REQUIL type of reactor, represents the CO shift

converter. Stream SGAS01 is the incoming syngas; SGAS02 is the outlet syngas;

STEAM01 is the steam input and LRSDL01 is a dummy stream for the liquid residual

from SHIFT01.

During simulation of the shift converter model, the approach temperature in the

shift block will be varied and a best match between the CO concentration of outlet stream

in the reference and that in the modeling result will be searched. Figure 5-2 shows the

result of the sensitivity analysis. The outlet CO mole fraction tends to increase with the

approach temperature and at about 30.5 oC (86.6 oF), the difference of concentration

between the reference and simulation is 0. The relation is easy to understand. Because the

CO shifting is an exothermal reaction, high temperature will lower the extent of

conversion for CO.

Table 5-1 shows the comparison between reference data and simulation results at

the approach temperature of 30.5 oC (86.6 oF). From Table 5-1, it is noticed that the

reference presents amounts of components by volume, so the total volume of incoming

streams may be different from that of outgoing streams. In a more accurate way of

justification, the volume based flow rates should have also be used in the model.  But the

Figure 5-1. ASPEN PLUS flow diagram of CO shift conversion for calibration
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reference didn’t provide the pressures of input and output gases, so any assumption on

them is ungrounded.  Therefore, mole flow rate will be directly used in the model to do a

rough comparison. In fact, if the ideal gas law is satisfied for the gases involved in this

model, there should be no significant difference between volume fraction and mole

fraction. Based on Table 5-1, the maximal relative errors found when the reference’s data

is compared with model output is about 4% for H2O.

Because for the major reaction in the CO shift conversion, the product gas has the

same sum of stoichiometric coefficients as the reactant does, changing pressure will not

theoretically influence its equilibrium. Thus, this method of calibration can be

extrapolated to different block pressure.

The approach temperature of 30.5 oC (86.6 oF) has been used in the design basis

for both of the CO shift converters for incoming syngas and recycled gas treatment.

Because the reference data is based on the first stage shift converter, which is more like a

high temperature shift converter, there may be some extrapolated deviation in the recycle

gas treating shift converter of the design basis. Actually, even if the block temperature is

changed to a different value from the reference data, there is no promise that the model
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will reflect exactly the real system again, because the kinetic effects should be considered

in the actual ammonia system when operating temperature is changed.

Table 5-1. Comparison between original data from reference and
simulation result at the CO shift converter’s approach temperature 30.5 oC

Simulation Reference (Strelzoff, 1981)

Mole frac in

syngas

(SYNGAS01)

Mole frac in

steam

(STEAM01)

Outlet

Mole frac

(SYNGAS02)

Vol

frac in

syngas

Vol

frac in

steam

Outlet

Vol

frac

Relative errors

between the outlet

compositions from

simulation and

those from

reference,

|mol%-m3%|/m3%

  H2 54.57% 37.54% 54.57% 36.60% 2.57%

  N2 21.6% 12.34% 21.6% 12.05% 2.41%

  H2O 100% 36.50% 100% 38.07% 4.12%

  CH4 0.48% 0.27% 0.48% 0.27% 0

  CO 13.94% 1.61% 13.94% 1.61% 0

  CO2 9.14% 11.58% 9.14% 11.25% 2.93%

  Argon 0.27% 0.15% 0.27% 0.15% 0

  Total 100% 100% 100% 100% 100% 100% 0

Flow rate

lbmol/hr
1000 750 1750

Total

Vol, m3
1000 750 1793.5 2.43%

Block temperature of Converter oC                          424 (795 oF)

Temperature of Steam – gas mixture

at the converter entrance oC

424

Approach temperature oC                                         30.5

Temperature of Steam – gas mixture

at the converter exit oC

400

Equilibrium temperature  oC                                      454.5

Block pressure of Converter, psi                               400

In the design basis, the operating temperature and pressure of the high-

temperature shift conver is about 743 oF and 400 psi, respectively, in which the

temperature is lower than 795 oF used in this calibration, so because the shift reaction

operates exothermically, at the same inlet compositions and flow rates of the syngas and

steam as the reference data, the CO and H2O concentrations in the outlet stream, which

are 1.33 mol% and 36.2mol%, respectively, are both lower than the simulation results in

Table 5-1 accordingly, and the CO2 and H2 concentrations, which are 11.9 mol% and

37.8 mol%, respectively, are both greater than the simulation results in Table 5-1

accordingly. The low temperature shift converter in the design basis operates at 401 oF
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and 400 psi. Its outlet CO, H2O, CO2, H2 concentrations under the condition of this

calibration are about 0.13 mol%, 35.0 mol%, 13.1 mol% and 39.0 mol%, respectively.

These results can be explained by the same rule of the exthermic shift reaction. Because

the temperature of the low temeprature shift reactor in the design basis is lower than the

assumption for the model calibration, at the same inlet compositions and flow rates of the

syngas and steam as the reference data, the equilibrium concentrations of outlet CO and

H2O are less than the calibration results, respectively, which are 1.61 mol% and 36.50

mol%, and the equilibrium concentrations of outlet CO2 and H2 are greater than the

calibration results, respectively, which are 11.58 mol% and 32.54 mol%. In other words,

the equilibrium conversion rate of the shift reaction is favored by lower temperature.

5.2 Liquid Nitrogen Wash

For the Liquid Nitrogen Wash process, because there is not enough data available

on the design and operating input assumption, a different method has been applied to do

the calibration. Specifically, the mole flow rates of major streams are not available,

however, the compositions of each streams are reported for a particular case using a mass

balance approach, the fraction of total inlet mole flow of each component split into

specific outlet streams can be inferred. In more details, the published data of the inlet and

outlet stream compositions can be used to obtain the necessary input assumption such as

split fractions (not available in the reference) in the liquid nitrogen wash column, then

liquid nitrogen wash columns based on thess calculated split fractions and temperature

and pressure data from the reference can be used to treat different incoming syngas

approximately although there exists some extrapolating errors.  Because this method is

based on strict mathematic deduction, the results of inlet and outlet streams composition

from a model based on the deduced split fractions should have same values as those

reported by the reference. In this way, it is possible to avoid the dilemma of developing a

more complicated liquid nitrogen wash model based on limited input assumption and

comparing its result with reference data. However, several issues should be taken into

consideration when this method is used. Firstly, all input assumptions reported by

reference and related to the reference results should be used as more as possible in the
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design base except for the compositions of incoming syngas. Because the compositions

of incoming syngas between the design basis and the refernce can’t be indifferent, there

will be some extrapolating errors existing in the result from the design basis, because the

split fractions may be changed by not only the design pressures and temperatures of the

liquid nitrogen wash process but also the properties of incoming syngas.

Thus, based on the composition of gas streams in a typical liquid nitrogen wash

on coke oven gas, which is shown in Table 2-3 (Strelzoff, 1981), if the liquid nitrogen

wash process is treated as a whole unit block and satisfy ideal gas’s law for those

streams, a mass balance calculation can be performed to find split fractions for key

components in each stream.  Figure 5-3 shows a ASPEN Plus flow diagram for each

stream involed in this mass balance calculation

The detailed solution can be found through Equation 5-1:

COCHHCFeed

oductPrCOCHNFeed2

COCHHCFeed4

oductPrCHFeed2

oductPrCOCHHCNFeed

M0.18M6.9M0.2M6.6:COofBalance

M0.25M1.73M7.8MM7.13:NofBalance

M9.6M4.74M6.30M6.26:CHofBalance

M75M2.4M3.49:HofBalance

MMMMMM:BalanceTotal

442

42

442

4

4422

++++==

++++==++

++++==

++==

++++++==++

   (5-1)

where, Mi  Mole flow rate;

Figure 5-3. ASPEN PLUS flow diagram of
liquid nitrogen wash for calibration
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i  Feed, CH4, C2H4, CO, Product or N2, which represent feed gas (coke oven

gas), methane rich fraction, ethylene rich fraction, carbon monoxide rich fraction,

product syngas or liquid nitrogen, respectively;

Balance of j  Balance of components;

j  H2, CH4, N2 or CO, which represents different components involved in the

liquid nitrogen wash process

In Equation 5-1, each single equation represents a mass balance relation for individual

components involved in the liquid nitrogen wash process. There are two inlet streams,

which are feed (coke oven gas) and liquid nitrogen, and four outlet streams, which are

ethylene rich fraction, methane rich fraction, CO rich fraction and the product syngas, so

if there is no reaction taking place in the liquid nitrogen wash, the total amout of inlet

should equal to the total outlet; the total amout of hydrogen input should equal to the total

outlet of hydrogen, and so on. Equation 5-1 can be transformed to:

FeedCOFeedCHFeedHC

FeedoductPrFeedCOFeedCHFeedN

FeedCOFeedCHFeedHC

FeedoductPrFeedCH

FeedoductPrFeedCOFeedCHFeedHCFeedN

M/M0.18M/M6.9M/M0.26.6

M/M0.25M/M1.73M/M7.8M/M7.13

M/M9.6M/M4.74M/M6.306.26

M/M75M/M2.43.49

M/MM/MM/MM/MM/M1

442

42

442

4

4422

++++==

++++==++

++++==

++==

++++++==++

    (5-2)

or

COCHHC

oductPrCOCHN

COCHHC

oductPrCH

oductPrCOCHHCN

R0.18R6.9R0.26.6

R0.25R1.73R7.8R1007.13

R9.6R4.74R6.306.26

R75R2.43.49

RRRRR1

442

42

442

4

4422

++++==

++++==++

++++==

++==

++++++==++

    (5-3)

where, R  Flow rate ratio to the feed gas
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In fact, three more balances can be added to Equation 5-1 if component CnHm,

C2H6 and O2 are considered, then Equation 5-3 would have totally 8 equations and only 5

unkowns, and could become unsolvable. Moreover, those three components have either

trace or zero amount in base case ammonia system. Given these two reasons, they will

not be considered in the analysis. Thus, the solution of Equation 5-3 will be:

639.0R189.0R325.0R036.0R189.0R oductPrCOCHHCN 4422
=====

    (5-4)

and finally the split fractions of all components in product gas (LN-04, please refer to

Table 3-3 and Figure3-4) can be found through Equation 5-5:
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    (5-5)

where, S  Split fraction

and the split fractions of other components in product are all 0. These split fraction values

are important for us to simulate the liquid nitrogen wash based on an assumption of

simple separator. They have been used in the design basis of Lurgi ammonia synthesis

process. Finally, the inferred split fractions of components in each outlet stream are

shown in Table 5-2.

Because ethlyene, methane and carbon monoxide fractions typically end up

mixing into a “rich-gas” (Strelzoff, 1981) stream and recirculate for hydrogen recovery in

Lurgi ammonia process, they will be regarded as only “one stream”. In other words, there

are only two streams coming out of the liquid nitrogen wash model in the design basis,



99

the product and recycle gas. The split fractions of components in recycle gas can be

found according to the results from Equation 5-5.

Table 5-2. Inferred split fractions for the liquid nitrogen wash model
Outlet Stream C2H4-rich * CH4-rich CO-rich Product Total
Component
  H2 0 0.0276876 0 0.9721095 0.9997972
  CH4 0.0414135 0.9090226 0.0490263 0 0.9994624
  N2 0 0.0867331 0.4238006 0.4900307 1.0005644
  CO 0.0109091 0.4727273 0.5154545 0 0.9990909
  C2H4 0.734 0.3430556 0 0 1.0770556
  C2H6 1.1052 0 0 0 1.1052
  O2 0 0.39 0.378 0 0.768

  Note: *  The split fractions of components in the ethylene rich stream was not specified in the
    liquid nitrogen wash model for calibration

Based on the split fractions obtained from Equation 5-5, the ASPEN Plus model

displayed in Figure 5-3 gives exactly the same compositions of H2 and N2 in product gas

as the reference, which are 75 mol% and 25 mol%. This calibration does not deal with the

operating temperatures and pressures in the liquid nitrogen wash process, because these

data is available from the reference (Strelzoff, 1981), and has been used in the calibration

and the design basis. As a matter of fact, other operating conditions such as temperatures

and pressures can influence the split fractions in the liquid nitrogen wash column, but the

liquid nitrogen wash column is just a simplified unit block representing a more complex

liquid nitrogen wash process, so if the extrapolating effects for splits fraction at different

pressures and temperatures need to be addressed, a detailed absorption column should be

modeled for this study in the future. The Sep type block used in the calibration and the

design basis treats energy balance and material balance calculation separately, and can

not give the rule about how the pressures and temperatures, and split fractions are

affecting each other.

Some errors will exist in this method of calibration because the reference data is

reported as volume fraction, while mole fraction in used in the calibration. Unless the

assumption of ideal gas behavior is satisfied, the final result of split fractions might have

deviations from the values in the literature. Moreover, the omission of three other mass

balances for ethlyene-rich hydrocarbon mixture, C2H6 and oxygen will result in
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additional errors in the final results if the “rich gas” is not combined. For example, in

Table 5-2, the component of C2H4, C2H6 or O2 is far from balance, and based on the

results in Table 5-2, if only the split fractions of the CH4-rich, CO-rich and product

streams are specified in the ASPEN Plus model (For the Sep type block in ASPEN Plus,

at least one outlet stream has to be kept unspecified), the obvious errors will take place in

the composition of C2H4-rich stream, which is shown in Table 5-3. The deviations in

components H2, CH4, N2 and CO are from the calculation or experimental errors, and the

deviations in components C2H4, C2H6 and O2 is a result from the combining effect of

calculation and experimental errors and omission of three mass balance equations.

However, this errors will in no means influence the overall performance of the liquid

nitrogen wash process in the design basis, because the ethylene, methane and CO –rich

streams have been combined in the base case model. In other words, if the split fractions

specified for the product stream is accurate, the specifications made to the off-gas are

accurate.

Table 5-3. Comparison between the reference data and simulation results
on the outlet stream compositions in the liquid nitrogen wash process

Outlet stream
C2H4-rich CH4-rich CO-rich Product

reference simulation reference simulation reference simulation reference simulation
Component

vol%  mol% vol%  mol% vol%  mol% vol%  mol%

  H2 0 0.3 4.2 4.2 0 0 75 75
  CH4                     30.6 30.8 74.4 74.4 6.9 6.9 0 0

  N2 0 0 8.7 8.7 73.1 73.1 25 25

  CO 2 2.2 9.6 9.6 18 18 0 0
  C2H4                     36.7 32.7 1.9 1.9 0 0 0 0

  C2H6 30.7 27.6 0 0 0 0 0 0
  O2                     0 6.4 1.2 1.2 2 2 0 0

5.3 Steam Reformer

In this section, a simple steam-reforming block will be simulated in ASPEN Plus

and the modeling result will be simulated with the equilibrium composition data in Table

2-1, which is reported by Strelzoff (1981). In this way, it can be answered whether and

how the unit block that have been chosen in the design basis can reflect the real

equilibrium and mass balance relation. Moreover, 927 oC and 1 atm are arbitrarily chosen
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as the operating temperature and pressure for the steam reforming reaction, because the

reference has given some of the experimental results under this condition. In a summary,

this calibration can tell us why the RGibbs unit block can or cannot be used in the design

basis.

Figure 5-4 shows the ASPEN Plus flow diagram of steam reforming for

justification purpose. In Figure 5-4, STMRFM represent the steam reformer, which is

modeled through a RGibbs reactor in ASPEN Plus 10.1-0. RGibbs models rigorous

reaction or/and multiphase equilibrium based on Gibbs free energy minimization. This

model does not require reaction stoichiometry, so it is appropriate to be used to simulate

reactions with complex and unclear mechanism such as steam reforming. Furthermore, it

is assumed the mole flow rate of Stream METHANE is only half of Stream STEAM

(Strelzoff, 1981), and block DRYER dehydrates the syngas.

For comparison, a REquail type reactor is also used to model the steam reformer.

In the REquil reactor, five reactions is inputed, they are (Strelzoff, 1981):

CH4+H2O →  CO+H2 – 49.3 kcal     (5-6)

CH4+2H2O →   CO2+4H2 –39.5 kcal     (5-7)

CH4+CO2 →   2CO+2H2 – 59.1 kcal     (5-8)

CH4+CO2 →   CO+H2+H2O+C –27.7kcal     (5-9)

2CH4 →   C2H4+2H2 – 48.3kcal   (5-10)

M E T H A N E S Y N G A S

S T E A M

S T M R F M

D R Y E R

D R Y G A S

C O N D E N S E

Figure 5-4. ASPEN PLUS flow diagram of steam reforming for calibration
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Through the comparison between the result from the RGibbs based model and REquil

based one, more confidence may be gained to use RGibbs reactor in other place of the

ammonia synthesis system where there is not enough reaction stoichiometric information

available.

Finally, the result on simulation and comparisons are found, and shown in Table

5-4.

From Table 5-4, the maximum relative error between the RGibbs-based model

and the reference is found lying in CH4 composition, which is about 26%, but it is not too

critical because the methane concentration in either reference or from simulation result is

pretty small. The difference of results between RGibbs-based and REquil-based models

are pretty small, any of which is below 0.01%. Thus, it is proved that RGibbs really can

model chemical reaction without knowing the reaction stoichiometry in this specific case.

And in the design basis, the RGibbs reactor has already been applied to represent the

steam reformer.

Table 5-4 Comparison between the equilibrium composition
results of steam reforming and data from reference

Dry Converted Gas Composition (vol %)

CO2 CO H2 CH4

Moisture Content
of Converted Gas

(vol H2O/vol dry gas)
Reference
(Strelzoff, 1981)

3.78 20.27 75.94 0.01 0.203

Simulation (RGibbs) 3.897725 20.12468 75.96495 0.012643 0.201451
Simulation (REquil) 3.89789 20.12557 75.96390 0.012644 0.201448
Relative error
(RGibbs↔↔Reference)

3.1% 0.72% 0.033% 26% 0.76%

Relative error
(RGibbs↔↔REquil)

0.004% 0.004% 0.001% 0.008% 0.001%

Temperature = 927 oC, Pressure = 1 atm

The major problem of the calibration method used in this section is how robust is

this method when extrapolated to the pressure and temperature conditions applied in the

base case ammonia model. Unfortunately, there is no reference data obtained from a

steam reformer that operates at the same conditions as the base case ammonia model

does. However, it can be predicted that the equilibrium concentration of CO and H2 will



103

decrease when the pressure increases, because the products of the major steam reforming

reaction has greater volume than its reactant. The influence of temperature on the

equilibrium of the steam reforming is complex and affected by the five reactions in

Equation 5-6 to 5-10. Normally, high temperature will favor the conversion of methane

and the formation of hydrogen and carbon monoxide, but the hydrogen hydrogen

equilibrium concetration at 927 oC and 14.7 psi is a little lower than that at 800 oC and

14.7 psi even the steam reforming is an endothermic reaction. This problem might be

caused by internal simulation errors in ASPEN Plus, or the coupled effects caused by the

complex steam reforming reactions. Table 5-5 gives examples about this phenomenon.

Table 5-5. Comparison of the simulated equilibrium composition
results of steam reforming at different temperature and pressure

Wet Converted Gas Composition (vol %)
CO2 CO H2 CH4

927 oC, 14.7 psi (1 atm) 3.24 16.75 63.23 0.01
800 oC, 14.7 psi 4.25 15.66 63.97 0.16
500 oC, 14.7 psi 7.80 1.45 35.55 17.92

927 oC, 400 psi 3.82 13.93 57.04 3.76
800 oC, 400 psi
(for the design basis)

5.55 7.76 45.48 11.15

500 oC, 400 psi 2.87 0.12 11.82 28.36

927 oC, 800 psi 4.22 11.37 51.00 7.34
800 oC, 800 psi 5.46 5.36 37.93 15.29
500 oC, 800 psi 2.19 0.07 8.97 29.57
Based on RGibbs unit block

800 oC and 400 psi has been used in the steam reformer of the base case ammonia

model. Based on this condition, the equlibrium CO and hydrogen concentrations in the

product gas should be lower than that of the calibrated case, which operates at 927 oC and

14.7 psi (1 atm), and the equlibrium methane concentration should be greater than that of

the calibrated case, because the steam reforming reaction is an endothermic reaction with

volume increasing. However, in the real system, material limitation and kinetic effects

should be considered for choosing an appropriate condition for the steam reformer. Even

though the equilbrium conversion rate of methane and equilibrium concentration of
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hydrogen will be favored by higher temperature and lower pressure, it still has to be

based on a not too slow reaction velocity and avaible steel for the equipment.

5.4 Ammonia Converter

Encyclopedia of Chemical Technology (Czuppon et al., 1992) has given a group

of data (please refer to Table 2-4) on ammonia equilibrium concentration under different

conditions of pressures and temperatures. Here, a simple ammonia synthesis block

(Figure 5-5) will be simulated in ASPEN Plus and the modeling result will be compared

with those data from this literature. Because “in most plants, ammonia conversion near

equilibrium can be attained” (Appl, 1998), this model verification of an equilibrium

reactor will be important to the design basis.

In Figure 5-5, NH3CONV is a REquil type of reactor in ASPEN Plus, and

represents the ammonia synthesis converter. The nitrogen stream, N2, has a one third the

mole flow rate of the hydrogen stream, H2. A sensitivity analysis block changes

temperature and pressure and generates a set of equilibrium concentrations of product

ammonia. The approach temperature of ammonia synthesis reaction has been fixed at 0
oC and the hydrogen to nitrogen ratio is 3:1 for all cases. Moreover, there exists zero

amout of inert in the reactant.

Figure 5-5. ASPEN Plus flow diagram
of ammonia converter for calibration

N H 3 C O N V

N 2

R E S ID U A L

P R O D

H 2
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Table 5-6 shows the comparison of ammonia equilibrium percent between the

target reference and simulation results. The maximal relative error found between any

pair of data is about 4.1% and the mean is about 2.2%. Here, the 0 oC approach

temperature and REquil type of reactor have been used in the design basis.

Table 5-6. Comparison of ammonia equilibrium
percent between reference and simulation results

Equilibrium % of ammonia Equilibrium % of ammonia

T, K P, kPa Simulation Reference*
Relative

error
T, K P, kPa Simulation Reference*

Relative

error

633 10133 36.15 35.1 3.0% 753 30398 29.03 29.52 1.7%

633 20265 50.45 49.62 1.7% 753 40530 34.84 36.03 3.3%

633 30398 59.49 58.91 1.0% 793 10133 9.10 8.32 9.3%

633 40530 65.99 65.72 0.4% 793 20265 16.18 16.13 0.3%

673 10133 26.11 25.37 2.9% 793 30398 22.04 22.48 2.0%

673 20265 39.20 38.82 1.0% 793 40530 27.06 28.14 3.8%

673 30398 48.09 48.18 0.2% 833 10133 6.47 6.27 3.3%

673 40530 54.79 55.39 1.1% 833 20265 11.92 11.88 0.3%

713 10133 18.44 17.92 2.9% 833 30398 16.65 16.99 2.0%

713 20265 29.62 29.46 0.5% 833 40530 20.85 21.73 4.0%

713 30398 37.76 38.18 1.1% 873 10133 4.68 4.53 3.4%

713 40530 44.18 45.26 2.4% 873 20265 8.84 8.8 0.5%

753 10133 12.93 12.55 3.0% 873 30398 12.60 12.84 1.8%

753 20265 21.97 21.91 0.3% 873 40530 16.04 16.72 4.1%

Mean 2.2%

Note: 0% inerts; Hydrogen to Nitrogen Ratio = 3:1; Approach Temperature = 0 oC

          * Czuppon et al., 1992

The major problem of the calibration method used in this section is how robust is

this method when extrapolated to the pressure and temperature conditions applied in the

base case ammonia model. Unfortunately, there is no reference data obtained from an

ammonia converter that operates at the same conditions as the base case ammonia model

does. However, it can be predicted that the equilibrium concentration of ammonia will

increase when the temperature decreases or the pressure increases, because the ammonia

synthesis reaction proceeds exothermically and its product has less volume than its

reactant. The data in Table 5-7 also shows this rule.
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In Table 5-7, 623 K and 22000 kPa has been used in the base case ammonia

model. Compared with the results under other conditions in Table 5-6 and 5-7, it is clear

that the equilibrium concentration of ammonia in the base case is higher than the

calibrated cases at higher temperatures and lower pressures. Higher ammonia

concentration means higher ammonia yield given the same amount of utilities such as

fresh syngas, liquid nitrogen and steam. However, the operating temperature of ammonia

synthesis should not be decreased without consideration of kinetic effects, and the

operating pressure should not be increased without consideration of equipment limitation

and overall electric power consumption of the ammonia system. 623 K and 22000 kPa is

typical numbers obtained from the reference (Appl, 1998).

Table 5-7. Comparison of the simulated equilibrium ammonia composition
results of the ammonia converter at different temperatures and pressures

K KPa Equilibrium % of ammonia

Design basis 623 22000 55.19

623 10133 39.01

753 22000 23.29

753 10133 12.93
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6.0 SENSITIVITY ANALYSIS OF THE PERFORMANCE AND EMISSION

MODEL OF THE LURGI AMMONIA SYNTHESIS PROCESS

In this chapter, a series of sensitivity analyses are done to identify any key

operating and design parameters that can influence the base case ammonia synthesis

system significantly. Through these sensitivity analyses it will be found how robust the

model is in an extended range of input assumption.

The manipulated variables chosen for the sensitivity analysis are Properties of

input syngas for ammonia synthesis, Hydrogen to nitrogen ratio, Purge gas recycle ratio

and Flow rate of incoming syngas, and the key input assumption for the ammonia

synthesis system in these sensitivity analyses is shown in Table 6-1. The performance

indexes to be examined are Electric power consumptions, Steam consumptions and

production, and Emissions. Two sets of system performance results are reported. One is

the results obtained directly from the sensitivity analyses on the stand alone ammonia

synthesis system, and the other is a extension of the former, and is the predicted

performance on the ammonia model integrated with the IGCC system. The approach for

pre-assessment on the IGCC integrated base case ammonia model has been discussed in

Section 4.3, and the key results for the IGCC system firing different feedstocks with

10000 lb methanol production/hr cases are displayed in Table D-2, D-3 and D-4 in

Appendix D.

The process areas consuming electric power have been identified in Section 3.3.

The steam is introduced in the Rectisol process, CO shift conversion for incoming syngas

treatment and steam reforming, and is produced in the global heat recovery block and the

heat recovery unit for low temperature shift conversion. The emission includes sulfur,

ammonia, CO2. There are also some NO and NO2 in the emission, but they are both

below 10-11 lb/lb ammonia produced.



108

Table 6-1. Key input assumption for the ammonia
synthesis system in sensitivity analyses

Sensitivity Analysis
Input assumption

Properties of
fresh syngas

H2/N2 ratio
Purge gas

recycle ratio
Flow rate of
fresh syngas

  Flow rate of fresh
  syngas, lbmol/hr

1000 1000 1000 Varied

  Feedstock used for
  gasification

Varied
American

Waste Fuel
American

Waste Fuel
American

Waste Fuel

  H2/N2 ratio 3 Varied 3 3

  Purge gas recycle ratio 100% 100% Varied 100%

  Others
Fixed and same as those input assumptions in the design basis provided in
Chapter. 3

This chapter is organized in the following way. Section 6.1 discusses the

sensitivity analysis on the properties of inlet syngas to ammonia system. Section 6.2

elaborate on the effects of hydrogen to nitrogen ratio. The sensitivity analysis on purge

gas recylce ratio will be described in Section 6.3, and finally Section 6.4 focuses on how

the clean syngas flow rate will influence the performance of the base case ammonia

system. Changes of many other operating or design variables may also influence the

ammonia system performance, but a complete series of sensitivity analyses on each

variable is unrealistic considering the limited time. In fact, specific probabilistic methods

such as Monte Carlo method, Orthogonal Latin Square experimental design should be

applied in the future to save analysis time if a complete sensitivity analysis is desired.

6.1 Properties of Incoming Syngas

In the model applications done by Pickett (2000), three types of feedstock have

been used for the gasification island of the IGCC system, which is Pittsburgh No. 8 coal,

American Waste Fuel and German Waste Fuel. Table 6-2 gives the proximate and

ultimate analyses, and higher heating values of these feedstocks.
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Table 6-2. Different Feedstock used in the IGCC system (Pickett, 2000)
Proximate Analysis, dry wt% Pittsburgh No. 8 American Waste Fuel German Waste Fuel
  Moisture (wt%) 6 9.6 5.1
  Fixed Carbon 48.94 17.5 15.9
  Volatile Matter 38.83 72 65
  Ash 12.23 10.5 19.1
Ultimate Analysis, dry wt%
  Carbon 73.21 52.1 52.6
  Hydrogen 4.94 5.9 6.6
  Nitrogen 1.38 0.9 2.5
  Sulfur 3.39 0.9 1.4
  Oxygen 4.85 29.7 17.8
  Ash 12.23 10.3 19.1
HHV – Dry Basis (BTU/lb) 13,138 9,970 10,026

Based on these three feedstocks and an IGCC system with 10000 lb methanol/hr

production, purge gas recycle and further revision by Chi and Li (Appendix D), the

model has obtained three sets of properties of clean syngas (Table 6-3) leaving the

Rectisol process in the gas cleaning island. This Rectisol process aims primarily at

desulfurization. The outlet syngas from it can be used to produce chemicals such as

methanol and ammonia, or generate electric power in gas turbine.

Table 6-3. Properties of clean syngas from different
feedstocks (Pickett, 2000 and Appendix D)

Pittsburgh No. 8 American Waste Fuel German Waste Fuel
Temp (oF) 75 75 75
Press (psi) 400 400 400
  H2 0.294 0.352 0.379
  N2 0.018 0.011 0.021
  H2S 1ppm 0.429ppm 0.59ppm
  CH4 0.081 0.112 0.093
  CO 0.586 0.505 0.487
  CO2 0.02 0.02 0.02

The clean syngas from American Waste Fuel in Table 6-3 has been used as the

input assumption for the design basis of ammonia synthesis. Now the changing tendency

for the system performance of the base-case ammonia synthesis process will be studied

by swiching to the clean syngases from the other two feedstocks. Other input assumption

of the ammonia system will be kept unchanged from the original design value provided in

Section 3.0 during this sensitivity analysis.
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Figure 6-1, 6-2 and 6-3 shows the result of this sensitivity analysis. In Figure 6-1

it is obvious that the electric power consumption of ammonia system doesn’t have

substantial difference based on different clean syngas assumed. One possible reason is

that the three different fresh syngases chosen by us can’t make the total flow rates of

most streams change significantly. And at the same time, most of the electric power loads

for individual process areas are based on specific flow rates, for example, the power load

for the Rectisol process has a linear relation with the inlet dry and clean syngas. This

explanation can’t assure that other fresh syngas that has not been chosen won’t change

the flow rates in the base case ammonia system significantly. There may be several

process areas that will coincidently affect the total power load in reversed direction and

then be canceled out by each other, such as the Rectisol process, liquid nitrogen wash and

ammonia condensation.

Figure 6-2 tells us the steam consumption and production of different process

areas at different steam pressures and temepratures and the totals based on different clean

syngas. The steam consumption or production is reported as Btu/lb ammonia produced,

which is calculated manually based on the division of the total enthalpy (Btu/hr) of each

steam stream by the ammonia yield (lb/hr). The Pittsburgh No. 8 coal case require more

steam than the other two because the major part of steam consumption comes from CO

shift conversion in the ammonia system, and the clean syngas from Pittsburgh No. 8 coal

contains more CO than the other two, which means more shifting steam is needed in shift

conversion. American Waste Fuel case need a little bit more steam than German Waste

Fuel because the CO composition in the two clean syngas from American Waste Fuel and

German Waste Fuel are similar but the CH4 composition in the former clean syngas is

greater than the latter one. More CH4 means more steam needed for the steam reforming.

Finally, the magnitude of steam consumption in the Rectisol process is less than those of

CO shift conversion and steam reforming, and there is also no much difference existing

in steam consumption for the Rectisol process in different cases, so it will not contribute

appreciably to the difference of total steam consumption. At the same time, the steam

productions for each of the three feedstocks are very close, so the Pittsburgh No. 8 case
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has obviously higher net steam consumption than the other two cases. The American

Waste Fuel case has a little bit more steam production than the German Waste case, so

even though American Waste Fuel case has greater steam consumption than the German

Waste case, the net result is that the American Waste case requires less steam than the

German Waste case, but this result doesn’t assure a net steam consumption is needed for

all ammonia plants. Several other issues should be considered here, such as the pressure

and temperature of each steam stream, the possible combustion of purge gas for heat

recovery in the future, etc.

The result on emission performance of this sensitivity analysis is shown in Figure

6-3. The CO2 emission is mostly from the Rectisol process and primarily determined by

the CO concentration in the incoming syngas. More CO in the incoming syngas means

more CO2 will be produced from the shift conversion reactor. So it can be explained why

the Pittsburgh No. 8 coal case emits more CO2 than the American Waste Fuel case, and

accordingly the American Waste Fuel case emits more than the German Waste Fuel case

does. Possible ways to treat CO2 emission is to send part of the bulk CO2 to the methanol

Figure 6-1. Result of sensitivity analysis on different properties
of incoming syngas to ammonia synthesis: Electric power
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production process in the IGCC system or combine the CO2 rich stream and ammonia

product to produce urea.

The ammonia can be emitted from the Rectisol and steam reforming process

areas, and affected by several factors. Its changing tendency in Figure 6-3 can be

analyzed as follows. Typically, the ammonia emission is from the Rectisol process and

the steam reforming furnace, the ammonia emission from the Rectisol process has far

greater maginitude than from the steam reforming furnace. The ammonia emission of the

Rectisol process is from the recycled gas, in which additional ammonia is formed in the

steam reformer, because part of nitrogen and hydrogen will be recyled with the tail gas

from the liquid nitrogen wash process. If the operating conditions of the liquid nitrogen

wash process are not changed, the total amount of hydrogen and nitrogen recycled is

determined by the hydrogen level in the syngas after the high temperature shift

conversions and the recycled gas after the low temperature shift conversion.  The two

hydrogen levels are both determined by the original hydrogen and CO compositions in

Figure 6-2. Result of sensitivity analysis on different properties
of incoming syngas to ammonia synthesis: Steam
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the incoming syngas (More CO means more hydrogen will be produced in the shift

converter) and reflected in the inlet stream to the Rectisol separator, and in the raw results

from this sensitivity analysis, the American Waste Fuel case has a higher hydrogen

concentration in the inlet syngas (RL-01) to the Rectisol separator (RL-RL01) than the

German Waste Fuel case, and the German Waste Fuel case has a higher concentration

than the Pittsburgh No. 8 coal case accordingly.

The sulfur emission depends completely on the sulfur composition in the clean

syngas.

Table 6-4 shows the results of sensitivity analysis on different properties of

incoming syngas to the pre-estimated performance of ammonia synthesis system

integrated with the IGCC system. This results affected by the steam production, the

electric power output, clean syngas output, amount of separated nitrogen, the fuel

consumption and heating values in the IGCC system. The maximum ammonia production

is constrained by the fresh syngas available from the chosen IGCC system firing

Figure 6-3. Result of sensitivity analysis on different properties
of incoming syngas to ammonia synthesis: Emission
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American Waste fuel (refer to Section 4.3). The ammonia productions of Pittusburgh No.

8 coal case and German Waste fuel case are constrained by the steam available from the

IGCC system in this preassessment, because these two cases need more net steam for the

ammonia systhesis, which has been discussed in this section. The emissions in the

ammonia system are calculated based on the enthalpy of feedstock consumed in the

IGCC system just for ammonia systhesis. The calculation is reasonable because the linear

relation between the fuel consumption and the clean syngas production in the IGCC

system has been assumed. These emissions are also affected by the higher heating value

of the feedstock to the gasification island and this feedstock consumption per unit of

clean syngas production.

Table 6-4 Result of sensitivity analysis on properties of incoming
syngas to the pre-estimated performance of ammonia

synthesis process integrated with the IGCC system
Feedstock to
Gasification island

American Waste Pittsburgh No. 8 German Waste

Maximum ammonia
production, lb/hr

31979 17764 26887

Clean syngas, lb/hr 44872 28973 38061
Electric power, MW 8.29 4.53 6.83

  External Steam, lb/hr 6270 7965 6113

Utility consumption
based on maximum
ammonia production

Nitrogen, lb/hr 29874 15794 24038
NH3 0.133 0.11 0.13

Sulfur (H2S) 8.29E-05 2.15E-04 1.34E-04
CO2 159 191 175
NO 3.64E-10 3.05E-10 3.63E-10

Emission, lb/MBtu of
feedstock to the
gasifier

NO2 7.79E-19 6.53E-19 7.77E-19

Beside the ammonia production, other variables in the overall IGCC system that

may be used as the normalization basis could be the total heating value of the fuel fed to

the gasifier (Appl, 1998). The flow rate of incoming syngas to ammonia synthesis is not a

very appropriate basis for the normalization, because it’s just an intemediate results and

the properties of incoming syngas may be changed under different input assumptions

such as the feedstock to the gasifier.
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6.2 Hydrogen to Nitrogen Ratio

The hydrogen to nitrogen ratio is a critical factor affecting the kinetics and

equilibrium of ammonia conversion, which has been analyzed in a variety of literatures.

In this section, its effect on the system-wide performance of the ammonia system will be

examined. The hydrogen to nitrogen ratio in the model can be varied by changing the

target value in the design specification LN-DS02 of the design base. In other words, the

hydrogen to nitrogen ratio is changed by varying the mole flow rate of nitrogen input in

liquid nitrogen wash process. The range of hydrogen to nitrogen ratio chosen in this

sensitivity analysis is from 2.5 to 3.435. Any number outside of this range will make the

total power consumption increase to an unacceptable extent.

Figure 6-4, 6-5 and 6-6 shows the result of this sensitivity analysis. From Figure

6-4, it is found that to the left of the stoichiometric point of ammonia synthesis reaction,

3:1, all of the power consumption for individual process areas and the total are increasing

slowly with the decreasing of the ratio. For the compression of synthesis loop and

refrigeration of ammonia condensation, the reason for this tendency is that when the

hydrogen to nitrogen ratio become closer to the stoichiometric value, more makeup gas

will be converted to ammonia and less will accumulate in the synthesis loop. Thus less

compression work is needed to recompress the purge gas and less refrigeration power is

needed to cool the reactant mixture. And for other process areas that consume electric

power, this tendency is simply due to nitrogen input’s decreasing with the increase of

hydrogen to nitrogen ratio. Lower nitrogen input means lower compression or

refrigeration load in the main stream. This reason can also explain why these power

consumptions will still decrease after exceeding the stoichiometric point.

Unlike other process areas, the compression of synthesis loop and refrigeration of

ammonia condensation have completely reversed tendency of power consumption after

the stoichiometric point is exceeded. It is the direct result of excess hydrogen existing in

the synthesis loop, which will sharply increase the compression load of purge gas and

refrigeration of product gas.
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The total power consumption of the ammonia synthesis system is dominated by

the changing behaviors of power load for compression of synthesis loop and refrigeration

of ammonia condensation.

The influence of the hydrogen to nitrogen ratio on steam consumption and

production is shown in Figure 6-5. In fact, the amount of nitrogen input in liquid nitrogen

wash will not affect the CO shift conversion for incoming syngas treatment at all and the

inlet flow rate of Rectisol process substantially, and at the same time, the ammonia

production will increase with hydrogen increasing to a excessive extent. So the ultimate

result is that the steam consumption per pound ammonia produced in these two process

areas decrease with the hydrogen to nitrogen ratio increasing when the ratio is not too

low. If the hydrogen to nitrogen is below about 2.8, the nitrogen input will actually

increase a lot, thus absolute amount of ammonia production will also increase

significantly, then the steam consumpton rate for high temperature shift conversion will

Figure 6-4. Result of sensitivity analysis on
hydrogen to nitrogen ratio: Electric power
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decrease. But the steam consumption for the Rectisol process is different. Because the

increasing of nitrogen input can also increase the dry syngas input to the Rectisol

separator, which means that more steam is needed, the final changing tendency is that the

steam consumption rate of the Rectisol process will still increase with the hydrogen to

nitrogen decreasing when below 2.8.

At the same time, the lower the nitrogen input, the higher concentration of

methane in the recirculated gas from liquid nitrogen wash, and the more absolute amount

of steam is needed to convert methane to a specific level. This effect outweighs the

increasing of ammonia production, and can explain why the steam consumption of steam

reforming process will have slight increasing with the hydrogen to nitrogen ratio. The

total steam consumption of the ammonia synthesis system is dominated by the changing

behaviors of steam consumtion for incoming syngas shift conversion and Rectisol.

Higher hydrogen to nitrogen ratio in this ammonia system means lower nitrogen

input, and then less amount ammonia produced and less heat is recovered from the

Figure 6-5. Result of sensitivity analysis on hydrogen to nitrogen ratio: Steam
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ammonia synthesis reaction, so the steam production at 400 psi and 444 oF will decreases

with the increase of hydrogen to nitrogen ratio. And the total steam production is

dominated by the changing behavior of the steam production at 400 psi and 444 oF.

The net steam consumption is dominated by the changing behavior of steam

production.

Figure 6-6 shows the influence of hydrogen to nitrogen ratio on system-wide

emissions. Theoretically, less nitrogen input will reduce the amount of ammonia formed

in steam reforming reaction and the steam-reforming furnace, and will not change the

absolute amount of sulfur and CO2 emissions in the model. At the same time if the

increase of ammonia production is considered, it can be explained why the sulfur, CO2

and ammonia emission per pound ammonia produced are all monotonically decreasing.

Table 6-5 shows the results of sensitivity analysis on hydrogen to nitrogen ratio to

the pre-estimated performance of ammonia synthesis system integrated with the IGCC

system firing American Waste Fuel (Section 4.3). When the hydrogen to nitrogen ratio is

between 2.5 and 3.1, the maximum ammonia production is constrained by the clean

syngas input, and given the same amount of clean syngas, higher ammonia production is

obtained when the ratio is closer to or a little bit higher than the stoichiometric point of

the ammonia synthesis reaction. When the ammonia production is increased, and at the

same time the net steam consumption per unit of ammonia production is increased with

the increasing of the hydrogen to nitrogen ratio, which has been discussed in this section,

the net steam consumption will also increase.

For the hydrogen to nitrogen ratio, between 3.2 and 3.435, the maximum

ammonia production is constrained by the net steam consumption, because the net steam

consumption is increasing with the hydrogen to nitrogen ratio, which has been discussed

in this section. Thus given the same amount of net input steam, the ammonia production

will decrease with the increasing of the hydrogen to nitrogen ratio, and the clean syngas

consumption will also decrease if the ammonia production is decreased. As a matter of
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fact, the clean syngas consumption per unit of ammonia yield will slightly decrease with

the increasing of the hydrogen to nitrogen ratio, which has not been shown in Table 6-5.

The changing tendency of the electric power consumption is affected by both the

factors discussed based on Figure 6-4 and the difference of ammonia production, but is

dominated by the former.

The nitrogen consumption is affected by the changing behavior of the ammonia

production. At the same time, the nitrogen consumption per unit of ammonia production

decreases slightly with the increasing of the hydrogen to nitrogen ratio, which has not

been shown in Table 6-5.

For these preassessments, the ammonia emissions satisfy the same changing rule

shown in Figure 6-6, but the changing of the hydrogen to nitrogen ratio won’t influence

the sulfur and CO2 emissions substanially. Both NO and NO2 emissions increase with the

hydrogen to nitrogen ratio.

Figure 6-6. Result of sensitivity analysis on hydrogen to nitrogen ratio: Emission
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Table 6-5 Result of sensitivity analysis on hydrogen to nitrogen
ratio to the pre-estimated performance of ammonia
synthesis process integrated with the IGCC system

Hydrogen to nitrogen ratio, by mole 2.5 3 3.1 3.2 3.3 3.4 3.435
Maximum ammonia production, lb/hr 31374 31979 32077 30841 29015 27059 25140

Clean syngas,
lb/hr

44872 44872 44872 43018 40369 37554 34862

Electric power,
MW

8.92 8.29 8.20 7.81 7.33 7.05 10.53

  External
Steam, lb/hr

3878 6270 6737 6939 6939 6939 6939

Utility consumption
based on maximum
ammonia production

Nitrogen, lb/hr 36000 29874 28886 26804 24372 21990 20194
NH3 0.135 0.133 0.132 0.132 0.131 0.131 0.130

Sulfur (H2S) 8.3E-05 8.3E-05 8.3E-05 8.3E-05 8.3E-05 8.3E-05 8.3E-05
CO2 159 159 159 159 159 159 159
NO 3.0E-10 3.6E-10 3.8E-10 4.1E-10 4.4E-10 4.8E-10 5.0E-10

Emission, lb/MBtu

NO2 4.2E-19 7.8E-19 9.1E-19 1.1E-18 1.3E-18 1.6E-18 1.8E-18

6.3 Purge Gas Recycle Ratio

Purge gas recycling is a method to increase conversion rate of product gas for

ammonia synthesis, and thus the product ammonia. Nevertheless, it will also bring about

heavier load to the compression and condensation of synthesis loop.  In the design basis,

one part of purge gas is used as the fuel gas for steam reforming furnace, and the other is

completely recycled to the syngas compressor. In other words, the recycle ratio beside

combustion is one hundred percent. In this section, a sensitivity analysis on this recycle

ratio will be performed to see what kind of tradeoff in system performance exists between

high values and low ones. In order to execute this sensitivity analysis in the base case

model, some modifications have been made to the flowsheet. A new FSPLIT type block

is introduced between the purge gas splitter PG-ST01 and syngas compressor AS-CP01

to bifurcate a side stream of purge gas into the atmosphere. The split fraction of purge gas

recycled in this unit block is varied from 0 to 1 in the senstivity analysis. Figure 6-7

shows the modification on the flow sheet of the base case ammonia system.

Because some purge gas will be directly vented in the assumption now, the

ammonia contained in this vented purge gas should be counted into the total emission.

This assumption doesn’t mean that in a real ammonia plant, all of the unrecyled purge gas

that haven’t been used for combustion will be emitted to the atmosphere without any
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treatment. Several solutions for the purge gas leaving the ammonia synthesis system are

available in an actual ammonia plant. It can be combusted to support additional steam

production, or treated further by a purge gas recovery unit to recover more ammonia and

hydrogen.

Figure 6-8, 6-9 and 6-10 shows the result of sensitivity analysis on purge gas

recycle ratio. The advantage of higher ammonia conversion rate completely outweighs

the disadvantage of heavier system treating load in Figure 6-8. So higher purge gas

recycle ratio seems more attractive for the base case system from the perspectives of

energy and steam consumption and emission, and one hundred percent recirculation ratio

is the best, which has been assumed for the design basis. However, this conclusion will

possibly be changed if the application of vented purge gas is considered in the future,

because the vented purge gas may be further treated in a purge gas recovery process to

recover more ammonia and hydrogen, combusted for heat recovery, or recyled to the gas

turbine in IGCC system to produce more electric power. An overall assessment on

performance of the ammonia system with purge gas recovery or the IGCC system will be

needed to find the optimal purge gas recycle ratio.

Table 6-6 shows the results of sensitivity analysis on purge gas recycle ratio to the

pre-estimated performance of ammonia synthesis system integrated with the IGCC

To AS-CP01From PG-ST01

To AS-CP01

Vented

From PG-ST01
FSPLIT

B1
Z2

Z1

PG-05

Figure 6-7. Modification made to the flow
sheet of the base case ammonia model

P G -05

Before the modification

After the modification
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system firing American Waste Fuel (Pickett, 2000, Appendix D). Except for the 100%

recyling, the ammonia productions of other points are constrained by the net steam

consumption, and because the net steam consumption per unit of ammonia production

increases with the decreasing of the purge gas recycle ratio, the maximum ammonia

production will decrease with the purge gas recycle ratio. The decreasing of ammonia

production outweighs the increasing of other utilities consumptions such as electric

power, clean syngas and nitrogen when the purge gas recycle ratio is decreased, so they

are decreased with the purge gas recycle ratio.

The ammonia emission will increase with the decreasing of the purge gas recycle

ratio because the higher the purge gas recycle ratio, the more ammonia is unconverted

and vented based on the assumption of this sensitivity analysis. However, the purge gas

recycle ratio doesn’t have obvious effect on the sulfur, CO2, NO and NO2 emissions.

Figure 6-8. Result of sensitivity analysis on purge gas recycle ratio: Electric power
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Figure 6-9. Result of sensitivity analysis on purge gas recycle ratio: Steam
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Figure 6-10. Result of sensitivity analysis on purge gas recycle ratio: Emission
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Table 6-6 Result of sensitivity analysis on purge gas recycle
ratio to the pre-estimated performance of ammonia
synthesis process integrated with the IGCC system

Purge gas recycle ratio 1 0.75 0.5 0.25 0
Maximum ammonia production, lb/hr 31979 25058 19735 16487 14298

Clean syngas, lb/hr 44872 37436 31138 27294 24704
Electric power, MW 8.29 6.85 5.65 4.92 4.43

  External Steam, lb/hr 6270 6939 6939 6939 6939

Utility consumption
based on maximum
ammonia production

Nitrogen, lb/hr 29874 24924 20731 18172 16447
NH3 0.133 0.324 0.482 0.613 0.725

Sulfur (H2S) 8.29E-05 8.29E-05 8.29E-05 8.29E-05 8.29E-05
CO2 159 159 159 159 159
NO 3.64E-10 3.64E-10 3.64E-10 3.64E-10 3.64E-10

Emission, lb/MBtu

NO2 7.79E-19 7.78E-19 7.78E-19 7.77E-19 7.77E-19

6.4 Flow rate of Incoming Syngas

The sensitivity analysis on the flow rate of incoming syngas is significant for

testing the robustness of the model upon extrapolating it to different size, which is also

the basis for integrating it with the whole IGCC system.

The base-case model is extrapolated to the scenarios of 1, 10, 100 and 10000

lbmol syngas/hr. In the actual simulation, the boundaries of manipulated variables for

some design specifications should be changed accordingly to make the model converge

normally if the syngas flowrate scales up or down to 1000 times of the original value (i.e.

10000 to 10 lbmol syngas/hr). The lower bounders of the manipulated variables in the

design specifications don’t have to be changed for different sizes of ammonia plant.

Table 6-7 gives a summary on the upper bounds of manipulated variables in the design

specifications that need to be changed at different flow rates of incoming syngas. The

initial upper bounders are set for the 10000 lbmol syngas/hr case in this sensitivity

analysis, and don’t have to be decreased before the flow rate of the incoming drops to

1/1000 of the original value. If the upper bounds identified in Table 6-7 are kept

unchanged after the syngas input drops below 1/1000 of the original value in this

sensitivity analysis, the model can’t converge or converge with errors. Finally, Table 6-8

shows the result of this sensitivity analysis.
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From Table 6-8, it can be seen that the relative errors between the base case and

other flow rate cases are usually below 0.1 %. So from the above discussion it can be said

that the model is robust in the different ranges of incoming syngas flow rates that have

been chosen.

Table 6-7. Summary on the upper bounds of manipulated variables in the design
specifications that need to be changed at different flow rates of incoming syngas

Design specificationUpper bound of manipulated
variable in Design specification LN-DS02 RC-DS01 RC-DS04 SC-DS01

10000 10000 20000 1000 50000
1000 10000 20000 1000 50000
100 10000 20000 1000 50000

10 1000 2000 100 5000

Flow rate of
incoming syngas,
lbmol/hr

1 100 200 10 500
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Table 6-8. The result of performance and emissions from
extrapolating the base case model to different incoming syngas flow rates

Value Relative
error

Value Relative
error

Value Relative
error

Value Relative
error

Fresh syngas
lbmol/hr

1 10 100 1000 10000

Ammonia produced
lb/hr

12.71 127.12 1271.4 12714 127138

Steam consumption, lb/lb NH3 produced
  CO shift conversion 1.52 0.01% 1.52 0.01% 1.52 0.00% 1.52 1.52 0.01%
  Rectisol 0.32 0.07% 0.32 0.04% 0.32 0.00% 0.32 0.32 0.00%

  Steam reforming 0.45 0.21% 0.45 0.06% 0.45 0.01% 0.45 0.45 0.00%
  Total 2.29 0.02% 2.29 0.00% 2.29 0.00% 2.29 2.29 0.01%

Steam production, lb/lb NH3 produced
  400 psi and 444 F 1.96 0.03% 1.96 0.01% 1.96 0.00% 1.96 1.96 0.00%

  202 psi and 383 F 0.13 0.02% 0.13 0.02% 0.13 0.00% 0.13 0.13 0.00%
  Total 2.09 0.03% 2.09 0.01% 2.09 0.00% 2.09 2.09 0.00%

Emission, lb/lb NH3 produced
  NH3 0.00184 0.08% 0.00184 0.02% 0.00184 0.00% 0.00184 0.00184 0.00%
  Sulfur 1.15E-06 0.00% 1.15E-06 0.02% 1.15E-06 0.00% 1.15E-06 1.15E-06 0.00%

  CO2 2.20 0.01% 2.21 0.01% 2.20 0.00% 2.20 2.20 0.00%
  NO 5.05E-12 0.03% 5.05E-12 0.03% 5.05E-12 0.00% 5.05E-12 5.05E-12 0.00%

  NO2 1.08E-20 0.04% 1.08E-20 0.03% 1.08E-20 0.00% 1.08E-20 1.08E-20 0.01%

Electric power consumption, kWh/metric ton NH3 produced
  Rectisol 130.4 0.07% 130.6 0.04% 130.5 0.00% 130.5 130.5 0.00%
  Refrigeration for liquid
  nitrogen wash

32.9 0.23% 33.0 0.09% 33.0 0.00% 33.0 33.0 0.00%

  Refrigeration for
  ammonia condensation

30.7 0.00% 30.7 0.00% 30.7 0.00% 30.7 30.7 0.00%

  Compression for
  synthesis loop

277.5 0.01% 277.5 0.00% 277.5 0.00% 277.5 277.5 0.00%

  Pretreatment of input
  nitrogen

99.4 0.05% 99.5 0.00% 99.5 0.00% 99.5 99.5 0.00%

  Total 571.0 0.04% 571.4 0.02% 571.3 0.00% 571.3 571.3 0.00%
Note: The relative errors are obtained from comparison with the 1000 lbmol/hr syngas input case
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7.0 CONCLUSIONS AND RECOMMENDATIONS

This study developed a performance and emission model in ASPEN Plus of a

Lurgi ammonia synthesis system according to best available reference. The model is

primarily based on the clean gas from an IGCC system with American Waste Fuel as the

feedstock for gasifier, 10000 lb methanol coproduction and purge gas recycle (Pickett,

2000 and Appendix D). Then a case study of 1000 lbmol clean syngas input per hour is

performed for the base case ammonia system. Based on the results from the case study,

prediction on the performance and emissions of the ammonia model integrated with the

IGCC system is performed, and the total power consumption of the base system is

compared with the data reported by Lurgi (2001a) for model verification. To make the

base case model better reflect an actual plant, the CO shift conversion, steam reforming,

liquid nitrogen wash and ammonia conversion models are calibrated to the typical result

reported by Strelzoff (1981). The Rectisol model is following a design basis provided by

Pickett (2000). Finally, sensitivity analyses are performed to capture the key input

assumptions that will significantly affect system-wide performance and emissions, and

robustness of the model when it is put into extended ranges of design and operating

conditions.  Three types of inlet syngas to the ammonia system have been examined in

the sensitivity analysis. They are produced from gasifying three types solid feedstock in

the IGCC system, which are Pittsburgh No. 8 coal, American Waste Fuel and German

Waste Fuel (Pickett, 2000 and Appendix D). Other variables considered in the sensitivity

analysis include the hydrogen to nitrogen ratio, purge gas recycle ratio and flow rate of

incoming syngas. And the result from the sensitivity analyses is an important basis for

integrating the ammonia synthesis model with IGCC system. To assess the performance

of the ammonia synthesis process, the electric power load, steam consumption and

production and emission are inspected as key indexes.

The following conclusions can be drawn from this study:

1) For the case treating 1000 lbmol/hr of clean syngas from American Waste Fuel

(Pickett, 2000 and Appendix D), the total electric power consumption is about 571
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kWh/metric ton ammonia produced including the compression and cooling of input

nitrogen in the air separation plant, or 668 kWh/metric ton ammonia produced including

the overall auxiliary load of air separation plant, which is more than the reference figure

reported by Lurgi (2001a), 497 kWh/metric ton ammonia produced. Steam consumption

is about 2.29 lb/lb ammonia produced or 12900 Btu/lb ammonia produced, which

includes about 1.97 lb/lb ammonia produced or 11100 Btu/lb ammonia produced at 450
oF and 400 psi for CO shift conversion and steam reforming, and about 0.32 lb/lb

ammonia produced or 1790 Btu/lb ammonia produced at 444.59 oF and 400 psi for

Rectisol process. Total steam production is about 2.09 lb/lb ammonia produced or 11800

Btu/lb ammonia produced, which includes about 1.96 lb/lb ammonia produced or 11100

Btu/lb ammonia produced at about 400 psi and 444 oF and 0.13 lb/lb ammonia produced

or 731 Btu/lb ammonia produced at about 202 psi and 383 oF. Finally, the net steam

consumption is about 1090 Btu/lb ammonia produced. Ammonia can be emitted from the

tailgas from Rectisol, steam reforming furnace, and synthesis loop if the purge gas

recycle ratio is not one hundred percent. For the base case, the total ammonia emission is

about 0.00184 lb/lb ammonia produced. CO2 and Sulfur are emitted from the Rectisol

process, which are about 2.20 lb/lb ammonia produced and 1.15×10-6 lb/lb ammonia

produced, respectively.  NO and NO2 are generated in the steam reforming furnace, but

the emissions are both below 10-11 lb/lb ammonia produced.

2) Based on the pre-assessment on the performance of the base case ammonia model

integrated with the IGCC system, an IGCC with about 447429 lb/hr of American Waste

Fuel (Pickett, 2000 and Appendix D) input can at least support an ammonia plant with

31979 lb/hr of ammonia production, and consume about 8.3 MW power, 44872 lb/hr of

clean syngas, 6270 lb/hr of steam and 29874 lb/hr of liquid nitrogen. The emissions of

the ammonia system based on the higher heating value of the consumed feedstock to

gasification island will be 0.13 lb/MBtu of ammonia, 8.29×10-5 lb/MBtu of Sulfur, 159

lb/MBtu of CO2, 3.64×10-10 lb/MBtu of NO and 7.79×10-19 lb/MBtu of NO2. Only based

on the consideration of utilities available in the IGCC system, a typical stand-alone

ammonia plant with 1700 short tons/day (Strelzoff, 1981) of production can be supported
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by the calibrated IGCC system with 287775 lb/hr of Pittsburgh No. 8 coal input (Pickett,

2000).

3) The electric power consumption is not sensitive to changes in the three sets of

properties of incoming syngas that have been chosen. Steam consumption and CO2

emission depends substantially on the CO and CH4 composition in the incoming syngas.

The sulfur emission is sensitive to changes in the sulfur composition in the incoming

syngas.

4) Hydrogen to nitrogen ratio significantly influence the electric power consumption

of the base case system. Above all, the ratio should not exceed about 3.435, because the

electric power consumption will dramatically increase after 3.435. The best value is near

the stoichiometric point of ammonia synthesis reaction, which is 3:1. Within this small

range, no excess nitrogen and hydrogen accumulated in the system, so that the

compression and refrigeration load can be kept low. Steam consumption and emissions

per unit of ammonia produced decrease with the hydrogen to nitrogen ratio increasing

because slight excess hydrogen can increase the output of product ammonia, and this

effect outweighs any absolute increase in steam consumption and emissions. However,

the net steam consumption will increase with the increase of hydrogen to nitrogen ratio

because less heat from the ammonia synthesis reaction can be recovered to generate

steam, and this effect outweighs the decrease of steam consumption.

5) Higher Purge gas recycle ratio significantly reduces total power consumption, net

steam consumption and emissions per unit of ammonia produced, because it will better

the conversion ratio of ammonia synthesis reaction, and this effect outweighs the

increasing of compression and refrigeration load of the system. The best recycle ratio for

the design basis is 100 %.

6) The model has been tested by using three types of incoming syngas, in the range

of 1.5 – 3.435 for hydrogen to nitrogen ratio by mole, 0 – 1 for purge gas recycle ratio

and 1 – 10000 lbmol syngas input/hr, and runs normally.
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Compared to conventional ammonia synthesis process based on steam reforming

of natural gas, Lurgi’s process is more versatile. It can digest not only traditional

feedstocks, but also solid waste if incorporating a robust gasfier design. Lurgi’s process

designed to integrate with the polygeneration IGCC system is an attractive approach to

control pollution and reuse waste.

And the recommendations for the future work are:

1) For the base case ammonia synthesis, there is appreciable amount of ammonia

emssion. Another water scrubbing process may be introduced to recover it.

2) Before integrating the Lurgi ammonia synthesis process with the IGCC system

(Pickett, 2000 and Appendix D), several issues should be considered:

a) Part of the high-pressure purge gas can be recycled to support combustion

or generate electric power in other process areas of the IGCC system, and the

tradeoff between internal and external purge gas recycle should be inspected.

b) Because the base case ammonia system need net steam consumption,

additional steam from the IGCC system should be used. The intemediate (508

psia and 716°F) and low-pressure (145 psia and 356°F) steam from the steam

cycle of the IGCC system is good source for the requirement of the ammonia

system, because the total power production of the steam cycle is not sensitive to

the change of its total low or intemediate-pressure steam output (Pickett, 2000).

The specific process areas in the ammonia model that can use these steams are the

CO shift conversion, the Rectisol process and the steam reforming process, and

the specific streams are SC-STM01 (Figure 3-2), RL-STM01 (Figure 3-4) and

RC-STM01 (Figure 3-7), respectively.

c) The sulfur rich stream from the Rectisol process in the ammonia system

should be sent to the Claus plant in the IGCC system



131

3) A conventional ammonia system based on steam reforming of natural gas should

be modeled, and Life Cycle Inventory Analysis should be performed to compare the

performance and emissions between Lurgi ammonia system and conventional one. The

risk and tradeoff between new technologies and traditional ones should be examined.

4) Probability analysis methods such as Monte Carlo method, Orthogonal Latin

Square experiment design should be introduced to optimize the model performance, to

identify which model parameters most affect performance and to quantify the uncertainty

and variability associated with the model.
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APPENDIX A – AIR SEPARATION MODEL FOR THE DESIGN BASIS

The IGCC system needs an air separation plant because liquid nitrogen wash

process and the gasification reaction consume nitrogen and oxygen respectively.

However, in conventional air separation plants integrated with IGCC system, only

oxygen is regarded as product, and the nitrogen separated from the cryogenic column is

just vented into atmosphere or returned to the gas turbine without any further treatment.

In this section, an air separation model based on the typical input assumption presented

by Kiersz, et al. (1987) will be set up and simulated. Additional compressor and cooler

will be used to pretreat the nitrogen before it enters the liquid nitrogen wash process.

This section is organized in the following way: Section A.1 will describe

justification of the air separation model, Section A.2 discuss the design basis and Section

A.3 summarize the model results.

A.1 Justification of Air Separation Model

A model justification is needed before any design basis is chosen for the air

separation plant. In this section, a complete air separation model will be built up based on

all key input assumption made by Kiersz, et al. (1987), and then the model result will be

compared with the output data reported by Kiersz, et al. (1987).

A.1.1 The Design Basis for Justification

In this section, an air separation process based on the typical input assumption

presented by Kiersz, et al. (1987) will be built up and simulated for model justification.

Figure A-1 shows the ASPEN Plus flow diagram of air separation process for

both the justification and the final design basis. Table A-2 provides the details on the

input assumption for the process justification and the design basis. The convergence

sequence for the process justification and design basis is displayed in Figure A-2.
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The ambient air (Stream AP-01) in the model has the same compostions and flow

rate as those reported by Kiersz, et al. (1987) in Table A-1. It will be first input into a

multi-stage air compressor at 14.4 psi and 59 oF. This mult-stage compressor is

represented by the combination of two single-stage compressors (AP-CP01 and AP-

CP02) and an intercooler (AP-HT01). Some condensed water (AP-WTR01) will be

removed out from this intercooler. If more details of the configuration suggested by

Kiersz et al. (1987) are examined, it will be found that there are actually two intercoolers

existing between the first and second stage of air compressor. One is cooled by vacuum

condensate changing from 99 to 216 oF, and the other by cooling water from 65 to 85 oF.

However, for the purpose of simplicity, only one cooler will be applied for the

justification or case study. That is, the cooling water changing from 65 to 85 oF recovers

all heat. This modification will probably change the total consumption of cooling water in

the air separation plant, but won’t make any difference in the condensate flow rate or

exchange duty.

Figure A-1. ASPEN PLUS flow diagram of air separation process
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After compression, air will further be cooled in another cooler (AP-HT02) and

more water will be condensed. The Heater block of AP-HT02 is just a combination of the

cooler after air compression and knockout drum in Kiersz et al.’s (1987) configuration.

The flash temperature and pressure in AP-HT02 are 90 oF and 81 psi, respectively.

After condensation, the feedstock will go to air separation unit, AP-AP01, AP-

AP01 is a “Sep” block. The split fractions of components in the oxygen-rich stream from

air separation unit AP-AP01 can be found based on the data (Table A-1) provided by

Kiesz et al. (1987). For example, in Table A-1, the oxygen flow rate in dry air and

product oxidant is about 11787.7 lbmol/hr and 11198.2 lbmol/hr, respectively, so the

oxygen split fraction for oxygen-rich stream (AP-06) can be calculated through the

following equation:

(11198.2 lbmol/hr)/(11787.7 lbmol/hr) = 0.94999    (A-1)

According to the flow diagram given by Kiesz et al. (1987), there is no additional heat

loss from air separation unit and all energy exchanges happen in this unit block is from

electric power. So a design specification block, AP-DS01, is used to achieve zero heat

duty (AP-Q03) by changing the flash temperature of nitrogen-rich stream from air

separation unit.

Table A-1. Material balance data for air separation plant (Kiersz et al., 1987)
Material Balance

Component Process Stream No.

Dry Air Oxidant

lbmol/hr mol% lbmol/hr mol%

  O2 11787.7 20.9 11198.2 95.00

  N2 43820.5 78.03 159.1 1.35

  Ar 550.5 0.98 430.3 3.65

  H2O 1.03 (wet)

  Total 56158.7 100.00 11787.6 100.00
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Table A-2. Input assumption of air separation process (Kiesz et al., 1987)
Stream

Stream ID Stream Type Stream Parameter Description

AP-WTR04
Temperature = 65 oF

Pressure = 1 atm
Cooling water

  AP-01

Temperature = 59 oF

Pressure = 14.4 psi

Composition:

  O2: 20.9 mol% (dry)

  N2: 78.03 mol% (dry)

  Ar: 0.98 mol% (dry)

  H2O: 1.03 mol% (wet)

Flow rate = 56158.7 lbmol/hr

Air input to the air separation plant

  AP-WTR03 Condensed water from raw air

  AP-WTR05 Water with recovered heat

  AP-O201 Product Oxygen

  AP-N201

  Material

Product Nitrogen

  AP-Q05   Heat

Cool duty from nitrogen

compressor. A refrigeration cycle

is needed

  AP-W04   Work
Electric power for nitrogen

compression

Unit Block

Block ID Block Type Block Parameter Description

  AP-CP01   Compr
Discharge Temperature = 359 oF

Discharge Pressure = 62.5 psi
First stage of air compressor

  AP-HT01   Heater
Flash Temperature = 80 oF

Flash Pressure = 62.5 psi

Intercooler between first and

second stage of air compressor

  AP-CP02   Compr
Discharge Temperature = 145 oF

Discharge Pressure = 86 psi
Second stage of air compressor

  AP-HT04   Heater

Discharge Temperature = -50 oF

or no temperature change for

model justification

Pressure drop = 0 psi

Product nitrogen cooler

Continued on next page
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Tablee A-2. Continued

AP-AP01   Sep

AP-06:

  Temperature = 84 °F

  Pressure = 16.5 psia

  Split fraction of N2: 0.003631

  Split fraction of O2: 0.94999

  Split fraction of Ar: 0.781653

AP-07:

  Pressure =16.5 psi

Air separation unit

  AP-HT02   Heater
Flash Temperature = 90 oF

Flash Pressure =81 psi
Cooler before knockout drum

  AP-MIX01   Mixer Pressure drop = 0 psi

Collect condensed water from the

intercoolers of air compressor and

the knockout drum

5 stages

Discharge pressure

from last stage = 464.1 psi

Outlet temperature of

intercoolers =80 oF for

No.1,2,3,4 or 250 oF for No.5  AP-CP03   MCompr

Or for justification:

Discharge pressure

from last stage = 734 psi

Outlet temperature of

intercoolers = 80 oF for

No.1,2,3,4 or 270 oF for No.5

Product oxygen compressor

  AP-CP04   MCompr

5 stages

Discharge pressure

from last stage = 400 psi

Outlet temperature of

intercoolers =80 oF

Isentropic efficiency of each

stage = 0.89;

Or no pressure change for

justification

Product nitrogen compressor

Continued on next page
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Table A-2. Continued

  AP-HT03   Heater Flash Pressure = 1atm Simulate cooling by water

Design Specification

Block ID Target variable Target value Manipulated variable

  AP-DS01 Heat duty of Stream AP-Q03 0 Btu/hr
Flash temperature of AP-07 in

block AP-AP01

  AP-DS02
Temperature of Stream AP-

WTR05
85 oF

Mole flow rate of Stream AP-

WTR04

Following the air separation unit, there is a five-staged oxygen compressor with

four intercoolers. The waste nitrogen is vented in the base case air separation system

described by Kiersz et al. (1987), but in the base case ammonia system, this nitrogen will

be used in liquid nitrogen wash process, so additional nitrogen compressor (AP-CP04)

and cooler (AP-HT04) is needed to adjust the inlet temperature to the design value. Here,

before model justification is performed, specific input assumption will be made that there

is no temperature change taking place in the nitrogen cooler and no pressure change in

the nitrogen compressor, but in the future for the design basis of the case study, any

external requirement of nitrogen’s properties will be considered. At the same time, it is

assumed that there is no pressure drop in AP-HT04, which is realized in the FORTRAN

block, AP-F02.

All heat recovered from condensation and compressor’s intercoolers will go into

cooling water in AP-HT03. The design specification block, AP-DS02 tries to achieve the

target temperature, 85 oF in outlet water from AP-HT03 by changing the inlet flow rate.

A.1.2 The Result and Discussion on Justification

Table A-3 shows the comparison between some simualtion result in chosen

checkpoints and reference data (Kiersz et al., 1987). From Table A-3 it can be noticed

that the maximum relative error obtained up to now exists in condensate production,

which are about 3.5%.
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A.2 The Design Basis

For the design basis of air separation process, the ASPEN Plus flow diagram

(Figure A-1) for model justification will continue being used. Some input assumptions

have to be changed to meet the design requirement of the gasification island and Lurgi

ammonia synthesis process. For example, the nitrogen from the air separation plant

should reach the condition of –50 oF (Strelzoff, 1981) and 400 psi (Table 3-3) before it

goes to liquid nitrogen wash process, and the oxygen should reach 464.1 psi and 250 oF

(Pickett, 2000) before it goes to gasifier.

Figure A-2. ASPEN Plus convergence
sequence of air separation process
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Table A-3. Comperison between simulation results of air
separation model and reference data (Kiesz et al., 1987)

Simulation Reference Relative error
Stage 1 46846.223Air

compressor
Work

hp Stage 2 10058.859
Stage 1 273.0317 273 0.01%
 Stage 2 267.75271 270 0.83%
Stage 3 267.70015 268 0.11%
Stage 4 267.53437 270 0.91%

Temperature profile
oF

Stage 5 267.049 270 1.09%
Stage 1 35.247342 35.4 0.43%
Stage 2 75.29546 74 1.75%
Stage 3 160.84635 158 1.80%
 Stage 4 343.60038 339 1.36%

Pressure profile
psi

Stage 5 734 734 0.00%

Oxygen
compressor

Total work
hp

30442.002

Condensate
Flow rate

lb/hr
1976.8654 1910 3.50%

O2 11198.195 11198.2 0.00%
N2 159.11259 159.1 0.01%
Ar 430.18377 430.3 0.03%

Oxidant
Flow rate
 lbmol/hr

Total 11787.492 11787.6 0.00%

Air
Flow rate
 lbmol/hr

(Wet base) 56743.1

The auxiliary power consumption without nitrogen compression and cooling

included for the air separation model can be calculated through an empirical equation,

which was originally set up in the study modifying a model developed by Frey and Rubin

(1990) for oxidant feed power consumption. A single data with oxygen flow rate as the

independent variable in the study by Anand et al. (1992), was used to modify the original

model to reflect the latest published data. Now it is shown in Equation A-2:

We,OF = (0.9466+3.73×10-4× TA+9.019×10-6×TA
2)(0.00526MO,G,i)    (A-2)

where, MO,G,i    Oxygen gas (464.1 psi, 250 oF) flow to the gasifier, lbmol/hr;

TA    Ambient temperature, 59 oF

Because output nitrogen should be cooled below 0 oC and compressed to 400 psi,

additional refrigeration and compression power is needed. The approach to estimate the
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electric power consumption of refrigeration has been discussed in Section 3.3.2. And 0.45

will be used again as the refrigeration efficiency for the design basis.

Finally, please refer to Figure A-1 and A-2 and Table A-2 for any other details on

the design basis for the case study.

A.3 Model Results

Base on the model result of the design basis, it was found that the oxygen output

(AP-O201) is about 11787 lbmol/hr and the nitrogen output (AP-N201) is about 44846

lbmol/hr. So according to Equation A-2, the total electric power consumption per unit of

nitrogen output for the air separation plant without nitrogen pretreatment is:

We,OF

= (0.9466 + 3.73 × 10-4 × 59 + 9.019 × 10-6 × 592) × (0.00526 × 11787) / 44846

≈ 0.00132 MWh/lbmol nitrogen output = 1.32 kWh/lbmol nitrogen output       (A-3)

and given the flow rate of the output nitrogen (LN-N201), the ambient temperature,

which is 59 oF and the temperature of the nitrogen cooler (AP-HT04), the refrigeration

power needed for the nitrogen precooling can be calculated through Equation 3-13. The

result is about 0.138 kWh/lbmol nitrogen output. The compression power of nitrogen is

reported by the ASPEN Plus model. After the unit conversion, its result is about 1.21

kWh/lbmol nitrogen output.

Finally, the electric power consumption for nitrogen pretreatment (compression

and precooling) is:

1.21 + 0.138  ≈ 1.35 kWh/lbmol nitrogen treated    (A-4)

and the electric power consumption for the whole air separation system is:

1.35 +1.32 =2.67 kWh/lbmol nitrogen treated    (A-5)
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APPENDIX B – ESTIMATION OF PRESSURE DROP IN HEAT EXCHANGERS

This appendix discusses the verification of pressure drop in heat exchanges of the

ammonia synthesis model.

The pressure drop of heat exchanges can be roughly estimated through

comparision with emipirical data. For example, for the heat exchange SC-HX01 (Figure

3.2) in the base case, the syngas and steam input is about 42386 ft3/hr, which is about 706

ft3/min. Then if the pressure drops of Thermatron Engineering 730 Series of heat

exchangers in Table B-1 are checked, it will be found that pressure drops in this kind of

heat exchangers are pretty small. Even though the flow rate of air doubles from 220

ft3/min to 440 ft3/min, there is no obvious change in pressue drop, and 0.15 inches of

water is only about 0.0054 psi. So it won’t be too unreasonable if any pressure drop of

the heat exchangers in the design basis is neglected when the flow rate is about 706

ft3/min. In fact, zero pressure drop has been assumed for other heat exchangers in the

whole ammonia synthesis process because most of the streams in them have lower flow

rate than the one discussed above.

Table B-1. Pressure drops of Thermatron Engineering 730
series of heat exchangers (Thermatron Engineering, 2001)

Heat Exchanger

Part Number

W/o Fan w/ Fan(s)

Standard Air Flow

& Air Pressure Drop

730 730M1 65 CFM @ 0.12"H2O

731 731M2 130 CFM @ 0.12"H2O

732 732F1 190 CFM @ 0.13"H2O

733 733F2 380 CFM @ 0.13"H2O

734 734C1 220 CFM @ 0.15"H2O

735 735C2 440 CFM @ 0.15"H2O

CFM = Cubic Feet per Minute
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APPENDIX C – GLOSSARY OF ASPEN PLUS UNIT OPERATION BLOCKS

AND PARAMETERS

This appendix provides a summary of the ASPEN unit operation blocks used in

this paper. Table C-1 lists the ASPEN unit operation block and a brief description of each

block.

Table C-1. ASPEN Plus Unit Operation Block Description*
ASPEN Plus

Model Name
Description

  Compr Compressor or Turbine. Models isentropic or polytropic compressors, etc.

  Flash2
Two-outlet flash. Models flash drums, evaporators, and so forth, using rigorous

V-L or V-L-L equilibriium

  FSplit Stream splitter. Divides feed based on splits specified for the outlet streams

  Heater
Thermal and phase state changer. Models heaters, coolers, condensers, and so

forth

  HeatX
Two-stream heat exchanger. Models co-current and counter-current shell and

tube heat exchangers

  MCompr
Multistage compressors or turbine. Models multistage polytropic or isentropic

compressors, etc.

  Mixer Stream mixer. Combines material, heat, or work streams

  Sep
Component separator. Separates components based on specified flows or split

fractions

  RGibbs
Rigorous reaction and/or multiphase equilibrium based on Gibbs free energy

minimization

  REquil Rigorous equilibrium reactor based on stoichiometric approach

*Adapted from Aspen Tech  (2000)
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APPENDIX D – CALIBRATION OF THE IGCC MODEL

Prepared by Minsheng Li and Chi Xie

November 2001

In this appendix, the revision and calibration made to the IGCC model developed

by Pickett (2000) will be described. Discrepancies existing between the results from

Pickett’s original model and the modified model will be presented in tables.

D.1 Introduction

Pickett has developed a model for the IGCC system with methanol production in

ASPEN Plus, but when his model was used to do further research on the IGCC system,

some decripancies exits between the results reported by Pickett and those reproduced by

us. Thus, additional work on model calibration should be conducted to find the right and

unique model with consistent results. In this appendix, the methodology and the findings

related with the calibration of Pickett’s model are summarized.

During the process of calibration, most of the effort is put into reproducing

Pickett’s results calibrated to Pittsburgh No. 8 coal because this case has been calibrated

well based on the data from EPRI study. As for the American Waste Fuel case, most of

the errors are similar to those found in Pittsburgh No. 8 case. Thus, in this appendix, the

errors existing in Pittsburgh No. 8 case are reported in details, while the errors applied to

American waste case are just specified. Finally, the special findings for German Waste

case will also be discussed.

The appendix is adapted from an original report documented by Li, but most of

the research work on calibration is performed by Chi and Li.
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D.2 Methodology

The integrated IGCC model developed by Pickett consists of gasification island,

fuel gas saturation, gas cooling and cleaning, Claus process, LPMEOH methanol

production and other sub models, which were built separately and then combined into one

integrated model. The LPMEOH methonal sub model is the last one to be introduced.

Firstly, Pickett’s model results for IGCC system without methanol production need to be

reproduced and calibrated to Pittsburgh No. 8 coal. After reproducing this set of results,

Confidence will be gained for using Pickett’s model without methanol production as a

basis to calibrate the model with methanol production and calibrated to Pittsburgh No. 8

coal.

The second step of calibration was to scale down the methanol production in the

model with methanol production to 1 lb/hr and then compare the results with the ones got

from the IGCC system model without methanol production. Based on the findings

obtained in this step and described in Section D.3, the objective of this comparison has

been achieved.

Finally, all the findings obtained will be applied to the cases as follows:

1) Firing Pittsburgh NO.8 coal with 10k, 20k, and 40k lb/hr methanol production;

2) Firing American waste with 10k, 20k, and 40k lb/hr methanol production;

3) Firing German waste with 10k, 20k, and 40k lb/hr methanol production;

Just in order to give an example, the final comparison results from the Pittsburgh

No. 8 coal case, American waste case and German Waste case for 10000 lb methanol

production per hour are shown in Table D-2, D-3 and D-4. Table D-1 shows the major

input assumptions for the cases based on three different fuels. The corresponding

modifications made to these three cases were explained in Section D.3 in details.
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Table D-1.  Major input assumptions for three fuels 1

 Pittsburgh No. 8 Coal  American Waste German Waste

Combustion Zone Temperature     3,357 °F     3,196 °F     3,196 °F

Gasification Zone Temperature     1,300 °F     1,300 °F     1,300 °F

Heat Loss from Gasifier 1.00% 1.00% 1.00%

Exiting Syngas Temperature        284 °F        284 °F        284 °F

Fraction of Carbon in Slag 1% 1% 1%

Fraction of Sulfur in Slag 3% 3% 3%

Steam-to-oxygen Molar Ratio 1.0875 1.0875 1.0875

Approach temperature (0F):

C+H20→CO + H2 520 520 520

C + CO2→CO 460 440 440

C+2H2→CH4 150 200 200

CO+H2O→CO2+H2 -360 -200 -200

Proximate Analysis, dry wt%

Moisture (wt%) 6 9.6 5.1

Fixed Carbon 48.94 17.5 15.9

Volatile Matter 38.83 72 65

Ash 12.23 10.5 19.1

Ultimate Analysis, dry wt%

Carbon 73.21 52.1 52.6

Hydrogen 4.94 5.9 6.6

Nitrogen 1.38 0.9 2.5

Sulfur 3.39 0.9 1.4

Oxygen 4.85 29.7 17.8

Ash 12.23 10.3 19.1

HHV – Dry Basis (BTU/lb) 13,138 9,970 10,026

Note: 1. Most of the input assumptions are the same as those provided by Pickett (2000), except for some
              small changes, which will be discussed in Section D.3

Table D-2. Original results and reproduced results for
Pittsburgh No. 8 coal with 10000 lb/hr methanol production

Original1

 Result
Reproduced

Results
Relative
Error

Mass Flow Rate Lb/hr Lb/hr

To Gasifier                                 Fuel 326982 324802 0.67%

Oxygen 187822 187281 0.29%

Steam 109936 109620 0.29%

Quench Water 531464 529885 0.30%

Crude Syngas 671793 669769 0.30%

   Continued on next page
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   Table D-2 Continued

Clean Syngas to Saturator 473939 472551 0.29%

Clean Syngas to Methanol 55224 55174 0.09%

Total Clean Syngas 531181 529738 0.27%

Feed Syngas to Gas Turbine 957835 955203 0.27%

Air to Gas Turbine 6922200 6925130 0.04%

Purge Gas from Methanol 44862 44824 0.08%

Total Feed to Saturator 518800 517375 0.27%

Fuel Mixture in Gas Turbine 6634040 6633810 0.00%

Methanol 10001 10000 0.01%

Overall Water Consumption 519824 518406 0.27%

Production of Sulfur 10296 10230 0.65%

Slag Production 47937 47618 0.67%

Steam to Methanol Process 7966 7965 0.02%

Saturation Water 399512 398444 0.27%

Steam for Saturation Heating 283925 283137 0.28%

MW

Gas Turbines 384.62 384.40 0.06%

Steam Turbines 132.57 132.52 0.04%

Gross Power 517.19 516.92 0.05%

Auxiliary Loads 53.86 53.72 0.26%

Power to Grid 463.33 463.20 0.03%

Methanol Production 11.44 11.44 0.01%

Total Power (w/Methanol) 474.77 474.64 0.03%

Power Thermal Efficiency

HHV BASIS 39.15% 39.40% 0.64%

LHV BASIS 40.80% 41.06% 0.64%

Combined Thermal Efficiency

HHV BASIS 40.12% 40.37% 0.64%

LHV BASIS 41.81% 42.07% 0.64%

Note: 1. Pickett, 2000
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Table D-3. Original results and reproduced results for
American Waste with 10000 lb/hr methanol production

Original1

 Result
Reproduced

Results
Relative
Error

Mass Flow Rate Lb/hr Lb/hr

To Gasifier                                 Fuel 447492 448723 0.28%

Oxygen 67484 67075 0.61%

Steam 39482 39261 0.56%

Quench Water 466626 465666 0.21%

Crude Syngas 591681 591104 0.10%

Clean Syngas to Saturator 406678 406136 0.13%

Clean Syngas to Methanol 44782 44872 0.20%

Total Clean Syngas 453182 452729 0.10%

Feed Syngas to Gas Turbine 814410 813587 0.10%

Air to Gas Turbine 7072700 7073980 0.02%

Purge Gas from Methanol 34443 34539 0.28%

Total Feed to Saturator 441122 440675 0.10%

Fuel Mixture in Gas Turbine 6614030 6614250 0.00%

Methanol 10000 10000 0.01%

Overall Water Consumption 391411 390410 0.26%

Production of Sulfur 3796 3805 0.24%

Slag Production 52540 52679 0.26%

Steam to Methanol Process 6929 6939 0.14%

Saturation Water 342079 341344 0.21%

Steam for Saturation Heating 447492 448723 0.28%

MW

Gas Turbines 376.03 375.89 0.04%

Steam Turbines 134.04 135.20 0.87%

Gross Power 510.07 511.09 0.20%

Auxiliary Loads 32.57 32.52 0.16%

Power to Grid 477.50 478.57 0.22%

Methanol Production 11.44 11.44 0.01%

Total Power (w/Methanol) 488.94 490.01 0.22%

Power Thermal Efficiency    

HHV BASIS 41.06% 41.04% 0.05%

LHV BASIS 45.88% 45.85% 0.05%

   Continued on next page
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   Table D-3 Continued

Combined Thermal Efficiency    

HHV BASIS 42.04% 42.02% 0.06%

LHV BASIS 46.98% 46.95% 0.06%

Note: 1. Pickett, 2000

Table D-4. Original results and reproduced results
for German Waste 10000 lb/hr methanol production

 
Reproduced

Results
German waste

Original
Result1

German waste

Relative
Error

Original
Result1

European fuel

Relative
Error

Mass Flow Rate lb/hr lb/hr  lb/hr  

To Gasifier                   Fuel 398560 424303 6.07% 396783 0.45%

Oxygen 129214 137004 5.69% 129676 0.36%

Steam 75632 80191 5.69% 75902 0.36%

Quench Water 585575 697312 16.02% 587936 0.40%

Crude Syngas 616171 635994 3.12% 616567 0.06%

Clean Syngas to Saturator 418338 427890 2.23% 418824 0.12%

Clean Syngas to Methanol 41078 38910 5.57% 40936 0.35%

Total Clean Syngas 461169 468581 1.58% 461514 0.07%

Feed Syngas to Gas
Turbine

829179 842900 1.63% 829836 0.08%

Air to Gas Turbine 7049980 7029800 0.29% 7048250 0.02%

Purge Gas from Methanol 30753 28605 7.51% 30622 0.43%

Total Feed to Saturator 449091 456495 1.62% 449446 0.08%

Fuel Mixture in Gas
Turbine

6610160 6607330 0.04% 6609400 0.01%

Methanol 10000 10000 0.00% 10000 0.00%

Overall Water
Consumption

421494 420602 0.21% 421889 0.09%

Production of Sulfur 5370 3392 58.30% 5349 0.40%

Slag Production 89505 106277 15.78% 89134 0.42%

Steam to Methanol Process 6113 5625 8.68% 6097 0.26%

Saturation Water 336073 330626 1.65% 336154 0.02%

Steam for Saturation
Heating

222333 221230 0.50% 222260 0.03%

Continued on next page
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Table D-4. Continued
 MW MW MW

Gas Turbines 377.89 379.46 0.41% 378.02 0.03%

Steam Turbines 131.27 129.94 1.02% 131.16 0.08%

Gross Power 509.16 509.40 0.05% 509.18 0.00%

Auxiliary Loads 43.11 44.88 3.95% 43.18 0.16%

Power to Grid 466.05 464.52 0.33% 466.00 0.01%

Methanol Production 11.44 11.44 0.00% 11.44 0.00%

Total Power
(w/Methanol)

477.49 475.96 0.32% 477.45 0.01%

Power Thermal Efficiency   

HHV BASIS 44.22% 41.40% 6.81% 44.41% 0.44%

LHV BASIS 46.92% 43.93% 6.81% 47.13% 0.44%

Combined Thermal
Efficiency

  

HHV BASIS 45.31% 42.42% 6.80% 45.50% 0.44%

LHV BASIS 48.07% 45.01% 6.80% 48.29% 0.44%

Note: 1. Pickett (2000)

D.3 Findings

D.3.1  Findings Applied to both Pittsburgh No. 8 Coal Case and American Waste

Case

Finding 1: FORTRAN code error in design spec IPBFPRO, which is related to the factor

of "overall water consumption".

Original code:                  C     IBREQ = IBGAS + IBCLA + IBLPM

Correction code:               F     IBREQ = IBGAS + IBCLA + IBLPM

Explanation: This FORTRAN code sets the target variable (mass flow rate of stream

IPBFWPRO) to equal to the sum of mass flow rate of IBGAS, IBCLA, and IBLPM. But

in the original code, the "C" makes that FORTRAN sentence to be a comment, not an

executable one, that is, this FORTRAN code means nothing. Therefore, overall water

consumption is not correct.
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Finding 2: Syngas temperature after being quenched, which is related to the amount of

quench water. In the IGCC model without methanol production, the temperature is set to

297.7 oF, while in the IGCC model with methaol production, the value is 299.7 oF.

According to Pickett's thesis, the value of 297.7 oF should be correct.

Finding 3: Convergence errors in convergences GC-SPEC2 and GC-SPEC3. These two

convergences are worked in gas saturation island, which have effects on the steam

requirement, and steam turbine power output. With their original settings, these two

convergences cannot get converged both in the IGCC model with and without methanol

production. The solution that have been chosen is to change their convergence method

from "SECANT" to "NEWTON".

Finding 4: Wrong reference to the variable in Pickett's Excel file when he calculated the

steam turbine power generation for the case of firing Pittsburgh No. 8 coal with methanol

production and purge gas recycle. The steam turbine generate total power is WSTTURB

(hp), which is the sum of the power loss WSTLOSS (hp) and the power output

WSTPOWER (hp). The correct calculation for the steam turbine power generation is:

Steam turbine power (MW) = WSTPOWER (hp) × 0.0007457 (MW/hp)    (D-1)

But in the case of firing Pittsburgh No. 8 coal with methanol production and purge gas

recycle, what Pickett has done is:

Steam turbine power (MW) = WSTTURB (hp) × 0.0007457 (MW/hp)    (D-2)

D.3.2   Findings Applied to Pittsburgh No. 8 Coal only

Finding 5: The temperature of stream FGMAKEUP. In the IGCC model with methanol

production the value is 78.5 oF, while in the model without methanol production  the

value is 75.8 oF. The correct value should be 78.5 oF, which is originally used in the
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model with methanol production. Although there is no mention about the temperature in

Pickett’s thesis, but by checking his sub-model for only Fuel gas saturation area, the

value found there is 78.5 oF.

The temperature causes effect on the requirement of steam for saturation heating

in this way. The steam for saturation heating (FGSTEAM) through heater SIDEHEAT,

together with stream SATWAT through heater FGHEAT1 and QFGHT2, provides the

heat for the saturator (SATURTR).  Therefore, under the same operation conditions, the

sum of heat of heat stream "QFGHT2" and "QSTEAM2" is a constant. While a potion of

the heat contained in stream SATWAT is used to heat up the stream FROMGL, and

HPMAKUP which is from stream FGMAKEUP after pumping. To heat up the stream

HPMAKUP with a lower temperature will need a larger potion of heat from stream

SATWAT. Therefore, to keep the sum of the heat of heat stream "QFGHT2" and

"QSTEAM2" unchanged; more steam for saturation heating is needed.

Finding 6: FORTRAN codes in FORTRAN block RECYCLE, which sets the amount of

hydrocarbons recycled back to the combustor, therefore, causes coalfeed rate difference.

Original codes (Code No. 1)  in the IGCC model with methanol production:

F     WOIL= 0.9944*XOIL

F     WNAPH = 0.9811*XNAPH

F     WTAR = 0.9987*XTAR*0.3

F     VTAR = 0.9987*XTAR*0.7

Where: VTAR is the hydrocarbon recycled via streams RETAR;

             WNAPH, WOIL, WTAR are the hydrocarbons recycled via streams RECH.

Original codes (Code No. 2)  in the IGCC model without methaol production:

F     VNAPH = 0.8947*XNAPH

F     VOIL = 1.0000*XOIL
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F     WTAR = 1.2285*XTAR*0.7810

F     VTAR = 1.2285*XTAR*0.2190

Where: VTAR is the hydrocarbon recycled via streams RETAR;

             VNAPH, VOIL, WTAR  are the hydrocarbons recycled via streams RECH.

For the case of Pittsburgh NO.8 coal, code #2 is recommended. The reason is that

code #2 was originally used in the IGCC model without methanol production, which was

calibrated to Pittsburgh NO.8 coal.

For the case of American waste, code #1 is recommended. One reason is that

when using code #1, the results were reproduced well. The other one is that the IGCC

model without methanol production was not calibrated to American waste.

To test the calibration of Pickett's model for Pittsburgh No. 8 coal case, the results

No. 1: IGCC model with methanol production, firing Pittsburgh No. 8 coal and scaling

down the methanol throughput to 1 lb/hr, and results No. 2: IGCC model without

methanol production and firing Pittsburgh No. 8 coal are compared. The reason to make

this comparison is that Pickett's results for the case of Firing Pittsburgh No. 8 coal

without methanol production have been reproduced very well. By applying all the

findings above, the comparison results show that the calibration of Pickett's model for the

case of Firing Pittsburgh No. 8 coal with methanol production and purge gas recycle was

done.

D.3.3   Findings Applied to American Waste Only

Finding 7:  Some lower or upper limit in some design spec. are too low or too high which

cause the corresponding convergence cannot be converged. Therefore, the changes were

made to these limits:

1) Lower limit in design spec. CLAUSTM in convergence SR-SPEC3: 1E4 à 1E3

2) Lower limit in design spec. IPBFPRO in convergence ST-SPEC8: 5E4 à 1E4
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3) Upper limit in design spec. IPCOOL in convergence ST-SPEC6: 0.8 à0.9

4) Upper limit in design spec. GCSATH20 in convergence GC-SPEC2: 1E6 à 5E6

D.3.4   Findings for German Waste Case Only

The model used for calibration of IGCC model firing German waste case is based

on the one for American waste case, i.e., only the proximate analysis and ultimate

analysis were changed in the model to fit German waste. After changing such input

parameters, there were some problems happened in the convergence blocks: GT_SPEC2,

LP_PROD, and ST-SPEC1. To get these blocks converged, the converging method was

changed from SECANT to BROYDEN.

About German waste case, the conclusion is that Pickett made a mistake in his

thesis. The reason is, it was found that the input assumptions for German waste in

Pickett’s thesis do not match his results of German waste. The results they match are for

another type of fuel "European fuel". It is found the results of EUROPEAN FUEL in his

Excel files, and that the crude syngas composition of German Waste Pickett used in his

thesis is from European fuel, not German waste. However, after checking Pickett's

results, no mention was found about what is European fuel and what difference between

German waste and European fuel. Therefore, from the comparisons it seems that Pickett's

results for "German waste" can be reproduced, if Pickett's really had made such a

mistake.

And another interesting finding is that the results for German waste were

generated by Pickett on Jan 23, 2001; while results for European fuel were generated by

Pickett on Oct 21, 2000. It seems that European fuel is a latest version.

Also, some analyses have been done based on the comparison between Pickett's

results of German waste and American. From this comparison, it was noticed that there

existed some obvious errors for Pickett's results of German waste. For example, German
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waste has 1.4% of sulfur while American waste has 0.9% of sulfur. Such an estimate can

be made:

Estimated production of sulfur of American waste: 447492 lb/hr × 0.9% = 4027 lb/hr

Actual production of sulfur of American waste: 3796 lb/hr

Estimated production of sulfur of German waste: 424303 lb/hr × 1.4% = 5940 lb/hr

Actual production of sulfur of German waste: 3392 lb/hr

Based on this estimate calculation German waste should produce more sulfur than

American waste, however, the results are not as expected. Also, the similar problem

exists for slag. Therefore, based on such estimates, at least, parts of Pickett's results are

dubious.

Based on the above comparisons and analysis, it can be believed that for German

waste case, the reproduced results are correct.
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APPENDIX E – ORIGINAL STREAM RESULTS OF THE AMMONIA

PERFORMANCE MODEL

This appendix provides the detailed ASPEN Plus stream results from the base

case ammonia synthesis model and the related sensitivity analysis. Firstly, Table E-1

gives descriptions on the streams used in the base case ammonia model and the unit

blocks connected with these streams. Then Table E-2 shows the ASPEN Plus results of

all streams in the base case model, including the mole fraction, flow rate, temperature,

pressure, enthalpy and phase fraction. Finally, the stream results from the sensitivity

analyses discussed in Chapter 6 are presented in Table E-3, E-4, E-5 and E-6, including

flow rate, temperature and pressure. Some of the results from the sensitivity analysis on

hydrogen to nitrogen ratio was not included in Table E-4, because relatively too many

points have been chosen for this sensitivity analysis, and it’s not necessary to include

each point in the ranges in which the slope of the curves are close to zero.

Table E-1. Description of stream ID used in the
ASPEN Plus ammonia performance model
Description Stream ID From block To block

High-temperature shift conversion
  Fresh syngas to the ammonia system SYNGAS NT-ST01
  Syngas to the syngas-steam mixer in the high-temperature
  shift conversion

SC-01 NT-ST01 SC-MIX01

  Steam to the steam-syngas mixer in the high-temperature
  shift conversion

SC-STM01 SC-MIX01

  Mixture of syngas and steam to the heat exchanger in the
  high-temperature shift conversion

SC-02 SC-MIX01 SC-HX01

  Mixture of syngas and steam to the high-temperature shift
  Converter

SC-03 SC-HX01 SC-SC01

  Product gas from the high-temperature shift converter SC-04 SC-SC01 SC-HX01
  Dummy stream from the high-temperature shift converter SC-RD01 SC-SC01
  Product gas leaving the high-temperature shift conversion SC-05 SC-HX01 NT-MIX01
  Heat recovered from the high-temperature shift converter SC-Q01 SC-SC01 SC-HT01
 Rectisol
  Mixture of syngas and recycled gas to the heat exchanger of
  Rectisol

NT-02 NT-MIX01 NT-HX01

  Steam to the Rectisol separator RL-STM01 RL-RL01
  Syngas to the Rectisol separator RL-01 NT-HX01 RL-RL01
  Syngas from the Rectisol separator RL-02 RL-RL01 LN-HX01
  Water condensed from the Rectisol separator RL-CNS01 RL-RL01
  CO2 rich stream from the Rectisol separator RL-CO201 RL-RL01

Continued  on next page
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Table E-1. Continued
  Naphtha rich stream from the Rectisol separator RL-NA01 RL-RL01
  Sulfur rich stream from the Rectisol separator RL-S01 RL-RL01
  Cool duty form the Rectisol separator RL-Q01 RL-RL01
Liquid nitrogen wash
  Inlet syngas from the heat exchanger in liquid nitrogen wash LN-01 LN-HX01 LN-HT01
  Inlet syngas from the cooler in liquid nitrogen wash LN-02 LN-HT01 LN-LN01
  Product syngas to the heat exchanger in liquid nitrogen wash LN-04 LN-LN01 LN-HX01
  Off gas from the liquid nitrogen wash column LN-05 LN-LN01 RC-CP01
  Product syngas from the heat exchanger in liquid nitrogen
  Wash

LN-06 LN-HX01 NT-HX01

  Inlet nitrogen to liquid nitrogen wash column LN-N201 LN-LN01
  Cool duty from the cooler in liquid nitrogen wash LN-Q01 LN-HT01
  Dummy cool duty from the heat exchanger in liquid nitrogen
  wash

LN-Q02 LN-LN01

Steam reforming
  Steam to the steam-gas mixer in steam reforming RC-STM01 RC-MIX01
  Mixture of recycled gas and steam to the heat exchanger in
  steam reforming

RC-01 RC-MIX01 RC-HX01

  Reactant gas to steam reformer RC-02 RC-HX01 RC-SR01
  Product gas from steam reformer RC-03 RC-SR01 RC-HX01
  Fresh syngas to steam reforming furnace RC-06 NT-ST01 RC-CB01
  Inlet air to steam reforming furnace RC-AIR01 RC-CB01
  Flue gas from the steam reforming furnace RC-07 RC-CB01 RC-HT02
  Flue gas leaving the ammonia system RC-08 RC-HT02
  Heat from the steam reforming furnace RC-Q01 RC-SR01 RC-CB01
  Dummy heat stream from the steam reforming furnace RC-Q03 RC-CB01
  Heat recovered from the flue gas leaving steam reforming
  furnace

RC-Q04 RC-HT02 SC-HT01

Low-temperature shift conversion
  Recycled gas to the low-temperature shift converter RC-04 RC-HX01 RC-SC01
  Product gas from the low-temperature shift converter RC-05 RC-SC01 NT-MIX01
  Dummy stream from low-temperature shift converter RC-RD01 RC-SC01
  Cooling water to the cooler of low-temperature shift
  Converter

RC-WTR01 RC-HT01

  Steam recovered from the low-temperature shift converter RC-STM02 RC-HT01 NT-TU02
  Heat recovered from the low-temperature shift converter RC-Q02 RC-SC01 RC-HT01
Synthesis loop
  Makeup gas to synthesis compressor NT-01 NT-HX01 AS-CP01
  Cooling water to the intercoolers of syntheis compressor AS-WTR02 AS-HT02
  Heated water from the intercoolers of synthesis compressor AS-WTR03 AS-HT02
  Makeup gas to ammonia converter AS-01 AS-CP01 AS-AS01
  Product gas from ammonia converter AS-02 AS-AS01 AS-HX01
  Dummy stream from ammonia converter AS-RD01 AS-AS01
  Product gas leaving the first heat exchanger in synthesis loop AS-03 AS-HX01 AS-HX02
  Product gas leaving the second heat exchanger in synthesis
  Loop

AS-04 AS-HX02 AS-CN01

  Product gas from ammonia condenser AS-05 AS-CN01 AS-FL01
  Purge gas from the ammonia condenser PG-02 AS-CN01 AS-HX01

Continued on next page
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Table E-1. Continued
  Purge gas from the first heat exchanger in synthesis loop PG-03 AS-HX01 PG-ST01
  Product gas from ammonia flasher AS-06 AS-FL01 AS-HX02
  Purge gas from the ammonia flasher PG-01 AS-FL01 PG-ST01
  Product ammonia AS-NH301 AS-HX02
  Purge gas to steam reforming furnace PG-04 PG-ST01 RC-CB01
  Purge gas to the splitter for purge gas vent * Z2 PG-ST01 B1
  Purge gas vented * Z1 B1
  Purge gas recycled to synthesis compressor PG-05 PG-ST01 AS-CP01
  Heat recovered from the ammonia converter AS-Q01 AS-AS01 SC-HT01
  Cool duty from the ammonia condenser AS-Q02 AS-CN01
  Cool duty from the ammonia flasher AS-Q03 AS-FL01
  Heat recovered from the intercoolers of synthesis compressor AS-Q04 AS-CP01 AS-HT02
  Electric power needed for the synthesis compression AS-W01 AS-CP01
Others
  Steam recovered from the global heat recover block SC-STM02 SC-HT01 NT-TU01
  Cooling water to the global heat recover block SC-WTR01 SC-HT01

  Note: * Used for the sensitivity analysis on purge gas recycle ratio. Please refer to Figure 6-7.
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Table E-2. Original ASPEN Plus stream results from the base case ammonia model
Material

Stream ID AS-01 AS-02 AS-03 AS-04 AS-05 AS-06 AS-NH301

Mole Frac

  H2 0.7471502 0.3364532 0.3364532 0.3364532 7.26E-03 6.40E-04 6.40E-04

  N2 0.2487272 0.1116521 0.1116521 0.1116521 4.33E-03 7.63E-04 7.63E-04

  H2O 0 0 0 0 0 0 0

  CH4 0 0 0 0 0 0 0

  CO 0 0 0 0 0 0 0

  CO2 0 0 0 0 0 0 0

  ARGON 0 0 0 0 0 0 0

  H2S 0 0 0 0 0 0 0

  NH3 4.12E-03 0.5518947 0.5518947 0.5518947 0.9884045 0.9985966 0.9985966

  NAPH 0 0 0 0 0 0 0

  C2H4 0 0 0 0 0 0 0

  C2H6 0 0 0 0 0 0 0

  O2 0 0 0 0 0 0 0

  NO 0 0 0 0 0 0 0

  NO2 0 0 0 0 0 0 0
Total Flow

lbmol/hr
2130.075 1378.223 1378.223 1378.223 756.0396 747.5931 747.5931

Total Flow

lb/hr
18199.55 18199.55 18199.55 18199.55 12829.34 12731.01 12731.01

Total Flow

cuft/hr
8574.767 5240.701 4096.785 1537.631 341.892 341.7896 23196

Temperature

F
661.792 662 461.6874 55.49263 -13 -13 411.6874

Pressure

psi
3190.83 3190.83 3190.83 3190.83 3009.533 290.0755 290.0755

Vapor Frac 1 1 1 0.4701439 0 0 1

Liquid Frac 0 0 0 0.5298561 1 1 0

Enthalpy

Btu/lbmol
4107.59 -6390.053 -8472.388 -15860.07 -29994.17 -30478.99 -16859.45

Enthalpy

Btu/lb
480.7521 -483.9084 -641.6002 -1201.058 -1767.572 -1789.793 -990.0237

Enthalpy

Btu/hr
8.75E+06 -8.81E+06 -1.17E+07 -2.19E+07 -2.27E+07 -2.28E+07 -1.26E+07
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 Table E-2. Continued
Material

Stream ID AS-RD01 AS-WTR02 AS-WTR03 LN-01 LN-02 LN-04 LN-05

Mole Frac

  H2 0 0 0 0.6145553 0.6145553 0.7499985 0.0430799

  N2 0 0 0 0.2119762 0.2119762 0.2500015 0.5209198

  H2O 0 1 1 0 0 0 0

  CH4 0 0 0 0.1321668 0.1321668 0 0.3321913

  CO 0 0 0 0.0412967 0.0412967 0 0.1037964

  CO2 0 0 0 4.97E-06 4.97E-06 0.00E+00 1.25E-05

  ARGON 0 0 0 0 0 0 0

  H2S 0 0 0 1.97E-11 1.97E-11 0.00E+00 4.95E-11

  NH3 0 0 0 0 0 0 0

  NAPH 0 0 0 0 0 0 0

  C2H4 0 0 0 0 0 0 0

  C2H6 0 0 0 0 0 0 0

  O2 0 0 0 0 0 0 0

  NO 0 0 0 0 0 0 0

  NO2 0 0 0 0 0 0 0
Total Flow

lbmol/hr
0 2651.876 2651.876 2180.645 2180.645 1737.01 867.5989

Total Flow

lb/hr
0 47774.29 47774.29 22797.2 22797.2 14791.19 19882.6

Total Flow

cuft/hr
0 896.3958 904.8103 27977.14 23692.43 19233.36 8922.443

Temperature

F
59 85.00462 19.70938 -50 -47.20741 -50.34687

Pressure

psi
3190.83 14.7 14.69595 400 400 400 400

Vapor Frac 0 0 1 1 1 1

Liquid Frac 1 1 0 0 0 0

Enthalpy

Btu/lbmol
-1.24E+05 -1.23E+05 -6.65E+03 -7.15E+03 -883.2875 -16717.09

Enthalpy

Btu/lb
-6881.881 -6853.871 -635.9812 -684.2509 -103.7292 -729.4682

Enthalpy

Btu/hr
-3.29E+08 -3.27E+08 -1.45E+07 -1.56E+07 -1.53E+06 -1.45E+07
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 Table E-2. Continued
Material

Stream ID LN-06 LN-N201 NT-01 NT-02 PG-01 PG-02 PG-03

Mole Frac

  H2 0.7499985 0 0.7499985 0.3849045 0.5934289 0.7364848 0.7364848

  N2 0.2500015 1 0.2500015 0.1327636 0.3204311 0.2420414 0.2420414

  H2O 0 0 0 0.1903416 0 0 0

  CH4 0 0 0 0.0827778 0 0 0

  CO 0 0 0 0.0258647 0 0 0

  CO2 0 0.00E+00 0 0.182945 0 0 0

  ARGON 0 0 0 0 0 0 0

  H2S 0 0.00E+00 0 1.23E-07 0 0 0

  NH3 0 0 0 3.95E-04 0.0861399 0.0214738 0.0214738

  NAPH 0 0 0 2.87E-11 0 0 0

  C2H4 0 0 0 9.90E-07 0 0 0

  C2H6 0 0 0 6.90E-06 0 0 0

  O2 0 0 0 0 0 0 0

  NO 0 0 0 0 0 0 0

  NO2 0 0 0 0 0 0 0
Total Flow

lbmol/hr
1737.01 423.9844 1737.01 3481.714 8.444941 622.1818 622.1818

Total Flow

lb/hr
14791.19 11877.28 14791.19 62792.55 98.29645 5369.925 5369.925

Total Flow

cuft/hr
22704.8 4.48E+03 38127.29 7.97E+04 138.13 1059.975 2530.447

Temperature

F
24.99732 -50 351.0524 401.0525 -13 -13 612

Pressure

psi
400 400 400 400 290.0755 3009.533 3009.533

Vapor Frac 1 1 1 1 1 1 1

Liquid Frac 0 0 0 0 0 0 0

Enthalpy

Btu/lbmol
-379.936 -1035.466 1907.81 -52151.2 -2.38E+03 -1.20E+03 3416.005

Enthalpy

Btu/lb
-44.61794 -36.96312 224.0444 -2891.674 -204.5875 -138.6508 395.7925

Enthalpy

Btu/hr
-6.60E+05 -4.39E+05 3.31E+06 -1.82E+08 -2.01E+04 -7.45E+05 2.13E+06
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 Table E-2. Continued
Material

Stream ID PG-04 PG-05 RC-01 RC-02 RC-03 RC-04 RC-05

Mole Frac

  H2 0.734569 0.7345632 0.0315666 0.0315666 0.3033231 0.3033231 0.3877466

  N2 0.2430911 0.2430959 0.3817014 0.3817014 0.3208181 0.3208181 0.3208181

  H2O 0 0 0.267255 0.267255 0.1059583 0.1059583 0.0215347

  CH4 0 0 0.2434115 0.2434115 0.1252778 0.1252778 0.1252778

  CO 0 0 0.0760562 0.0760562 0.1041872 0.1041872 0.0197637

  CO2 0 0 9.15E-06 9.15E-06 3.94E-02 3.94E-02 0.1238623

  ARGON 0 0 0 0 0 0 0

  H2S 0 0 3.62E-11 3.62E-11 3.05E-11 3.05E-11 3.05E-11

  NH3 0.0223398 0.0223408 0 0 9.77E-04 9.77E-04 9.77E-04

  NAPH 0 0 0 0 0 0 0

  C2H4 0 0 0 0 2.45E-06 2.45E-06 2.45E-06

  C2H6 0 0 0 0 1.71E-05 1.71E-05 1.71E-05

  O2 0 0 0 0 1.94E-21 1.94E-21 0.00E+00

  NO 0 0 0 0 4.52E-15 4.52E-15 0.00E+00

  NO2 0 0 0 0 7.38E-26 7.38E-26 0.00E+00
Total Flow

lbmol/hr
237.5621 393.0652 1184.039 1184.039 1406.544 1406.544 1406.544

Total Flow

lb/hr
2059.923 3408.36 25583.37 25583.37 25583.08 25583.08 25583.08

Total Flow

cuft/hr
9476.999 15680.7 21338.26 55603.86 73334.95 32544.66 32647.21

Temperature

F
612.3661 612.3661 299.847 1281.013 1472 401 401

Pressure

psi
290.0755 290.0755 400 400 400 400 400

Vapor Frac 1 1 0.8939711 1 1 1 1

Liquid Frac 0 0 0.1060289 0 0 0 0

Enthalpy

Btu/lbmol
3338.371 3338.468 -39373.24 -28310.96 -14962.27 -24274.58 -25708.93

Enthalpy

Btu/lb
385.0001 385.0051 -1822.257 -1310.277 -822.6175 -1334.604 -1413.463

Enthalpy

Btu/hr
7.93E+05 1.31E+06 -4.66E+07 -3.35E+07 -2.10E+07 -3.41E+07 -3.62E+07
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 Table E-2. Continued
Material

Stream ID RC-06 RC-07 RC-08 RC-AIR01 RC-RD01 RC-STM01 RC-STM02

Mole Frac

  H2 0 0.0138899 0.0138899 0 0 0 0

  N2 0 0.6816119 0.6816119 0.791 0 0 0

  H2O 0 0.3044977 0.3044977 0 0 1 1

  CH4 0 0 0 0 0 0 0

  CO 0 0.00E+00 0 0 0 0 0

  CO2 0 0 0 0 0.00E+00 0 0

  ARGON 0 0 0 0 0 0 0

  H2S 0.00E+00 0.00E+00 0 0 0.00E+00 0 0

  NH3 0.00E+00 4.67E-07 4.67E-07 0.00E+00 0 0 0

  NAPH 0 0 0 0 0 0 0

  C2H4 0.00E+00 0.00E+00 0 0 0 0 0

  C2H6 0.00E+00 0.00E+00 0 0 0 0 0

  O2 0.00E+00 4.65E-16 4.65E-16 2.09E-01 0 0 0

  NO 0.00E+00 3.73E-12 3.73E-12 0.00E+00 0 0 0

  NO2 0.00E+00 5.21E-21 5.21E-21 0.00E+00 0 0 0
Total Flow

lbmol/hr
0 573.0939 573.0939 417.4779 0 316.4404 91.28197

Total Flow

lb/hr
0 14102.66 14102.66 12042.74 0 5700.762 1644.47

Total Flow

cuft/hr
0 8.20E+05 2.00E+05 1.58E+05 0 6.87E+03 3780.753

Temperature

F
1500 131.5 59 450 383

Pressure

psi
14.69595 14.69595 14.7 400 400 202.4673

Vapor Frac 1 0.8102249 1 1 0.9942565

Liquid Frac 0 0.1897751 0 0 5.74E-03

Enthalpy

Btu/lbmol
-20481.67 -34878.15 -129.1531 -1.01E+05 -1.02E+05

Enthalpy

Btu/lb
-832.3194 -1417.353 -4.477269 -5633.587 -5655.054

Enthalpy

Btu/hr
-1.17E+07 -2.00E+07 -5.39E+04 -3.21E+07 -9.30E+06
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 Table E-2. Continued
Material

Stream ID RC-WTR01 RL-01 RL-02 RL-CNS01 RL-CO201 RL-NA01 RL-S01

Mole Frac

  H2 0 0.3849045 0.6145553 0 0 0 0

  N2 0 0.1327636 0.2119762 0 0 0 0

  H2O 1 0.1903416 0 1 0 0 0

  CH4 0 0.0827778 0.1321668 0 0 0 0

  CO 0 0.0258647 0.0412967 0 0 0 0

  CO2 0 0.182945 4.97E-06 0 1 0 1.00E+00

  ARGON 0 0 0 0 0 0 0

  H2S 0 1.23E-07 1.97E-11 0 0 0.00E+00 4.21E-05

  NH3 0 3.95E-04 0 0 0 9.80E-01 0

  NAPH 0 2.87E-11 0 0 0 7.13E-08 0

  C2H4 0 9.90E-07 0 0 0 2.46E-03 0

  C2H6 0 6.90E-06 0 0 0 1.71E-02 0

  O2 0 0 0 0 0 0 0

  NO 0 0 0 0 0 0 0

  NO2 0 0 0 0 0 0 0
Total Flow

lbmol/hr
91.28197 3481.714 2180.645 886.4223 626.7601 1.401812 10.19183

Total Flow

lb/hr
1644.47 62792.55 22797.2 15969.15 27583.59 24.22494 448.536

Total Flow

cuft/hr
30.85543 68574.53 31333.99 309.1067 2.21E+05 75.59593 2316.744

Temperature

F
59 298.3984 75 140 70 75 75

Pressure

psi
14.7 400 400 14.7 16 100 25

Vapor Frac 0 0.9831875 1 0 1 1 1

Liquid Frac 1 0.0168125 0 1 0 0 0

Enthalpy

Btu/lbmol
-1.24E+05 -5.33E+04 -6.25E+03 -1.22E+05 -1.69E+05 -20102.19 -1.69E+05

Enthalpy

Btu/lb
-6881.881 -2954.959 -597.6289 -6794.629 -3845.982 -1163.243 -3845.104

Enthalpy

Btu/hr
-1.13E+07 -1.86E+08 -1.36E+07 -1.09E+08 -1.06E+08 -2.82E+04 -1.72E+06

 Continued on next page



168

 Table E-2. Continued
Material

Stream ID RL-STM01 SC-01 SC-02 SC-03 SC-04 SC-05 SC-RD01

Mole Frac

  H2 0 0.352 0.1696247 0.1696247 0.382978 0.382978 0

  N2 0 0.011 5.30E-03 5.30E-03 5.30E-03 5.30E-03 0.00E+00

  H2O 1 0 0.5181117 0.5181117 0.3047584 0.3047584 0

  CH4 0 0.112 0.0539714 0.0539714 0.0539714 0.0539714 0

  CO 0 0.5049996 0.2433534 0.2433534 0.0299999 0.0299999 0

  CO2 0 0.02 9.64E-03 9.64E-03 0.2229911 0.2229911 0.00E+00

  ARGON 0 0 0 0 0 0 0

  H2S 0 4.29E-07 2.07E-07 2.07E-07 2.07E-07 2.07E-07 0.00E+00

  NH3 0 0 0 0 0 0 0

  NAPH 0 1.00E-10 4.82E-11 4.82E-11 4.82E-11 4.82E-11 0.00E+00

  C2H4 0 0 0.00E+00 0 0 0 0

  C2H6 0 0 0 0 0 0 0

  O2 0 0 0 0 0 0 0

  NO 0 0 0 0 0 0 0

  NO2 0 0 0 0 0 0 0
Total Flow

lbmol/hr
223.7074 1000 2075.17 2075.17 2075.17 2075.17 0

Total Flow

lb/hr
4030.151 17839.98 37209.46 37209.46 37209.46 37209.46 0

Total Flow

cuft/hr
4817.106 1.43E+04 42386.38 60070.47 66769.65 47001.74 0

Temperature

F
444.59 75 375.6093 635 743 402.7936

Pressure

psi
400 400 400 400 400 400 400

Vapor Frac 1 1 0.9466187 1 1 1

Liquid Frac 0 0 0.0533812 0 0 0

Enthalpy

Btu/lbmol
-1.02E+05 -3.11E+04 -67546.89 -6.45E+04 -6.70E+04 -70073.69

Enthalpy

Btu/lb
-5636.493 -1740.562 -3767.087 -3597.902 -3738.822 -3908.006

Enthalpy

Btu/hr
-2.27E+07 -3.11E+07 -1.40E+08 -1.34E+08 -1.39E+08 -1.45E+08
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 Table E-2. Continued
Material

Stream ID SC-STM01 SC-STM02 SC-WTR01 SYNGAS

Mole Frac

  H2 0 0 0 0.352

  N2 0.00E+00 0.00E+00 0.00E+00 0.011

  H2O 1 1 1 0

  CH4 0 0 0 0.112

  CO 0 0 0 0.5049996

  CO2 0.00E+00 0 0 0.02

  ARGON 0 0 0 0

  H2S 0.00E+00 0.00E+00 0.00E+00 4.29E-07

  NH3 0 0 0 0

  NAPH 0.00E+00 0.00E+00 0.00E+00 1.00E-10

  C2H4 0 0 0 0

  C2H6 0 0 0 0

  O2 0 0 0 0

  NO 0 0 0 0

  NO2 0 0 0 0
Total Flow

lbmol/hr
1075.17 1385.676 1385.676 1000

Total Flow

lb/hr
19369.49 24963.33 24963.33 17839.98

Total Flow

cuft/hr
23347.42 29762.01 468.3906 14270.31

Temperature

F
450 443.859 59 75

Pressure

psi
400 400 14.7 400

Vapor Frac 1 0.9985734 0 1

Liquid Frac 0 1.43E-03 1 0

Enthalpy

Btu/lbmol
-1.01E+05 -1.02E+05 -1.24E+05 -31051.59

Enthalpy

Btu/lb
-5633.587 -5638.039 -6881.881 -1740.562

Enthalpy

Btu/hr
-1.09E+08 -1.41E+08 -1.72E+08 -3.11E+07
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 Table E-2. Continued
Heat

Stream ID AS-Q01 AS-Q02 AS-Q03 AS-Q04 LN-Q01 LN-Q02 RC-Q01

Enthalpy

Btu/hr
17556389.2 1562628.31 129252.86 1338152.76 1100380.11 6.36E-09 -12476924

Heat
Stream ID RC-Q02 RC-Q03 RC-Q04 RL-Q01 SC-Q01

Enthalpy

Btu/hr
2017480.32 146.449191 8250535.46 21702221.2 5243533.22

Work
Stream ID AS-W01
Power

hp
2146.453

Table E-3. Original stream results from sensitivity analysis
on properties of fresh syngas to ammonia synthesis

American Waste Fuel
Stream Name Total Flow  lb/hr Temperature oF Pressure    psi

AS-01 18200 662 3191
AS-02 18200 662 3191
AS-03 18200 462 3191
AS-04 18200 55 3191
AS-05 12829 -13 3010
AS-06 12731 -13 290

AS-NH301 12731 412 290
AS-RD01 0 3191

AS-WTR02 47774 59 15
AS-WTR03 47774 85 15

LN-01 22797 20 400
LN-02 22797 -50 400
LN-04 14791 -47 400
LN-05 19883 -50 400
LN-06 14791 25 400

LN-N201 11877 -50 400
NT-01 14791 351 400
NT-02 62793 401 400
PG-01 98 -13 290
PG-02 5370 -13 3010
PG-03 5370 612 3010
PG-04 2060 612 290
PG-05 3408 612 290
RC-01 25583 300 400
RC-02 25583 1281 400
RC-03 25583 1472 400
RC-04 25583 401 400

Material

RC-05 25583 401 400
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 Table E-3. Continued
RC-06 0
RC-07 14103 1500 15
RC-08 14103 132 15

RC-AIR01 12043 59 15
RC-RD01 0 400

RC-STM01 5701 450 400
RC-STM02 1644 383 202
RC-WTR01 1644 59 15

RL-01 62793 298 400
RL-02 22797 75 400

RL-CNS01 15969 140 15
RL-CO201 27584 70 16
RL-NA01 24 75 100

RL-S01 449 75 25
RL-STM01 4030 445 400

SC-01 17840 75 400
SC-02 37209 376 400
SC-03 37209 635 400
SC-04 37209 743 400
SC-05 37209 403 400

SC-RD01 0 400
SC-STM01 19369 450 400
SC-STM02 24963 444 400
SC-WTR01 24963 59 15

Material

SYNGAS 17840 75 400
Btu/hr

AS-Q01 17556389
AS-Q02 1562628
AS-Q03 129253
AS-Q04 1338153
LN-Q01 1100380
LN-Q02 0
RC-Q01 -12476924
RC-Q02 2017480
RC-Q03 146
RC-Q04 8250535
RL-Q01 21702221

Heat

SC-Q01 5243533
hp

Work
AS-W01 2146

Pittsburgh No. 8 Coal
Stream Name Total Flow  lb/hr Temperature oF Pressure    psi

AS-01 17309 662 3191
AS-02 17309 662 3191
AS-03 17309 462 3191
AS-04 17309 55 3191
AS-05 12200 -13 3010

Material

AS-06 12106 -13 290
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 Table E-3. Continued
AS-NH301 12106 412 290

AS-RD01 0 3191
AS-WTR02 48364 59 15
AS-WTR03 48364 85 15

LN-01 21752 20 400
LN-02 21752 -50 400
LN-04 13664 -47 400
LN-05 18837 -50 400
LN-06 13664 25 400

LN-N201 10749 -50 400
NT-01 13664 360 400
NT-02 64954 410 400
PG-01 94 -13 290
PG-02 5109 -13 3010
PG-03 5109 612 3010
PG-04 1558 612 290
PG-05 3645 612 290
RC-01 23150 283 400
RC-02 23150 1258 400
RC-03 23150 1472 400
RC-04 23150 401 400
RC-05 23150 401 400
RC-06 0
RC-07 10659 1500 15
RC-08 10659 132 15

RC-AIR01 9101 59 15
RC-RD01 0 400

RC-STM01 4313 450 400
RC-STM02 1328 383 202
RC-WTR01 1328 59 15

RL-01 64954 306 400
RL-02 21752 75 400

RL-CNS01 16787 140 15
RL-CO201 29792 70 16
RL-NA01 18 75 100

RL-S01 484 75 25
RL-STM01 3880 445 400

SC-01 19719 75 400
SC-02 41804 382 400
SC-03 41804 635 400
SC-04 41804 743 400
SC-05 41804 416 400

SC-RD01 0 400
SC-STM01 22085 450 400
SC-STM02 23530 444 400
SC-WTR01 23530 59 15

Material

SYNGAS 19719 75 400
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 Table E-3 Continued
Btu/hr

AS-Q01 16671444
AS-Q02 1485953
AS-Q03 122911
AS-Q04 1354668
LN-Q01 1018688
LN-Q02 1
RC-Q01 -9429090
RC-Q02 1628691
RC-Q03 51
RC-Q04 6235560
RL-Q01 22844709

Heat

SC-Q01 6360622
hp

Work
AS-W01 2001

German Waste Fuel
Stream Name Total Flow  lb/hr Temperature oF Pressure    psi

AS-01 17552 662 3191
AS-02 17552 662 3191
AS-03 17552 462 3191
AS-04 17552 56 3191
AS-05 12379 -13 3010
AS-06 12283 -13 290

AS-NH301 12283 412 290
AS-RD01 0 3191

AS-WTR02 44811 59 15
AS-WTR03 44811 85 15

LN-01 21970 20 400
LN-02 21970 -50 400
LN-04 14031 -47 400
LN-05 18906 -50 400
LN-06 14031 25 400

LN-N201 10967 -50 400
NT-01 14031 350 400
NT-02 59943 400 400
PG-01 95 -13 290
PG-02 5173 -13 3010
PG-03 5173 612 3010
PG-04 1747 612 290
PG-05 3521 612 290
RC-01 23671 290 400
RC-02 23671 1268 400
RC-03 23671 1472 400
RC-04 23671 401 400
RC-05 23671 401 400
RC-06 0
RC-07 11983 1500 15

Material

RC-08 11983 132 15
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 Table E-3. Continued
RC-AIR01 10236 59 15
RC-RD01 0 400

RC-STM01 4764 450 400
RC-STM02 1436 383 202
RC-WTR01 1436 59 15

RL-01 59943 299 400
RL-02 21970 75 400

RL-CNS01 15371 140 15
RL-CO201 25981 70 16
RL-NA01 21 75 100

RL-S01 422 75 25
RL-STM01 3822 445 400

SC-01 17366 75 400
SC-02 36272 375 400
SC-03 36272 635 400
SC-04 36272 743 400
SC-05 36272 401 400

SC-RD01 0 400
SC-STM01 18907 450 400
SC-STM02 23268 444 400
SC-WTR01 23268 59 15

Material

SYNGAS 17366 75 400
Btu/hr

AS-Q01 16925963
AS-Q02 1508260
AS-Q03 124716
AS-Q04 1255150
LN-Q01 1041897
LN-Q02 0
RC-Q01 -10606632
RC-Q02 1761310
RC-Q03 -545
RC-Q04 7011503
RL-Q01 20796647

Heat

SC-Q01 5004534
hp

Work
AS-W01 2043

Table E-4. Selected original stream results from sensitivity analysis
on hydrogen to nitrogen ratio to ammonia synthesis

Hydrogen to nitrogen ratio =2.5
Stream Name Total Flow  lb/hr Temperature oF Pressure    psi

AS-01 21951 662 3191
AS-02 21951 662 3191
AS-03 21951 441 3191
AS-04 21951 59 3191

Material

AS-05 12655 -13 3010
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 Table E-4. Continued
AS-06 12499 -13 290

AS-NH301 12499 391 290
AS-RD01 0 3191

AS-WTR02 49464 59 15
AS-WTR03 49464 85 15

LN-01 26239 20 400
LN-02 26239 -50 400
LN-04 17227 -47 400
LN-05 23324 -50 400
LN-06 17227 25 400

LN-N201 14313 -50 400
NT-01 17227 351 400
NT-02 65988 401 400
PG-01 155 -13 290
PG-02 9296 -13 3010
PG-03 9296 612 3010
PG-04 4728 612 290
PG-05 4723 612 290
RC-01 28779 285 400
RC-02 28779 1263 400
RC-03 28779 1472 400
RC-04 28779 401 400
RC-05 28779 401 400
RC-06 0
RC-07 17851 1500 15
RC-08 17851 132 15

RC-AIR01 13123 59 15
RC-RD01 0 400

RC-STM01 5455 450 400
RC-STM02 1625 383 202
RC-WTR01 1625 59 15

RL-01 65988 295 400
RL-02 26239 75 400

RL-CNS01 15910 140 15
RL-CO201 27583 70 16
RL-NA01 25 75 100

RL-S01 449 75 25
RL-STM01 4216 445 400

SC-01 17840 75 400
SC-02 37209 376 400
SC-03 37209 635 400
SC-04 37209 743 400
SC-05 37209 403 400

SC-RD01 0 400
SC-STM01 19369 450 400
SC-STM02 25874 444 400
SC-WTR01 25874 59 15

Material

SYNGAS 17840 75 400
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 Table E-4. Continued
Btu/hr

AS-Q01 17302471
AS-Q02 1738955
AS-Q03 126249
AS-Q04 1385470
LN-Q01 1176382
LN-Q02 -1
RC-Q01 -12900469
RC-Q02 1993523
RC-Q03 323
RC-Q04 9637040
RL-Q01 21751711

Heat

SC-Q01 5243533
hp

Work
AS-W01 2238

Hydrogen to nitrogen ratio =3
Stream Name Total Flow  lb/hr Temperature oF Pressure    psi

AS-01 18200 662 3191
AS-02 18200 662 3191
AS-03 18200 462 3191
AS-04 18200 55 3191
AS-05 12829 -13 3010
AS-06 12731 -13 290

AS-NH301 12731 412 290
AS-RD01 0 3191

AS-WTR02 47774 59 15
AS-WTR03 47774 85 15

LN-01 22797 20 400
LN-02 22797 -50 400
LN-04 14791 -47 400
LN-05 19883 -50 400
LN-06 14791 25 400

LN-N201 11877 -50 400
NT-01 14791 351 400
NT-02 62793 401 400
PG-01 98 -13 290
PG-02 5370 -13 3010
PG-03 5370 612 3010
PG-04 2060 612 290
PG-05 3408 612 290
RC-01 25583 300 400
RC-02 25583 1281 400
RC-03 25583 1472 400
RC-04 25583 401 400
RC-05 25583 401 400
RC-06 0
RC-07 14103 1500 15

Material

RC-08 14103 132 15
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 Table E-4. Continued
RC-AIR01 12043 59 15
RC-RD01 0 400

RC-STM01 5701 450 400
RC-STM02 1644 383 202
RC-WTR01 1644 59 15

RL-01 62793 298 400
RL-02 22797 75 400

RL-CNS01 15969 140 15
RL-CO201 27584 70 16
RL-NA01 24 75 100

RL-S01 449 75 25
RL-STM01 4030 445 400

SC-01 17840 75 400
SC-02 37209 376 400
SC-03 37209 635 400
SC-04 37209 743 400
SC-05 37209 403 400

SC-RD01 0 400
SC-STM01 19369 450 400
SC-STM02 24963 444 400
SC-WTR01 24963 59 15

Material

SYNGAS 17840 75 400
Btu/hr

AS-Q01 17556389
AS-Q02 1562628
AS-Q03 129253
AS-Q04 1338153
LN-Q01 1100380
LN-Q02 0
RC-Q01 -12476924
RC-Q02 2017480
RC-Q03 146
RC-Q04 8250535
RL-Q01 21702221

Heat

SC-Q01 5243533
hp

Work
AS-W01 2146

Hydrogen to nitrogen ratio =3.2
Stream Name Total Flow  lb/hr Temperature oF Pressure    psi

AS-01 16837 662 3191
AS-02 16837 662 3191
AS-03 16837 456 3191
AS-04 16837 58 3191
AS-05 12869 -13 3010
AS-06 12801 -13 290

AS-NH301 12801 406 290
AS-RD01 0 3191

Material

AS-WTR02 47668 59 15
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 Table E-4. Continued
AS-WTR03 47668 85 15

LN-01 21750 20 400
LN-02 21750 -50 400
LN-04 14031 -47 400
LN-05 18835 -50 400
LN-06 14031 25 400

LN-N201 11116 -50 400
NT-01 14031 351 400
NT-02 61879 401 400
PG-01 68 -13 290
PG-02 3968 -13 3010
PG-03 3968 612 3010
PG-04 1230 614 290
PG-05 2806 614 290
RC-01 24669 305 400
RC-02 24669 1288 400
RC-03 24670 1472 400
RC-04 24670 401 400
RC-05 24669 401 400
RC-06 0
RC-07 12924 1500 15
RC-08 12924 132 15

RC-AIR01 11694 59 15
RC-RD01 0 400

RC-STM01 5835 450 400
RC-STM02 1640 383 202
RC-WTR01 1640 59 15

RL-01 61879 300 400
RL-02 21750 75 400

RL-CNS01 16046 140 15
RL-CO201 27583 70 16
RL-NA01 24 75 100

RL-S01 449 75 25
RL-STM01 3973 445 400

SC-01 17840 75 400
SC-02 37209 376 400
SC-03 37209 635 400
SC-04 37209 743 400
SC-05 37209 403 400

SC-RD01 0 400
SC-STM01 19369 450 400
SC-STM02 24659 444 400
SC-WTR01 24659 59 15

Material

SYNGAS 17840 75 400
Btu/hr

AS-Q01 17617644
AS-Q02 1640286

Heat

AS-Q03 130267
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 Table E-4. Continued
AS-Q04 1335176
LN-Q01 1076826
LN-Q02 0
RC-Q01 -12331602
RC-Q02 2011892
RC-Q03 761
RC-Q04 7811302
RL-Q01 21753396

Heat

SC-Q01 5243533
hp

Work
AS-W01 2130

Hydrogen to nitrogen ratio =3.4
Stream Name Total Flow  lb/hr Temperature oF Pressure    psi

AS-01 16111 662 3191
AS-02 16111 662 3191
AS-03 16111 377 3191
AS-04 16111 72 3191
AS-05 12888 -13 3010
AS-06 12858 -13 290

AS-NH301 12858 327 290
AS-RD01 0 3191

AS-WTR02 50619 59 15
AS-WTR03 50619 85 15

LN-01 20906 20 400
LN-02 20906 -50 400
LN-04 13362 -47 400
LN-05 17990 -50 400
LN-06 13362 25 400

LN-N201 10446 -50 400
NT-01 13362 351 400
NT-02 61147 401 400
PG-01 31 -13 290
PG-02 3222 -13 3010
PG-03 3222 612 3010
PG-04 504 618 290
PG-05 2749 618 290
RC-01 23938 310 400
RC-02 23938 1294 400
RC-03 23938 1472 400
RC-04 23938 401 400
RC-05 23938 401 400
RC-06 0
RC-07 11898 1500 15
RC-08 11898 132 15

RC-AIR01 11394 59 15
RC-RD01 0 400

RC-STM01 5948 450 400

Material

RC-STM02 1633 383 202
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 Table E-4. Continued
RC-WTR01 1633 59 15

RL-01 61147 301 400
RL-02 20906 75 400

RL-CNS01 16114 140 15
RL-CO201 27583 70 16
RL-NA01 24 75 100

RL-S01 449 75 25
RL-STM01 3927 445 400

SC-01 17840 75 400
SC-02 37209 376 400
SC-03 37209 635 400
SC-04 37209 743 400
SC-05 37209 403 400

SC-RD01 0 400
SC-STM01 19369 450 400
SC-STM02 24316 444 400
SC-WTR01 24316 59 15

Material

SYNGAS 17840 75 400
Btu/hr

AS-Q01 17571404
AS-Q02 2530022
AS-Q03 131167
AS-Q04 1417844
LN-Q01 1060052
LN-Q02 0
RC-Q01 -12213964
RC-Q02 2003181
RC-Q03 -37
RC-Q04 7430001
RL-Q01 21810053

Heat

SC-Q01 5243533
hp

Work
AS-W01 2209
Hydrogen to nitrogen ratio =3.435

Stream Name Total Flow  lb/hr Temperature oF Pressure    psi
AS-01 28434 662 3191
AS-02 28434 662 3191
AS-03 28434 133 3191
AS-04 28434 92 3191
AS-05 12890 -13 3010
AS-06 12867 -13 290

AS-NH301 12867 42 290
AS-RD01 0 3191

AS-WTR02 92435 59 15
AS-WTR03 92435 85 15

LN-01 20768 20 400
LN-02 20768 -50 400

Material

LN-04 13251 -47 400
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 Table E-4. Continued
LN-05 17852 -50 400
LN-06 13251 25 400

LN-N201 10334 -50 400
NT-01 13251 351 400
NT-02 61030 401 400
PG-01 23 -13 290
PG-02 15544 -13 3010
PG-03 15544 612 3010
PG-04 384 621 290
PG-05 15183 621 290
RC-01 23819 311 400
RC-02 23819 1295 400
RC-03 23820 1472 400
RC-04 23820 401 400
RC-05 23820 401 400
RC-06 0
RC-07 11724 1500 15
RC-08 11724 132 15

RC-AIR01 11340 59 15
RC-RD01 0 400

RC-STM01 5968 450 400
RC-STM02 1631 383 202
RC-WTR01 1631 59 15

RL-01 61030 301 400
RL-02 20768 75 400

RL-CNS01 16126 140 15
RL-CO201 27583 70 16
RL-NA01 24 75 100

RL-S01 449 75 25
RL-STM01 3920 445 400

SC-01 17840 75 400
SC-02 37209 376 400
SC-03 37209 635 400
SC-04 37209 743 400
SC-05 37209 403 400

SC-RD01 0 400
SC-STM01 19369 450 400
SC-STM02 24075 444 400
SC-WTR01 24075 59 15

Material

SYNGAS 17840 75 400
Btu/hr

AS-Q01 17338118
AS-Q02 13075213
AS-Q03 131318
AS-Q04 2589089
LN-Q01 1057408
LN-Q02 1

Heat

RC-Q01 -12194347
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 Table E-4. Continued
RC-Q02 2001493
RC-Q03 60
RC-Q04 7363634
RL-Q01 21820838

Heat

SC-Q01 5243533
hp

Work
AS-W01 3474

Table E-5. Original stream results from sensitivity analysis
on purge gas recycle ratio to ammonia synthesis

Purge gas recycle ratio = 100 %
Stream Name Total Flow  lb/hr Temperature oF Pressure    psi

AS-01 18200 662 3191
AS-02 18200 662 3191
AS-03 18200 462 3191
AS-04 18200 55 3191
AS-05 12829 -13 3010
AS-06 12731 -13 290

AS-NH301 12731 412 290
AS-RD01 0 3191

AS-WTR02 47774 59 15
AS-WTR03 47774 85 15

LN-01 22797 20 400
LN-02 22797 -50 400
LN-04 14791 -47 400
LN-05 19883 -50 400
LN-06 14791 25 400

LN-N201 11877 -50 400
NT-01 14791 351 400
NT-02 62793 401 400
PG-01 98 -13 290
PG-02 5370 -13 3010
PG-03 5370 612 3010
PG-04 2060 612 290
PG-05 3408 612 290
RC-01 25583 300 400
RC-02 25583 1281 400
RC-03 25583 1472 400
RC-04 25583 401 400
RC-05 25583 401 400
RC-06 0
RC-07 14103 1500 15
RC-08 14103 132 15

RC-AIR01 12043 59 15
RC-RD01 0 400

RC-STM01 5701 450 400

Material

RC-STM02 1644 383 202
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 Table E-5. Continued
RC-WTR01 1644 59 15

RL-01 62793 298 400
RL-02 22797 75 400

RL-CNS01 15969 140 15
RL-CO201 27584 70 16
RL-NA01 24 75 100

RL-S01 449 75 25
RL-STM01 4030 445 400

SC-01 17840 75 400
SC-02 37209 376 400
SC-03 37209 635 400
SC-04 37209 743 400
SC-05 37209 403 400

SC-RD01 0 400
SC-STM01 19369 450 400
SC-STM02 24963 444 400
SC-WTR01 24963 59 15

SYNGAS 17840 75 400
Z1 0

Material

Z2 3408 612 290
Btu/hr

AS-Q01 17556389
AS-Q02 1562628
AS-Q03 129253
AS-Q04 1338153
LN-Q01 1100380
LN-Q02 0
RC-Q01 -12476924
RC-Q02 2017480
RC-Q03 146
RC-Q04 8250535
RL-Q01 21702221

Heat

SC-Q01 5243533
hp

Work
AS-W01 2146

Purge gas recycle ratio = 75 %
Stream Name Total Flow  lb/hr Temperature oF Pressure    psi

AS-01 17100 662 3191
AS-02 17100 662 3191
AS-03 17100 462 3191
AS-04 17100 56 3191
AS-05 12050 -13 3010
AS-06 11957 -13 290

AS-NH301 11957 412 290
AS-RD01 0 3191

AS-WTR02 47155 59 15
AS-WTR03 47155 85 15

Material

LN-01 22797 20 400
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 Table E-5. Continued
LN-02 22797 -50 400
LN-04 14791 -47 400
LN-05 19883 -50 400
LN-06 14791 25 400

LN-N201 11877 -50 400
NT-01 14791 351 400
NT-02 62793 401 400
PG-01 92 -13 290
PG-02 5050 -13 3010
PG-03 5050 612 3010
PG-04 2064 612 290
PG-05 2309 612 290
RC-01 25583 300 400
RC-02 25583 1281 400
RC-03 25583 1472 400
RC-04 25583 401 400
RC-05 25583 401 400
RC-06 0
RC-07 14107 1500 15
RC-08 14107 132 15

RC-AIR01 12043 59 15
RC-RD01 0 400

RC-STM01 5701 450 400
RC-STM02 1644 383 202
RC-WTR01 1644 59 15

RL-01 62793 298 400
RL-02 22797 75 400

RL-CNS01 15969 140 15
RL-CO201 27584 70 16
RL-NA01 24 75 100

RL-S01 449 75 25
RL-STM01 4030 445 400

SC-01 17840 75 400
SC-02 37209 376 400
SC-03 37209 635 400
SC-04 37209 743 400
SC-05 37209 403 400

SC-RD01 0 400
SC-STM01 19369 450 400
SC-STM02 24149 444 400
SC-WTR01 24149 59 15

SYNGAS 17840 75 400
Z1 770 612 290

Material

Z2 3079 612 290
Btu/hr

AS-Q01 16542206
AS-Q02 1467918

Heat

AS-Q03 121397
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 Table E-5. Continued
AS-Q04 1320806
LN-Q01 1100380
LN-Q02 0
RC-Q01 -12476924
RC-Q02 2017480
RC-Q03 -244
RC-Q04 8252057
RL-Q01 21702221

Heat

SC-Q01 5243533
hp

Work
AS-W01 2118

Purge gas recycle ratio = 50 %
Stream Name Total Flow  lb/hr Temperature oF Pressure    psi

AS-01 16194 662 3191
AS-02 16194 662 3191
AS-03 16194 462 3191
AS-04 16194 55 3191
AS-05 11410 -13 3010
AS-06 11322 -13 290

AS-NH301 11322 412 290
AS-RD01 0 3191

AS-WTR02 46648 59 15
AS-WTR03 46648 85 15

LN-01 22797 20 400
LN-02 22797 -50 400
LN-04 14791 -47 400
LN-05 19883 -50 400
LN-06 14791 25 400

LN-N201 11877 -50 400
NT-01 14791 351 400
NT-02 62793 401 400
PG-01 88 -13 290
PG-02 4785 -13 3010
PG-03 4785 612 3010
PG-04 2066 612 290
PG-05 1403 612 290
RC-01 25583 300 400
RC-02 25583 1281 400
RC-03 25583 1472 400
RC-04 25583 401 400
RC-05 25583 401 400
RC-06 0
RC-07 14111 1500 15
RC-08 14111 132 15

RC-AIR01 12044 59 15
RC-RD01 0 400

RC-STM01 5701 450 400

Material

RC-STM02 1644 383 202
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 Table E-5. Continued
RC-WTR01 1644 59 15

RL-01 62793 298 400
RL-02 22797 75 400

RL-CNS01 15969 140 15
RL-CO201 27584 70 16
RL-NA01 24 75 100

RL-S01 449 75 25
RL-STM01 4030 445 400

SC-01 17840 75 400
SC-02 37209 376 400
SC-03 37209 635 400
SC-04 37209 743 400
SC-05 37209 403 400

SC-RD01 0 400
SC-STM01 19369 450 400
SC-STM02 23480 444 400
SC-WTR01 23480 59 15

SYNGAS 17840 75 400
Z1 1403 612 290

Material

Z2 2806 612 290
Btu/hr

AS-Q01 15709120
AS-Q02 1389718
AS-Q03 114945
AS-Q04 1306602
LN-Q01 1100380
LN-Q02 0
RC-Q01 -12476924
RC-Q02 2017480
RC-Q03 334
RC-Q04 8253246
RL-Q01 21702221

Heat

SC-Q01 5243533
hp

Work
AS-W01 2095

Purge gas recycle ratio = 25 %
Stream Name Total Flow  lb/hr Temperature oF Pressure    psi

AS-01 15436 662 3191
AS-02 15436 662 3191
AS-03 15436 462 3191
AS-04 15436 55 3191
AS-05 10874 -13 3010
AS-06 10790 -13 290

AS-NH301 10790 412 290
AS-RD01 0 3191

AS-WTR02 46224 59 15
AS-WTR03 46224 85 15

Material

LN-01 22797 20 400
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 Table E-5. Continued
LN-02 22797 -50 400
LN-04 14791 -47 400
LN-05 19883 -50 400
LN-06 14791 25 400

LN-N201 11877 -50 400
NT-01 14791 351 400
NT-02 62793 401 400
PG-01 84 -13 290
PG-02 4562 -13 3010
PG-03 4562 612 3010
PG-04 2067 612 290
PG-05 645 612 290
RC-01 25583 300 400
RC-02 25583 1281 400
RC-03 25583 1472 400
RC-04 25583 401 400
RC-05 25583 401 400
RC-06 0
RC-07 14112 1500 15
RC-08 14112 132 15

RC-AIR01 12045 59 15
RC-RD01 0 400

RC-STM01 5701 450 400
RC-STM02 1644 383 202
RC-WTR01 1644 59 15

RL-01 62793 298 400
RL-02 22797 75 400

RL-CNS01 15969 140 15
RL-CO201 27584 70 16
RL-NA01 24 75 100

RL-S01 449 75 25
RL-STM01 4030 445 400

SC-01 17840 75 400
SC-02 37209 376 400
SC-03 37209 635 400
SC-04 37209 743 400
SC-05 37209 403 400

SC-RD01 0 400
SC-STM01 19369 450 400
SC-STM02 22920 444 400
SC-WTR01 22920 59 15

SYNGAS 17840 75 400
Z1 1934 612 290

Material

Z2 2578 612 290
Btu/hr

AS-Q01 15012236
AS-Q02 1324466

Heat

AS-Q03 109548
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 Table E-5. Continued
AS-Q04 1294725
LN-Q01 1100380
LN-Q02 0
RC-Q01 -12476924
RC-Q02 2017480
RC-Q03 317
RC-Q04 8253716
RL-Q01 21702221

Heat

SC-Q01 5243533
hp

Work
AS-W01 2076

Hydrogen to nitrogen ratio = 0
Stream Name Total Flow  lb/hr Temperature oF Pressure    psi

AS-01 14791 662 3191
AS-02 14791 662 3191
AS-03 14791 462 3191
AS-04 14791 55 3191
AS-05 10419 -13 3010
AS-06 10339 -13 290

AS-NH301 10339 412 290
AS-RD01 0 3191

AS-WTR02 45864 59 15
AS-WTR03 45864 85 15

LN-01 22797 20 400
LN-02 22797 -50 400
LN-04 14791 -47 400
LN-05 19883 -50 400
LN-06 14791 25 400

LN-N201 11877 -50 400
NT-01 14791 351 400
NT-02 62793 401 400
PG-01 80 -13 290
PG-02 4372 -13 3010
PG-03 4372 612 3010
PG-04 2068 612 290
PG-05 0
RC-01 25583 300 400
RC-02 25583 1281 400
RC-03 25583 1472 400
RC-04 25583 401 400
RC-05 25583 401 400
RC-06 0
RC-07 14113 1500 15
RC-08 14113 132 15

RC-AIR01 12045 59 15
RC-RD01 0 400

RC-STM01 5701 450 400

Material

RC-STM02 1644 383 202
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 Table E-5. Continued
RC-WTR01 1644 59 15

RL-01 62793 298 400
RL-02 22797 75 400

RL-CNS01 15969 140 15
RL-CO201 27584 70 16
RL-NA01 24 75 100

RL-S01 449 75 25
RL-STM01 4030 445 400

SC-01 17840 75 400
SC-02 37209 376 400
SC-03 37209 635 400
SC-04 37209 743 400
SC-05 37209 403 400

SC-RD01 0 400
SC-STM01 19369 450 400
SC-STM02 22445 444 400
SC-WTR01 22445 59 15

SYNGAS 17840 75 400
Z1 2384 612 290

Material

Z2 2384 612 290
Btu/hr

AS-Q01 14420581
AS-Q02 1269098
AS-Q03 104966
AS-Q04 1284646
LN-Q01 1100380
LN-Q02 0
RC-Q01 -12476924
RC-Q02 2017480
RC-Q03 0
RC-Q04 8253822
RL-Q01 21702221

Heat

SC-Q01 5243533
hp

Work
AS-W01 2059

Table E-6. Original stream results from sensitivity analysis
on flow rate of incoming syngas to ammonia synthesis

Flow rate of incoming syngas = 10000 lbmol/hr
Stream Name Total Flow  lb/hr Temperature oF Pressure    psi

AS-01 181992 662 3191
AS-02 181992 662 3191
AS-03 181992 462 3191
AS-04 181992 55 3191
AS-05 128291 -13 3010
AS-06 127308 -13 290

Material

AS-NH301 127308 412 290
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 Table E-6. Continued
AS-RD01 0 3191

AS-WTR02 477713 59 15
AS-WTR03 477713 85 15

LN-01 227976 20 400
LN-02 227976 -50 400
LN-04 147909 -47 400
LN-05 198831 -50 400
LN-06 147909 25 400

LN-N201 118770 -50 400
NT-01 147909 351 400
NT-02 627907 401 400
PG-01 983 -13 290
PG-02 53698 -13 3010
PG-03 53698 612 3010
PG-04 20599 612 290
PG-05 34083 612 290
RC-01 255835 300 400
RC-02 255835 1281 400
RC-03 255830 1472 400
RC-04 255830 401 400
RC-05 255830 401 400
RC-06 0
RC-07 141024 1500 15
RC-08 141024 132 15

RC-AIR01 120425 59 15
RC-RD01 0 400

RC-STM01 57004 450 400
RC-STM02 16444 383 202
RC-WTR01 16444 59 15

RL-01 627907 298 400
RL-02 227976 75 400

RL-CNS01 159673 140 15
RL-CO201 275832 70 16
RL-NA01 242 75 100

RL-S01 4485 75 25
RL-STM01 40301 445 400

SC-01 178400 75 400
SC-02 372077 376 400
SC-03 372077 635 400
SC-04 372077 743 400
SC-05 372077 403 400

SC-RD01 0 400
SC-STM01 193677 450 400
SC-STM02 249630 444 400
SC-WTR01 249630 59 15

Material

SYNGAS 178400 75 400
Btu/hr

Heat
AS-Q01 175560819
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 Table E-6. Continued
AS-Q02 15626021
AS-Q03 1292506
AS-Q04 13380683
LN-Q01 11004009
LN-Q02 0
RC-Q01 -124766943
RC-Q02 20174542
RC-Q03 1459
RC-Q04 82503837
RL-Q01 217000418

Heat

SC-Q01 52435163
hp

Work
AS-W01 21464

Flow rate of incoming syngas = 1000 lbmol/hr
Stream Name Total Flow  lb/hr Temperature oF Pressure    psi

AS-01 18200 662 3191
AS-02 18200 662 3191
AS-03 18200 462 3191
AS-04 18200 55 3191
AS-05 12829 -13 3010
AS-06 12731 -13 290

AS-NH301 12731 412 290
AS-RD01 0 3191

AS-WTR02 47774 59 15
AS-WTR03 47774 85 15

LN-01 22797 20 400
LN-02 22797 -50 400
LN-04 14791 -47 400
LN-05 19883 -50 400
LN-06 14791 25 400

LN-N201 11877 -50 400
NT-01 14791 351 400
NT-02 62793 401 400
PG-01 98 -13 290
PG-02 5370 -13 3010
PG-03 5370 612 3010
PG-04 2060 612 290
PG-05 3408 612 290
RC-01 25583 300 400
RC-02 25583 1281 400
RC-03 25583 1472 400
RC-04 25583 401 400
RC-05 25583 401 400
RC-06 0
RC-07 14103 1500 15
RC-08 14103 132 15

RC-AIR01 12043 59 15

Material

RC-RD01 0 400
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 Table E-6. Continued
RC-STM01 5701 450 400
RC-STM02 1644 383 202
RC-WTR01 1644 59 15

RL-01 62793 298 400
RL-02 22797 75 400

RL-CNS01 15969 140 15
RL-CO201 27584 70 16
RL-NA01 24 75 100

RL-S01 449 75 25
RL-STM01 4030 445 400

SC-01 17840 75 400
SC-02 37209 376 400
SC-03 37209 635 400
SC-04 37209 743 400
SC-05 37209 403 400

SC-RD01 0 400
SC-STM01 19369 450 400
SC-STM02 24963 444 400
SC-WTR01 24963 59 15

Material

SYNGAS 17840 75 400
Btu/hr

AS-Q01 17556389
AS-Q02 1562628
AS-Q03 129253
AS-Q04 1338153
LN-Q01 1100380
LN-Q02 0
RC-Q01 -12476924
RC-Q02 2017480
RC-Q03 146
RC-Q04 8250535
RL-Q01 21702221

Heat

SC-Q01 5243533
hp

Work
AS-W01 2146

Flow rate of incoming syngas = 100 lbmol/hr
Stream Name Total Flow  lb/hr Temperature oF Pressure    psi

AS-01 1820 662 3191
AS-02 1820 662 3191
AS-03 1820 462 3191
AS-04 1820 55 3191
AS-05 1283 -13 3010
AS-06 1273 -13 290

AS-NH301 1273 412 290
AS-RD01 0 3191

AS-WTR02 4777 59 15
AS-WTR03 4777 85 15

Material

LN-01 2280 20 400
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 Table E-6. Continued
LN-02 2280 -50 400
LN-04 1479 -47 400
LN-05 1988 -50 400
LN-06 1479 25 400

LN-N201 1188 -50 400
NT-01 1479 351 400
NT-02 6279 401 400
PG-01 10 -13 290
PG-02 537 -13 3010
PG-03 537 612 3010
PG-04 206 612 290
PG-05 341 612 290
RC-01 2558 300 400
RC-02 2558 1281 400
RC-03 2558 1472 400
RC-04 2558 401 400
RC-05 2558 401 400
RC-06 0
RC-07 1410 1500 15
RC-08 1410 132 15

RC-AIR01 1204 59 15
RC-RD01 0 400

RC-STM01 570 450 400
RC-STM02 164 383 202
RC-WTR01 164 59 15

RL-01 6279 298 400
RL-02 2280 75 400

RL-CNS01 1597 140 15
RL-CO201 2758 70 16
RL-NA01 2 75 100

RL-S01 45 75 25
RL-STM01 403 445 400

SC-01 1784 75 400
SC-02 3721 376 400
SC-03 3721 635 400
SC-04 3721 743 400
SC-05 3721 403 400

SC-RD01 0 400
SC-STM01 1937 450 400
SC-STM02 2496 444 400
SC-WTR01 2496 59 15

Material

SYNGAS 1784 75 400
Btu/hr

AS-Q01 1755666
AS-Q02 156265
AS-Q03 12925
AS-Q04 133817

Heat

LN-Q01 110035
 Continued on next page



194

 Table E-6. Continued
LN-Q02 -1
RC-Q01 -1247698
RC-Q02 201755
RC-Q03 15
RC-Q04 825057
RL-Q01 2170244

Heat

SC-Q01 524353
hp

Work
AS-W01 214.6

Flow rate of incoming syngas = 10 lbmol/hr
Stream Name Total Flow  lb/hr Temperature oF Pressure    psi

AS-01 182.0 662 3191
AS-02 182.0 662 3191
AS-03 182.0 462 3191
AS-04 182.0 55 3191
AS-05 128.3 -13 3010
AS-06 127.3 -13 290

AS-NH301 127.3 412 290
AS-RD01 0.0 3191

AS-WTR02 477.6 59 15
AS-WTR03 477.6 85 15

LN-01 228.1 20 400
LN-02 228.1 -50 400
LN-04 147.9 -47 400
LN-05 198.9 -50 400
LN-06 147.9 25 400

LN-N201 118.8 -50 400
NT-01 147.9 351 400
NT-02 628.0 401 400
PG-01 1.0 -13 290
PG-02 53.7 -13 3010
PG-03 53.7 612 3010
PG-04 20.6 612 290
PG-05 34.1 612 290
RC-01 255.9 300 400
RC-02 255.9 1281 400
RC-03 255.9 1472 400
RC-04 255.9 401 400
RC-05 255.9 401 400
RC-06 0.0
RC-07 141.0 1500 15
RC-08 141.0 132 15

RC-AIR01 120.4 59 15
RC-RD01 0.0 400

RC-STM01 57.0 450 400
RC-STM02 16.4 383 202
RC-WTR01 16.4 59 15

Material

RL-01 628.0 298 400
 Continued on next page
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 Table E-6. Continued
RL-02 228.1 75 400

RL-CNS01 159.6 140 15
RL-CO201 275.8 70 16
RL-NA01 0.2 75 100

RL-S01 4.5 75 25
RL-STM01 40.3 445 400

SC-01 178.4 75 400
SC-02 372.1 376 400
SC-03 372.1 635 400
SC-04 372.1 743 400
SC-05 372.1 403 400

SC-RD01 0.0 400
SC-STM01 193.7 450 400
SC-STM02 249.6 444 400
SC-WTR01 249.6 59 15

Material

SYNGAS 178.4 75 400
Btu/hr

AS-Q01 175534.6
AS-Q02 15623.6
AS-Q03 1292.3
AS-Q04 13378.9
LN-Q01 11011.3
LN-Q02 0.2
RC-Q01 -124787.9
RC-Q02 20174.4
RC-Q03 1.5
RC-Q04 82517.6
RL-Q01 216981.5

Heat

SC-Q01 52435.1
hp

Work
AS-W01 21.46

Flow rate of incoming syngas = 1 lbmol/hr
Stream Name Total Flow  lb/hr Temperature oF Pressure    psi

AS-01 18.19 662 3191
AS-02 18.19 662 3191
AS-03 18.19 462 3191
AS-04 18.19 55 3191
AS-05 12.83 -13 3010
AS-06 12.73 -13 290

AS-NH301 12.73 412 290
AS-RD01 0.00 3191

AS-WTR02 47.77 59 15
AS-WTR03 47.77 85 15

LN-01 22.76 20 400
LN-02 22.76 -50 400
LN-04 14.79 -47 400
LN-05 19.84 -50 400

Material

LN-06 14.79 25 400
 Continued on next page
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 Table E-6. Continued
LN-N201 11.87 -50 400

NT-01 14.79 351 400
NT-02 62.76 401 400
PG-01 0.10 -13 290
PG-02 5.36 -13 3010
PG-03 5.36 612 3010
PG-04 2.06 612 290
PG-05 3.41 612 290
RC-01 25.55 300 400
RC-02 25.55 1281 400
RC-03 25.55 1472 400
RC-04 25.55 401 400
RC-05 25.55 401 400
RC-06 0.00
RC-07 14.09 1500 15
RC-08 14.09 132 15

RC-AIR01 12.03 59 15
RC-RD01 0.00 400

RC-STM01 5.71 450 400
RC-STM02 1.64 383 202
RC-WTR01 1.64 59 15

RL-01 62.76 298 400
RL-02 22.76 75 400

RL-CNS01 15.98 140 15
RL-CO201 27.58 70 16
RL-NA01 0.02 75 100

RL-S01 0.45 75 25
RL-STM01 4.03 445 400

SC-01 17.84 75 400
SC-02 37.21 376 400
SC-03 37.21 635 400
SC-04 37.21 743 400
SC-05 37.21 403 400

SC-RD01 0.00 400
SC-STM01 19.37 450 400
SC-STM02 24.96 444 400
SC-WTR01 24.96 59 15

Material

SYNGAS 17.84 75 400
Btu/hr

AS-Q01 17556.70
AS-Q02 1562.63
AS-Q03 129.26
AS-Q04 1338.06
LN-Q01 1097.90
LN-Q02 0.44
RC-Q01 -12468.25
RC-Q02 2017.14

Heat

RC-Q03 -0.34
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 Table E-6. Continued
RC-Q04 8243.07
RL-Q01 21705.59Heat
SC-Q01 5243.51

hp
Work

AS-W01 2.146


