
ABSTRACT 

HE, FENG. Novel Redox Processes for Carbonaceous Fuel Conversion. (Under the direction 

of Dr. Fanxing Li). 

The current study investigates oxygen carrier development, process intensification, and oxygen 

carrier attrition behaviors for a number of novel, redox-based energy conversion schemes. 

These redox processes utilize oxygen carriers, a.k.a. redox catalysts, composed of first row 

transition metal oxides to indirectly convert carbonaceous fuels into clean energy carriers such 

as hydrogen, electricity, and/or syngas. More specifically, a chemical looping gasification 

(CLG) scheme for solid fuel conversion to hydrogen, a chemical looping combustion process 

(CLC) for indirect methane combustion, and a hybrid solar-redox process for methane and 

solar energy conversion are studied.  

 

In order to address the slow reaction kinetics between the fuel and the oxygen carriers in CLG 

process, we propose to incorporate a secondary oxygen carrying metal oxide, i.e. CuO, to the 

iron-based oxygen carrier. Using the “oxygen-uncoupling” characteristics of CuO, gaseous 

oxygen is released at a high temperature to promote the conversion of both Fe2O3 and coal. 

Experiments and ASPEN Plus® simulations indicate that the incorporation of a small amount 

of copper improves coal char conversion, hydrogen yield and process efficiency.    

 

Oxygen carrier attrition behaviors and particulate matter emissions of copper oxide based 

oxygen carrier from a methane CLC process are also investigated in a fluidized reactor It is 

observed that particulate attritions lead to increased CuO loss resulting from the chemical 

looping reactions, i.e. Cu is enriched in fine particles in the size range of 10-75 μm, which are 

generated primarily from fragmentation. It is determined that the cyclic reduction and 

oxidation reactions weakens the oxygen carrier particles, resulting in increased particulate 

emission rates when compared to oxygen carriers without redox reactions. The surface of the 

oxygen carrier is also found to be coarsened due to a Kirkendall effect, which also explains the 

surface enrichment of Cu. As a result, it is important to collect and reprocess fine particles 

generated from chemical looping processes to reduce copper oxide loss and to abate the 

environmental impact. 



 

A hybrid solar-redox process is proposed based on the redox concept as a novel scheme that 

converts methane and solar energy into separate streams of liquid fuels and hydrogen at 

significantly lower temperature. Fixed and fluidized-bed experiments are conducted to 

evaluate the performances of the redox catalyst composed of iron oxide promoted with 

La0.8Sr0.2FeO3-δ (LSF). Over 95% conversion in the methane oxidation step and 60% steam to 

hydrogen conversion in the water-splitting step are observed. Aspen Plus® simulation based 

on experimental data estimates the overall process efficiency to be 64.2 – 65.3% on a higher 

heating value (HHV) basis, which is 6.5 – 8% higher equivalent efficiency for liquid fuel and 

hydrogen co-production than the reforming-based methane reforming schemes.  

 

Both experiments and a defect model indicate that the synergistic effect of reduced LSF and 

metallic iron phases is attributable to the exceptional steam conversion. . Using a proposed 

layered reverse-flow reactor concept, over 77% steam to hydrogen conversion is achieved at 

930 °C, which more than triples the best performance reported to date and is 15% higher than 

the maximum conversion predicted by second law for unpromoted iron (oxides). The LSF-

promoted iron oxide is demonstrated to be an exceptional redox material for methane partial 

oxidation and water-splitting. When applied to the hybrid solar-redox scheme, the process 

efficiency can increase by 15.1% (HHV) with up to 60% reduction in CO2 emission for H2 

products. These aforementioned studies indicate that redox properties of first-row transition 

metal oxides can be used in redox processes for carbonaceous fuel conversion with high 

efficiency and low emissions. Effective utilization of such processes requires optimized 

oxygen carriers and process schemes as well as carefully designed particulate emission control 

and reprocessing systems.    
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CHAPTER 1 INTRODUCTION 

1.1 Carbonaceous fuels 

Carbonaceous fuels, including coal, crude oil, and natural gas, are the largest energy sources 

that power the modern society. Although renewable energy sources such as solar, wind, and 

biomass will likely to play an increasingly important role, carbonaceous fuels will still 

dominate the energy and chemical supply within the foreseeable future.2 U.S. has vast coal and 

natural gas reserves. With rising concerns over the environmental impact of carbonaceous fuel 

utilization, new technologies in more cost-effective, efficient, and environmental friendly 

manners are highly desired. 

 

1.1.1 Conventional coal conversion 

Coal is composed mainly of carbon, hydrogen, nitrogen, oxygen, ash, and moisture. The exact 

composition is dependent upon the type and grade of coal. High-rank coals are high in carbon 

and heating value, while low-rank coals are low in carbon but high in hydrogen and oxygen 

content. An example of the Illinois No. 6 composition analysis is given in Table 1.1. In terms 

of proven reserve, coal is far more abundant than oil or gas, with more than 100 years of coal 

reserves remaining worldwide (assuming the current consumption rate).2 Due to its ample 

availability and relatively low cost, coal has the potential to remain as an attractive option 

among the various energy sources.  
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Table 1.1. Coal analysis: Illinois No. 63 

Proximate Analysis 

Dry Basis (wt %) 

Ultimate Analysis 

Dry Basis (wt %) 
Heating Value (Btu/lb) 

Moisture  12.51  Ash  10.91  HHV (AR)  11,666  

Ash  10.91  Carbon  71.72  HHV (dry basis)  13,126  

Volatile 

Matter  

39.37  Hydrogen  5.06    

Fixed Carbon  49.71  Nitrogen  1.41    

Total  100.00  Chlorine  0.33    
  Sulfur  2.82    
  Oxygen  7.75    

  Total  100.00    

 

 

Coal combustion 

In a conventional coal fired power plant, coal is combusted with approximately 20% excess 

air. The following reaction generally represents the combustion of coal:   

Coal + O2 → CO2 + H2O       Reaction 1.1 

Typical combustors types are pulverized coal (PC), stoker, and fluidized bed.4 The heat 

generated in the boiler is used to heat up water into superheated steam. By driving a series of 

turbines at different pressures with regenerative-reheating cycles, the high temperature and 

high pressure steam is used to generate electricity. In 2013, 39% of the electricity in U.S. is 

generated from coal power plants.2 The electricity generation from coal is predicted to be fairly 

stable until the 2040. The traditional PC power plants using a subcritical PC boiler produces 

steam with up to 550 °C and 24 MPa, which have 33%-37% (HHV) efficiency.5 The ultra-

supercritical (USC) power plant represents one recent advance in combustion technology, 

where steam can reach up to 760 °C and 35 MPa, greatly improving the thermodynamic 

advantage of the plant and allowing potential efficiencies of up to 46%.6  

 

Flue gas pollutant control system is used to eliminate the hazard pollutant releasing from 

combustion, including NOx, particulate matter (PM), SOx and mercury. U.S. Federal 

regulations (2006 amended) on new fossil-fuel fired power plants have a limit on emissions of 
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NOx 1.0 lb/MMBtu, PM 0.015 lb/MMBtu and SO2 1.4 lb/MMBtu.7 The NOx control system is 

typically composed of low NOx burners, staged overfire air, and selective catalytic reduction 

(SCR) which uses ammonia and a catalyst to reduce NOx to N2 and H2O.8 Fabric filter or 

electrostatic precipitator (ESP) can be used to effectively remove PM. SOx is removed after 

the boiler. A typical flue gas desulfurization (FGD) process is wet limestone scrubbing. All 

these removal procedures would result in significant co-benefit capture of the mercury, where 

most of it is removed by the particulate removal and FGD.8 

 

Coal gasification 

A potentially cleaner and more versatile process for coal conversion is gasification. During 

gasification, preheated oxygen and/or steam are injected with pulverized coal or coal slurry 

into the gasifier. Instead of being fully oxidized to generate heat, coal is partially oxidized to a 

mixture of CO2, CO, H2O and H2 under elevated pressures. Syngas obtained from coal 

gasification which is a combination of H2 and CO, tends to have a H2/CO ratio of 0.5-1. It is 

lower than the ideal ratio of ~2 for subsequent Fischer–Tropsch (F-T) or methanol synthesis. 

This ratio can be adjusted via the following water-gas-shift (WGS) reaction:                                                               

WGS: H2O + CO → H2 + CO2      Reaction 1.2 

 

The generated syngas can also be used in combined cycle system for electricity generation, 

known as Integrated Gasification Combined Cycle (IGCC). The thermal efficiency of IGCC 

process can be more than 45%9, which is comparable to the ultra-supercritical PC process. More 

details on the syngas utilization processes are given in Section 1.1.3. Despite advantages in 

product versatility and pollutant controllability, the main challenge of coal gasification is the 

high complexity and significant capital expenditure. 

 

1.1.2 Natural gas and methane  

Natural gas is an abundant carbonaceous fuel resource across the United States. Since 2007, 

shale gas has become a major source of natural gas in the United States and Canada with the 

development of unconventional gas reserves through hydraulic fracturing. Because of that, 

http://en.wikipedia.org/wiki/Oxygen
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recoverable reserves and supplies of natural gas have been significantly increased.2 Most 

natural gas is currently used as a fuel for heat or electricity generation, with natural gas power 

plants in the U.S. accounting for 27% of the total national electricity generation.2 The principal 

component of natural gas is methane, which represents 70-90 % of natural gas. Other major 

constituents of natural gas include ethane, propane, heavier hydrocarbons, carbon dioxide, and 

sulfur compounds. Methane molecule’s inherently stable tetrahedral structure with four 

equivalent C-H bonds makes it difficult to activate. Although chemical processes based on 

direct activation of methane to value-added chemicals are being actively studied, low 

efficiency and poor product yield are still the key challenges.  

 

The methane reforming processes are commercially used for methane conversion to synthetic 

fuels and chemicals. Commonly encountered reforming schemes include steam reforming, 

CO2 reforming (dry reforming), and partial oxidation processes, whose characteristic reaction 

stoichiometry is given in Reactions 1.3 to 1.5: 

Steam reforming:  

CH4 + H2O → CO + 3H2, ΔH (298 K) = 206 kJ·mol-1    Reaction 1.3 

CO2 reforming:  

CH4 + CO2 → 2CO + 2H2, ΔH (298 K) = 247 kJ·mol-1   Reaction 1.4 

Partial oxidation:  

CH4 + 0.5O2 → CO + 2H2, ΔH (298 K) = -36 kJ·mol-1    Reaction 1.5 

 

Among these processes, steam methane reforming (SMR) process is a well-established 

process, as shown in Fig. 1.1. Over 90% of the world's total hydrogen production is derived 

from methane, a primary component of natural gas via the SMR process.10,11 In the foreseeable 

future, natural gas will continue to be the major feedstock for hydrogen production.12 Pre-

treatment of the feedstock is necessary to remove sulfur, which can poison the reforming 

catalysts.13  Following pretreatment, preheated and pressurized CH4 is mixed with steam and 

introduced to the reformer, where methane reacts with steam to produce syngas. The WGS 

reaction in the reformer would make the H2/CO ratio higher than stoichiometric ratio of 3. The 
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reformer converts CH4 and steam into syngas with typical compositions shown in Table 1.2.13 

The syngas product exiting the reformer is cooled and introduced into WGS reactors. A high-

temperature WGS reactor with iron catalyst and a low-temperature WGS reactor with copper 

catalyst are typically arranged in series to achieve over 95% CO conversion 13,14. The shifted 

syngas is cooled further followed with a pressure swing adsorption (PSA) system to produce 

purified H2. Through PSA, 90% of the H2 is recovered as a product with 99.9% purity 3,13,14. 

The reforming reactor is highly endothermic. To compensate the heat required, off-gas from 

the PSA system and additional methane is combusted with air in the reformer furnace. High 

temperature gases from the combustor as well as the reformer are introduced to a heat recovery 

steam generator (HRSG) to produce steam for reforming.  

 

 

 

Fig. 1.1. Simplified schematic of conversional steam method reforming process 

 

 

 

Table 1.2. Typical composition of the syngas leaving the methane reformer13 

Component Volume % 

CH4 2 

CO 7 

CO2 6 

H2 44 

H2O 41 

Total 100 
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Partial oxidation is a process would directly give the optimal composition syngas, but pure 

oxygen and the mixture of O2 and CH4 at high temperature required to drive the partial 

oxidation could be difficult to control, which inhibit the practical application. Different from 

endothermic steam reforming reaction, the partial oxidation is an exothermic reaction with 

large heat production. Therefore, a combination of steam reforming and partial oxidation 

reforming is developed and known as autothermal reforming (ATR). Steam and oxygen are 

injected along with methane into the reforming reactor. The overall heat of reaction depends 

on the ratio of steam and oxygen. A typical ATR process comprises a reformer, heat recovery 

systems, and gas separation units. Although additional gas separation units are incorporated in 

autothermal reforming, the combustor and heat exchange sections, leading to simpler process 

scheme compared to conventional steam reforming plants.15 Moreover, the ATR is able to 

generate a syngas with the H2:CO ratio of approximately 2, so it is often used in the gas to 

liquid (GTL) process.16 

 

1.1.3 Syngas  

A gas mixture of H2 and CO called syngas, can be generated from the abovementioned coal 

gasification and steam reforming. Other solid fuels, such as biomass and coke, could also be 

used for gasification to generate syngas.17,18 Fig. 1.3 summarizes the processes for syngas 

conversion. Electricity can be generated via combustion or fuel cell. Through the WGS 

reaction or separation such as pressure swing adsorption (PSA) and membrane-based 

processes, H2 can be a final product. Furthermore, syngas could be converted into valuable 

chemicals by methanol and F–T synthesis.  
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Fig. 1.2. Schematic of the use of syngas4 

 

 

Fischer–Tropsch (F–T) synthesis 

The F-T reaction utilizes syngas as the feedstock to produce hydrocarbons such as gasoline, 

diesel, jet fuel, or olefins. The F-T process involves a series of chemical reactions that produce 

a variety of hydrocarbons, ideally having the formula CnH(2n+2). The reaction can be 

represented by: 

(2n + 1) H2 + n CO → CnH(2n+2) + n H2O     Reaction 1.6 

 

In general, the product distribution of hydrocarbons formed during the F-T process follows an 

Anderson–Schulz–Flory distribution, which can be expressed as: 

Wn/n = (1 − α)2αn−1        Equation 1.1 

where Wn is the weight fraction of hydrocarbons containing n carbon atoms. α is the chain 

growth probability factor or the probability that a molecule will continue reacting to form a 

longer chain, which is largely determined by the catalyst and the reaction conditions. Most of 

the alkanes produced tend to be straight-chain, suitable as diesel fuel. In addition to alkane 

formation, competing reactions give small amounts of alkenes, as well as alcohols and other 

oxygenated hydrocarbons. The hydrocarbons at low molecular weight often would be 

combusted for heat. 

 

A variety of catalysts can be used for the F-T process, but the most common are the transition 

metals cobalt and iron. For cobalt-based catalysts, the optimal H2:CO ratio is around 1.8–2.1. 
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Iron-based catalysts promote the WGS reaction and thus can tolerate lower ratios. This 

reactivity can be important for syngas derived from coal or biomass, which tends to have 

relatively low H2:CO ratios (<1). Higher pressures are favorable for the reaction but result in 

additional equipment costs and coke formation. Typical pressure ranges are 10 – 30 atm.19–21 

 

Methanol synthesis 

Methanol is another important chemical primarily produced from syngas. Natural gas derived 

syngas accounts for a majority of methanol synthesis, while coal/solid derived syngas is used 

to make 9% of the worldwide output of methanol.9 Methanol is both a chemical feedstock for 

a range of important industrial chemicals and a fuel for combustion and fuel cell applications. 

The ideal H2/CO ratio for menthol synthesis is approximately 2:1. The formation of methanol 

takes place via Reactions 1.7 to 1.9: 

2 H2 + CO → CH3OH        Reaction 1.7 

CO2 + 3 H2 → CH3OH + H2O      Reaction 1.8 

CO + H2O → CO2 + H2       Reaction 1.9 

 

The methanol synthesis reaction is exothermic. Therefore, higher methanol yields are obtained 

at lower temperatures. Higher pressures would favor the reaction equilibrium by promoting the 

CO and CO2 conversion, but equipment and operation costs will increase. Cu-Zn based 

catalysts are commonly used for the synthesis at 5-15 MPa and 200-300 °C,22 but are very 

sensitive to sulfur in the syngas. As a result, sulfur compounds are removed from the 

gaseous feedstock prior to the methanol synthesis reactor.  

 

To summarize, coal and natural gas are important energy sources for electricity generation, 

which account for about 66% US electricity generation in 2013. The U.S. EIA estimates that 

demand for electricity will increase by approximately 24% in the U.S. from 2013 to 2040.2 

Therefore, it is important to find approaches to address the challenge of the CO2 emission from 

the fossil fuel fired power plants. Not only producing electricity, coal and natural gas can also 

be converted into syngas and then used to produce valuable-add chemicals. However, coal 
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gasification and methane reforming are not able to directly provide syngas with 2:1 H2/CO 

molar ratio for F-T or methanol synthesis. The additional conversation steps increase the 

process complexity and reduce the overall efficiency. Therefore, reliable processes for 

carbonaceous fuel conversion into F-T and methanol ready syngas with high efficiency and 

low emission are highly desirable.  

 

1.2 CO2 capture technologies  

US EIA reports that over 80% of greenhouse gas emission in U.S. originate from the use of 

carbonaceous fuels. There are potential increase in the carbonaceous fuel consumption in the 

next 20 years.2 Emission of CO2 has been considered to be the largest contribution to the 

greenhouse gases-induced climactic warming, and has subsequently been realized as one of 

the fundamental problems of carbonaceous fuel conversion.23 Therefore, developing efficient, 

reliable and low-cost technologies to mitigate this problem has received growing attention. 

One approach to control CO2 emission is capturing CO2 from carbonaceous fueled power 

plants, which typically includes three technological approaches: post-combustion capture, pre-

combustion capture, and oxy-combustion.  

 

In post-combustion capture, CO2 is separated from the flue gas produced by combustion. Post-

combustion capture is applicable to the majority of existing coal-fired power plants and serves 

as a retrofit technology option. This is a key advantage of the post-combustion technique. For 

typical combustion processes, the flue gas stream typically has a CO2 concentration of less 

than 15%. Amine-based systems are based on the reactivity of amines with CO2 to form water 

soluble compounds. The monoethanolamine (MEA) scrubbing technique is a well-established 

amine-based system for CO2 capture.24 The MEA technique is composed of an absorber with 

fresh amine solvent to remove the CO2 and an absorber using high temperature steam to 

regenerate the solvent. Because of the large consumption of steam, the efficiency of the power 

plant could be reduced as much as 40%, nearly doubling the cost of electricity.25 Additionally, 

carbonate, ammonia, membranes, metal organic frameworks, enzyme, and ionic liquids based 
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techniques are emerging technologies at the research stage in either laboratory or field that 

have shown promise for post-combustion capture.26  

Oxy-combustion represents an approach to combust the fuel by using oxygen instead of air. 

As a result, a concentrated CO2 steam is generated without the necessity to do further 

separation post-combustion. A cryogenic air separation unit (ASU) is most commonly used in 

the oxy-combustion process to supply the high purity (>95%) oxygen for the boiler. The 

oxygen is proposed to mix with recycled flue gas before the combustor, which enable the 

combustor to be operated under similar conditions to the conventional air fired configuration. 

The oxy-combustion processes have been studied in lab-scale setups and are transferring to 

pilot plant scale demonstration (up to 30 MWth).
27–29 The energy intensive air separation and 

flue gas recirculation reduces the overall process efficiency by 20%-35%.4,25 In order to reduce 

the cost, Praxair proposed to use an oxygen transport membrane within the boiler30 and BOC 

Group developed ceramic autothermal recovery technology31. 

 

Pre-combustion capture is another method where the carbon is removed from the fuel before 

combustion, preventing the production of CO2 during the combustion process. The integrated 

gasification combined cycle (IGCC) is one very promising approach to this concept. In the 

IGCC process, coal is first gasified with sub-stoichiometric amounts of oxygen and/or steam 

at elevated pressures to generate syngas. By passing through a series of catalyst beds with 

additional steam injection, CO in the mixture is converted into to CO2 and additional H2 by the 

water–gas shift reaction. After that, CO2 is separated from the H2, where high CO2 partial 

pressure facilities the separation procedure. In the meantime, the high pressure gas stream may 

serve to reduce the size and cost of the capture equipment as well as utility cost associated with 

compression. However, IGCC can only be applicable to new plants. The requirement of 

extensive auxiliary processes, including air separation, WGS, and CO2 separation makes the 

process very capital intensive.  

 

1.3 Chemical looping 

1.3.1 Chemical Looping combustion (CLC) 
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The chemical looping processes represent an alternative and potentially efficient strategy for 

power generation from fossil fuels with in-situ CO2 capture. Though chemical looping presents 

challenges of its own, many of the issues associated with the abovementioned 

conversion/carbon capture techniques are inherently eliminated or drastically mitigated by the 

chemical looping scheme.  

 

The CLC process utilizes a metal oxide based oxygen carrier particle to oxidize carbonaceous 

fuels into concentrated CO2, allowing efficient CO2 capture and storage, as seen in the process 

schematic (Fig. 1.3).32–35 The reduced oxygen carrier resulting from the fuel oxidation step is 

subsequently combusted with air to release heat for power generation. Therefore, CO2 can be 

captured from the reducer flue gas after water condensation, without the need for an expensive 

air separation unit or energy intensive sorbent regenerator. Moreover, chemical looping has 

the advantage of recuperating low-grade heat while producing a high-grade heat.4 As a result, 

higher thermodynamic efficiency can be potential achieved in chemical looping processes. 

Additional environmental advantages are enjoyed by the CLC scheme, such as the lack of NOx 

formation due to the separation of air and fuel reactors.   

 

 

 

Fig. 1.3. Schematic of chemical looping combustion 
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The reactor system for the CLC process requires good contact between gas and solids as well 

as a flow of solid material between reducer and oxidizer. Circulating fluidized bed (CFB) has 

been extensively used for the CLC precesses.4,36 In such a system, the reducer operates as a 

low velocity bubbling fluidized bed. Solids from reducer and air are introduced to the oxidizer 

where they are regenerated with air before being transported back to the reducer to close the 

loop. The moving bed is another reactor system for CLC, which has higher solid conversion 

for fuel and metal oxide conversions.4,33 Moreover, several other representative reactor systems 

include spouted bed system,37 double loop circulating fluidized bed reactor system,38 rotating 

reactor system,39 two-stage packed bed system40. Continuous testing of these oxygen carriers 

have been successfully carried out in circulating fluidized bed (CFB) reactors at scales up to  

1 MWth.
4,41–43 Besides the aforementioned experimental studies, the attractiveness of chemical 

looping as a novel power production process has been confirmed by both availability and 

process analyses.44,45 

 

The efficiency of chemical looping processes strongly depends on the performance of the 

oxygen carrier. Generally speaking, desired properties of an ideal oxygen carrier include high 

oxygen capacity, high reactivity, long-term recyclability, good mechanical strength, high 

melting point, resistance to contaminates, low cost, minimal health and environmental impacts. 

Typical oxygen carrier is composed of a primary oxide which directly participates in the cyclic 

redox reactions. The oxides of transition metals such as iron, nickel, copper, manganese, and 

cobalt have been studied for chemical looping applications.4,32,34,35  However, deactivation over 

multiple redox cycles has been reported, which is mainly attributed to the high temperature 

sintering (800 - 1000 °C).35,46,47 A inert support is added to the primary oxide, forming the 

composite structure to improve sintering resistance and recyclability. The support is usually 

low-cost and stable ceramic materials, such as Al2O3, TiO2, MgAl2O4, SiO2, and ZrO2.
35,47–49 

Based on inert marker experiments and density function theory (DFT) calculations, Li et al.50,51 

proposed that the enhanced ionic diffusivity of oxygen anion within iron and its oxides are 

responsible for improved redox activity of the supported oxygen carrier. As a support, mixed 
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ionic and electronic conductive (MIEC) perovskites such as lanthanum strontium ferrite (LSF) 

have been shown to enhance the redox activity of iron oxides by 5−70 times when compared 

to oxygen carriers with conventional TiO2, Al2O3, or yttria-stabilized zirconia (YSZ) support.52 

Good stability over 100 cycles and outstanding coke resistance are also achieved by the MIEC 

supported Fe2O3. Perovskites have the typical form of ABO3-δ, where A is a large cation of 

either the alkali earth or rare earth metal and B is a smaller transition metal cation.53 More 

recently, perovskite structured oxygen carriers have received increasing attention as oxygen 

carriers for redox applications.54–71 Similar to LSF, ceria is a frequently studied mixed-

conductive support for the oxygen carrier with good reactivity and stability.63,72,73 

 

Early research on chemical looping focused on the conversion of gaseous fuels such as 

methane/natural gas 74–77 and coal derived syngas 78–80. Compared to gaseous fuels, solid fuels 

such as coal are cheaper on a same energy content basis. Therefore, direct conversion of solid 

fuels in chemical looping processes can be advantageous from a process economics standpoint. 

A key challenge for solid fuel conversion, however, resides in the slow solid-solid reaction 

kinetics between the fuel and the oxygen carriers. To address this challenge, a syngas chemical 

looping combustion system is proposed, where solid fuel is gasified into syngas by oxygen. 

The resulting syngas is then reacted with the oxygen carrier at a faster rate than direct solid-

solid interactions.81–86 However, the gasification step increases the process cost and 

complexity.  

 

CLC with in-situ gasification 

Another method to enhance solid fuel conversion is through in-situ gasification.33,35 Under this 

approach, a gasification enhancer such as steam and/or CO2 is introduced to the fuel reactor to 

gasify the fixed carbon via steam-carbon reaction and/or reverse Boudouard reaction, 

producing H2 and/or CO. The H2/CO generated will then react with the oxygen carrier at a 

faster rate than the solid fuel–oxygen carrier reactions. Reactions between the oxygen carrier 

and H2/CO produce additional steam/CO2 for in-situ solid fuel gasification. As a result, a chain 

reaction can be initiated. Although the in-situ gasification approach can enhance the solid fuel 
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conversion rate, steam-carbon and reverse Boudouard reactions are relatively slow at typical 

reducer operating temperatures. Hence a long fuel and metal oxide residence time is required 

in order to achieve satisfactory solid fuel conversions.4 The residence time requirements may 

lead to large reducer volume and solids inventory.  

Steam-carbon reaction:  C + H2O → CO + H2     Reaction 1.10 

Reverse Boudouard reaction: C + CO2 → 2CO     Reaction 1.11 

 

 

 

 

Fig. 1.4. Schematic of the chain reactions in CLOU 

Chemical-Looping with Oxygen Uncoupling (CLOU) is an even faster approach to combust 

solid fuel while capturing CO2. First proposed by Lewis and Gilliland 87 in the 1950s, the 

CLOU strategy uses gaseous oxygen released from metal oxide decomposition to convert solid 

fuels. As a result, solid fuel is able to react directly with molecular oxygen, which increases 

the activity for solid fuel conversion. Fig. 1.4 shows the reactions in CLOU. The CLOU 

concept has been tested over the past decade for the combustion of petroleum coke 88,89, and 

coal 90. Using a laboratory scale fluidized bed reactor, Mattisson et al.88 demonstrated 50-fold 

rate enhancement for petroleum coke conversion using CuO based CLOU when compared to 

an iron-based oxygen carrier in an in-situ gasification scheme.  
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The metal oxides which are suitable for the CLOU strategy include oxides of copper, 

manganese and cobalt.24 Cobalt oxide it not commonly used, due to the low decomposition 

temperature and additional health and environmental concerns.91 Mn2O3 decomposes at lower 

temperature, but re-oxidation of Mn3O4 tends to be slow.92 CuO is the most frequently used 

oxygen carrier for the CLOU process, but faces challenges such as low meting point, sintering, 

and high cost.35 In order to address these problems, various supports have been investigated, 

such as MgAl2O4, ZrO2, Al2O3 and SiO2.
93 Among them, MgAl2O4 is most promising as it 

increases sintering resistance and its performance has been tested in a continuously 1.5 kWth 

unit.94–96 Mixed metal oxides have also been investigated, since secondary metal addition can 

lead to enhanced structural and/or thermodynamic properties compared to their parent oxides. 

Mn-Fe oxides with 2:1 molar ratio show the best uncoupling properties with up to 0.5 wt.% 

oxygen uncoupling capacities.97 Perovskites have also been tested for CLOU applications. 

CaMnO3 based perovskites are currently the most studied perovskites, which can be 

synthesized from abundantly available Ca and Mn precursors. However, the loss of activity 

over long term cycles due to the irreversible phase change to CaMn2O4 and Ca2MnO4 phases 

limits the application of CaMnO3.
93,98–100 Recent research focused on doping secondary metals 

into the A and B-sites in order to enhance the structure stability and CLOU properties of 

CaMnO3 perovskites. By doping titanium on the B site,58,61 the oxygen carrier exhibited good 

redox activity and stability for chemical-looping combustion of natural gas, based on 70 h of 

experiments in a circulating fluidized-bed reactor system. 

 

1.4 Redox-based reforming  

Chemical looping combustion is used for heat and power generation. The similar mode can 

also be directly or indirectly used to produce value-added chemicals and fuels from coal or 

natural gas. 
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1.4.1 Chemical looping reforming  

Chemical looping reforming adopts the same redox principles as CLC by working under a 

cyclic redox mode. The CLR redox catalyst is similar to the oxygen carrier in CLC, carrying 

lattice oxygen between two reactors. The main difference is that the fuel is partially oxidized 

into syngas rather than fully oxidized into CO2.
101 Therefore, the desired product from CLR is 

not heat but H2 and CO. The reduced particle would be regenerated in the oxidizer by air, just 

as in CLC. Because the similar redox mode, most CLR redox catalysts investigated to date are 

similar to the oxygen carriers used in CLC processes. Instead of using an oxygen carrier to 

non-selectively oxidize fuels to CO2 and steam, the CLR redox catalyst needs to selectively 

oxidize the fuel to syngas. Therefore, Ni-based redox catalysts are more attractive owing to 

their high activity and selectivity toward syngas.63,102,103 The challenge of NiO based redox 

catalysts, however, resides in their high tendency for coke formation, high cost, and toxicity.35 

Because of the high particle inventory used in CLR, the relatively high cost and health concerns 

inhibit the Ni-based material’s application.  

 

1.4.2 Solar-thermal water-splitting 

Solar-thermal water-splitting represents a potentially attractive and environmentally friendly 

option.104,105 Typical solar-thermal water-splitting schemes involve the following cyclic redox 

reactions of transition metal oxides to indirectly convert solar energy and water into separate 

streams of hydrogen and oxygen.106 By using the sustainable solar energy, H2 is generated 

without CO2 emission. In the first step, solar energy is used to decompose a metal oxide at high 

temperature. In the subsequent step, the decomposed metal/metal oxide is reoxidized with 

water, producing hydrogen.  

MxOy → MxOy-δ + 0.5δO2       Reaction 1.12 

MxOy-δ +  δH2O → MxOy  + δH2      Reaction 1.13  

 

Although a number of promising redox materials have been developed for this process,107,108 

the metal oxide reduction step in typical solar thermochemical water-splitting processes 

requires relatively high temperatures (> 1200 °C). Iron containing oxides are the most 
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commonly encountered redox materials, because they are effective for hydrogen production 

through the water-splitting reaction. A number of (supported) iron oxides109, including Fe3O4-

CeO2-ZrO2
110

, Fe3O4-Al2O3
111,112, Fe3O4-MgAl2O4

113
 and Fe3O4-Ce0.5Zr0.5O2

114, have been 

investigated for steam-iron applications. In addition, perovskites have also been explored as 

redox catalysts for syngas generation and water-splitting.115,116 However, the reported steam to 

hydrogen conversion is generally less than 20%. The high decomposition temperature and 

limited steam conversion are two key challenges. Therefore, novel solar-thermal schemes that 

can effectively promote metal oxide reduction at lower temperatures are highly desired in order 

to achieve improved efficiency and economic attractiveness for solar-thermal hydrogen 

generation.  

 

1.5 Summary 

A key challenge for solid fuel conversion in chemical looping resides in the slow solid-solid 

reaction kinetics between the fuel and the oxygen carrier. In Chapter 2, we investigate the 

effect of incorporating CuO into Fe2O3 based oxygen carrier to enhance the solid fuel 

conversion rate. The resulting bimetallic CLG process, enhanced by the CuO based oxygen 

uncoupling agent, has the potential to be effective for solid fuel conversion while maintaining 

the ability for hydrogen production at high efficiency. Thermal-Gravimetric Analyzer (TGA) 

experiments, ASPEN Plus® simulation, and mathematical modeling are carried out to validate 

the feasibility of this bimetallic CLG concept. 

 

Attrition of oxygen carrier particles is another challenge for chemical looping technology. 

Potential issues associated with excessive attrition include instability in reactor operation, loss 

of oxygen carriers, and fine particulate emissions. Attrition inevitably occurs in chemical 

looping system especially under high temperature and alternating reducing/oxidizing 

environments in fluidized bed reactors. Despite various ongoing pilot-scale demonstrations 

and oxygen carrier particle research, little research has been conducted on characterizing 

particulate emissions from CLC processes. Chapter 3 represents an attempt to comprehensively 

evaluate attrition and particulate emission behaviors from CLC operations.  
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Besides chemical looping, novel applications based on the redox concept are explored for 

methane conversion. Hydrogen has been identified as an attractive, zero-emission fuel due to 

its high (weight-based) energy density, as well as an important feedstock for the petroleum and 

chemical industries. However, the steam-methane reforming process, accounting for over 90% 

H2 produced, leads to notable greenhouse gas emissions from a life cycle standpoint.  Chapter 

4 investigates the feasibility of a hybrid solar-redox process for cogeneration of liquid fuels 

and hydrogen using methane and solar energy. The proposed process has the potential to 

produce transportation fuels and hydrogen at high efficiency with reduced carbon footprint. In 

Chapter 5, the novel hybrid solar-redox processes is compared to two other conventional and 

novel hydrogen production schemes, i.e. steam methane reforming (SMR), solar SMR. Based 

on a consistent set of process conditions and assumptions, H2 (and liquid fuel) productivity, 

energy conversion efficiency, and associated CO2 emissions are evaluated. Chapter 6 presents 

a further study on perovskite-promoted iron oxide as a highly effective redox catalyst in a 

hybrid solar-redox scheme for methane partial oxidation and water-splitting. Both experiments 

and a defect model indicate that the synergistic effect of reduced LSF and metallic iron phases 

is attributable to the exceptional steam conversion. A layered reverse-flow reactor concept is 

then proposed to promote the steam conversion and the process efficiency. Chapter 7 

summarizes the abovementioned studies and discusses potential future research directions for 

redox based energy conversion processes.  
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Abstract 

The chemical looping gasification (CLG) process utilizes an iron-based oxygen carrier to 

convert carbonaceous fuels into hydrogen and electricity while capturing CO2. Although the 

process has the potential to be efficient and environmentally friendly, the activity of the iron-

based oxygen carrier is relatively low, especially for solid fuel conversion. In the present study, 

we propose to incorporate a secondary oxygen carrying metal oxide, i.e. CuO, to the iron-based 

oxygen carrier. Using the “oxygen-uncoupling” characteristics of CuO, gaseous oxygen is 

released at a high temperature to promote the conversion of both Fe2O3 and coal. Experiments 

carried out using a Thermal-Gravimetric Analyzer (TGA) indicate that a bimetallic oxygen 

carrier consisting of a small amount (5% by weight) of CuO is more effective for coal char 

conversion when compared to oxygen carrier without copper addition. ASPEN Plus® 

simulations and mathematical modeling of the process indicate that the incorporation of a small 

amount of copper leads to increased hydrogen yield and process efficiency.    

 

Nomenclature 

%Conversion  Conversion of the oxygen carrier/char mixture in the TGA test 

1H
  

Energy carried by exhaust gas from the reducer
 

2H
  

Energy carried by exhaust gas from the oxidizer
 

3H
  

Energy carried by exhaust gas from the combustor
 

4H
  

Energy carried by exhaust gas from the turbines 

Re _actor LossH
   

Rate of heat loss from reactor 

LossH   Rate of process energy loss 

,Vap waterH  Latent heat of steam 

_R jH   Heat of reaction for reaction j 

TurbineH  Overall enthalpy of steam entering the steam turbine  
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K  Reaction equilibrium constant 

mc  Initial mass of the carbon 

mint  Initial mass of sample in the TGA test, including the oxygen carrier and the char 

mt  Mass of the sample at time t 

MeOx  Metal oxide 

MW  Molecular weight 

, , /i reactor in outn  Molar flow rate of stream i flowing into or out of a reactor, e.g. 
2 , ,H O Oxidizer inn

 

refers to rate of H2O feed into the oxidizer  

/O C  Molar ratio between active oxygen in oxygen carrier and carbon in coal 

entering the reducer, 2 3 , , , ,

, ,

3
/ =

Fe O reducer in CuO reducer in

C reducer in

n n
O C

n



 

P  Pressure 

ReducerQ   Rate of heat added in to the reducer 

iT   Temperature of a process unit (block) or stream denoted by i 

T0  Environmental temperature (25 °C) 

T1  Temperature of the reducer exhaust stream 

T2  Temperature of the oxidizer exhaust stream 

T3  Temperature of the combustor exhaust stream 

T4  Temperature of the turbines exhaust stream 

xCuO

 

CuO conversion in the reducer, 

2 2

2

, , , , , ,

, , , ,

2
x

2

CuO reducer in Cu S reducer out Cu O reducer out

CuO

CuO reducer in Cu S reducer out

n n n

n n

 



 

2 3
xFe O  Fe2O3 conversion in the reducer,

2 3 0.877 0.947

2 3

2 3 0.877

, , , , , ,

, , , ,

3 1.5( ) / 0.877
x

3 1.5( ) / 0.877

Fe O reducer in Fe S reducer out Fe O reducer out

Fe O

Fe O reducer in Fe S reducer out

n n n

n n

 



 

steamx    Steam conversion in the oxidizer 
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𝑦𝐶𝑂2  CO2 yield of a process, 

 

2

2

, ,

CO

, ,

y
CO reducer out

C reducer in

n

n
  

2 ,H HHV  Hydrogen generation efficiency 2 2

2

,

,

,

H HHV H

H HHV

coal HHV coal

m E

m E
 

 


tot,HHV

 Process efficiency 
2 2,

,

,

H HHV H Electricity

tot HHV

coal HHV coal

m E W

m E



  


tot,LHV  

Process efficiency 
2 2,

,

,

H LHV H Electricity

tot LHV

coal LHV coal

m E W

m E



  

 

 

2.1 Introduction 

Carbon dioxide emitted from fossil energy conversion accounts for roughly 20% of the 

greenhouse effect [1]. In order to mitigate the anthropogenic CO2 emissions, effective carbon 

capture, utilization, and storage (CCUS) approaches need to be developed and adopted for 

fossil fuel conversions. Chemical looping processes, which include chemical looping 

combustion (CLC) and chemical looping gasification (CLG), utilize a novel, indirect strategy 

for fossil fuel conversion and CO2 capture [2–5]. The CLC process uses an oxygen carrier 

particle to oxidize the carbonaceous fuel into concentrated CO2. The reduced oxygen carrier 

resulting from the fuel oxidation step is subsequently combusted with air to generate 

heat/electricity [2,6]. CLG, on the other hand, uses an Fe2O3 based oxygen carrier particle to 

convert fuels into separate streams of sequestrable CO2, heat/electricity, and hydrogen [7,8]. 

Both CLC and CLG use solid oxygen carriers to convert carbonaceous fuels through redox 

reactions. A key process unit common to both processes is the fuel reactor, also known as the 

reducer, where carbonaceous fuels react with oxygen carriers to form CO2 [9,10].  

 

Early research on chemical looping focused on the conversion of gaseous fuels such as 

methane/natural gas [11–14] and coal derived syngas [15–17]. These studies have resulted in 

various oxygen carriers with satisfactory reactivity, recyclability, and attrition resistance for 
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gaseous fuel conversions [18–20]. Continuous testing of these oxygen carriers have been 

successfully carried out in circulating fluidized bed (CFB) reactors at scales ranging from 300 

Wth to 1 MWth [9,21–23,45].  Besides the aforementioned experimental studies, the 

attractiveness of chemical looping as a novel power/hydrogen production process has been 

confirmed by both availability and process analyses [24,25]. Compared to gaseous fuels, solid 

fuels such as coal are cheaper on a same energy content basis. Therefore, direct conversion of 

solid fuels in chemical looping processes can be advantageous from a process economics 

standpoint. A key challenge for solid fuel conversion, however, resides in the slow solid-solid 

reaction kinetics between the fuel and the oxygen carriers. Over the past decade, extensive 

research has been performed on chemical looping conversion of solid fuels. These studies 

encompass oxygen carrier development [26–28], reactor system testing [26,29], and process 

evaluations [30,31]. Various types of coal and biomass were also used as the feedstock [32,33]. 

To date, one of the focal research areas for solid fuel CLC is still in the design of effective 

oxygen carriers and an operating scheme to achieve satisfactory solid fuel conversions. 

   

A common method to enhance solid fuel conversion is through in-situ gasification [3,5]. Under 

this approach, a gasification enhancer such as steam and/or CO2 is introduced to the fuel reactor 

to gasify the fixed carbon via steam-carbon reaction and/or reverse Boudouard reaction, 

producing H2 and/or CO. The H2/CO generated will then react with the oxygen carrier at a 

faster rate than the solid fuel–oxygen carrier reactions. Reactions between the oxygen carrier 

and H2/CO produce additional steam/CO2 for in-situ solid fuel gasification. As a result, a chain 

reaction can be initiated. Although the in-situ gasification approach can enhance the solid fuel 

conversion rate, steam-carbon and reverse Boudouard reactions are relatively slow at typical 

reducer operating temperatures. Hence a long fuel and metal oxide residence time is required 

in order to achieve satisfactory solid fuel conversions [9]. The residence time requirements 

may lead to large reducer volume and solids inventory.  

The Chemical-Looping with Oxygen Uncoupling (CLOU) is another strategy to enhance solid 

fuel conversion. First proposed by Lewis and Gilliland [34] in the 1950s, the CLOU strategy 

uses gaseous oxygen released from metal oxide decomposition to convert solid fuels. CuO is 
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the most frequently used oxygen carrier for the CLOU processes. Other suitable metal oxides 

include oxides of manganese and cobalt, and certain mixed transition metal oxides [4,35,36]. 

The CLOU concept has been tested over the past decade for the combustion of petroleum coke 

[35,36], and coal [37]. Using a laboratory scale fluidized bed reactor, Mattisson et al. [35] 

demonstrated 50-fold rate enhancement for petroleum coke conversion using CuO based 

CLOU when compared to an iron-based oxygen carrier in an in-situ gasification scheme. Leion 

et al. [38] observed improved reaction rates for six different solid fuels using the CLOU 

strategy. Adánez-Rubio et al. [39] tested MgAl2O4 supported CuO in a batch fluidized-bed 

reactor. They reported complete conversion of the solid fuels. Although the CLOU scheme 

using CuO based oxygen carrier has distinct advantages for solid fuel conversion from a 

reaction kinetics standpoint, it has certain limitations including relatively low sintering 

resistance (when reduced to metallic copper) and high raw material cost when compared to 

Fe2O3. In addition, the CuO based oxygen carrier, in reduced forms, does not react with 

steam/water at any appreciable extent. Therefore, it is not suitable for the production of H2, a 

value-added commodity chemical and clean fuel. To compare, iron based oxygen carrier can 

be utilized in the CLG schemes for hydrogen and power co-production. The rate for Fe2O3 

solid fuel reactions, however, tends to be slow.  Therefore, novel strategies that can take the 

advantage of the fast reaction kinetics of the CLOU strategy and the product-flexible nature of 

the CLG scheme are desired. 

 

The use of iron-based oxygen carrier for chemical looping gasification of coal has been 

proposed and demonstrated by Fan et al. in the so called coal direct chemical looping (CDCL) 

gasification process [8,9,31]. Using an in-situ gasification strategy, 95% coal/coal char 

conversion was achieved in a 2.5 kWth scale bench unit [3]. ASPEN Plus® CDCL process 

simulation performed by Zeng et al. [40] indicated that a high efficiency can potentially be 

achieved in the CDCL process. In the present work, we propose to incorporate CuO into the 

Fe2O3 based oxygen carrier to enhance the solid fuel conversion rate. The resulting bimetallic 

CLG process, enhanced by the CuO based oxygen uncoupling agent, has the potential to be 

effective for solid fuel conversion while maintaining the ability for hydrogen production at 
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high efficiency. To validate the feasibility of this bimetallic CLG concept, preliminary 

experiments are performed in a Thermal-Gravimetric Analyzer (TGA). ASPEN Plus® 

simulation and mathematical modeling are also carried out to evaluate the reactor and process 

performances.  

 

2.2 Proposed approach and rationale 

Addition of CuO to iron-based oxygen carrier is potentially beneficial for chemical looping 

gasification of coal since oxides of iron and copper have complementing chemical and physical 

properties. Table 2.1 summarizes the key chemical and physical properties of CuO and Fe2O3 

for chemical looping applications. Several key property differences between CuO and Fe2O3 

include:  

 Ability to generate gaseous oxygen: CuO decomposes at high temperatures to generate 

gaseous oxygen, an effective gasifying agent for coal char gasification. In contrast, Fe2O3 

is relatively stable. The equilibrium constants for the decomposition reactions of Fe2O3 and 

CuO are given in reactions 1 and 2.  

2 3 3 4 26 4Fe O Fe O O 
   

K = 1 × 10-6     (900 °C)  (1) 

2 24 2   CuO Cu O O 
  

K = 1.2 × 10-1   (900 °C)  (2) 

 Heat of reaction: oxidation of coal using CuO releases heat (
2 24 2CuO C Cu O CO   , 

∆H = -132.8 kJ mol-1 at 900 °C). To compare, coal conversion using Fe2O3 is highly 

endothermic (
2 3 22 4Fe O C FeO CO   , ΔH = 158.63 kJ mol-1 at 900 °C).  

 Ability for water splitting/hydrogen generation: Fe2O3 can be reduced to FeO and Fe, both 

materials can readily react with steam to produce hydrogen. In contrast, neither Cu nor 

Cu2O is active for hydrogen generation from water. 
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Table 2.1. Key properties of copper and iron oxides 

 FeOx CuOx 

Group VIIIB IB 

Oxidation States 4 3 

Heat of Reaction with Coal Positive Negative 

O2 Uncoupling – Gasifying Agent 

Generation 
N Y 

Reaction Rate with Coal/ Biomass  

without Gasifying Agent 
Slow Fast 

Capable of Producing H2 Y N 

Sintering Temperature High Low 

Maximum Loading High Low 

Cost Low Medium 

 

 

According to the above mentioned characteristics of copper and iron, addition of small amount 

of CuO to iron based oxygen carrier can be attractive since an active oxygen carrier with 

relatively low cost for solid fuel conversion can potentially be obtained. With Fe2O3 being the 

primary oxide, the resulting bimetallic oxygen carrier particle can be used for the chemical 

looping gasification process. A schematic illustrating the enhancement effect of CuO is given 

in Fig. 2.1. The gaseous oxygen released by CuO decomposition can potentially enhance the 

coal conversion rate by a significant extent since a “chain reaction” can be initiated by a series 

of reactions including coal char gasification, syngas oxidation, and reverse Boudouard 

reaction. Such an enhancement effect can be achieved by intimately mixing or co-injecting 

bimetallic oxygen carrier and coal in the reducer. Addition of CuO also reduces the 

endothermicity of the oxygen carrier-coal reactions, thereby simplifying the energy integration 

scheme of the overall process. It is noted that oxides of iron or aluminum [41] and copper can 

form mixed metal oxides such as CuFe2O4 at typical chemical looping reaction conditions. 

This is undesirable for the proposed CLG system since the solid-state reactions between iron 

and copper oxides reduces the amount of CuO. As a result, O2 generation from CuO uncoupling 

will be inhibited. Two approaches are proposed to limit the interactions between iron and 

copper oxides: (1) formation of composite copper-iron oxides spatially divided by a porous 
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support; (2) physically mixing copper and iron based oxygen carriers in the chemical looping 

reactors. Our experimental studies indicate that the solid-state reaction can be inhibited by the 

aforementioned strategies. Therefore, we will not consider the formation of mixed copper-iron 

oxides in our simulations.  

 

 

 

Fig. 2.1. (a) Overall material balances of the CLG process. (b) The flow chart of the 

mathematic model for the chemical looping process. 

 

The proposed process configuration, similar to the chemical looping gasification scheme 

reported previously [9,40], is illustrated in Fig. 2.2. The key difference is that a small amount 

of CuO is added to the Fe2O3 based oxygen carrier. The representative reactions in the three-

step reactors are summarized in Table 2.2. Further details regarding the chemical looping 

gasification process can be found elsewhere [9,42].  
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Table 2.2. Key reactions in the reducer, oxidizer, and combustor 

Reducer Oxidizer Combustor 

2 2

2 2

2 2

2

2 3 3 4 2

3 4 0.947 2

0.947 2

4 2

/

/

3

CuO Cu O O

Cu O C Cu CO CO

C O CO

C CO CO

Fe O C Fe O CO CO

Fe O CO Fe O CO

Fe O CO Fe CO

 

  

 

 

  

  

  

 
2 2Fe H O FeO H    

2 3 4 23FeO H O Fe O H    

3 4 2 2 3

0.947 2 2 3

2

2 2

4 6

4 2

2 2

2 4

Fe O O Fe O

Fe O O Fe O

Cu O CuO

Cu O O CuO

 

 

 

 

 

Endothermic Exothermic Exothermic 

 

 

 

 

 

Fig. 2.2. Schematic of the bimetallic chemical looping gasification process. 
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2.3 Methodology 

2.3.1 Materials and procedures 

Two oxygen carriers, both containing 60 w.t.% Fe2O3, are synthesized via a solid state method. 

Fe2O3 supported on Al2O3 is used as a reference material. The reference material is prepared 

in which calculated amounts Fe2O3 (99.9%, Noah Chemical) and Al2O3 (99.9% anatase, Noah 

Chemical) precursors at a weight ratio of 60: 40 are used. The mixture is prepared in a planetary 

ball mill (XBM4X, Columbia International) for 3 hours at a rotation speed of 250 rpm. This is 

followed with pelletization in a tablet press (MTI). The pellets are then annealed in a tube 

furnace (OTF-1200X-S-VT, MTI) at 900 °C for 8 hours. A second oxygen carrier, which 

contains CuO promoter, is prepared using a similar approach. The oxygen carrier is prepared 

from Fe2O3 (99.9%, Noah chemical) and CuO supported on Al2O3 (13 w.t.% CuO, Sigma 

Aldrich) at a weight ratio of 60:40. Since CuO is impregnated into the porous structure of 

Al2O3, solid state reactions between iron and copper oxides are minimized. Coal char is 

prepared from bituminous coal (Asbury Carbons C3) through pyrolysis under an inert 

environment. All the reactivity studies are conducted in a SETARAM SETSYS Evolution 

TGA at 950 °C for 5 hours. Details regarding the TGA experiments are provided in the 

supplementary data section.  Although the reaction environment in TGA is notably different 

from that in a moving bed or fluid bed reactor, the TGA experiments are designed to obtain 

preliminary confirmation for char conversion activity of the bimetallic oxygen carrier. It also 

serves to confirm whether the formation of mixed Fe-Cu oxide, which is undesirable for CLG, 

can be inhibited. The crystal structures of the post-experiment sample is tested using a Rigaku 

SmartLab X-ray diffractometer with Cu-Kα (λ=0.1542) radiation operating at 40 kV and 44 

mA.  

 

2.3.2 Simulation assumptions 

ASPEN Plus® simulator [43] is used in the present study to determine the reactor and process 

performance and the process optimization strategy. Key simulation assumptions include: 

hydrogen is the desired product; electricity is co-generated mainly to meet parasitic power 

consumptions; Illinois #6 coal is used as the feedstock; coal processing capacity of the process 
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is 132.65 tonnes/hour (1000MWth, HHV). Table 2.3 specifies the key materials involved in 

the simulations. ASPEN Plus modules, property methods, and physical property databanks are 

summarized in Table 2.4. PR-BM is selected as the property method in all the simulation 

modules except for steam cycles, where STEAM-TA method is used. Table 2.5 lists the key 

operating assumptions and parameters used in the process simulations. Since the moving bed 

chemical looping gasification reactors are operated at high temperatures with relatively long 

residence time, it is assumed that thermodynamic equilibriums in the chemical looping reactors 

can be achieved in several simulation cases. A more conservative assumption of 95% coal 

conversion and 40% Fe2O3 conversion, which is achieved from moving bed reactor testing [9], 

is also used to evaluate kinetically limited cases. By comparing results obtained from the ideal, 

equilibrium assumptions with those from the conservative assumptions, the effects of the coal 

and metal oxide conversions on the overall process performance and efficiency can be 

revealed. 

 

 

Table 2.3. Specifications of the materials 

Feedstock to the CDCL system 

Coal (Illinois #6 ) 

11.12% Moisture, 9.70% Ash, 63.75% C, 4.50% H, 1.25% N, 

0.29% Cl, 2.51% S, 6.88% O, 0.0001% Hg by weight. 

HHV 27.113 MJ kg-1, LHV 26.151 MJ kg-1 

Air 79% N2, 21% O2 by volume 

Oxygen Carrier Fe2O3, CuO, SiC (inert) 

Water H2O 

Process Output 

CO2 >90%  CO2 capture efficiency; Purity: > 99%      15.3 MPa 

H2 product Purity: >99.99%       Pressure: 6 MPa  

Flue gas N2, CO2, NOx (<300ppm), SOx (<500ppm)  1 atm 

Ash Acting as inert 

Sulfur 
H2S captured by acid gas removal process; SO2 captured FGD 

process 

Chlorine Captured by wet/alkali scrubbing 

Mercury Captured by activated carbon 
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Table 2.4. ASPEN Plus® model setup 

Stream class MIXCINC 

Databank COMBUST, INORGANIC, SOLIDS, PURE 

Solid components 
Fe, Fe0.947O, Fe3O4, Fe2O3, Fe0.877S,  

Cu, Cu2O CuO, CuS, Cu2S,SiC 

Nonconventional 

components 
Coal, Ash 

Property method 
PR-BM, except STEAM-TA for steam 

cycles 

Solution strategy Sequential Modular 

Unit operations Models 

Reducer Multi-stage RGibbs (moving bed) 

Oxidizer Multi-stage RGibbs (moving bed); RYield 

Combustor RGibbs 

Pressure changers Pump, Compr, Mcompr 

Heat exchangers Heater, MheatX 

Mixers/Splitters/Separators Mixer/Fsplit/Sep/Flash2 
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Table 2.5. Key assumptions and simulation parameters 

Ambient condition T = 25 °C, P = 1 atm 

Reaction assumptions 
Unless specified, all reactions reach their 

equilibriums 

Heat loss in the chemical looping reactors 1% of the total thermal input 

Nominal pressure 30 atm 

Pressure drop in the reducer and oxidizer  1 atm 

Mechanical efficiency of pressure changers 1 

Isentropic efficiency of steam turbines 0.85 

Isentropic efficiency of air blowers and compressors 0.8 

Heat Recovery Steam Generator Pinch point: 15 ℃ 

Compressor specifications 
4 stage with intercooler at 40°C, Isentropic 

efficiency is 0.8 

Air Feed 10% excess at minimum (by mole) 

Steam turbine conditions 

3-level Steam Cycle 

12.4 MPa (HP inlet)/3.1MPa(IP 

inlet)/0.45MPa(LP inlet)/0.01MPa(LP outlet) 

Exhaust streams temperatures upon discharging to the 

environment 

Reducer exhaust: 167 ℃ 

Oxidizer exhaust: 127 ℃ 

Combustor exhaust: 127 ℃ 

Pressure Swing Adsorption (PSA) 
15 atm pressure drop in product gas steam; 

95% H2 recovery ratio unless specified 

 

 

 

2.3.3 Reactor and process modeling 

Prior to the comprehensive process analysis, key chemical looping reactors, i.e. the reducer 

and oxidizer, are simulated using a multi-stage RGibbs model reported earlier [31,40]. 

Combustor, which is a turbulent bed coupled with a riser operated at very high temperature (> 

1000 °C) is simulated with a single RGibbs block. Since the key function of the reducer is to 

completely oxidize coal into H2O and CO2, simulations are carried out to determine the reducer 

operating parameters for complete coal oxidation. Steam conversion in the oxidizer, which is 
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a key parameter to characterize the oxidizer effectiveness, is also simulated. The effects of 

CuO addition on the coal and metal oxides conversions are also investigated.  

 

After reactor modeling, process simulations are conducted. The ASPEN simulation model 

developed is shown in Fig. 2.S1. In the process simulation, pulverized coal as well as oxygen 

carrier particles are initially fed into the reducer. From the reducer, the reduced oxygen carrier 

particles are transported to the oxidizer. In the meantime, preheated steam is sent in the oxidizer 

for hydrogen generation via the steam-iron reaction. In the combustor, the reduced oxygen 

carrier is fully oxidized by excess air prior to recycling back to the reducer for another chemical 

loop. The high temperature gaseous product streams from the reactors are directed to a Heat 

Recovery Steam Generator (HRSG), where the sensible and latent heats of the product streams 

are captured. The HRSG has two important functions: (1) it preheats the gaseous reactants for 

the reactor; (2) it generates steam for steam turbines. The heat-exchanged products coming out 

of the HRSG, e.g. CO2 from the reducer and H2 from oxidizer, are cleaned and compressed for 

subsequent storage and transportation.  

 

Four simulation cases with different operating conditions, as illustrated in Table 2.6, are 

investigated. Fe2O3 is used as the only oxygen carrier in Cases I and II. Case I assumes coal 

conversion of 99%. It further assumes that Fe2O3 equilibrates with the fuel and flue gases in 

the moving bed reducer, which corresponds to 56% Fe2O3 conversion. Case II considers a 

kinetically limited scenario of 95% coal conversion and 40% Fe2O3 conversion [3]. To validate 

the feasibility of the bimetallic CLG concept, CuO is incorporated with a 9:1 molar ratio 

(Fe2O3:CuO)  in Case III and Case IV. Case III is consistent with Case I in assuming 99% coal 

conversion and equilibrium metal oxide conversion (64% for the bimetallic oxygen carrier). 

Similar to Case II, Case IV assumes 95% conversion of coal and 40% conversion of metal 

oxides. Sensitivity analyses are performed by varying key parameters including oxidizer 

temperature and inert support amount to determine the optimum operating condition.  
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Table 2.6. Operating conditions for the process simulation cases 

 Case I Case II Case III Case IV 

Feedstock Illinois #6 Coal, 1000 MWth, 132.65 tonnes/hr 

Metal Oxide Fe2O3 Fe2O3 Fe2O3:CuO (9:1) Fe2O3:CuO (9:1) 

Reducer 900 ℃ 

Oxidizer 750 ℃ 

Combustor 1170 ℃ 

Coal conversion 

in Reducer 
99% 95% 99% 95% 

Metal oxide conversion 

in Reducer 
56% 40% 64% 40% 

 

 

2.3.4 Mathematical model for process energy loss calculation 

Besides ASPEN Plus® simulations, a mathematical model is established to quantify the 

efficiency (loss) of the CLG process. The model can be used for process efficiency analysis 

and optimization. In the CLG process, as shown in the Fig. 2.3, the feedstock of the CLG 

process including coal, water to the oxidizer and air to the combustor. The products include 

CO2, H2, N2, O2, H2O, etc.  The following equations are used to quantify the process energy 

loss and process efficiency: equation 3a dictates the overall energy balance, where 

,coal HHV coalm E  represents the total thermal input and LossH  indicates the total energy loss. The 

process efficiency is given in equation 3b.  

 

Overall energy balance and thermal efficiency: 

2 2, ,coal HHV coal H HHV H Electricity Lossm E m E W H        (3a) 

2 2, ,

, ,

H HHV H Electricity coal HHV coal Loss

tot

coal HHV coal coal HHV coal

m E W m E H

m E m E


 
 

   

 (3b) 

 

Total process energy loss: 
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1 2 3 4 Re _Loss i actor Loss

i

H H H H H H H              (4) 

 

 

 

 

Fig. 2.3 (a) Overall material balances of the CLG process. (b) The flow chart of the 

mathematic model for the chemical looping process. 
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Equation 4 summarizes the various items included in the process heat loss ( LossH ) including 

reactor heat loss and energy loss from residue heat carried by the exhaust gas streams after heat 

recovery operations. The heat loss from the exhaust streams is thus closely correlated with 

their flow rates (equations T12 to T15). Under given operating conditions, the material 

balances (equations T4 to T11) in the chemical looping system and energy balance for 

individual reactors (equations T1 to T3) directly determine the flow rate of each species. 

Therefore, it is feasible to calculate the product flow rates and overall energy loss by 

simultaneously solving the mass and energy balance equations. For consistency, assumptions 

identical to those in ASPEN simulations are used.  

 

Fig. 2.3 illustrates the general modeling strategy. To summarize, 
combustorT  is calculated first 

based on the reducer heat requirement using Eq. 3. The flow rates of 
2 3Fe On , 

2 3Fe On , 
CuOn , 

Airn

, 
2Nn , 

2On are then determined by the material and energy balances of the three looping reactors 

(equations T1 to T11). In a third step, the rates of the energy loss are obtained from equations 

T12 to T15. Finally, the overall process efficiency can be estimated based on the process 

energy input and energy loss (equtaions1-2). These equations are solved by multi-head linear 

algorithm using FORTRAN 95 language.  

 

With the calculated flow rates in Table 2.7, the equations in Table 2.8 show the process heat 

loss by specific exhaust streams from chemical looping reactors and turbines. The overall heat 

loss of the process can be obtained by adding up the aforementioned heat losses. 
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Table 2.7. Energy and material balances in the chemical looping gasification process 

Reducer heat balance:

 
Re , ( )ducer i p i combustor reducer

i

Q n C T T         (T1) 

Oxidizer heat balance: 

oxidizeroxidizer , oxidizer , , ,oxidizer, , oxidizer[ ( )] [ ] ( )i p i reducer j R j T steam in p steam steam

i j

Q n C T T n H n C T T         

                                                                                                                                    (T2) 

Combustor heat balance

 
, , , , , ,( ) ( ) [ ( )]

combustori R i T Air combustor in p Air oxidizer Air j p j combustor oxidizer

i j

n H n C T T n C T T        

                                                                                                                        (T3) 

Material balances:
 

2 3 3 4 0.947, , , , , ,2 3 0.947Fe O reducer in Fe O combustor in Fe O combustor inn n n      (T4) 

2 3

, ,
9

Fe O

CuO reducer in

n
n                      (T5) 

3 4 0.947, , , , , , , ,

1
(0.25 0.21 0.5 ) 1.1

0.21
Air combustor in Fe O combustor in Fe O combustor in CuO combustor inn n n n      

                                                                                                                     (T6) 

2 , , , ,0.79N combustor out Air combustor inn n        (T7) 

2 , , , ,

0.21

11
O combustor out Air combustor inn n        (T8) 

2 3 4, , , , , ,

1 0.788

0.947 0.947
H oxidizer out Fe oxidizer in Fe O oxidizer outn n n      (T9) 

2,oxidizer, ,oxidizer,out

1
steam in H

steam

n n
x

        (T10) 

4

oxidizer oxidizer( ) 0.98 4 10steamx f T T          (T11) 

Variables calculated: 

3 4 , ,Fe O combustor inn , 
0.947 , ,Fe O combustor inn , ,oxidizer,steam inn , , ,Air combustor inn , 

2 , ,N combustor outn , 
2 , ,O combustor outn , 

2 , ,H oxidizer outn  
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Table 2.8. Energy and material balances in the chemical looping gasification process 

Energy carried by exhaust gas from reducer: 

21 , , , 1 0 , , ,( )i reducer out p i H O reducer exhaust Vap water

i

H n C T T n H          (T12) 

where i can be CO2, H2O, N2 or H2S from the reducer.  

Energy carried by exhaust gas from oxidizer: 

22 ,oxidizer, , 2 0 , , ,( )j out p j H O Oxidizer exhaust Vap water

j

H n C T T n H          (T13a)
 

where j can be H2/H2O from the oxidizer. 

2 2, , ,oxidizer,out0.95H Oxidizer exhaust Hn n        (T13b)

 
2 , , ,oxidizer,(1 )H O Oxidizer exhaust steam inn x n        (T13c) 

Energy carried by exhaust gas from Combustor: 

3 ,combustor, , 3 0( )k out p k

k

H n C T T            (T14a) 

where k can be N2, O2 or H2O from the combustor. 

2 ,combustor, , ,0.021O exhaust Air combustor inn n       
(T14b) 

2 ,combustor, , ,0.79N exhaust Air combustor inn n        
(T14c) 

2 2,combustor, ,combustor,0.05H O exhaust H inn n        (T14d) 

Energy carrying by exhaust stream in the turbines: 

2 2 24 , , 4 0 , , ,( )H O turbine out p H O turbine out vap H OH n C T T n H     
    

(T15a) 

2 2 2

, , , 1 , , , 2

, , , exp 3

, e , , , ,

[ ( )] [ ( )]

[ ( )]

(

Turbine i reducer exhaust p i reducer j oxidizer exhaust p j oxidizer

i j

k combustor exhaust p j ander oxidizer

k

H O r ducer out H O oxidizer out H O combu

H n C T T n C T T

n C T T Q

n n n

     

  

  

 



2 2 2

2 2 2 2

, ,

,,oxidizer, , , 0 , , , 0

,oxidizer, , 0 ,oxidizer, ,

)

( ) ( )

( )

stor out Vap water

H out p H H Tail Air combustor in p Air Air

H O out p H O H O H O out Vap water

H

n C T T n C T T

n C T T n H



   

   

 (T15b) 

2, 1.44158turbine H O Turbinen H          (T15c)     

where H is in ×108 Watt and 
2,turbine H On  is in mol s-1.  

Variables calculated: 

1H , 2H , 3H , 4H  
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2.4. Results and discussion 

2.4.1 Experimental results 

The experiments are carried out to provide preliminary confirmations on: (1) kinetic 

improvement for char conversion by oxygen uncoupling of bimetallic oxygen carrier; (2) the 

avoidance of mixed metal oxide (spinel) formation between Fe and Cu, which limits the 

oxygen uncoupling property of CuO. Details regarding the experiments are provided in the 

supplementary document. To summarize, TGA experiments indicate that the initial reduction 

temperature of the CuO containing sample is about 200°C lower than the reference oxygen 

carrier. In addition, copper enhanced sample converts coal at a significantly faster rate in the 

TGA. Although TGA does not provide a high fidelity environment comparable to moving bed 

or fluid bed reactors, the preliminary experimental results indicate that char conversion rate 

can potentially be enhanced by the bimetallic oxygen carrier. In addition, XRD analysis carried 

out on the post experiment bimetallic oxygen carrier sample did not indicate the formation of 

mixed Fe-Cu oxides, as shown in Fig. 2.4. The avoidance of mixed metal oxide formation will 

allow CuO to maintain its oxygen uncoupling properties.  

 

 

 

 

Fig. 2.4. XRD spectra of Al2O3 supported Fe2O3-CuO after reduction. 
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2.4.2 ASPEN Plus® simulation 

The TGA experiments indicate that incorporating CuO into the Fe2O3 based oxygen carrier can 

enhance the reaction kinetics for coal conversion. In the following sections, ASPEN simulation 

is used to estimate the reactor and process performances of the bimetallic chemical looping 

concept. The effects of operating conditions such as CuO addition, oxidizer temperature and 

inert support amount are evaluated. 

 

2.4.2.1 Reducer performance 

2.4.2.1.1 Minimum O/C ratio 

Reactor modeling is first conducted to evaluate reducer performance at 30 atm and 900 °C. 

The oxygen carrier particles, which have a Fe2O3:CuO molar ratio of 9:1, are introduced from 

the top of the reducer. Dry coal is injected in the middle stage of the reducer. One important 

parameter characterizing the effectiveness of an oxygen carrier is the minimum O/C ratio, 

which corresponds to the minimum amount of oxygen carrier required for complete coal 

conversion. Fig. 2.5 shows carbon distribution in the reducer product stream as well as metal 

oxide conversion at various O/C ratios. CH4 formation is found to be negligibly low. As can 

be seen, more carbon in coal is converted to CO2 with increasing O/C ratio. The simulation 

also indicates that a minimum (critical) O/C ratio of 3.37 is required for complete coal 

conversion.  

 

The effect of copper content on CO2 yield and Fe2O3 conversion in the reducer is summarized 

in Fig. 2.6. The CO2 yield is enhanced with CuO addition. This is confirmed by the lowered 

critical O/C ratios after CuO addition. For instance, the critical O/C ratio of the 9: 1 (Fe2O3: 

CuO) bimetallic particles, which is equal to 3.37, is significantly lower that of pure Fe2O3, 

which is 4.42. Therefore, complete oxidation of coal can be achieved at the lower oxygen 

carrier circulation rate when bimetallic oxygen carrier is used. In addition, Fe2O3 conversion 

in reducer is increased with CuO addition.    
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Fig. 2.5. Carbon distribution and metal oxides conversion under various O/C ratios. T = 900 

°C; P = 30 atm. Solid line: Fe2O3:CuO = 9:1 (by mole). 

 

 

 

 

 

Fig. 2.6. Effect of copper content on CO2 yield and metal oxide conversion in the reducer. T 

= 900 °C; P = 30 atm. Table on the right side summarizes the key results from the diagram. 
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2.4.2.1.2 Effect of temperature and pressure 

In order to investigate the effects of temperature and pressure on the reducer performance, 

sensitivity analyses are performed. Fig. 2.7 summarizes the key results. As can be seen from 

Fig. 2.7(a), high temperature enhances the endothermic coal conversion reaction. Since ultra-

high operating temperatures can lead to potential challenges of high reactor costs, particle 

melting, and the ash softening, 900 °C is used as the standard operating temperature in the 

following sections. From Fig. 2.7(b), pressure higher than 35 atm will lead to incomplete coal 

conversion from a thermodynamic standpoint. Since the products of the process, i.e. CO2 and 

hydrogen, need to be compressed for storage, a high operating pressure can reduce the energy 

consumption for gas compression. Therefore, 30 atm, which allows complete coal conversion, 

is selected as the standard operating pressure. 

 

 

 

Fig. 2.7. (a) Effect of operating temperature on CO2 yield in the reducer, P=30 atm. (b) Effect 

of operating pressure on CO2 yield in the reducer, T = 900 °C. Legend shows the mole ratio 

between Fe2O3 and CuO. O/C = 3.37 for bimetallic oxygen carrier; O/C = 4.2 for Fe-based 

oxygen carrier. 

 

 

2.4.2.1.3 In-situ char gasification via split injection 

In the moving bed reducer, pulverized coal is injected into the middle stage in order to allow 

for coal devolatilization and coal char/volatile conversions. Although the gaseous O2 released 
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from the CuO decomposition can enhance char gasification, introducing CuO/Fe2O3 on the top 

of the moving bed, as used in typical CLG schemes, may not provide sufficient contact between 

CuO and char. As a result, most of the gaseous O2 from CuO is likely to be converted by 

gasified char (CO) and coal volatiles. By injecting a fraction of metal oxides to the middle 

stage of the reducer along with coal, intimate interaction between metal oxides and coal char 

can be expected, thereby improving the kinetics for char conversion more effectively. The 

effect of injecting metal oxides at the middle stage of the reducer is studied and the results are 

given in Fig. 2.8. At the critical O/C ratio of 3.37, the CO2 yield starts to decrease with Fe2O3 

splitting. For instance, CO2 yield is predicted to decrease by 38% when 50% of the metal oxides 

are injected along with coal in the middle stage of the reducer. When the O/C ratio is increased 

to 5.15, CO2 yield will remain at 100% up to a split ratio of 0.4.  From Fig. 2.8, splitting of a 

portion of bimetallic oxygen carrier to the middle of the reducer can result in both high CO2 

yield and faster kinetics. In the meantime, a slightly decreased metal oxide conversion can be 

anticipated. 

 

 

 

 

Fig. 2.8. (a) Schematic of the improved in-situ char gasification scheme. (b) Effect of splitting 

bimetallic oxygen carrier for middle-stage injection on CO2 yield. T = 900 C; P = 30 atm. 
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2.4.2.2 Oxidizer simulation 

The primary function of the oxidizer is to produce hydrogen from steam. Fig. 2.9 illustrates 

the steam conversion under different temperatures and metallic iron contents. As can be seen, 

the presence of CuO has no influence on steam conversion. This is understandable since copper 

does not react with steam to any significant extent. 

 

 

 

Fig. 2.9. Effect of temperature and oxygen carrier composition on steam conversion in the 

moving bed oxidizer. The x-scale is the molar flow rate ratio between Fe and the summation 

of Fe and Fe0.947O entering the oxidizer. Solid dots: bimetallic oxygen carrier with 10 mole% 

CuO; empty symbol: Fe-based oxygen carrier. 

 

2.4.3 Process simulation 

4.3.1 Process simulation with different particle and coal conversion 

As discussed in Section 3.3, four process simulation cases are studied. Taking Case III as an 

example, the compositions and flow rates of the key process streams are summarized in Table 

2.9. The simulation results provide useful information in terms of the process material balance 

as well as the fates of the pollutants: in the reducer, coal is oxidized to CO2 and H2O. 

Meanwhile, Fe2O3 is reduced to Fe/Fe0.947O and CuO to metallic Cu. In the oxidizer, the 

reduced Fe/Fe0.947O from the reducer is partially regenerated by steam, producing 
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Fe0.947O/Fe3O4 and H2. Metallic Cu remains unchanged in the oxidizer. Subsequently, the 

partially regenerated oxygen carrier is fully oxidized in the combustor, producing Fe2O3, CuO, 

and heat. In terms of pollutants, over 85% sulfur in coal is predicted to react with CuO in the 

reducer, forming Cu2S. The remaining sulfur leaves the reducer in the form of gaseous H2S at 

a concentration of 0.1%. The Cu2S formed in the reducer is fully regenerated in the combustor. 

This leads to a combustor flue gas stream that containing 0.7% of SO2. These sulfur containing 

flue gases can be easily conditioned using commercially available sulfur removal systems such 

as SELEXOL and flue gas desulfurization (FGD) process. The use of Fe2O3 as the primary 

oxygen carrier in a moving bed configuration results in a relatively reducing environment when 

compared to typical oxygen uncoupling reducers. This affects the fates of sulfur. For instance, 

experimental studies conducted by Forero et al. [44] using methane and H2S indicate that the 

majority of the sulfur was released from reducer as SO2 with low Cu2S formation. The 

equilibrium based model also predicts that all the chlorine in the coal is converted into 

hydrogen chloride and mercury exits the reactor in its elemental form. NOx formation is found 

to be insignificant in all three reactors. In general, these predictions are consistent with 

experimental studies on chemical looping processes [45].   

 

The process simulation results are summarized in Table 2.10. Details regarding power 

generation/consumptions are illustrated in Fig. 2.10. In all cases, the CLG process produces 

hydrogen while coproducing adequate electricity for self-sustained operation. Compared to 

Cases I and II, the presence of copper in Case III and IV slightly improves the overall process 

efficiency even though copper does not contribute to steam generation in the oxidizer. The 

improved process efficiency results from the reduced exothermicity for reducer operation in 

the presence of copper. The simplified energy integration scheme of the bimetallic CLG leads 

to reduced gaseous reactant consumptions. This corresponds to reduced energy loss and higher 

process efficiency. Compared to Case IV, Case III leads to a slightly higher efficiency of 

84.3%. The lowered efficiency of Case IV is due to the lower Fe2O3 and coal conversions in 

the reducer, which lead to higher solids circulation rate and increased air consumption in the 

combustor. 
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Table 2.9. Material flows (tonnes/hr) in bimetallic coal CLG system under Case III 

Gaseous Stream Flow Rates (tonnes/hr) Solid Stream Flow Rates (tonnes/hr) 

 

Reducer  

flue gas 

Steam 

feed 

Oxidizer 

flue gas 

Air 

feed 

Combustor 

flue gas 

From Combustor Reducer Oxidizer 

To Reducer Oxidizer Combustor 

T  (°C) 900 191 750 550 1169 T  (°C) 1169 900 750 

P  (atm) 30 31 30.5 31 30 P  (atm) 30 30 30.5 

    H2O 67.8 291.4 93.4 0 9.9 Fe 0 453.6 0 

    CO 0 0 0 0 0 Fe0.947O 0 535.1 492.3 

    CO2 306.7 0 0 0 0 Fe3O4 0 0 672.4 

    O2 0 0 0 101.6 4.7 Fe2O3 1235.9 0 0 

    N2 1.8 0 0 334.6 334.6 SiC 1368 1368 1368 

    H2 0 0 22.2 0 0 S 0 0 0 

    Cl2 0 0 0 0 0 Fe0.877S 0 0 0 

    HCl 0.4 0 0 0 0 CuO 68.4 0 0 

    SO2 0 0 0 0 5.6 Cu2O 0 0 0 

    SO3 0 0 0 0 0.2 Cu 0 43.1 43.1 

    H2S 0.5 0 0 0 0 Cu2S 0 14.4 14.4 

    NO 0 0 0 0 0.02 ASH 0 0 0 

    NO2 0 0 0 0 1.2 x10-3     

    Hg 1.3x10-4 0 0 0 0     

 

 

 

 

Fig. 2.10. Efficiency comparisons for the various CDCL cases: (a) Electricity and hydrogen 

coproduction; water and air consumptions.  (b) Power generation and consumption balances 

in the four simulation cases. 
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Table 2.10. Process simulation results under different operating conditions 

 

Case I Case II 
Case  

III 

Case  

IV 

Illinois #6 Coal, 1000 MWth, 132.65 

tonne/hr 

Coal conversion 

in Reducer 

99% 95% 99% 95% 

Metal oxide composition Reducer Fe2O3 Fe2O3 Bimetallic Bimetallic 

Solid circulating rate (tonne/hr) 3103 3287 2672 2727 

Metal oxide loading wt% 

(tonne/hr) 

50% 64% 49% 75% 

Steam feed in oxidizer (tonne/hr) 278 252 291 279 

Air feed in combustor (tonne/hr) 507 535 436 472 

Fe2O3 conversion in Reducer 56% 40% 66% 40% 

Steam conversion in Oxidizer 68% 68% 68% 68% 

Carbon capture, % 99% 95% 99% 95% 

H2 Production Rate (tonne/hr) 19.9 19.09 20.9 19.97 

H2 Production Rate (MWth of 

H2/MWth of coal in HHV) 
0.785 0.752 0.823 0.787 

Net Power (MWe) 20.0 44.95 20.2 37.8 

ηtot,HHV % 80.5 79.7 84.3 82.5 

 
ηtot,LHV % 70.9 70.7 74.4 73.0 

* Bimetallic refers to oxygen carrier with 9:1 molar ratio of Fe2O3 and CuO 

 

 

2.4.3.2 Effect of oxidizer temperature on the process performance 

Among the many operational parameters that may affect the overall efficiency of the CLG 

process, the oxidizer operating temperature is of critical importance since it not only affects 

the heat integration among the looping reactors but also affects the steam to hydrogen 

conversion. A decrease in oxidizer operating temperature (Toxidizer) has two competing effects: 
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(i) at lower Toxidizer, a larger fraction of the reduced Fe2O3 need to be combusted in order to 

maintain the desired combustor temperature. This leads to reduced H2 yield and increased heat 

loss from combustor exhaust; (ii) lower Toxidizer leads to higher steam conversion in the 

oxidizer. Therefore, steam consumption and heat loss from oxidizer exhaust will be reduced. 

Based on the above discussions, the net impact of oxidizer operating temperature to the overall process efficiency is a non-obvious 

optimization issue. Using case III as the reference case, Table 2.11 summarizes the ASPEN simulation 

results at different oxidizer operating temperatures varying from 600°C to 900 °C. The 

mathematic model described in Section 3.4 is also used to quantify the process heat loss and 

efficiency (see Fig. 2.11). According to Table 2.11 and Fig. 2.11, the highest process efficiency 

can be expected when the oxidizer is operated at around 800 °C. A higher or lower oxidizer 

temperature will lead to excessive heat loss from either steam usage or combustor exhaust.  

 

 

 

Table 2.11. Effect of oxidizer operating temperature on the process performance 

Oxidizer 

Temperature (°C) 
600 700 750 800 900 

Illinois #6 Coal, 1000 MWth, 132.65 tonne/hr 

99% Coal conversion; Bimetallic 

Reducer Temperature (°C) 900 900 900 900 900 

Combustor Temperature (°C) 1169 1169 1169 1169 1169 

Steam feed in oxidizer (tonne/hr) 236 269 291 314 324 

Air feed in combustor (tonne/hr) 548 475 436 396 317 

Steam conversion in Oxidizer 74% 70% 68% 66% 62% 

H2 Production Rate (tonne/hr) 17.8 19.9 20.9 21.8 20.0 

 
H2 Production Rate 

 (MWth of H2/MWth of coal in HHV) 
0.701 0.783 0.823 0.861 0.790 

Net Power (MWe) 56.7 34.7 20.2 5.78 28.7 

ηtot,HHV % 75.8 81.8 84.3 86.7 81.85 

 
ηtot,LHV % 67.4 72.4 74.4 76.0 72.1 

* Bimetallic refers to oxygen carrier with 9:1 molar ratio of Fe2O3 and CuO 
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Fig. 2.11. Energy loss from the exhaust steams under various oxidizer temperatures. 

 

 

2.4.3.3 Effect of support amount on the process performance 

Another important operational parameter in the process is inert support percentage in the 

oxygen carrier. The inert support works as heat carrier and plays a crucial role in balancing the 

heat among the looping reactors. Again, using case III as the reference case, Table 12 and Fig. 

2.12 summarize the simulation results using ASPEN Plus® and mathematically model. As we 

can see, process efficiency generally increases with decreasing support content. This is due to 

the decreased heat loss from the combustor (reduced air usage). On the flip side, decreasing 

support content leads to higher combustor operating temperature, which can impose serious 

challenges to the design of both looping reactors and oxygen carrier.  
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Table 2.12. Effect of solid inert loading on the process performance 

SiC (tonne/hr) 720 1080 1368 1440 1800 

Illinois #6 Coal, 1000 MWth, 132.65 tonne/hr 

99% Coal conversion; Bimetallic 

Metal oxide loading wt% 64% 53% 49% 44% 40% 

Combustor Temperature (°C) 1274 1207 1169 1143 1127 

Steam feed in oxidizer (tonne/hr) 299 

                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                               

286 

295 291 287 285 

Air feed in combustor (tonne/hr) 414 425 436 448 454 

Steam conversion in Oxidizer 68% 68% 68% 68% 68% 

H2 Production Rate (tonne/hr) 21.5 21.2 20.9 20.6 20.4 

H2 Production Rate (MWth of 

H2/MWth of coal in HHV) 

0.846 0.834 0.823 0.817 0.805 

Net Power (MWe) 10.2 12.8 20.2 19.3 21.5 

ηtot,HHV % 85.6 84.7 84.3 83.6 82.6 

ηtot,LHV % 75.4 74.6 74.4 73.2 72.8 

* Bimetallic refers to oxygen carrier with 9:1 molar ratio of Fe2O3 and CuO 

 

 

0.00E+000

5.00E+007

1.00E+008

1.50E+008

2.00E+008

 Support flow rate (tonns/hour)

E
n
e
rg

y
 L

o
ss

 (
W

)

1800144012421080

 
 

 H1

 H2

 H3

 H4

 Heat Loss

900

 

Fig. 2.12. Energy loss from the exhaust steams under various inert support amount. 
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2.4.3.4 Effect of heat loss on the process performance 

The previous simulation is based on the assumption that the overall process heat loss is 1% of 

the total thermal input. Such a heat loss rate is suggested by National Energy Technology 

Laboratory (NETL) of the U.S. Department of Energy (USDOE) for coal gasification systems 

[46]. Using Case III as the reference case, we simulated the effect of an increased heat loss of 

5%. The results are shown in Fig. 2.S3. The increased heat loss leads to a decreased process 

efficiency of 79.4%. Compared to conventional gasification based coal to hydrogen process 

which has a typical efficiency of ~60%, the bimetallic CLG system is far more efficient since 

the gasification of coal, a highly irreversible step, is decomposed into a series of less 

irreversible reactions by the oxygen carrier. Other factors that contribute to the high efficiency 

of CLG include reduced energy consumption for product separation; elimination of cooling 

and reheating of gaseous products; and improved heat integration scheme enabled by the 

circulating oxygen carrier.  

 

 

2.5 Conclusions 

The present study explores the feasibility of using CuO and its “oxygen-uncoupling” properties 

to promote Fe2O3 – coal reactions in the CLG process. Key findings from the current study 

include: 

 

• Solid fuel conversion rate can potentially be enhanced by adding a small amount of 

CuO to Fe2O3 based oxygen carrier particle.  

 

• Formation of mixed metal oxides of copper and iron in the oxygen carrier particle can 

be inhibited and/or avoided by segregating copper and iron atoms with an inert support. 

As a result, the CuO containing Fe2O3 oxygen carrier possesses oxygen uncoupling 

properties for coal and coal char conversions. 
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• From a thermodynamic standpoint, the presence of copper oxides enhances the 

conversions of both coal and Fe2O3 in the CLG reducer. In addition, copper does not 

affect the steam-iron reactions in the CLG oxidizer.  

 

• Under a kinetically limited scenario of 40% Fe2O3 conversion and 95% carbon 

conversion, the bimetallic CLG process achieves 78.8% hydrogen generation 

efficiency, 82.5% (HHV) overall efficiency, and 95% CO2 capture.  

 

• Even though copper (oxides) does not directly participate in H2 generation in the CLG 

oxidizer, the presence of copper leads to improved H2 generation efficiency through 

simplified process heat integration scheme.  

 

To summarize, incorporation of a small amount of CuO to an iron based oxygen carrier can 

result in an active composite oxygen carrier for solid fuel conversion. When used in the CLG 

processes, the composite oxygen carrier has the potential to enhance solid fuel conversion rate 

while improving the process efficiency for H2 generation. 
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CHAPTER 3 PARTICULATE EMISSIONS FROM COPPER OXIDE BASED 

OXYGEN CARRIERS IN CHEMICAL LOOPING COMBUSTION FOR IN-SITU 

CO2 CAPTURE 

 

 

CHAPTER 3 is a reprint of a manuscript in preparation.  
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Abstract  

Oxygen carrier attrition behaviors and particulate emissions from a chemical looping 

combustion (CLC) process are investigated. Copper oxide based oxygen carrier is tested in a 

fluidized reactor for chemical looping combustion of methane. The aerodynamic diameters of 

most emitted particulates range between 2 and 5 μm. A notable amount of submicron 

particulates is also identified. It is also observed that oxygen carrier attritions lead to increased 

CuO loss resulting from the chemical looping reactions, i.e. Cu is enriched in small particles 

in the size range of 10-75 μm, which are generated primarily from fragmentation. It is 

determined that the cyclic reduction and oxidation reactions in CLC weakens the oxygen 

carrier particles, resulting in increased particulate emission rates when compared to oxygen 

carriers without redox reactions. The generation rate for particulates (< 10 μm) is found to 

decrease with progressive cycles over as-prepared oxygen carrier particles, and then reach a 

steady-state level of 2.48±0.72×10-3 wt%/hr during the reduction step and 1.68±0.40×10-3 

wt%/hr in the oxidation step.  The surface of the oxygen carrier is also found to be coarsened 

due to a Kirkendall effect, which also explains the enrichment of Cu on particle surfaces and 

in small particles. As a result, it is important to collect and reprocess small particles generated 

from chemical looping processes to reducer oxygen carrier loss and to mitigate the 

environmental impact. 
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3.1 Introduction 

CO2 emission reduction from fossil fuel combustion processes has received increasing 

attention due to concerns over global climate change related to the greenhouse effect.1 

Although efficiency improvements through advanced Rankine and combined cycles can 

reduce the carbon footprint of traditional combustion-based power generation processes, 

significant CO2 emission reduction from fossil fuel conversion can only be achieved through 

carbon capture and sequestration (CCS).2,3 Existing carbon capture technologies, which adopt 

oxy-fuel combustion, pre-combustion, or post-combustion approaches, are highly energy 

intensive, leading to decreased power generation efficiency and increased cost.4 The chemical 

looping combustion (CLC) process represents an alternative, potentially efficient strategy for 

power generation from fossil fuels with in-situ CO2 capture.5–8 The CLC process utilizes a 

metal oxide based oxygen carrier particle to oxidize carbonaceous fuels into concentrated CO2, 

allowing efficient CO2 capture and storage. The reduced oxygen carrier resulting from the fuel 

oxidation step is subsequently combusted with air to release heat for power generation. For 

example, methane combustion with metal oxide (MOx) as shown in Fig. 3.1 would involve the 

following two reactions that complete a redox cycle: 

MOx + CH4  MOy + CO2 + 2H2O       Reaction (1) 

MOy + O2  MOx + Heat                              (y<x)    Reaction (2) 
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Fig. 3.1. Schematic of chemical looping combustion process 

 

 

 

The aforementioned redox cycle of the oxygen carrier is exploited to transport oxygen from 

air to the fuel through a chemical loop. According to the US Department of Energy, chemical 

looping represents one of, if not the, most promising approaches for efficient CO2 capture.3,9 

To date, the CLC concept has been investigated for both natural gas and solid fuel 

conversions.5–8 Although the technology is not yet commercially mature, CLC processes have 

been operated at pilot scales (up to MWth) through a number of demonstration projects.10–12 

 

A critical consideration in all CLC processes is the performance of the oxygen carrier particle. 

An ideal oxygen carrier should possess the ability to store and transport significant amount of 

lattice oxygen while also being resistant to deactivation or physical degradation. A number of 

redox-active metal oxides have been investigated as the active material for oxygen storage and 

transport. Such metal oxides include those of Fe, Ni, Cu, Mn, and Co.5,7,8,13 Mixed oxides 

containing these first row transition metals have also been investigated.14–17 Among them, 

copper-based oxygen carriers are of interest due to their ability to release gaseous oxygen, 
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which promotes the conversion of solid fuel conversion.8,18 Using a laboratory scale fluidized 

bed reactor, Mattisson et al.19 demonstrated 50-fold rate enhancement for petroleum coke 

conversion using CuO when compared to an iron-based oxygen carrier. Leion et al.20 reported 

improved reaction rates for six different solid fuels by using the gas-phase oxygen released by 

CuO. Adánez-Rubio et al.12 tested MgAl2O4 supported CuO in a batch fluidized-bed reactor, 

with complete conversion of the solid fuels.  

 

CLC reactors are typically designed with at least one fluidized bed reactor in the loop.22 As a 

result, attrition from the oxygen carrier particles will inevitably occur in CLC processes due to 

mechanical, thermal, and/or chemical stresses originating from particle collisions at high 

temperature and alternating reducing/oxidizing environments.18,23 Potential issues associated 

with excessive particle attrition include instability in reactor operation, loss of oxygen carriers, 

and small particulate emissions.23 Specifically, particle attrition in the reactors can lead to loss 

of valuable oxygen carrier material, additional burden on the downstream particle separation 

systems, or emission of particulates that can cause health hazards.  

 

Most studies on oxygen carriers reported to date focus on improving oxygen carrier 

formulation as well as characterizing their redox characteristics.5–7 Among the several studies 

on attrition behavior of oxygen carrier particles, focus has been placed on the change in particle 

size distribution (PSD) within the chemical looping reactors.24–26 Brown et al27 studied attrition 

behavior of impregnated copper oxide from a bench-scale fluidized bed. It was found the rate 

of attrition of the CuO particles does not increase over the cycles. Garcia-Labiano et al28 

investigated the elutriated particles from a 10kWth CLC operated during 100 h with a CuO-

Al2O3 oxygen carrier. In addition to the PSD analysis, CuO content is found to be enriched in 

the small particles elutriated from both reducer and oxidizer.  Rydén et al.29 used a customized 

jet cup to evaluate the attrition resistance of 25 different material samples for chemical looping 

combustion in the absence of chemical reactions at room temperature. However, the analysis 

of fugitive particulate emissions (PM) was not performed in the aforementioned reports. 

Emission of particulate matter is an important consideration for all processes, particularly if 
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the particulates are less than 10 micron in diameter (PM10).
30 It is difficult to be captured, but 

could cause health problems by passing through the throat and nose and then entering the 

lungs.31 Investigation of PMs can also reveal the attrition mechanism in the chemical looping 

processes.  

 

Despite various ongoing pilot-scale demonstrations and oxygen carrier particle research, little 

research has been conducted on characterizing particulate emissions from CLC processes. This 

study represents an attempt to comprehensively evaluate particulate emissions from CLC 

operations. With methane as the fuel, a Cu-based oxygen carrier particles, impregnated CuO-

Al2O3, are tested in a laboratory fluidized bed apparatus by multi-cycle redox reactions (>1300 

cycles). Particulate emissions of reduction/oxidation cycles were collected using a filter and 

fractionated into various particle sizes by an inertial cascade impactor. The morphology, 

crystal structure and chemical composition of these particles were determined using scanning 

electron microscope (SEM), Energy-dispersive X-ray spectroscopy (EDX), X-ray diffraction 

(XRD) and X-ray fluorescence (XRF). The effects of operating conditions including reducing 

or oxidizing environment, redox cycles, degree of reduction, etc. on particulate properties are 

investigated in order to obtain detailed understanding of particulate generation and attrition. It 

is observed that the chemical looping reaction causes higher attrition and particulates emission 

rates. The majority of the particulates are in the range of 2-5 μm aerodynamic diameters, while 

a notable amount of < 1 μm particulates is also found. The Cu loss is also found due to the Cu 

rich in small particles. 

 

3.2 Experimental materials and methods 

3.2.1 Materials and reactor system  

Oxygen carrier used in this work is alumina supported copper oxide with 13 wt.% CuO loading 

(Sigma-Aldrich, prepared by impregnation). This CuO content is considered to be suitable 

since high loading of copper oxide can lead to significant sintering and defluidization.32 A 

schematic of the reactor system is shown in Fig. 3.2. A separate gas mixing panel with multiple 

mass flow controllers (MFCs) is used to deliver mixtures of reducing and oxidizing reactant 
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gases including nitrogen, oxygen and methane to the bottom of the fluidized bed reactor. The 

reactor is constructed with a stainless tube of 0.88 inch inner diameter and 1 inch outer 

diameter. Gases and particles leaving the reactor would pass a horizontal tube with 0.21 cm 

inside diameter first and then goes through filter media (0.2 μm pore size) or cascade impactors 

(MOUDI  Model 110). The diameter of the horizontal settling tube is selected such that the 

saltation diameter of particles are approximately 10 µm.  A 3-way valve prior to the impactors 

(or filters) allows reactor emissions to be directed to different particle collection devices during 

oxidation and reduction steps, respectively. Composition of the gases exiting the system is 

determined by gas chromatography (Agilent CP-490) and a near-IR based gas analyzer 

(Emerson X-Stream) prior to exhaust.   

 

 

 

 

 

Fig. 3.2. Schematic of fluidized bed experimental setup with impactors 
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In a typical experiment, 25 grams of 90-300μm particles are used as the oxygen carrier. 16 

mesh silicon carbide (SiC) grit is used to distribute gas across the reactor cross-section. The 

oxygen carrier particles are then added on top of the SiC grit layer before each experiment. A 

continuous flow of N2 at 300 mL/min is used as the fluidization and purge gas during the 

experiments. To start the experiment, the reactor is first heated to 800°C, followed by the 

injection of methane (5.0 grade) at a flow rate of 50 mL/min for 4 minutes. Once methane is 

injected, it will be converted into a CO2-rich stream, while oxygen carriers are reduced. 

Following the oxygen carrier reduction step, the reactor is purged with N2 (5.0 grade) at a flow 

rate of 300 mL/min for 3 minutes. Air (5.0 grade, flow rate 75 mL/min) is subsequently injected 

into the reactor to regenerate the reduced oxygen carrier, thereby completing the redox cycle. 

The regenerate step is set at 10 minutes unless otherwise specified. This is followed with 

another 3 minutes purging step prior to initiating the next redox cycle. Gas flows of 350 - 375 

mL/min are sufficient to maintain bed fluidization in the bubbling regime, but insufficient to 

carry normal bed materials out of the reactor. Such a cyclic operation is used to mimic CLC 

operations in a circulating fluidized bed. The operational parameters, such as reaction 

temperature, particle size and linear gas velocity, are adopted based on a 10 kWth CLC 

demonstration unit reported in literature.24,32,33 Detailed experimental conditions are given in 

Table 3.1. In addition, blank tests are conducted under the following two conditions: (1) 375 

mL/min N2 and (2) co-injection of 300 mL/min N2 and 75 mL/min O2. These conditions are 

chosen such that the predominant valence state of copper can be fixed at 1 (under condition 1) 

or 2 (under condition 2) in absence of redox reactions. 

 

3.2.2 Particle size measurements  

Two filters equipped with 0.2 μm pore size polycarbonate film are used after the horizontal 

tube to capture the particulates from reducing and oxidizing step respectively. Besides the 

filters, two sets of 8-stage 30 L/min micro-orifice uniform deposition impactors (MOUDI, 

MSP Inc.) are also used to separate and collect the elutriated particulates between 0.105 and 

20 μm. The entire effluent from the reactor is diluted with nitrogen (30 L/min) after the settling 
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tube and directed to the MOUDI. With the dilution gas, the impactor inlet pressure is measured 

to be 2.2 PSIg. The slightly higher than atmospheric pressure condition is estimated to have 

<13% impact on the sizes of the particulates collected. Substrates used in the stages of MOUDI 

impactors are 47-mm polycarbonate film coated with Apiezon type L vacuum grease for 

particulate collection, which is ready for XRD analysis. Before the experiment, the films are 

placed in an 85°C oven for 1 hour and then measured the weight by an analytical balance 

(Mettler Toledo XA105DU). After collection, the polycarbonate films are measured again and 

stored in a desiccator until they are analyzed by XRF.   

 

3.2.3 Characterization methods 

X-ray powder diffraction (XRD) analysis is performed to identify the crystalline chemical 

species of the metal oxides by using a Rigaku SmartLab XRD with Cu-Kα radiation. The 

surface and structure morphology of the particles was determined by a SEM (Verios 460L). 

The same instrument is used for near surface elemental analysis using energy dispersive X-ray 

spectroscopy (EDS) under both spot and mapping modes (20 kV, 1.6nA). The particle metal 

analyses are determined by X-ray fluorescence (XRF) spectroscopy. The particle-size 

distributions (PSDs) for the bed materials are determined by sieve analysis. Carbon analysis is 

performed by oxidizing the samples using a thermogravimetric analyzer (TGA, SETARAM 

SETSYS Evolution) coupled with mass spectrometry (MS, MKS Sirrus 2). The total CO and 

CO2 products are integrated from the calibrated MS signals. 
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Table 3.1. Experimental conditions 

Fuel CH4 (99.9% pure) 

Temperature 800 oC 

Oxygen 

Carrier 

CuO (13 wt%)-Al2O3 (Sigma-Aldrich) 

25 g; 90-300 µm, 0.73 g/cm3 (bulk density) 

Reactor Diameter: 2.2 cm 

Minimum fluidization velocity: 0.04 m/s 

Fluidization regime:  Bubbling regime  

Superficial gas velocity: 0.12 m/s 

Reduction step 4 minutes 

Oxidation step 10 minutes 

 

 

3.3 Results and discussion  

3.3.1 Oxygen carrier particle performance in CLC  

Copper oxide based oxygen carriers can be used to convert both solid and gaseous fuels. In 

terms of solid fuel conversion, the so-called CLOU property of CuO is often utilized for 

improved combustion kinetics. Under such a scenario, CuO releases its lattice oxygen into the 

gas phase while being reduced primarily to Cu2O. To convert gaseous fuels such as methane, 

CuO can be reduced to metallic copper in a facile manner. However, over-reduction of copper 

oxide is often avoided due to the low melting point of copper. This manuscript primarily 

investigates methane combustion with copper oxide based oxygen carriers. The fuel gas (CH4) 

conversion, as well as the yield of CO, CO2 and deposited carbon (mole percentage) with 

increasing experimental time are listed in Table 3.2. The amount of carbon decomposition is 

calculated based on CO and CO2 produced in the subsequent oxidization reactions. The multi-

cycle fluidized bed experiments show over 98% CH4 conversion and 97% CO2 yield after 1200 

redox cycles, with minimal CO and carbon formation. XRD measurements of the reduced 

phase, as shown in Fig. 3.3, indicate that CuO is reduced to Cu2O after reacting with CH4. 
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2CuO → Cu2O + 0.5O2       Reaction (3) 

 

After 600 redox cycles, the oxidized oxygen carrier contains predominately CuAl2O4 phase, 

which is attributable to the solid-state reaction between copper-oxide and alumina at high 

temperatures.32,34  

CuO + Al2O3 → CuAl2O4       Reaction (4) 

 

While the formation of CuAl2O4 mixed oxide negatively impacts the activity of the oxygen 

carrier to small extent, as evidenced by 1.5% decrease in methane conversion, it is fully 

reducible to CuAlO2, Cu2O, and elemental Cu. Therefore, loss in oxygen carrying capacity of 

the oxygen carrier was minimal. Based on the XRD results (Fig. 3.3), the following reversible 

reaction represents the reduction and oxidation reactions during the chemical looping 

combustion: 

2CuAl2O4 ↔ 2 CuAlO2 + Al2O3 + 0.5O2     Reaction (5) 

Therefore, the CuO-Al2O3 based oxygen carrier in the present study exhibits satisfactory 

activity for methane combustion and is recyclable over continuous redox cycles. Moreover, its 

composition is comparable to typical copper oxide based oxygen carriers in previous 

studies,32,35 making it a suitable reference material for attrition studies.  

 

 

 

Table 3.2. Methane conversion and product yields (%) in the methane combustion step 

(water-free basis) 

Mol.% 6th cycle 600th cycle 1200th cycle 

CH4 Conversion 99.84 99.15 98.34 

CO2 Yield 99.6 98.34 97.3 

CO Yield 0.25 0.31 0.35 

C Deposition 0 0.50 0.60 
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Fig. 3.3.XRD results of the bed particle (a) fresh, (b) reduced after 6 cycles, (c) reduced after 

600 cycles, (d) oxidized after 600 cycles. 

 

 

3.3.2 Rates of particulates emission and attrition  

Particle attrition describes physical degradation in particle solids processing systems. Main 

factors impacting particle attrition rate can be divided into two categories23: (1) material 

properties, including particle structure, pretreatment and preparation history, particle size, 

shape and surface structure, particle size distribution; (2) process conditions, including gas and 

solid velocities, solids residence time, temperature, pressure, humidity, and chemical reaction. 

In CLC processes, oxygen carrier particles experience alternating reducing and oxidizing 

environments which are accompanied with loss and reincorporation of lattice oxygen in a 

cyclic manner. It is therefore important to study the impact of redox reactions on attrition 

behavior of oxygen carrier particles. From a mechanistic standpoint, small particles can be 

generated via23,36: (1) breakage or fragmentation, which produces coarse particles; (2) surface 

abrasion, which generates particulates. In addition, submicron particulates with aerodynamic 

diameters less than 0.5 μm are formed primarily through ash vaporization, nucleation, and 

coagulation/condensation mechanisms in coal combustion processes.37  
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Prior to the particle attrition and emission studies, it is important to categorize the particles 

generated in appropriate size ranges. Since the fresh particles are in the size range of 90-300 

μm, the <90 μm particles in the reactor and the particles accumulated in the settling tube are 

defined as small particles, while the particles collected on the filter after the settling tube are 

identified as particulates in this paper. In addition, submicron particulates represents the 

particulates with < 1 μm aerodynamic diameter. It is noted that particulates collected on the 

filter, which are those escaping the horizontal settling tube, have a general aerodynamic 

diameter of < 10 μm, which is presented in Fig. 3.7. These particles are significantly smaller 

than typical CLC particle sizes and they are difficult to capture by cyclones, since the control 

efficiency range for conventional single cyclones would drop below 40% for such small 

particles.38 Both the small particles and particulates are generated by attrition. The attrition rate 

of small particles at a given particle size range is calculated by the following equation and the 

results are shown in Fig. 3.4:  

   

       

weight of particle
Attrition Rate

initial bed particle weight reaction time



       Equation (1) 
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Fig. 3.4. Small particle attrition rate wt%/hr in various sizes (μm) with and without chemical 

looping reactions. 
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The attrition rate of small particles with sizes between 53-90 μm does not show much 

difference with or without chemical looping reactions. In contrast, particles with sizes <53 μm 

are generated at significantly faster rates under the chemical looping mode. For instance, 

particulates captured on the settling tube is 2.4 times higher under the chemical looping mode 

when compared to those under the blank test. As will be discussed in the following sections, 

the high generation rates for particulates can be attributed to enhanced surface abrasion 

resulting from surface property and phase changes of the oxygen carrier during redox reactions. 

In comparison, large particles generated from attrition are mainly caused by fragmentation or 

breakage.23 The fact that generation rates of particles (53-90  µm) are not significantly affected 

by the chemical looping reactions indicate that such reactions have relatively low impact on 

the bulk properties of the oxygen carrier. This is understandable, as the primary component of 

the oxygen carrier is alumina support, which is largely unaffected by the redox reactions. It is 

also noted that particles of 38 – 53 µm range are generated at a notably higher rate under redox 

operation. This indicates that redox reactions indeed weaken the oxygen carrier but the impact 

of such reaction should be in the order of 50 µm or less. Further discussions of the 

consequences of the redox reactions are provided in later sections. 

 

Fig. 3.5 shows the particulate emission rates of one batch of oxygen carrier particles over 1368 

cycles. In such a continuous fluidized bed test, particulate samples are taken every 24 hours 

(72 cycles). In some cases, experimental conditions are adjusted after the 24 hour test. We 

altered the experimental conditions for the first 576 cycles (192 hours) among injecting N2 

(blank condition 1), injecting N2+O2 (20% O2, blank condition 2), and chemical looping (CH4 

as the reducing gas and N2+O2 as the oxidizing gas). Since the fresh particles are prepared by 

crushing and sieving, their shapes are irregular and hence high attrition rates through both 

fragmentation and abrasion can be anticipated during the initial period of the test. It is also 

observed that the chemical looping condition generates more particulates comparing to the 

conditions with N2 or N2+O2 injection. After the 576 cycles, the experiment is stopped by 

cooling down the reactor in order to analyze the bed particle size distribution, followed with 

reheating to restart the chemical looping reactions. An abnormally high particulate emission 
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rate is observed from 576-648 cycles. It is likely due to thermal stresses caused by temperature 

changes during cooling and reheating.23  

 

It is noted that the particulate emission rate decreases with time, and then asymptotically 

approaches a steady-state value after around 948 cycles. Two more batches of particles are 

conducted using a similar experimental plan, where similar emission rate trends are observed. 

The average, steady-state particulates emission rates based on the three batches experiments 

are (2.48 ±0.72)×10-3 wt%/hr in reduction and (1.68±0.4)×10-3 wt%/hr in oxidation, 

respectively. In addition, two test conditions with N2 or N2+O2 injection are investigated after 

steady-state emission rates are achieved, as shown in Fig. 3.5. The corresponding particulate 

amount, 1.3×10-3 wt%/hr, is smaller than chemical looping reactions, which again proves that 

chemical looping reactions induce increased particulate emissions. Another evidence of such 

an effect is that, when fresh oxygen carriers are tested in a fluidized bed without experiencing 

any redox reactions, a significantly lower emission rate of 0.24×10-3 wt%/hr is observed. 

Therefore, it is evident that that the chemical reactions weaken the oxygen carrier particles. It 

is also noted that the reducing step produces larger amount of particulates than the oxidizing 

step. This is partly because the time for the oxidation step is twice of the reducing step, and the 

longer non-reaction time during the oxidation step can lead to lowered time-averaged 

particulate emission rate. 
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Fig. 3.5. Particulates collected on the filter over multi-cycle experiments. Each data point is 

based on 72 cycles. N2+O2: 300 mL/min N2 and 75 mL/min O2. N2: 375 mL/min. Red. CH4: 

reduction step with 50 mL/min CH4 and 300 mL/min N2. Oxi. O2: oxidation step with 75 

mL/min O2 and 300 mL/min N2. The experiment is continuous without stop after the dashed 

line. 

 

 

While filters can effectively collect most, if not all, particulates escaping from the horizontal 

settling tube, further understanding of the particle size distributions and their compositions are 

desirable. In order to obtain such information, two sets of MOUDI cascade impactors are used 

to capture the elutriated particulates from the reducing and oxidizing reactions, respectively, 

after the emission rate reaches the steady-state value. The collected particulates are segregated 

by particle aerodynamic diameters, and the results are shown in Figure 6. The particulates from 

the reducing and oxidizing reactions show similar size distribution, while the reducing reaction 

lead to a higher emission rate. The majority of the particles have the size less than 5 μm, 

especially in the range of 2-5 μm. In addition, a notable amount of particulates is observed with 

the size less than 1 μm. 

 



 

86 

 

0.1 1 10 100
0

1

2

3

4

5

6

 

 

d
M

 (
*1

0
3
 m

g
/m

3
)

Dp m
0.1 1 10 100
0

1

2

3

4

5

6

 

 

d
M

 (
*1

0
3
 m

g
/m

3
)

Dp m
 

(a)                     (b) 

Fig. 3.6. (a) Reducing and (b) oxidizing size distribution of the particulates after 1368 cycles. 

Dp: cut-off aerodynamic diameter. 

 

 

3.3.3 Morphology and chemical compositions  

The morphology of the bed particle, small particles and elutriated particulates are shown in 

Fig. 3.7. When comparing the fresh to cycled particles in the reactor, the bulk irregular shape 

of the fresh particles become more spherical since the edges are knocked off during the 

reactions. The initial particle surface which contains bumps and holes is smoothed. This 

supports the finding that high attrition rates are observed during the initial period of the test. 

Under a higher magnification, as shown in Fig. 3.7a, there are spherical or elliptical grains with 

sizes of <5 μm formed on the surface of the cycled particles. These grains are observed after 

144 cycles of the chemical looping reactions. In addition, the settling tube is capable to capture 

the elutriated small particles with the size range of 10-50 μm by gravitational settling as shown 

in Fig. 3.7(b). These particles also show a porous, rough structure. The size of the particulates 

collected on the filter after the settling tube is typically smaller than 10 μm (Fig. 3.7(c)), which 

is consistent with the impactor results. The size of the particulates decreases with the number 

of looping cycles from 5-10 μm after 100 cycles to <5 μm after 1000 cycles, which is in a 

similar size range to the surface formed grains as mentioned earlier. This suggests that during 
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the initial period of the experiment, a wide size range of small particles and particulates are 

generated from a combination of fragmentation and surface abrasion. With increasing number 

of redox cycles, the primary mechanism for particulates generation seems to transit to surface 

abrasion. The images of particulates in Fig. 3.7(d) and (e) are collected from different impactor 

stages during reduction and oxidation steps. There is no obvious size and shape difference 

between reducing and oxidizing particulates. The particulates in Fig. 3.7(d) has a cut-off 

aerodynamic diameter of 3.2 μm, with a combination of porous and less porous particulates.  

 

In the chemical looping reactions, oxygen carrier particles undergo reduction and oxidization 

in a cyclic manner. Due to the loss of oxygen, reduction results in the formation of a more 

porous structure. Oxidation causes swelling by adding the oxygen, which also creates local 

stresses. When this process is repeated, the porosity on the surface increases and leads to a 

rougher surface that is more susceptible to abrasion. Weak points, which can be broken by 

fragment or abrasion, are introduced by the reaction-induced local stress. By combining these 

two effects, the attrition and particulate emission rates are expected to be high with chemical 

looping reactions. The image of the porous small particles and particulates in Fig. 3.7 (b) and 

(d) serve as evidences for such an effect. A notable amount of less than 1 μm submicron 

particulates is also observed. Instead of porous structure, they are in bulk shape, which is very 

similar in size and morphology with the grains on the particle surface as shown in Fig. 3.7 (a). 

This suggests that the particulates are mainly formed from surface grains by abrasion or impact.  
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Fig. 3.7. SEM images of (a1): surface of fresh particle; (a2): surface of bed particle after 144 

looping cycles; (b1) and (b2): small particle collected in the settling tube; (c1) and (c2): 

particulates collected by the filter with looping reactions after 100 and 1000 cycles; (d1) and 

(d2): reducing and oxidizing particulates collected by impactor with D50 = 3.2 μm; (e1) and 

(e2): reducing and oxidizing particulates collected by impactor with D50 = 0.17 μm. 
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Since the active material for the oxygen carrier is copper oxide, the small particle generated 

from attrition could lead to loss of valuable metal and hazardous emissions of particulate 

matters. Chemical compositions of the bed particles and elutriated particulates at different size 

ranges after over 1300 cycles of fluidized bed testing are examined by XRF (Fig. 3.8). The 

fresh particles in the size range of 90-300 μm contain CuO and Al2O3 with a Cu/Al molar ratio 

of 0.10. The Cu/Al ratio of the cycled particles with the same size as fresh particles is 0.093, 

which is slightly lower than the fresh particles. SEM-EDX results shows that Cu/Al ratio near 

particle surfaces (SEM penetration depth is < 5 µm at 20 kV) is 0.093 ± 0.07 on average. The 

Cu content in the small particles (<75 μm) generated from attrition is much higher than the 

fresh particles. For example, the Cu/Al ratios of the <38 μm bed particles and the small 

particles collected in the settling tube, are approximately four times more than that for the fresh 

particles. These results show Cu is depleted in the bulk and the surface of the bed particle after 

long-term redox reactions, and the small particles originating from attrition are rich in Cu.  

 

The changes of the particulates Cu/Al ratios on the filter as a function of the progressing 

chemical looping cycles in the fluidized bed are shown in Fig. 3.9. A very high Cu/Al ratio is 

observed immediately following reloading of the reactor after 612 cycles. After that, the ratio 

Cu/Al then decreases steadily to be approximately 0.01 lower than the fresh particles. Garcia-

Labiano et al.28 observed similar CuO loss at the beginning of the combustion test, and 

subsequently, the rate decreased and stabilized at a lower value. The particulates generated 

from the reducing step show comparable but slightly higher Cu/Al ratios than the ones from 

the oxidizing step. 
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Fig. 3.8. XRF measured Cu/Al molar ratio of CuO/Al2O3 particle and particulates after more 

than 1300 cycles fluidized bed test 
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Fig. 3.9. XRF measured Cu/Al molar ratio of the particulates collected on the filter as a 

function of progressing reaction cycles. Blue dash dot line represents the Cu/Al molar ratio of 

the fresh CuO/Al2O3 particles. 
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Fig. 3.10 shows the SEM-EDX analysis on the element distributions of the collected particles. 

Cu was uniformly distributed on the elutriated particles collected in the settling tube, which is 

similar with the bed particles in all the size ranges. However, the particulates collected on the 

filter exhibit a Cu accumulation in relatively larger particulates. The results of XRF tests on 

the MOUDI samples in Figure 11 shows a maximum Cu/Al ratio of 0.23 for the particulates 

generated from reducing reaction and 0.22 for the particulates generated from oxidizing 

reaction. Both of these maximum Cu/Al ratios are corresponding to the particulates with 

approximately 3 μm diameter. When the particles are smaller than 1 μm, the Cu/Al ratio is 

significantly lower than the ratio of the fresh particles. 

 

On the basis of the above investigations, the Cu components enriched in particle generated by 

attrition can be explained by the Kirkendall effect. According to the previous study39,  

oxidation of Cu in the presence of air at high temperature proceeds through O diffusion. 

Kirkendall effect i.e. the motion of the Cu-CuO interface, was observed due to the difference 

in diffusion rate between Cu and oxygen. Outward diffusion of Cu ions is faster than inward 

diffusion of oxygen, which then leads to the out-diffusion of Cu. The oxidation will keep 

driving Cu to move outward and could create a porous core. Because of this, the Cu could be 

rich on the bed particle surface during the chemical looping reactions. The SEM-EDX tests on 

the bed particles, which shows 0.13±0.01 Cu/Al ratio of particles after 144 chemical looping 

cycles compared to 0.1 of the fresh ones, serve as an evidence for such an effect.  By fragment 

and surface abrasion, the outer-layer is broken into small particles and particulates, which 

would be high in Cu ratio. With increasing number of cycles, the particulates Cu/Al ratio is 

steadily decreased to a value slightly lower than the fresh particles. The fact of the reduced 

near surface Cu/Al ratio on the bed particles after 1332 cycles, leads to two possible combined 

effects: (1) the Cu near the bed particles surface is continuously losing over reactions; (2) the 

amount of Cu being able to move to the surface is limited by the formation of CuAl2O4 and 

CuAlO2 phases after redox reactions. 
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Fig. 3.10. Element mapping by SEM-EDX of elutriated small particles and particulates after 

chemical looping reactions. (a) Particles in the settling tube with the overall Cu/Al ratio of 

0.42. (b) Particles collected on the filter with the overall Cu/Al ratio of 0.11. Green represents 

Al element and red represents Cu element. 
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Fig. 3.11. Size distribution of Cu/Al molar ratio from XRF tests on the particulates collected 

by MOUDI impactors in reducing (a) and oxidizing (b) steps after 1332 cycles. 

 

There are two potential challenges associated with attrition in the fluidized bed: (1) small 

particles and particulates generation which could cause defluidization and hazardous 

particulates emission; (2) loss of valuable metal by the elutriated small particles which 

deactivates the oxygen carrier and leads to health problems from emission. As can be seem 

from the experimental data, chemical looping reaction is a primary factor of increased 

particulate generation in fluidized reactors. As such, one would anticipate higher attrition rates 

of the oxygen carrier particles when used in CLC processes compared to non-reactive 

conditions. However, even under the chemical looping mode, the CuO-Al2O3 particle lifetime 

is estimated to be 5000 hours, which is based on amount of small particle with the size <90 

μm. The CuO materials usually have low attrition resistance,29 however, when incorporated 

with substantial Al2O3 matrix, the supported particles shows an acceptable attrition resistance, 

and then can be considered to be feasible for the real-world applications.  

 

The attrition rate of the oxygen carrier particles decreases with time, starting from the first 

period of the operation, due to the irregularity and initial faults of the fresh particles. After 

reaching the steady-state region, the attrition rate of the tested impregnated CuO-Al2O3 is about 



 

94 

0.02 wt%/hr. Among the particles generated from attrition for 792 continuous cycles, over 85 

wt% are small particles with 10-90 μm diameter, which can be captured practically in 

conventional cyclones.40 The remaining 15 wt% is particulate, which contains 1.5 wt% 

submicron particulate with < 1 μm. The particulates (< 10 μm) generating rate is decreasing 

with progressive cycles, and then reach a steady-state level of 2.48 ± 0.72×10-3 wt%/hr in 

reduction and 1.68±0.40×10-3 wt%/hr in oxidation. Assuming a typical solids inventory of 70 

kg/MWth in the reducer and 80 kg/MWth in the oxidizer,41 the particulate (PM10) concentrations 

in from the reducer and oxidizer flue gases are estimated to be 0.048 g/MJ and 0.037 g/MJ 

respectively, in absence of additional particulate control systems downstream of the cyclones. 

It is noted that conventional methane combustion processes do not generate minimal 

particulates. When compared to the proposed U.S. regulations of 0.43×10-3
 g/MJ for new coal 

fired power plants, the emission rates of particulates in CLC using the aforementioned oxygen 

carrier are higher. Therefore, the emission of the particulates is vital for chemical looping 

combustion, especially in the first period of the operation, because cyclones have relatively 

low collection efficiencies for particulates less than 10 μm. The additional options of the 

particulate control devices include fabric filter, bag house, wet scrubber and electrostatic 

precipitator (ESP). For example, fabric filter could achieve 99.8% particulate removal 

efficiency.42 

 

In addition to emission, it is observed a total of 11 wt% Cu loss for 792 continuous cycles from 

the CuO-Al2O3 oxygen carriers during the chemical looping reaction. The small particles with 

10-90 μm diameter account for approximately 10.7 wt% Cu or 97% of the overall Cu loss. 

Therefore, it is important to collect these small particles and reprocess them for reuse. The Cu 

concentration of the particulate decreases with time. Based on the results described above, the 

weight percentage Cu loss on the particulates as a function of the reaction time can be fitted 

into the following Equation (2) as shown in Figure 12, where y in wt% is the cumulative Cu 

loss and t is the particle residence time. Assuming the coarse particle also follows the same 

trend, with an residence time of 250 hours in the reactor and total solids inventory of 150 
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kg/MWth,
41 the Cu loss rate is estimated to be 9 kg/hr and the particulates emission rate is 4 

kg/hr in a 1000 MWth power plant without recovery. 

y = 5.5 × t (-1.72)        Equation (2) 
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Fig. 3.12. The rate of Cu loss from particulates as a function of reaction time. Dots are the 

experiment data. Dashed line shows the fit curve based on Equation (3). 

 

In conclusion, chemical looping reactions play an important role in particle attrition in the 

fluidized bed. Because of reaction-induced local stress, repeated reduction and oxidation of the 

CuO supported by Al2O3 lead to an increased small particle and particulates emission 

compared to the condition without redox reactions. Not only the small particles but also the 

particulates have a reduced emission rate over continuous chemical looping reactions. With 

substantial Al2O3 incorporated, the life time of the Cu-based oxygen carriers is estimated to be 

5000 hours, which is based on amount of small particle with the size <90 μm. The particulate 

emission rates of particulates from the reducer and oxidizer in CLC using the aforementioned 

oxygen carrier are estimated to be over 80 times more than the proposed U.S. regulations for 

new coal fired power plants. Another result of attrition is Cu loss. The small particles 

http://www.thesaurus.com/browse/in+conclusion
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originating from attrition, especially in the size range of 10-75 μm, are rich in Cu, which can 

be explained by Kirkendall effect. The majority of the emitted particulates are in the range of 

2-5 μm (aerodynamic diameter) with the maximum Cu/Al ratio. Based on these two facts, it 

could lead to an estimated 9 kg/hr Cu loss from the particles with 250 hours residence in a 

1000 MWth power plant without recovery. Therefore, the challenges of the particulates 

emission and the loss of valuable Cu, when using the CuO-Al2O3 as oxygen carrier, highlight 

the importance of a small particle and particulates control units for the practical application of 

the chemical looping combustion process. The capture of small particles could effectively 

reduce the emission and recover the majority of valuable metal. 
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Graphical Abstract 

A ferrite based oxygen carrier promoted with a mixed ionic-electronic conductor support is 

used in a hybrid solar-redox scheme for liquid fuel and hydrogen co-production from methane 

and solar energy. Compared to typical oxygen carriers for solar-thermal water-splitting, the 

oxygen carrier reported is 10 – 20 times more effective.  Based on both experiments and 

simulations, the hybrid scheme has the potential to co-produce liquid fuels and hydrogen at 

high efficiency with near zero life cycle CO2 emission for the hydrogen product.   
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Abstract 

The feasibility of a hybrid solar-redox process, which converts solar energy and methane into 

separate streams of liquid fuels and hydrogen through the assistance of an oxygen carrier, is 

investigated via both experiments and simulations. Fixed and fluidized-bed experiments are 

conducted to evaluate the redox performances of an oxygen carrier composed of iron oxide 

promoted with a mixed ionic-electronic conductor (MIEC) support. Over 95% conversion in 

the methane oxidation step and 60% steam to hydrogen conversion in the water-splitting step 

are observed. Aspen Plus® simulation based on experimental data and a comprehensive set of 

assumptions estimates the overall process efficiency to be 64.2 – 65.3% on a higher heating 

value (HHV) basis. Through the integration of solar energy, methane to fuel conversion 

efficiency can approach 100%. The proposed process has the potential to produce 

transportation fuels and hydrogen at high efficiency with reduced carbon footprint. 

 

  

 

Efficient and cost-effective production of clean energy carriers such as hydrogen is of critical 

importance for sustained growth of the modern economy.1 Among the various approaches for 

sustainable hydrogen generation, solar-thermal water-splitting represents a potentially 

attractive and environmentally friendly option.2,3 Typical solar-thermal water-splitting 

schemes involve cyclic redox reactions of transition metal oxides to indirectly convert solar 

energy and water into separate streams of hydrogen and oxygen. In its simplest configuration, 

a solar-thermal water-splitting cycle involves two redox steps. In the first step, solar energy is 

used to decompose a metal oxide at high temperature. In the subsequent step, the decomposed 

metal/metal oxide is reoxidized with water, producing hydrogen. The key reactions involved 

in the aforementioned solar-thermal water-splitting cycle include:4 

2
2

x y x yM O M O O


           (1) 

2 2x y x yM O H O M O H              (2) 
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Of the two reactions above, Reaction 1 is particularly important from a process design 

standpoint due to the high temperature required for metal oxide decompositions. From a 

thermodynamic standpoint, solar-thermal processes have the potential to produce hydrogen at 

a higher efficiency than the combined power generation – electrolysis approach.5  

 

Among the various metal oxide candidates, redox pairs consisting of Fe3O4/FeO6,7 and 

ZnO/Zn7–11 have received the most attention. Compared to the Fe3O4/FeO redox pair, 

decomposition of ZnO is more thermodynamically favored. Decomposition temperature of 

ZnO (~1700 °C) is lower than that of Fe3O4.
9 The ZnO/Zn redox pair, however, faces 

challenges including diffusion limitations in the redox reactions as well as the recombination 

of Zn vapor and gaseous oxygen during the cooling stage after decomposition (Reaction 1).12 

In addition, material integrity under the extremely high thermal and redox stresses represents 

another major challenge for the ZnO based redox scheme.7,13 To date, extensive studies have 

been performed to address the aforementioned challenges. Although various creative strategies 

have been proposed and investigated, the economic feasibility of the ZnO based solar-thermal 

water-splitting cycle is still uncertain.9,12,14     

 

Compared to zinc oxides, iron oxides are cheaper and more abundantly available.6,7,9 In 

addition, unlike ZnO/Zn, Fe3O4 and FeO are nonvolatile and remain in condensed states during 

the operating cycles.7 The key challenge of the FeO/Fe3O4 water-splitting cycle is the high 

reaction temperature required for Fe3O4 decomposition (2000 °C).15 The high operating 

temperature poses significant challenges for reactor design as well as redox material 

development. Attempts to reduce the decomposition temperature of ferrite materials include 

the use of mixed oxides with general formula of MxFe3−xO4
16–19 (M = Mn, Co, Ni, Zn, Mg, 

etc.). Of particular noteworthiness is the isothermal “hercynite cycle” reported by Muhich et 

al.20 which utilizes solid state reactions between ferrite spinel and alumina to tailor the 

thermodynamic driving forces for the redox scheme. Although these approaches have led to 

notably lowered decomposition temperatures and/or reduced temperature swings in redox 

reactions, issues related to metal oxide sintering and deactivations as well as low steam 
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conversion still need to be addressed. To date, the endothermic decomposition reaction for 

most, if not all, solar-thermal water-splitting processes are conducted at temperatures above 

1300 °C.19 Therefore, novel solar-thermal schemes that can effectively promote metal oxide 

reduction at lower temperatures are highly desired in order to achieve improved efficiency and 

economic attractiveness for solar-thermal hydrogen generation.  

 

The reduction or decomposition temperature of metal oxides can be effectively decreased 

through the introduction of reducing agents such as carbonaceous fuels. The presence of 

reducing agents significantly lowers the external partial pressure of oxygen (𝑃𝑂2), thereby 

enhancing the reduction/decomposition reactions. Among the various potential reducing 

agents, methane is particularly attractive since it is a clean, relatively cheap, and abundantly 

available (through natural gas) primary energy source.21
 The use of methane in conjunction 

with solar energy can notably reduce the carbon footprint of existing methane conversion 

processes. Moreover, the presence of methane can decrease the reduction temperature of iron 

oxides to well below 1000 °C.  

 

Steinfeld22 proposed several high temperature solar-thermal schemes to mitigate CO2 emission 

from the metallurgical industry. These process schemes use a combination of methane and 

solar energy to reduce metal oxides, e.g. iron or zinc oxides, thereby abating the carbon 

footprint for metal oxide reduction process. It is further proposed that the metal oxides can 

serve as energy and oxygen carriers (OC) in a cyclic redox process for cogeneration of syngas 

(from methane oxidation) and hydrogen (from water-splitting).23 In addition, methanol 

production using the syngas from solar-assisted methane oxidation has also been discussed.22,24 

Such a combined reduction-reforming approach is particularly attractive since it provides the 

potential to generate simultaneously hydrogen and methanol with a low carbon footprint. 

Moreover, the temperature for metal oxide reduction can be significantly lowered when 

compared to conventional solar-thermal water-splitting processes. Among the several potential 

metal oxides, iron oxide is considered to be effective, as confirmed by thermodynamic 

analyses.23,25,26 To date, experimental studies for iron-oxide-based methane oxidation and 
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water-splitting are relatively limited. Steinfeld et al. studied methane oxidation using iron 

oxide powders in both a thermo-gravimetric analyzer (TGA) and a fluidized-bed reactor.23,25 

Successful syngas generation from methane was achieved. However, the reactivity of the iron 

oxide is relatively low, leading to low methane conversions (<35% average conversion).23,25 

In addition, carbon formation occurred when iron oxide is reduced to metallic iron phase. 

Besides pure iron oxides, a number of iron-containing mixed metal oxides such as ZrO2-

supported Ni-FeOx
27, Cu−Cr−FeOx

28
, Ni-Cr-FeOx

29, have been tested. These studies further 

confirm the reaction chemistry of the combined reduction-reforming scheme. Activities and 

syngas selectivity of these mixed oxides are nonetheless limited. Unless the reactions are 

carried out at temperatures significantly above 900 °C, methane conversion is generally below 

60% with up to 50% CO selectivity. During the regeneration step, steam conversion is often 

limited to 25%. Another process of relevance is the so-called chemical looping gasification 

(CLG) process.30–32 These processes, however, aim to produce carbon dioxide and hydrogen 

from methane conversion. Kim et al. comprehensively analyzed a number of novel “Sunshine 

to Petro” (S2P) process configurations to produce methanol or Fischer-Tropsch (F-T) liquids 

from solar-thermal CO2 (and H2O) splitting.33,34 Their results indicate that the product costs 

from optimized S2P processes can be comparable to other renewable-based alternatives. The 

proposed CO2/H2O splitting is performed in absence of methane. Therefore, high operating 

temperature is likely to be necessary. To summarize, comprehensive experimental and 

simulation studies of the combined reduction-reforming approach are highly desired. 

 

The current study investigates the feasibility of a hybrid solar-redox process for cogeneration 

of liquid fuels and hydrogen using methane and solar energy. Similar to the combined 

reduction-reforming concept25, the Fe3O4/FeO1-δ redox couple is used for methane (partial) 

oxidation and water-splitting. In this process, syngas from methane oxidation is used in a 

Fischer-Tropsch synthesis process for liquid fuel synthesis whereas H2 from water-splitting is 

processed as a co-product. The current study reports the redox performances of a novel 

lanthanum strontium ferrite (LSF) supported iron oxide in a lab-scale tubular reactor. 95% 

conversion of methane is achieved in the iron oxide reduction step. Steam to hydrogen 
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conversion in excess of 60% is also observed. Results from experimental studies and/or 

thermodynamic analyses are then used in Aspen Plus simulation models to evaluate the 

proposed hybrid solar-redox process35,36. 

 

4.2 Proposed redox scheme: 

A simplified schematic of the hybrid solar-redox scheme is given in Fig. 4.1. Solar energy 

assisted methane conversion is carried out in two interconnected redox steps. In the first step, 

oxidized ferrite material (Fe3O4) is used to convert methane into syngas in a reducer reactor, 

which reduces Fe3O4 to Fe/FeO (or FeO1-δ). The heat required in the reducer is compensated 

by solar energy. In the subsequent step, reduced ferrite material (Fe/FeO) from the previous 

step is re-oxidized with steam in an oxidizer, producing concentrated H2. The syngas produced 

from Step 1 is then introduced into a Fischer-Tropsch (F-T) reactor to produce a hydrocarbon 

mixture, which is upgraded in refining units into naphtha and diesel. Hydrogen produced from 

Step 2 is compressed and purified using a pressure swing adsorption (PSA) system into a final 

product. A fraction of the hydrogen is used for fuel upgrading in the upgrader. Fuel containing 

byproducts from the F-T reactor, upgrader, and PSA are combusted for steam generation. A 

heat recovery steam generator (HRSG) and a series of steam turbines are used to recover 

process heat and to produce adequate electric power to satisfy parasitic energy requirements. 

Similar to the combined reduction-reforming approach, the proposed hybrid solar-redox 

scheme uses methane to supplement solar energy. Besides acting as an energy source, methane 

provides carbon atoms for liquid fuel synthesis and enables Fe3O4 decomposition/reduction at 

significantly lower temperatures. For instance, decomposition of Fe3O4 to FeO is not 

thermodynamically favored until over 2000 °C. In contrast, methane reduction of ferrites is 

feasible, both thermodynamically and kinetically, at below 1,000 °C. Besides the lowered 

operating temperature, the process is able to produce inherently separated liquid fuels and pure 

H2. Since a large amount of solar energy is integrated to the methane conversion scheme, the 

life cycle CO2 emission from the hybrid solar-redox process is expected to be much smaller 

than traditional methane-reforming processes. 
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4.2.1 Integration of solar energy 

The experiments carried out in the present study do not involve direct input of solar energy. 

Instead, an equivalent form of thermal energy is provided by electric heating. It is noted that 

the proposed process scheme is very similar to the conventional solar-thermal water-splitting 

processes.9,22 With significantly lowered operating temperatures and reduced thermal swings, 

the reactor design can be identical or much simpler for the proposed solar-redox process. A 

variety of reactor configurations have been investigated for conventional solar thermal water-

splitting processes. Among them, the monolithic reactor37, the foam reactor38,39, the rotary-type 

reactor40 and the volumetric gas–particle solar receiver-reactor14,41,42 are frequently 

investigated. The proposed two-step solar-redox process can be carried out in either fixed beds 

or interconnected fluidized beds as validated in the current study. Therefore, the solar reactor 

configurations that are particularly suitable for the proposed redox scheme include the rotary-

type reactor for fixed bed operation and the volumetric gas-particle solar reactor for fluidized 

bed operation. Compared to these reactors which have designed operating temperature of over 

1400 °C, the reactors in the solar-redox process can be operated at 900 °C or lower. In addition, 

the MIEC promoted oxygen carrier in the proposed solar-redox process is estimated to be 10 

– 20 times more effective (See Table 4.S4 in ESI) than that in conventional solar thermal water-

splitting processes.20,43 As a result, significantly reduced solids inventory and reactor size can 

be expected. Another potential advantage of the proposed concept is its ability to cope with the 

intermittency nature of solar energy with ease. Besides the various approaches disclosed in the 

literature,35 heat required for methane reforming can be simply compensated by combusting a 

portion of the reduced iron oxides. Such a strategy allows for continuous process operation in 

absence of sunlight, at the expense of reduced hydrogen yield. Alternative approaches to ensure 

continuous operation include: (i) combustion of F-T off-gas and/or supplemental methane; (ii) 

use of thermal storage material, e.g. alumina sand.44 As an exploratory study to investigate this 

novel concept, detailed solar reactor design is outside of the scope.  
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Fig. 4.1. Simplified schematic of the hybrid solar-redox process. To operate in absence of 

sunlight, steam* can be (partially) replaced with air to achieve auto-thermal operation. 

 

 

4.3 Experimental and simulation methods 

4.3.1 Experimental procedure 

Lanthanum strontium ferrite (La0.8Sr0.2FeO3-δ or LSF) supported Fe3O4 is used as the redox 

material, a.k.a. oxygen carrier, for water-splitting. The synthesis method has been reported 

earlier45,46 and is described in ESI. Redox experiments are carried out in a tubular reactor (Fig. 

4.S1) which can be operated under either fixed-bed or fluidized-bed mode. The quartz reactor 

tube has an inner diameter of 19 mm and an outer diameter of 25 mm. The reactor is externally 

heated with a tube furnace (MTI OTF-1200X-S-VT). Temperature inside the reactor is 

measured using a type K thermocouple. A gas mixing panel with multiple mass flow 

controllers (MFCs) is used to deliver gaseous mixtures, e.g. nitrogen and methane, to the 

reactor. Steam is delivered to the reactor through water injection using a syringe pump (KD 

Scientific model 100) followed by vaporization in the preheating zone of the reactor. Prior to 

each experiment, 16 mesh silicon carbide (SiC) particles are loaded at the bottom of the reactor 
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to serve as a gas preheater and distributor. The SiC layer also supports the oxygen carrier 

particles. After loading the SiC particles, 7.5 to 20 grams of iron oxide particles are added on 

top of the SiC layer. In order to mimic the proposed hybrid redox scheme, the tests are carried 

out in two consecutive steps, i.e. methane partial oxidation and water-splitting. Both fixed-bed 

and fluidized-bed operation modes are tested. In typical fixed-bed experiments, the reactor is 

heated under N2 flow of 15 ml/min. In fluidized-bed experiments, 600 ml/min of N2 gas is 

provided during the heating stage to maintain fluidization of the Fe3O4-LSF particles. Once the 

desired temperature (900 °C unless otherwise specified) is reached, 15 ml/min of methane is 

introduced to the reactor. Corresponding gas residence times are 2.66 and 0.12 s for fixed-bed 

and fluidized-bed reactor, respectively. Compositions of the gases exiting the reactor are 

determined using a gas chromatograph (Agilent Micro GC 490) and a Near-IR gas analyzer 

(Emerson X-Stream gas analyzer). In order to inhibit excessive carbon formation from methane 

decomposition, methane injection is stopped when H2/(CO+CO2) molar ratio exceeds 2. 

Water-splitting reaction is carried out after the residue gas from the methane oxidation step has 

been completely purged with N2. The water-splitting reaction is initiated by steam injection. 

15 ml/min (fixed-bed) or 600 ml/min (fluidized-bed) of N2 is used as the internal standard. The 

reaction is stopped when H2 concentration is below 0.1%. The aforementioned redox reactions 

are carried out for 5 cycles. The crystal phases of the metal oxides are analyzed using X-ray 

powder diffraction (XRD) (Rigaku SmartLab) with Cu-Kα (λ=0.1542 nm) radiation in the 20-

80° angle range (2θ). The amount of carbon formation is quantified using a Thermal 

Gravimetric Analyzer (TGA) through combustion of 50 mg sample. The exhaust gas from the 

TGA is analyzed using a quadruple mass spectrometer (QMS, MKS Cirrus 2). The carbon 

content is calculated by integrating the CO and CO2 peaks.  

 

4.3.2 Reactor and process modeling 

Aspen Plus47 is used in the present study to determine the reactor and process performances. 

Detailed simulation assumptions with respect to materials, simulation modules, property 

methods, physical property databanks, and key operating parameters are summarized in ESI 

(Table 4.S1-4.S3). All the relevant reactions in the proposed reaction scheme are summarized 
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in ESI. Prior to comprehensive process analyses, key reactors, i.e. the reducer and oxidizer are 

simulated. Sensitive analysis is conducted to investigate the effect of reactor operating 

conditions using methods reported before.48,49 F-T reactor is simulated using a RStoic model. 

The product distribution is determined using the Anderson–Schulz–Flory distribution: 

    2 1(1 ) n
nW n . Based on a number of published experimental studies, the α value is assumed 

to be 0.873 with 80% CO conversion at 10 atm and 220°C.50–52 After reactor modeling, process 

simulations are conducted based on specifications provided in Tables 4.S1-4.S3, where the 

Aspen Plus flowsheet is shown in Fig. 4.S6. A methane processing capacity of 8 t/hr 

(tonnes/hour) is assumed for all cases. Such a capacity, which requires solar input of 

approximately 60 MWth, allows for integration with existing concentrated solar thermal 

systems,8,53,38 In order to evaluate the effects of key process parameters, three simulation cases 

with different operating conditions are simulated. Since the reducer and oxidizer are operated 

at high temperatures, it is assumed that thermodynamic equilibrium in the two-step reactors 

can be achieved in two simulation cases (Cases I and II). A kinetically limited case (Case III) 

is also investigated using the results obtained from experiments.  Key operating parameters for 

the three simulation cases are summarized in Table 4.1.  
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Table 4.4.1. Operating conditions for the process simulation cases 

 Case I* Case II* Case III# 

Input 
8 t/hr CH4 feedstock and  

52-62 MW solar energy usage 

3 4 4
/Fe O CHn n  0.26 0.26 0.64 

Reducer temperature and 

pressure 

900 °C,  

1 atm 

950 °C,  

10 atm 

900 °C,  

1 atm 

Oxidizer temperature and 

pressure 

750 °C,  

1 atm 

750 °C,  

10 atm 

750 °C,  

1 atm 

CH4 conversion 97.6% 95.1% 95 % 

Syngas yield 96.5% 93.2% 59% 

Steam to H2 conversion 68 % 68% 60% 

Hydrogen purity  100% 100% 97% 

* Conversions calculated based on thermodynamic equilibrium 

# Experimentally obtained conversions (see Table 4.3). A conservative syngas 

yield of 59% is used since it is the lowest value observed in fixed bed 

experiments. 

 

 

 

4.4 Experimental results 

Feasibility of the proposed hybrid solar-redox scheme hinges upon satisfactory performance 

of the oxygen carrier particles for methane partial oxidation and water-splitting. In order to 

evaluate the performance of the Fe3O4-LSF oxygen carriers, cyclic redox operations are 

conducted to mimic the proposed reducer and oxidizer operations. Although Fig. 4.1 illustrates 

a circulating fluidized-bed type of reactor system where oxygen carriers are circulated between 

the reducer and oxidizer, the redox scheme can be carried out in fixed-bed reactors in which 

reactant gases are switched. To investigate the effect of operation modes, both fixed-bed and 
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fluidized-bed operations are investigated in the current study. Five redox cycles are performed 

under a fluidized-bed mode and five additional cycles are performed under a fixed-bed mode. 

Post experimental examination indicates that all the particulates are free flowing with no sign 

of agglomeration. In addition, no oxygen carrier deactivation is identified from the multi-cyclic 

experiments. Representative experimental data are discussed in the following section. 

Quantitative parameters for evaluating the redox experiments are summarized in Table 4.2, 

where in represents molar flow rate of component i.   

 

 

Table 4.4.2. Summary of parameters used to characterize the redox reactions 

Parameters Equations 

CH4 Conversion 
4

4

,

,

(1- ) 100%
CH out

CH in

n

n
  

H2/CO ratio 
2 ,

CO,out

H outn

n
 

Syngas yield 
2

4

, CO,

CH ,in

100%
3

H out outn n

n


  

Steam to H2 Conversion 
2

2

H ,out

H O,in

100%
n

n
  

H2 Purity 
2

2 2

H ,out

H ,out CO,out ,out

100%
CO

n

n n n


 
 

 

 

 

4.4.1 Methane oxidation reaction 

Methane conversion and syngas yield for typical fixed-bed and fluidized-bed CH4 convention 

experiments are shown in Fig. 4.3. Further details with respect to the product gas compositions 

can be found in Fig. 4.S2 (ESI). CH4 conversion is relatively low at the beginning of the 



 

115 

experiments and steadily increase over time. During fixed-bed operations, ~90% methane 

conversion was observed initially. The instantaneous methane conversion increases to nearly 

100% as the reaction proceeds. A similar trend is observed for fluidized-bed operation, which 

has an initial methane conversion of ~20% and a final conversion of ~60%. The increase in 

methane conversion is likely to result from the higher activity for methane activation on 

metallic iron compared to iron oxides. As the reaction proceeds, more reduced iron is available 

to catalyze methane conversion. Excessive reduction of iron oxides, however, leads to coke 

formation from methane decomposition reaction. Syngas yield generally correlates with 

methane conversion at the initial stage of the reaction. Decrease in syngas yield, which 

corresponds to coke formation, is observed towards the end of the experiment. The average 

methane conversion under the fixed-bed mode is 95%. The corresponding syngas (CO+H2) 

yield is 67% with a H2/CO molar ratio of ~2. It is noted that both the fluidized-bed and fixed-

bed experiments are carried out in a semi-batch mode. Therefore, steady-state gas and solid 

conversion profiles cannot be established. The very short gas residence time has contributed 

to the relatively low methane conversion in the fluidized-bed experiments. Improved gas and 

solids conversions can be expected with larger circulating fluidized-bed reactors. Another 

observation is the coexistence of notable amount of CO2 and methane in the gaseous products, 

especially for the fluidized bed experiment (up to 10% CO2 and 58% methane, N2-free basis) 

as well as the initial stage of the fixed bed experiment (up to 11.5% CO2 and 3.7% methane, 

N2-free basis). This indicates that the Fe3O4-LSF oxygen carrier may not be very active for 

catalytic reforming of methane. Further enhancement of the catalytic activity of the oxygen 

carrier will likely improve syngas yield, especially for the fluidized bed operations. When 

compared to previously published experimental data, i.e. about 45% methane conversion and 

15% syngas yield,31 the use of Fe3O4-LSF based oxygen carrier has resulted in significantly 

improved methane conversion and syngas yield. 
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Fig. 4.2. Methane conversion and syngas yield as a function of time in the CH4 oxidizing 

step. (a) 5th cycle fixed-bed (b) 5th cycle fluidized-bed. 

 

 

4.4.2 Water-splitting reaction 

Water-splitting or steam-iron reaction is initiated by introducing steam into the reactor after 

the methane conversion step. Besides H2, small amounts of CO and CO2 are detected, 

especially within the first 4 minutes of the experiment. This corresponds to the gasification of 

carbon deposited during the methane conversion step. Fig. 4.3 shows a representative H2 purity 

profile (water-free basis) during the water-splitting step. The overall H2 purity is 97.2 %. Small 

amount of the CO and CO2 are detected at the beginning of the oxidization, which is resulted 

from coke formed in the methane conversion step. H2 purity after the first 4 minutes is higher 

than 99%. A high steam conversion of 55 to 60% is achieved within the first 60 minutes of the 

oxidation step. Such a conversion is close to the 62.4% steam conversion predicted by 

thermodynamics. In order to confirm the phase and structural stabilities of the oxygen carrier 

particles, X-ray powder diffraction (XRD) and carbon analyses are carried out for spent oxygen 

carriers in both reduced and oxidized forms. XRD spectra of the samples are provided in Fig. 

4.S4. Both wustite and metallic iron are observed in the reduced sample whereas the majority 

of the iron phase in the regenerated sample is magnetite. Iron carbide phases are not identified 

in the reduced sample, indicating that amorphous carbon and/or carbon fiber may represent the 

dominant forms of carbon. Post experiment carbon analyses indicate that steam is capable of 
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removing most of, if not all, the carbon formed on the sample during the methane conversion 

step. Table 4.3 further summarizes the key experimental data obtained from fixed and 

fluidized-bed experiments. Experimental data from the 5th redox cycles are shown since the 

data are quite reproducible among the various redox cycles. The comparisons of the redox 

performance among different redox cycles are shown in ESI (Fig. 4.S5).  
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Fig. 4.3. H2 concentration (water-free basis) during the water splitting step as a function of 

time at 900 °C (5th oxidation cycle under fixed-bed mode). 
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Table 4.4.3. Fixed-bed and fluidized-bed results of the redox reactions 

 
Fixed-bed  

5th cycle 

Fluidized-bed 

5th cycle 

Gas residence time (s) 2.66 0.12 

Cumulative methane conversion (%) 95.3 38.0 

Cumulative syngas yield (%) 67.7 23.0 

Syngas production (mmol/gram of OC) 3.1 7.2 

Cumulative H2/CO molar ratio 1.9 2.6 

Cumulative 

(H2-CO2)/(CO+CO2) molar ratio 
0.97 1.13 

Steam to hydrogen conversion  

in the first 60 min (%) 
60 56.3 

Overall steam to hydrogen conversion (%) 47.2 34.2 

Cumulative hydrogen purity (%) 97.2 97.5 

Carbon Formation (mmol/gram of OC) 0.18 0.24 

H2 yield first 60 min (mmol/gram of OC) 4.3 7.5 

H2 yield (µmol/gram of OC) 5.9 9.6 

 

 

4.5 Aspen Plus® simulations  

The experiments discussed in the previous section confirm the effectiveness of the Fe3O4-LSF 

based oxygen carrier particles for the proposed redox reactions. In the following sections, 

Aspen Plus simulation is used to estimate reactor and process performances of the hybrid solar-

redox concept. 

 

4.5.1 Reactor simulations  

Reducer modeling is first conducted at 1 atm and 900 °C using the Aspen Plus RGibbs model. 

Methane and oxygen carrier particles (Fe3O4) are introduced to the reducer. An important 
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parameter characterizing the effectiveness of an oxygen carrier is the molar flow rate ratio 

between Fe3O4 and CH4, i.e. 
3 4 4

/Fe O CHn n . Fig. 4.4 shows H2/CO ratio, CH4 conversion, and syngas 

yield at various 
3 4 4

/Fe O CHn n . As shown in Fig. 4.4a, the generation of solid C is inhibited when 

3 4 4
/Fe O CHn n is higher than 0.25. In addition, the desired product, i.e. CO and H2, shows a maximum 

yield when 
3 4 4

/Fe O CHn n is around 0.25 (Fig. 4.4b), where the H2/CO molar ratio is about 2. In the 

process simulations, 
3 4 4

/Fe O CHn n equal to 0.26 is selected as the methane to oxygen carrier ratio. 

Table 4.4 compares the simulation predicted reducer performance under various temperature 

and pressure with the experimental data obtained in the fixed-bed. The syngas yield from 

experiments is significantly lower than that predicted from equilibrium based models. This 

results from the low catalytic activity of the oxygen carrier for dry reforming of methane. In 

addition, increase in reducer pressure generally inhibits methane conversion. Steam and/or CO2 

injection can be used to enhance methane conversion and to adjust the H2/CO ratio to around 

2 for Fischer-Tropsch synthesis using a cobalt based catalyst. 

 

The primary function of the oxidizer is to produce hydrogen from steam. The oxidizer model 

is simulated by a multi-stage RGibbs model reported earlier48,54. For the exothermic steam iron 

reaction, equilibrium steam conversion decreases with increasing temperatures. While pressure 

has no effect on equilibrium steam conversion, higher molar ratio between reduced iron and 

wustite (nFe/nFe0.947O) generally leads to higher steam conversion. At 900 °C and 750 °C, 

equilibrium steam conversions are estimated to be 62.4% and 68%, respectively. 

 

4.5.2 Process simulations 

As specified in Table 4.1, three simulation cases of the hybrid solar-redox scheme are studied 

using Aspen Plus. The details of simulation parameters and assumptions are given in the 

experimental section. Cases I and II assume thermodynamic equilibrium in the redox steps. To 

evaluate the effect of operating pressure, Case II assumes a higher pressure of 10 atm for the 

reducer and oxidizer. Case III, a kinetically limited case using experimental data from the 

fixed-bed reactor, is also investigated using the experimental results presented previously. The 
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process simulation results are summarized in Table 4.5. Fig. 4.5 illustrates the energy balances 

of all three scenarios. 
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Fig. 4.4. Reducer performance under various nFe3O4/nCH4 molar flow rate ratios at 1 atm and 

900 °C. (a) Carbon distribution; (b) syngas yield, CH4 conversion and H2/CO ratio. 
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Table 4.4. Reducer performance under various operating conditions from Aspen Plus 

simulation and fixed-bed experiments (CH4 molar flow rate is fixed at 1 kmol/hour) 

 Condition A* Condition B* Condition C* Fixed-bed experiment 

Temperature 900 °C 900 °C 950 °C  900 °C,  

Pressure 1 atm 10 atm 10 atm 1 atm 

3 4 4
/Fe O CHn n  0.26 0.26 0.4 N/A 

H2O injection/CH4 0 0 0.92 0 

CO2 injection/CH4 0 0 0.27 0 

C formation 

(mmol/g of OC) 
0 0 0 0.18 

H2/CO 1.99 1.95 2 1.9 

Syngas yield (%) 96.5% 83.0% 88.7% 59 % 

CH4 conversion 

(%) 
97.6% 88.2% 99.3% 95.3% 

* Thermodynamic equilibrium is assumed for the reducer under the given temperatures and pressures. 

 

 

Taking Case I as an example, 8 t/hr CH4 as well as 52.9 MW concentrated solar energy are 

converted into 2.0 t/hr naphtha, 3.2 t/hr diesel and 0.984 t/hr compressed hydrogen. As a result, 

the HHV efficiency of the overall process is 65.1 %. Without considering the solar energy 

input, the HHV efficiency for methane to fuel/hydrogen conversion is 93.7 %. Such an 

efficiency is significantly higher than those of conventional gas-to-liquids (GTL) processes, 

which are typically 57 to 63% efficient on an HHV basis.55 Case II has hydrogen yields similar 

to those of Case I.  Additional CO2 and steam are injected into reducer to enhance the CH4 

conversion to 95.3%. Resulting from the reduced requirements for gas compressions, Case II, 

which operates at 10 atm, has more electricity produced. Therefore, in spite of its inhibition 

effects for methane conversion, higher operating pressure enhances the overall efficiency of 

the process. Compared to Cases I and II, Case III produces less liquid fuels and more hydrogen. 

The overall efficiency of Case III is slightly lower than those of Case I and Case II. 
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Consideration of kinetic limitations has two competing effects: (i) the lower syngas yield of 

59% in the reducer leads to decreased liquid fuel production. (ii) Decreased syngas yield in the 

reducer leads to increased amount of oxygen deficient metal oxides available for water-

splitting. This leads to increased hydrogen yield. On a methane conversion basis, the 

efficiencies of all three cases are significantly higher than those reported for reforming based 

approaches. Steinfeld et al.6 evaluated solar-thermal water-splitting process based on 

Fe3O4/FeO redox couples. The maximum efficiency is estimated to be 61% without 

considering energy losses from product separation, quenching, purification, and F-T synthesis 

steps. Therefore, the proposed hybrid solar-redox scheme has the potential to utilize methane 

in a significantly more efficient manner. This corresponds to reduced life cycle greenhouse gas 

emissions (i.e., carbon footprint) and increased environmental sustainability.  

 

The life-cycle carbon emission of the hybrid solar-redox process and conventional methane 

reforming processes without CO2 capture are compared in Table 4.6. The calculation includes 

the estimated emission from construction, equipment, fuel transportation and process 

operation. Emissions from the upstream natural gas production activities are assumed to be 9.1 

kg CO2/mmBtu according to DOE reports.56,57 As shown in Table 4.6, the CO2 footprint of the 

hybrid solar-redox process (A) is roughly 22 kg CO2/mmBtu less than hydrogen generation 

from methane-reforming (B) and 31 kg CO2/mmBtu less than methane-reforming based liquid 

fuel generation process (C). When compared with a methane-reforming based hydrogen and 

liquid fuel co-generation process (D), the CO2 emission reduction for the hybrid process is 28 

kg CO2/mmBtu less. This translates to 30% less carbon emission than conventional methane 

reforming for hydrogen and liquid fuel cogeneration. Since the life cycle CO2 emissions for 

petroleum-derived gasoline and diesel are around 95 kg CO2/ mmBtu,58 a CO2 emission quota 

for the liquid fuel products from the solar-redox process can be calculated assuming the 

synthetic fuels are identical to petroleum derived fuels. When such an emission quota is 

subtracted, life cycle CO2 emissions from the H2 product are estimated to be 4 kg CO2/mmBtu 

of H2 or 95% lower than the conventional scheme. To summarize, the proposed hybrid solar-

redox process has the potential to reach high energy conversion efficiency and reduced carbon 
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footprint when compared to traditional approaches based on solar-thermal water-splitting and 

methane reforming.  

 

 

 

Table 4.5. Process mass and energy balances of the Aspen Plus simulation on the three 

hybrid solar-redox 

 Case I Case II Case III 
Concentrated solar 

energy (MW) 
52.9 56.9 61.6 

CH4 conversion 97.6% 95.3% 95.3% 

Syngas yield 96.5% 93.2% 59% 

Syngas 

(kmol/hr)/(t/hr) 
1447/15.5 1399/14.9 878.7/9.66 

H2/CO Ratio 2.0 2.0 1.9 

Naphtha 

(kmol/hr)/(t/hr) 
17.4/2.0 15.3/1.8 10.9/1.2 

Diesel 

(kmol/hr)/(t/hr) 
15/3.2 13.2/2.8 9.4/2.0 

Steam usage (reducer) 

(t/hr) 
0 2.8 0 

Steam usage (oxidizer) 

(t/hr) 
13.5 13.5 30.4 

Compressed H2  

(kmol/hr)/(t/hr) 
487.8/1.0 487.8/1.0 965.6/2.0 

Net power (MW) 13.2 3.0 3.5 

Overall Efficiency 

(HHV) % 
65.1 65.3 64.2 

Efficiency based on 

methane (HHV) % 
93.7 96.1 96.6 
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Fig. 4.5.  Energy balances of the hybrid solar-redox processes based on Aspen Plus 

simulation. (In: energy input into the process; Out: energy output of the process.) 

 

 

 

 

Table 4.6. Comparison of the process efficiency and life-cycle carbon emission 

Process A B C D 

Methane to fuel conversion 

efficiency 
96.6% 70.2% 62.4% NA 

CO2 footprint 

kg CO2/mmBtu 
63.9 85.5 95.0 91.7 

A: Hybrid solar-redox process (Case III) 

B: Methane-reforming for hydrogen generation56,59 

C: Methane-reforming for liquid fuel generation (GTL)57 

D: Methane-reforming for hydrogen and liquid fuel cogeneration 
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4.6 Conclusions 

The current study investigates a hybrid solar-redox process for liquid fuels and hydrogen 

cogeneration from methane and solar energy with a mixed ionic-electronic conductor enhanced 

Fe3O4/FeO1-δ redox couple. Methane is used in the reduction step to enhance iron oxide 

decomposition/reduction reactions at temperatures significantly lower than those in 

conventional solar-thermal water-splitting processes. Key findings from the current study are 

shown below. 

 

The redox performance of a Fe3O4-LSF based oxygen carrier is tested in a lab-scale tubular 

reactor under both fixed and fluidized-bed modes. Repeatable experimental results are 

obtained over multiple redox cycles for syngas partial oxidation and water-splitting.   

 

At 900 °C, 95% average methane conversion is achieved in the fixed-bed. Syngas with 2:1 H2 

and CO molar ratio, which is ideal for F-T synthesis, can be generated. Hydrogen with overall 

purity in excess of 97% is generated in the subsequent water-splitting step. The water-splitting 

step also exhibits high steam to hydrogen conversion. The MIEC enhanced oxygen carrier is 

10 – 20 times more effective than those in conventional water-splitting processes, which are 

carried out at significantly higher temperatures.  

 

Process simulations indicate that high energy conversion efficiencies can be achieved for the 

solar-redox process under both idealized and kinetically limited scenarios. Under a 

conservative set of assumptions, the overall process efficiency is estimated to be 64.2 HHV% 

when considering both methane and solar energy inputs. The methane to fuel efficiency is 96.6 

HHV%. 

 

These experimental and simulation studies confirm the feasibility of the proposed hybrid solar-

redox scheme. Compared to conventional solar-thermal water-splitting processes, the proposed 

solar-redox scheme can be carried out at temperatures lower than 1,000 °C with significantly 

improved kinetics. The reduced operating temperature and simplified energy conversion 
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scheme can result in significantly higher efficiency and lowered carbon footprint when 

compared to conventional processes. 
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Abstract 

Three conventional and novel hydrogen and liquid fuel production schemes, i.e. steam methane 

reforming (SMR), solar SMR, and hybrid solar-redox processes are investigated in the current 

study. H2 (and liquid fuel) productivity, energy conversion efficiency, and associated CO2 

emissions are evaluated based on a consistent set of process conditions and assumptions. The 

conventional SMR is estimated to be 68.7% efficient (HHV) with 90% CO2 capture. 

Integration of solar energy with methane in solar SMR and hybrid solar-redox processes is 

estimated to result in up to 85% reduction in life-cycle CO2 emission for hydrogen production 

as well as 99-122% methane to fuel conversion efficiency. Compared to the reforming-based 

schemes, the hybrid solar-redox process offers flexibility and 6.5 – 8% higher equivalent 

efficiency for liquid fuel and hydrogen co-production. While a number of operational 

parameters such as solar absorption efficiency, steam to methane ratio, operating pressure, and 

steam conversion can affect the process performances, solar energy integrated methane 

conversion processes have the potential to be efficient and environmentally friendly for 

hydrogen (and liquid fuel) production. 
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5.1 Introduction 

Hydrogen is an intrinsically clean energy carrier and the enabling factor for the “hydrogen 

economy” [1]. Besides being combusted for heat generation, hydrogen can be converted into 

electricity in fuel cells at high efficiencies or used as a building-block chemical for oil refining, 

Fischer – Tropsch (F-T) synthesis, and ammonia and methanol productions [2]. As a secondary 

energy source, hydrogen is produced from hydrocarbons and/or water via reforming, 

electrolysis, or thermolysis [3]. These process schemes tend to be energy and/or capital 

intensive. In addition, H2 production from fossil fuels can lead to significant CO2 emission in 

absence of energy-intensive carbon capture and sequestration steps.  Currently, over 90% of 

the world's total hydrogen production is derived from methane, a primary component of natural 

gas, via the well-known steam methane reforming (SMR) process [4,5]. In the foreseeable 

future, natural gas will continue to be the major feedstock for hydrogen production [6].  

 

A typical SMR process is composed of a series of process steps including pretreatment, 

reforming, water-gas-shift (WGS), and product purifications. In the pretreatment step, 

impurities in natural gas such as sulfur compounds are removed to avoid catalyst poisoning. 

Subsequently, methane reforming is carried out by catalytically reacting methane with steam 

at high temperatures to produce syngas: 

4 2 23CH H O CO H          (1) 

2 2 2CO H O CO H          (2) 

The overall reaction is endothermic. Over 75 % methane conversion is typically achieved 

under temperatures ranging between 800 and 900 °C and pressures up to 35 atm [7].  

 

The product gas from the reformer, a mixture of CO, CO2, CH4, H2, and H2O, is then introduced 

into a WGS reactor system. In the WGS system, CO is reacted with H2O in syngas to produce 

additional H2 and CO2 by the WGS reaction (Reaction 2). The WGS reaction is moderately 

exothermic. As a result, the equilibrium favors H2 production at low reaction temperatures [8]. 

Kinetically, however, a high reaction temperature is desired. To address this challenge, typical 
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WGS system is comprised of a high temperature shift reactor for high reaction rates and a low 

temperature shift reactor for high CO conversions. After condensing out steam, the exit gas 

from the WGS system is predominantly hydrogen and CO2 (~20%) as well as some residual 

CO and methane. To produce a high quality hydrogen product, the gas stream is further purified 

by absorption based acid gas removal (AGR) and pressure swing adsorption (PSA) operations. 

The purity of final H2 product is typically 99.9% or higher [7,9].  

 

As a benchmark process for hydrogen production from natural gas, the SMR process generates 

a significant amount of CO2 by-product [10–12]. With the growing concerns over global 

warming, CO2 capture and storage have been recognized as a necessity for SMR operations 

[13]. In commercial SMR processes, CO2 removal is usually achieved by absorption based 

AGR processes using chemical or physical solvents such as monoethanolamine (MEA), 

methyldiethanolamine (MDEA), and dimethyl ethers of polyethylene glycol [7,14]. A large 

amount of steam is required for CO2 desorption in these absorption based processes, lowering 

the overall process efficiency [6,14,15]. In addition, around 20-30% methane is typically 

combusted as a fuel in the reformer furnace to provide the heat for the endothermic reforming 

step, resulting in additional energy penalty. According to the studies performed by Simpson 

and Lutz [4], the majority (~30%) of the exergy destruction in the SMR process is attributable 

to the high irreversibility of combustion and heat transfer between reformer and furnace. 

Another challenge associated with methane combustion resides in the associated CO2 

emissions. The combustion flue gas contains CO2 diluted by nitrogen in the air. As a result, 

CO2 capture from the combustion exhaust gas, which has a low CO2 partial pressure, can be 

particularly energy consuming [13,16]. Feng et al. investigated CO2 capture on SMR via a 

number of configurations including burning H2 instead of CH4 in the furnace, using pure 

oxygen instead of air for fuel gas combustion, applying a pre-reformer to reduce the usage of 

pure oxygen, employing a H2-membrane in the reformer to separate H2 [13]. With a base case 

efficiency of 70% (exergy) in a traditional SMR system, the efficiency drop from these CO2 

capture steps are reported to range from 2% to 13%. To summarize, a hydrogen generation 

scheme with higher efficiency and lower emission is highly desired. 
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An alternative approach to reduce CO2 emissions from methane reforming is to couple SMR 

with concentrated solar energy [17], since the latter is a clean energy source capable of 

providing heat directly to the reaction sites [3,18]. Becker and Funken investigated various 

cases for operating a solar reforming plant [19]. Although they share many similarities, the key 

differences between the solar SMR and conventional SMR are (i) use of solar heat for 

endothermic reforming reactor instead of CH4 combustion; (ii) recycle of the off-gas from the 

PSA to the reformer. Möller et al. [8] performed techno-economic studies on the solar steam 

methane reforming process. In their model, natural gas consumption is reduced by up to 40% 

and H2 product is 20% more expensive compared to the conventional SMR process. Besides 

theoretical studies, up to 500 kW large scale demonstrations of solar reforming have also been 

performed [17,20–22]. CO2 emission is reduced in the solar SMR process by avoiding CH4 

combustion, which accounts for ~20% total CO2 emissions from conventional SMR. The 

challenges of solar SMR reside in reactor design, solar facility cost and stability of the solar 

source. In addition, the complexity of WGS operations and acid gas removal steps impose 

energy penalties to the overall energy conversion scheme. 

 

In addition to steam methane reforming, a so called two-step water-splitting or hybrid solar-

redox process has been proposed to produce hydrogen with redox reaction of metal oxides. In 

such a process, methane and steam are introduced as the feedstock in two redox steps [18,23]: 

4 2(2 )x yM O yCH xM y H CO            (3) 

2 2x yxM yH O M O yH            (4) 

In the first step, methane is oxidized by the metal oxides to generate syngas, which can be used 

for methanol or F-T synthesis. The reduced metal oxides are then reacted with steam in the 

second step to generate H2. Compared to SMR, the above mentioned hybrid solar-redox 

process produces F-T ready syngas and pure H2 with lower CO2 emission and simpler product 

separation steps. Such a scheme may offer a competitive alternative to conventional 

technologies.   

 

http://solarenergyengineering.asmedigitalcollection.asme.org/searchresults.aspx?q=Stephan%20M%C3%B6ller&p=1&s=19&c=0&t=
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A number of research efforts have been directed towards finding effective metal oxides for the 

two-step water-splitting process. Among the various options, iron oxide is abundant and 

relatively cheap [24–26]. However, limited experimental data is available with syngas yield 

and steam conversions generally limited to 25% and 30%, respectively [26–28]. Besides pure 

iron oxides, iron based mixed metal oxides such as ZrO2-supported Ni(II)-ferrite [29], 

Cu−Cr−FeOx [30], Ni-Cr-FeOx [31], ZrO2-supported Co(II)-ferrites [32], have also been 

tested. Up to 90% methane conversions have been reported for some of these mixed oxides. 

However, steam to hydrogen conversions are generally limited to about 25%. Kodama et al. 

[33] reported WO3/W redox system to be a potential oxygen carrier for two-step methane 

reforming. While a relatively high methane conversion of 70% and a CO selectivity of 86% 

are reported, steam to H2 conversion is limited to 30%. He et al. [23] reported the redox 

performance of Fe3O4 enhanced with a mixed ionic-electronic conductor (MIEC) support in a 

hybrid solar-redox process for liquid fuel and hydrogen co-production. Over 95% methane 

conversion in the methane oxidation step and up to 70% steam conversion in the water-splitting 

step are observed. Since the overall efficiency of the hybrid solar-redox process is hinged upon 

the metal oxide performance, the significantly improved methane and steam conversions 

achieved using the MIEC enhanced Fe3O4 may render a process with high efficiency and low 

CO2 emissions. Since direct comparisons among the conventional SMR, solar SMR, and 

hybrid solar-redox process have not been performed, the present study attempts to compare 

these three process schemes under a consistent set of assumptions. 

 

In the present work, three conventional and novel hydrogen (and liquid fuel) production 

schemes, i.e. conventional SMR, solar SMR, and hybrid solar-redox process are evaluated. H2 

productivity, process efficiency, and CO2 emission are analyzed and compared. The 

advantages and disadvantages of these process schemes are also discussed. 
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5.2 Process and model descriptions 

5.2.1 Conventional SMR 

Fig. 5.1A illustrates a simplified flow diagram of a typical SMR process. Methane is used as 

the feedstock. Preheated and pressurized CH4 is mixed with steam and introduced to the 

reformer. The reformer converts CH4 and steam into syngas with typical compositions shown 

in Table 5.1 [7].  The syngas product exiting the reformer is cooled and introduced into WGS 

reactors. A high-temperature WGS reactor with iron catalyst and a low-temperature WGS 

reactor with copper catalyst are typically arranged in series to achieve over 95% CO conversion 

[7,9]. The shifted synthesis gas is cooled further for water condensation followed with an 

MDEA system for CO2 removal. The MDEA system is 90% efficient for CO2 removal [6,34]. 

CO2 captured from MDEA is compressed to 151 atm for sequestration. A pressure swing 

adsorption (PSA) system is then used to produce purified H2 at temperatures around 35–40°C. 

Through PSA, 90% of the H2 is recovered as a product with 99.9% purity [7,9,35].  

 

 

Table 5.1. Typical composition of the synthesis gas leaving the methane reformer [7] 

Component Volume % 

CH4 2 

CO 7 

CO2 6 

H2 44 

H2O 41 

Total 100 

 

 

 

The reforming reactor is highly endothermic. To compensate the heat required, off-gas from 

the PSA system and additional methane is combusted with air in the reformer furnace. High 

temperature gases from the combustor as well as the reformer are introduced to the heat 
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recovery steam generator (HRSG) to produce steam for reforming. In addition, heat from 

exothermic WGS reactions is recovered to produce low temperature steam (at 4.4 atm and 149 

°C) for CO2 stripping.  

 

5.2.2 Solar SMR 

In the case of solar methane reforming, the heat required by methane reforming is directly 

provided by the solar energy, as shown in Fig. 5.1B. As a result, the off-gas from PSA is 

recompressed and introduced back to the reformer. This is the key difference between the solar 

and conventional SMR scheme. The remaining parts of the solar SMR process are similar, if 

not identical to conventional SMR. 

 

5.2.3 Hybrid solar-redox  

The hybrid solar-redox scheme adopts a two-step approach to convert methane into liquid fuel 

and hydrogen. As shown in Fig. 5.1C, syngas from reducer is used for F-T synthesis. Chain 

growth probability factor (α) for F-T is assumed to be 0.91 with 85% CO conversion at 22 atm 

and 249°C [37–40]. H2 generated from the water-splitting step is cooled, cleaned, and 

compressed as the final product. To compensate the heat required for the endothermic methane 

oxidation reaction, solar energy is provided by direct irradiation. The fuel gas containing CH4, 

CO and light hydrocarbons is combusted for heat generation. It is noted that many reactor 

designs for solar-thermal water-splitting can be directly utilized for solar energy integration in 

the current process. For instance, rotary-type and the volumetric gas-particle solar reactors will 

be directly applicable for the proposed solar-redox operations [32,41–43]. More detailed 

description of the process scheme can be found in supplemental file as well as an earlier report 

[23].   
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(A) 

 

 

(B) 

 

(C) 

 

Fig. 5.1. Simplified schematic of the (A) conventional SMR; (B) solar SMR; (C) hybrid solar-

redox process. To operate in the absence of sunlight, steam* (C) can be (partially) replaced 

with air to achieve auto-thermal operation.  
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5.2.4 Summary of simulation cases 

In order to evaluate the different methane conversion schemes, three benchmark cases are 

studied in the present work followed with sensitivity analyses. Key operating parameters for 

these three simulation cases are summarized in Table 5.2. Case I and Case II are conventional 

and solar SMR process respectively, at a nominal pressure of 30 atm. The performance 

parameters of the key reactors described in Section 2.1 and 2.2 are applied in the Aspen models.  

The hybrid solar-redox process (Case III) is also investigated, which is based on the reported 

experimental results [23]. Key experimental data are summarized in Table 5.3. Syngas yield is 

defined as (FH2+FCO)/3FCH4, where F represents the molar flow rate.  

 

 

Table 5.2. Operating conditions for the process simulation cases 

 Case I Case II Case III 

Process scheme Conventional SMR Solar SMR Hybrid solar-redox 

CH4 feedstock 8 ton/h  8 ton/h 8 ton/h 

Solar energy input  No Yes Yes 

Reformer temperature 866 °C 866 °C 900 °C 

Nominal reformer pressure 30 atm 30 atm 1 atm 

Primary products H2 H2 H2 and liquid fuel 

 

 

Table 5.3. Summary of reducer performance from experimental data [23] 

Parameters Unit Value 

Reducer 

Temperature °C 900 

Pressure atm 1 

CH4 conversion % 95.3 

Syngas gas yield % 59 

H2/CO molar ratio mol/mol 1.9 

Carbon formation* mmol/g oxygen carrier 0.18 
   

* Amount of coke formed, i.e. mmol of coke/gram of oxygen carrier, quantified during the experiments. 
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5.2.5 Simulation parameters and assumptions 

ASPEN Plus® simulator [44] is used to evaluate reactor and process performances. CH4 is used 

as the fuel and carbon source. A methane processing capacity of 8 ton/h (123MWth, HHV) is 

assumed for all cases in order to match the solar reactor capacity reported in literature 

[8,21,45]. Table 5.4 specifies the materials involved in the simulations. For the case of hybrid 

solar-redox process, an oxygen carrier composed of Fe3O4 supported by lanthanum strontium 

ferrite (La0.8Sr0.2FeO3-δ or LSF) is used. Since LSF is not available in the Aspen Plus® 

database, an alternative heat carrier, i.e. SiC, is used as the support for simulation purpose. The 

solar absorption efficiency is defined as the net solar energy absorbed by the reactor divided 

by solar power from the concentrator, which is given by  

4

S
absorption

IC T

IC

 



           (5) 

where I is the intensity of solar radiation with a typical value of 1 kW m-2, T is the operating 

temperature, C is the concentration ratio which ranges from 2000 to 10000. αS and ε are the 

effective absorptance and the emittance of the receiver respectively, and σ is the Stefan-

Boltzmann constant [21,46]. Based on the equation above, the estimated absorption efficiency 

is calculated to be 94 – 98% at a reactor operating temperature of 900°C. Considering the 

energy loss at the reactor wall through radiation, conduction, and convection [47], the solar 

energy adsorbed by the redox catalyst is estimated to be 80%, which is consistent with 

previously reported numbers for the solar SMR process [8].  

 

It is noted that such an absorption efficiency is notably higher than typical solar-thermal water-

splitting processes considering the significantly lowered operating temperature. The effect of 

the solar absorption efficiency on the process performance is also discussed in Section 

3.2.1.Hydrogen is the primary product from the reforming and hybrid solar-redox processes. 

The designed product purity is above 99.9%. Besides hydrogen, naphtha and diesel are co-

produced in the hybrid solar-redox process. CO2 is also captured, compressed (15.3 MP), and 

sequestered in all three processes. Aspen Plus modules, property methods, and physical 

property databanks are summarized in Table 5.S1. Table 5.S2 lists the key operating 
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assumptions and parameters used in the process simulations. More detailed information on the 

model of the hybrid solar-redox process can be find elsewhere [23].  

 

 

 

Table 5.4. Specifications of the materials 

Feedstock 

Methane 
HHV (higher heating value) 55.5 MJ kg-1, 

LHV (lower heating value)  50.0 MJ kg-1 

Concentrated solar 

energy input 
55-90 MW [8,21,45] 

Absorption efficiency 

for solar energy 
80% 

Air 79% N2, 21% O2 by volume 

Oxygen carrier Fe3O4, SiC (inert) 

Water H2O 

Output 

H2 product Purity: >99.9%, Pressure: 22 atm 

Naphtha C6-C11 

Diesel C12-C18 

CO2 Purity: >99.9%, Pressure: 151 atm 

 

 

 

5.3 Results and discussion 

5.3.1 Case study comparisons 

Simulation results of the three benchmark cases are summarized in Table 5.5. Fig. 5.2 

illustrates the energy generation/consumptions for these cases. Compared to Case I, Cases II 

and III exhibit higher energy conversion efficiencies after solar energy integration. Further 

discussions of these three cases are provided in the following sections. 
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Table 5.5. Process mass and energy balances for Cases I-III 

 Case I Case II Case III 

Material balance (kmol/h) 

CH4  500 500 500 

Supplemental (combustor) CH4 201 NA NA 

Generated H2 1561.8 2000.0 965.6 

Captured CO2 630.8 500.0 241.3 

Liquid fuel NA NA 21.6 

Energy in (MW) 

CH4 (HHV/LHV) 174.1/155.7 123.3/111.1 123.3/111.1 

Solar Energy NA 90.5 58.4 

Electricity 4.9 5.2 NA 

Energy out (MW) 

Naphtha & Diesel (HHV/LHV) NA NA 41.0/39.2 

H2 (HHV/LHV) 123.0/104.1 157.6/133.3 76.1/64.4 

Electricity NA NA 5.5 

Efficiency (HHV) 68.7 71.9 67.5 

Efficiency (LHV) 64.2 64.3 64.4 
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Fig. 5.2. Energy balances (HHV) of the four studied cases based on Aspen plus® simulation. 
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5.3.1.1 Conventional SMR 

Case I mimics the conventional SMR process. The underlying assumptions are similar to those 

reported by DOE [7,9]. The scheme operates at a nominal pressure of 30 atm. Steam to CH4 

molar ratio for the reformer is 4.1 in order to ensure adequate steam for the WGS reactions. A 

87% methane conversion is assumed in the reforming step with CO yield of ~47% and CO2 

yield of ~40%. With 8 ton/h CH4 as the feedstock into the reformer, 3.5 ton/h H2 with 99.9 % 

purity [48] are generated and compressed to 20 atm. In the meantime, 27.8 ton/h CO2 is 

captured while 1.2 ton/h CO2 is emitted to the atmosphere in the stack gas. The CO2 capture 

consumes about 38 ton/h steam a 4.4 atm and 149°C. Overall, the efficiency of the 

conventional SMR process is 68.7 % and 64.2 % under HHV and LHV basis, respectively. 

 

5.3.1.2 Solar SMR 

Solar SMR is simulated in Case II. Similar to conventional SMR, the process is comprised of 

reforming, WGS, CO2 removal, and H2 purification steps. Despite the very similar simulation 

models, the main differences between Case II and Case I include solar energy integration and 

elimination of the combustor block for the SMR reaction. Resulting from 90.5 MW of solar 

energy input, the final H2 product yield is 4 ton/h, which is 28% higher than Case I. Since no 

supplementary CH4 is needed, the total methane consumption in Case II is 28.7% less than that 

in Case I.  Overall, 22 ton/h CO2 is captured from Case II. The overall efficiency of the solar 

SMR is estimated to be 71.9 % (HHV) and 64.3 (LHV). Compared to Case I, 2.2% increase in 

HHV efficiency is achieved from solar energy integration. However, only a slight (0.1%) 

increase in LHV efficiency is observed. This is because solar energy has identical HHV and 

LHV values whereas LHV of methane is 9% lower than its HHV. The lower HHV efficiency 

of Case I is largely resulted from the increased energy consumption for CO2 capture and 

compression from the combustor flue gas. In addition, the larger amount of high temperature 

flue gas from Case I leads to energy loss in the form of sensible and unrecoverable latent heat. 

 

 

 



 

145 

5.3.1.3 Hybrid solar-redox process 

Case III incorporates the experimental data summarized in Table 5.3. In the reducer, CH4 

conversion is 95.3% and syngas yield is 59 % [23]. 8.5 ton/h CO and 1.1 ton/h H2 is generated 

from the reducer. F-T unit and upgrader generates liquid fuel containing 1.44 ton/h naphtha 

and 1.88 ton/h diesel. As a by-product, 11.7 ton/h CO2 is captured. After purified by PSA, yield 

of H2 product is 1.9 ton/h. With respect to heat integration, 58.4 MW concentrated solar energy 

is consumed for the endothermic methane-iron oxide reactions. The fuel gas after F-T is sent 

to the combustor to generate power for parasitic usage. Coupled with process heat recovered 

by the HRSG, the net electricity generation is 5.5 MW. The overall process efficiency is 67.5% 

(HHV) and 64.4% (LHV). Compared to Case II, solar energy consumption is reduced by 50% 

in Case III. One of the reasons is the heat recovered from F-T synthesis. The slightly 

exothermic steam-iron reaction simplifies the process heat integration. It is also noted that the 

amount of CO2 generated in Case III is 47% less than Case II, which results in less steam 

consumption in the CO2 capture step. Overall, Case III shows lower HHV efficiency due to 

the additional energy and exergy loss for the liquid fuel synthesis step. Under an LHV basis, 

however, hybrid solar-redox process (Case III) shows higher energy conversion efficiency than 

both conventional and solar SMR processes. 

 

5.3.2 Sensitivity analyses 

5.3.2.1 Effect of solar absorption efficiency 

Cases II and III utilize concentrated solar energy to compensate the endothermic methane 

reforming reactions. As can be expected, solar absorption efficiency is of importance for the 

solar based processes. As shown in Fig. 5.3, process thermal efficiencies for solar SMR and 

hybrid solar-redox processes monotonically increase with increasing absorption efficiency. 

Efficiency of the conventional SMR is unaffected by absorption efficiency. A solar absorption 

efficiency of at least 72% is required in order for the solar SMR to be more efficient (HHV 

based) than conventional SMR. In addition, solar SMR is more sensitive to solar absorption 

efficiency than the hybrid solar-redox process since the latter consumes relatively less solar 

energy per mole of CH4 converted (partially offset by exothermic F-T reactions and simpler 
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separation schemes). LHV efficiencies of the two solar processes are largely comparable when 

solar absorption efficiency is between 75 – 85%.  
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Fig. 5.3. Effect of solar absorption efficiency on (A) HHV based and (B) LHV based process 

efficiency 

 

 

5.3.2.2 Conventional and solar SMR: effect of steam to carbon ratio 

The molar flow rate ratio between steam and CH4 in the reformer inlet stream is defined as 

steam to carbon (H2O/C) molar ratio. High H2O/C ratios are typically used to enhance methane 

conversion and to reduce coke formation on the reforming catalyst. Sensitivity analysis is 

conducted to investigate the effect of H2O/C ratio on the process performance. The reformer 

and WGS performances are assumed to be unchanged under the relatively narrow range 

investigated. The results are presented in Fig. 5.4. For conventional SMR, higher H2O/C ratios 

lead to increased methane usage since more methane needs to be combusted to generate 

additional steam. Similarly, higher steam consumption leads to increased solar energy input 

for solar SMR. When H2O/C ratio increases from 3.5 to 5, the process thermal efficiency is 

estimated to decrease by around 3% (HHV) for conventional SMR.  And the efficiency of solar 

SMR process is estimated to decrease by around 4.5% (HHV). Under standard operating 
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conditions, solar SMR consumes more steam than conventional SMR since PSA flue gas is 

recycled to the reformer. It results in higher steam amount under same H2O/C ratio compared 

to conventional SMR. As a results, when H2O/C ratio increases, the decrease in efficiency is 

more significant in solar SMR case. 
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Fig. 5.4. The effect of steam to carbon molar ratio (H2O/C) on the efficiency of  

(A) conventional SMR process; (B) solar SMR process 

 

 

5.3.2.3 Hybrid solar-redox: effect of process pressure 

From a thermodynamic standpoint, the reactions between CH4 and metal oxides in the reducer 

are favored under low pressures. The effect of pressure on reducer performance is illustrated 

in Fig. 5.5A. While decrease in methane conversion and syngas yield at high pressures are 

undesirable, higher pressures offers the potential advantages to save energy on gas 

compressions. Fig. 5.5B shows the process performance under various process pressure from 

1 to 30 atm. Under these simulations, thermodynamic equilibriums are assumed in both reducer 

and oxidizer, which is slightly different from that in Case III. In addition, the reducer 

temperature is fixed at 900°C and the oxidizer is at 750 °C. Pressure has no effect on 

equilibrium steam conversion in the oxidizer [49,50]. As shown in the Fig. 5.5B, hydrogen  
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Fig. 5.5. Effect of the hybrid solar-redox process nominal pressure on the performance of (A) 

reducer; (B) process performance. Thermodynamic equilibriums are assumed in both reducer 

and oxidizer. 
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generation rates and liquid fuel yields are similar under different operational pressures. 

However, solar energy consumption increases with increasing pressure. The process efficiency 

(HHV) is projected to drop by about 6% when the system pressure is increased from 1 to 30 

atm. The efficiency loss is mainly resulting from reduced CH4 conversion and syngas yield at 

elevated pressure, which leads to a large amount of CO, H2 and CH4 for recycle. The cooling 

and reheating of these unconverted gases incur significant penalty for the process and 

outweighs the benefits in energy savings for compression operations.  

 

 

5.3.2.4 Hybrid solar-redox: effect of steam to H2 conversion in the oxidizer 

While steam to H2 conversion in the oxidizer does not impact the production rates of H2 and 

liquid fuels from a mass balance standpoint, it significantly affects heat integration of the 

process. With lower steam to H2 conversion, more steam is required for the oxidizer. In the 

meantime, the amount of power generated by the steam turbines may also vary. Taking Case 

III as the reference case, four conditions with steam to H2 conversion from 50% to 80% are 

investigated, where the results are shown in Fig. 5.6. With increasing conversion, the solar 

energy consumption is decreased slightly since less steam is generated for oxidizer. 

Meanwhile, the electricity generation increases, which is attributable to the larger amount of 

heat carried by the steam exiting oxidizer. As a result, when the steam conversion in the 

oxidizer is increased from 50% to 80%, the process efficiency increases from 64.5% to 69.3%. 
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Fig. 5.6. Effect of the steam to H2 conversion in the oxidizer on the process performance 

 

 

 

5.3.3 Hybrid solar-redox process: effects of flue gas separation and operating temperatures 

5.3.3.1 F-T flue gas separation 

As discussed in Section 3.2.3, the process efficiency is lower at elevated pressures due to 

lowered CH4 conversion and the needs to increase recycle rates for unconverted fuels. One 

potential strategy is to separate H2 from F-T flue gas using PSA. In the meantime, steam can 

be injected in the reducer to generate more H2 to achieve 2:1 H2/CO molar ratio for F-T 

synthesis. As a result, CH4 conversion can be enhanced. The results for this alternative process 

configuration are shown in Table 5.6. Comparing with reference case where the flue gas is 

completely recycled, more H2 is generated and less solar energy is required for reducer. As a 

result, the process thermal efficiency (HHV) is increased from 59.4% to 66.1%, which is 

comparable with the process operating at atmosphere pressure. The potential limitation of 

adding PSA is the increased process complexity. 

 

5.3.3.2 Reducer temperature 

Another alternative way to improve the process efficiency is to increase the reducer 

temperature. However, increasing reducer temperature will cause decrease in solar absorption 
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efficiency. Additional case with reducer operated under 1000 °C and 30 atm is studied. As can 

be seen in Table 5.6, with increasing reducer temperature, the CH4 conversion is increased, 

leading to savings in solar energy consumption. The resulting process thermal efficiency is 

68.9% or 2.8% higher than the case discussed in Section 3.3.1.Therefore, slight increase in 

reducer temperature can potentially improve the process performance. 

 

 

Table 5.6. Strategy to improve the hybrid solar-redox process efficiency 

 Reference Case* 
H2 separation from 

F-T flue gas – 1 

H2 separation from F-T 

flue gas – 2 

Reducer T 900 °C 900 °C 1000 °C# 

Solar Energy (MW) 87.5 73.9 67.8 

Liquid fuel (MW) 82.1 79.1 79.7 

H2 (MW) 38.3 47.6 47.7 

Process Efficiency 

(HHV) 
59.4 66.1 68.9 

* Equilibrium case with 30 atm nominal operating pressure as described in Section 3.2.3. 

# The solar absorption efficiency at 1000 °C is assumed to be identical to that at 900 °C. 

 

 

 

5.3.4 Comparisons of the three process schemes  

Compared to the conventional and solar SMR processes, the hybrid solar-redox scheme offers 

an alternative approach to coproduce liquid fuel besides hydrogen. The previous discussion 

indicates that the solar based processes compare favorably, if not better, than conventional 

SMR from an energy conversion efficiency viewpoint. It is also noted that the HHV and LHV 

efficiencies can vary significantly for different processes, due mainly to the difference in 

product compositions and type of energy input. In order to directly compare the efficiencies of 
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all three processes, an equivalent efficiency assuming H2 and liquid fuel co-production 

evaluated for both conventional and solar SMR. The equivalent efficiency is defined as:  

2
(1 )equ H LFR R              (6) 

In which the efficiency of H2 production (ηH2) is obtained from the SMR Case studies. The 

liquid fuel production efficiency (ηLF) of a conventional gas to liquids (GTL) process is 

assumed to be 55.5% (HHV) based on literature reports [51]. R is the percent of H2 product 

(HHV) to the sum of H2 and liquid fuel products (HHV).  As shown in Table 5.7, the equivalent 

efficiency of hybrid solar-redox process is 7.7% higher than conventional SMR and 8.6% 

higher than the solar SMR processes on an HHV basis. Therefore, the hybrid solar-redox 

process not only offers multiple products, it also has a higher efficiency than a simple 

combination of SMR and GTL (gas to liquids) processes. 

 

Besides energy conversion efficiency, life cycle CO2 emission is another important parameter 

for energy conversion processes. The life-cycle carbon dioxide emission considers emissions 

from mining, processing, fuel transportation, plant construction, process operation, and 

product utilization. According to DOE reports [36,52], emissions from the upstream natural 

gas production activities are about 8.6 g CO2/MJ. Emissions associated with electric power 

generation are between 165-173 g CO2/MJ [51]. Based on such data, the life cycle CO2 

emissions from the three cases are presented in Fig. 5.7A. With solar energy integration, CO2 

emission is reduced in solar based process without CO2 capture. When CO2 capture system is 

installed, the hybrid solar-redox process exhibits the highest overall CO2 emission since 

significant amount of carbon in methane is converted into liquid fuel products.  

An alternative approach to evaluate the emission data is to consider that the synthetic liquid 

fuels from the solar-redox process is as carbon intensive as petroleum based fuels.  Under such 

an assumption, life cycle CO2 emissions from the H2 product are calculated by subtracting the 

emission quota from liquid fuel products. Since the life cycle CO2 emissions for petroleum-

derived gasoline and diesel are approximately 90 g CO2/ MJ [53], the life cycle CO2 emissions 

associated with H2 products are estimated to be 2.8 g CO2/MJ with CO2 capture. This 

corresponds to roughly 15% of the CO2 emission of H2 produced from conventional SMR or 
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20% of solar SMR. To summarize, the hybrid solar-redox process has the potential to reach 

high energy conversion efficiency and reduced carbon footprint for H2 production when 

compared to traditional and solar SMR processes. The challenges for the hybrid solar-redox 

process reside in the activity of the redox catalyst as well as the requirements for cyclic redox 

operations. 

 

 

Table 5.7. Equivalent efficiency for H2 and liquid fuel coproduction 

 
SMR 

(Case I) 

Solar SMR 

(Case II) 

Hybrid solar-redox 

(Case III) 

Nominal efficiency 

(HHV) 
68.7% 71.9% 67.5% 

Nominal efficiency 

(LHV) 
64.2% 64.3% 64.4% 

Equivalent efficiency 

(HHV) 
59.8% 60.9% 67.5% 
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Fig. 5.7. Life-cycle CO2 emission for (A) all the products, (B) H2 product 

Case I: conventional SMR; Case II: solar SMR; Case III: hybrid solar-redox. 
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5.4 Conclusion 

Three methane to H2 schemes, i.e. conventional steam methane reforming, solar steam methane 

reforming, and hybrid solar-redox processes, are evaluated using a consistent set of 

assumptions. Integration of solar energy with methane conversion is found to result in higher 

HHV efficiencies when compared to conventional SMR processes. Sensitivity analyses 

indicate that lower solar absorption efficiency adversely affect the efficiency of the two solar-

based processes whereas efficiencies of SMR based processes can be affected by steam to 

methane ratio. The hybrid solar-redox process generally favors low operating pressure, under 

which CH4 conversion and syngas yield in the reducer are high.  Steam conversion in the 

oxidizer also plays an important role for the overall efficiency of the hybrid solar-redox 

process. 

 

Compared to conventional and solar SMR processes, the hybrid solar-redox process offers an 

efficient yet flexible alternative to convert methane and solar energy into a combination of 

hydrogen and liquid fuels at high efficiency. Under a conservative set of assumptions using 

experimental data, the overall process efficiency is estimated to be 67.5 HHV% and 64.4 

LHV% when considering both methane and solar energy inputs. The methane to fuel efficiency 

from the hybrid solar-redox process is estimated to be 99.4% on an HHV basis. As a novel 

process that co-produces liquid fuels and H2, the hybrid solar-redox process is estimated to be 

7.7% (HHV) more efficient than SMR based co-production processes. The efficiency increase 

is resulted from solar energy input and improved energy integration scheme. In addition, life 

cycle CO2 emission associated with H2 product for the solar-redox process is 85% lower than 

conventional approaches. 

 

To summarize, use of solar energy to assist methane conversion represents a promising method 

that can potentially enhance the efficiency for methane conversion while reducing CO2 

emissions. Compared to the SMR based process schemes, the hybrid solar-redox process offers 

the flexibility to co-produce H2 and liquid fuel with high efficiency. While the integration of 

solar energy can be capital intensive, the potential to improve process efficiency and reduce 
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CO2 emission justifies continued research and development efforts for these advanced methane 

conversion schemes. 
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Graphic abstract: 

Under a cyclic redox mode, a perovskite promoted iron oxide exhibited 77% steam-to-

hydrogen conversion in a layered reverse-flow reactor. 
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Abstract  

We report a perovskite promoted iron oxide as a highly effective redox catalyst in a hybrid 

solar-redox scheme for methane partial oxidation and water-splitting. In contrast to previously 

reported ferrite materials, which typically exhibit 20% or lower steam to hydrogen conversion, 

La0.8Sr0.2FeO3-δ (LSF) promoted Fe3O4 is capable of converting more than 67% steam with 

high redox stability. Both experiments and a defect model indicate that the synergistic effect 

of reduced LSF and metallic iron phases is attributable to the exceptional steam conversion. 

To further enhance such a synergistic effect, a layered reverse-flow reactor concept is 

proposed. Using this concept, over 77% steam to hydrogen conversion is achieved at 930 °C, 

which is 15% higher than the maximum conversion predicted by second law for unpromoted 

iron (oxides). When applied to the hybrid solar-redox scheme for liquid fuels and hydrogen 

co-generation, significant improvements in energy conversion efficiency can be achieved with 

reduced CO2 emissions. 
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Besides being an important feedstock for petroleum and chemical industry, hydrogen is 

identified as an attractive, zero-emission fuel due to its high (weight-based) energy density.1 

At present, over 90% hydrogen is produced from fossil fuels, leading to notable greenhouse 

gas emissions from a life cycle standpoint. Unlike conventional reforming or gasification based 

approaches, water-splitting has the potential for hydrogen production with minimal 

environmental impacts. Extensive research has been conducted on H2 generation using 

renewable resources.2,3 Compared to photocatalytic water-splitting, thermochemical routes 

offer the potential to transform thermal energy to H2 in a relatively simple yet effective manner. 

As an alternative to direct water thermolysis, which proceeds at extremely high temperatures 

(>3000 °C), two-step solar thermochemical water-splitting based on metal oxide reduction and 

oxidation (redox) cycles has emerged as a highly attractive approach.4 Although a number of 

promising redox materials and schemes have been developed4,5, the metal oxide reduction step 

in typical solar thermochemical water-splitting processes requires relatively high temperatures 

(> 1200 °C). In addition, steam conversion in the water-splitting step is often limited. An 

alternative redox-based approach for water-splitting is the steam–iron process.5 In such a 

process, lattice oxygen in iron oxides is first removed by syngas, producing wüstite and/or 

metallic iron. The reduced ferrites are then used for water-splitting and hydrogen generation. 

A number of (supported) iron oxides6, including Fe3O4-CeO2-ZrO2
7

, Fe3O4-Al2O3
8,9, Fe3O4-

MgAl2O4
10

 and Fe3O4-Ce0.5Zr0.5O2
11, have been investigated for steam-iron applications. The 

reported steam to hydrogen conversion is generally less than 20%. This, coupled with 

incomplete syngas conversion during the iron oxide reduction step, limits the process 

efficiency. We reported a hybrid solar-redox scheme for liquid fuel and hydrogen co-

production from methane and solar energy.12 Using a perovskite-supported iron oxide, high 

process efficiency and near zero CO2 emissions for hydrogen generation are shown to be 

feasible. A key factor for the significantly improved efficiency resides in the high steam to 

hydrogen conversion for water-splitting. 

 

Low steam conversion in the water-splitting step will exert inevitable energy penalty on the 

process, since the second law dictates that latent heat in the steam-H2 product mixture cannot 
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be fully recuperated. A second law analysis (see ESI) indicates >3 kJ of exergy loss for every 

additional mole of unconverted steam. In practice, steam to hydrogen conversion for metallic 

iron and iron oxides is thermodynamically limited. For instance, at 930 °C, a maximum steam 

to hydrogen conversion of 62.3% is calculated by thermodynamic equilibrium of the FeOx-

H2O-H2 ternary system (see ESI). Many of the iron containing redox materials exhibit even 

lower affinity to oxygen, leading to lower equilibrium constants for the water-splitting reaction 

(Reaction 1). The present article reports a highly effective, ferrite-based redox material for 

combined methane partial oxidation and water-splitting. Using perovskite-promoted iron oxide 

coupled with a layered reverse-flow reactor concept, over 77% steam to hydrogen conversion 

is achieved at 930 °C. The exceptional conversion, which is 15% higher than the maximum 

conversion predicted by the second law for iron (oxides), is achieved through synergistic 

effects between iron oxide and its perovskite support as well as a novel, layered reverse-flow 

reactor concept.  

MeOx-1 + H2O  MeOx + H2                                        Reaction 1 

 

To validate their high efficacy for water-splitting, iron oxides with 25% and 40% 

La0.8Sr0.2FeO3-δ (LSF) support are prepared and tested in a fixed-bed reactor. The primary role 

of LSF support is to provide ionic and electronic conduction pathways for effective removal 

and replenishment of active lattice oxygen in iron oxides. Such an effect has been confirmed 

through our recent studies.12-15 A reduced iron phase is first created by contacting the redox 

material with hydrogen or CO. H2 is used as reducing gas to rule out coke formation and its 

subsequent contribution towards H2 generation through steam-carbon reaction. When re-

oxidized, steam to H2 conversion of these perovskite-supported redox materials (64±0.7% and 

67±1.3%) as shown in Fig. 6.1 are consistently higher than those predicted by the FeOx-H2O-

H2 equilibrium (62.3%) at 930 °C. Excellent stability is also achieved over multiple redox 

cycles (see ESI). Similar steam conversions are observed for redox materials reduced with CO. 

The exceptional steam conversion with LSF-supported iron oxide, which is higher than the 

nominal thermodynamic limit of 62.3%, is certainly not unphysical. Rather, it can be explained 

by the high oxygen affinity of LSF precursors as well as the oxygen vacancies in reduced LSF. 
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Fig. 6.1. Average steam conversion (%) of Fe3O4-LSF in the oxidation step at 930 °C 

(regenerated to an average composition of FeO0.5). Error bars indicate 95% confidence interval 

for steam conversion form multi-cycle experiments (see ESI). Red dash-dotted line shows the 

maximum steam conversion for FeOx-H2O-H2 ternary system based on thermodynamic 

equilibrium. Black dashed line shows the highest literature-reported steam conversion. 6-11 

 

 

In order to reveal the contribution of LSF to the overall water-splitting reaction, steam 

oxidation of reduced LSF-Fe2O3 is conducted in a thermal gravimetric analyzer (TGA). A H2-

steam mixture with decreasing H2 concentrations is introduced into the TGA, and the sample 

weight change is recorded. Weight gain of the sample under a specific H2 concentration, 

defined as FH2 (FH2+FH2O)-1, indicates that the sample is capable of achieving the 

corresponding or higher steam to H2 conversion. In Fig. 6.2A, four regions are found under 

varying H2 concentrations. The corresponding phases are analyzed by X-ray powder 

diffraction (XRD) (Fig. 6.2B). The reduced redox material is primarily composed of a 

composite of Fe, La2O3, and a very small amount of LaSrFeO4- δ. These reduced metallic iron 

and oxide species are stable under 100% H2 (Region I). However, they are easily oxidizable 

even in the presence 95% H2 balanced steam (PO2=5×10-19 atm at 930 °C). Such a high affinity 

to oxygen is not observed in a pure Fe-O system, as iron is only oxidized to wüstite at PO2 = 

6×10-17 atm or higher (equivalent to 62.3% steam conversion). The main driving force for the 
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exceptional steam conversion, as evidenced by XRD spectra of the partially oxidized sample 

in Region II, is the solid state reaction among iron, La2O3, and SrO in the presence of water as 

well as water-splitting reaction of defected LSF. Such reactions can be generalized as: 

 

La0.8Sr0.2FeO3-δ’ + (δ’- δ) H2O  La0.8Sr0.2FeO3-δ + (δ’- δ) H2    Reaction 2 

 

where 0 ≤ δ < δ’ ≤ 1.6.  The specific reaction involved in Region II is: 

 

0.4La2O3 + 0.2SrO + Fe + (1.6- δ) H2O  La0.8Sr0.2FeO3-δ + (1.6- δ) H2   Reaction 3 

 

Reaction 3 can be considered as a special case of Reaction 2, under which the oxygen defect 

concentration is too large to maintain a stable perovskite structure. The contribution of 

Reactions 2 and 3 to overall water-splitting reaction can be determined based on defect 

formation energies in LSF perovskites, which can accommodate significant oxygen non-

stoichiometry resulting from acceptor (Sr) doping in its A-site cations and the variable valence 

states of its B-site (Fe) cations.16 Using the defect model proposed by Mizusaki and Murugan 

et al17-19, the relationship between oxygen vacancy (δ) and oxygen partial pressure is 

determined by: 
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                           Equation 1         

             

where x = 0.2 for La0.8Sr0.2FeO3-δ. Since the above model is suited for defected perovskites 

with very high steam conversions, it can accurately estimate steam conversions in both 

Reaction 2 and 3. As shown in Fig. 6.2A, the model predictions (see ESI for details) are in 

good agreement with TGA results. The slight over-prediction in Region II and III is partly due 

to incomplete reduction of the sample prior to steam oxidation, as confirmed by XRD in Fig. 

6.2B.  
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(A)                                                                        (B) 

Fig. 6.2. (A) TGA profile of the reduced Fe3O4-LSF particle oxidized by steam and hydrogen 

mixture at 930°C. (I) in the presence of pure H2; (II) oxidized by 95% H2 (balance steam, N2-

free basis); (II) oxidized by 63% H2; (IV) oxidized by 15% H2. (B) XRD results of the particles 

when weight is stabilized in regimes (I), (II), (III) and (IV). 

 

 

In the subsequent oxidation step in Region III, the main oxygen acceptor for water-splitting is 

metallic iron, forming wüstite. Oxygen vacancies in the LSF phase also contribute to a small 

fraction of the oxygen uptake. The corresponding steam to H2 conversion in such a step is 

shown to be around 63%, which is in-line with equilibrium steam conversion between Fe to 

FeO (62.3%). As confirmed via TGA, iron (oxide), through phase transition from iron to 

wüstite, is responsible for 85.8% of the hydrogen generated from water-splitting with the LSF 

phase contributing the remaining 14.2%. The contribution from the LSF phase, albeit small, is 

essential for steam conversion (Fig. 6.3A). Based on the defect model, theoretical steam 

conversion for 25 wt% LSF promoted iron oxide is predicted to be 65.7% assuming iron and 

LSF phases act independently for water-splitting (additive effect). Besides the abovementioned 

additive effect, which is appropriate to describe composite LSF-iron oxide redox catalysts in a 

conventional fixed bed, one can also envision a scenario under which steam reacts with reduced 

iron (oxide) and LSF in a sequential manner. Such a configuration puts steam in sequential 
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contact with two redox materials with increasing oxygen affinity (or water-splitting efficacy). 

As a result, the overall thermodynamic driving force for water-splitting is maximized. As 

illustrated in Fig. 6.3B, further improvement in steam conversion can be anticipated under the 

sequential case.  

 

In order to achieve the perceived advantage of the sequential reaction scheme, a layered 

reverse-flow reactor design using Fe3O4-LSF is proposed for combined syngas generation and 

water-splitting. As illustrated in Fig. 6.4, the reactor is composed of two layers. The bottom 

layer is iron (oxide) rich, whereas the top layer is primarily composed of LSF. A small amount 

of LSF at the bottom layer is necessary to prevent iron oxide sintering and deactivation. During 

the syngas generation stage, methane is introduced from the top of the reactor, producing 

syngas while removing the active lattice oxygen from both LSF and iron oxide-LSF layers. 

Since LSF has higher resistance towards coke formation,15 injecting methane from the LSF 

end would be advantageous. Upon completion of the reduction reaction, steam is introduced 

from the bottom of the reactor to react with the reduced iron oxide-LSF layer and then the LSF 

layer. Such an arrangement maximizes the thermodynamic driving force for water-splitting 

while taking advantage of the unique properties of LSF for methane partial oxidation. As a 

result, high syngas yield and exceptional steam conversion can be achieved. The concept 

illustrated in Fig. 6.4 can be extended to general cases where concentration gradients of LSF 

and iron oxide are created along axial position of the fixed bed reactor. 
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(A)                                                                     (B) 

Fig. 6.3.  (A) Equilibrium steam conversion calculated based on an additive effect and 

sequential effect for iron oxide promoted with 25wt% LSF at 930 °C; (B) Schematic 

illustration of the additive and sequential cases. nO-Fe and nO-LSF represent the oxygen uptake 

by reduced iron oxide and LSF during water-splitting. XO-Fe and XO-LSF are equilibrium steam 

conversions for reduced iron oxide and LSF. XH2O,Add and XH2O,Seq refer to overall steam 

conversion in additive case and sequential case (equations shown are generally applicable to 

redox catalysts with <50 wt% LSF).  
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Fig. 6.4. Schematic of the proposed layered reverse-flow redox process with exceptional 

steam conversion and syngas yield. 

 

 

 

Fixed bed testing is performed to validate the layered reverse-flow concept. The reactor is 

comprised of an LSF layer added on top of an LSF-iron oxide layer. Overall, the reactor is 

comprised of 55% iron oxide with a balance of LSF. Key results of the redox reactions are 

summarized in Table 6.1. 99% methane conversion and 62% (±3%) syngas yield was achieved 

in the reduction step. In the oxidation step, steam conversion in excess of 77% was achieved. 

A comparison of steam conversion is illustrated in Fig. 6.5. Using the layered reverse-flow 

concept, steam conversion was increased by over 10% when compared to a regular fixed bed. 

Such a conversion is also 15% higher than thermodynamically predicted conversion for pure 

iron oxides, which is the main contributor to water-splitting. An ASPEN Plus® model is used 

to simulate the performance of the layered reverse-flow concept in the hybrid solar-redox 

scheme.12,20 Based on the experimental data, the overall process efficiency is determined to be 

63.1% (HHV) or 15.1% higher than a case with 20% steam conversion (maximum steam 

conversion reported in literature). It is noted that steam conversion in excess of 77% is also 

feasible by adjusting the relative amounts of LSF and iron oxide in the reactor. Fig. 6.6 
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illustrates the relationships among La/Sr usage, H2 generation capacity, and steam conversion. 

As can be seen, increase in La/Sr usage increases steam conversion. In the meantime, H2 

generation capacity of the redox catalyst is anticipated to decrease with increased catalyst cost. 

Overall, relatively low loading of La/Sr (~10 – 30 wt%) may result in a balance in terms of 

steam conversion (65-99%), H2 generation capacity (12.3 – 9.4 mmol g-1), and redox catalyst 

cost. 

 

 

Table 6.1. Summary of the redox reactions performance 

Syngas yield 

moles (mole of methane)-1 
1.78 

H2 yield 

moles (mole of methane)-1 
1.93 

Methane conversion 99% 

Steam conversion 77.2% 

Hydrogen purity 98.5% 

ASPEN simulated process efficiency  63.1% (HHV) 
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Fig. 6.5. Steam to hydrogen conversion in the oxidation step after CH4 reduction at 930 °C. 

Red dash-dotted line displays thermodynamically predicted maximum steam conversion for 

FeOx-H2O-H2 ternary system. Black dashed line shows the highest literature reported steam 

conversion.6-11 
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Fig. 6.6. Theoretical conversion as a function of La/Sr content and H2 generation capacity in 

(A) regular fixed bed; (B) layered reverse-flow reactor. 
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In summary, LSF-promoted iron oxide is demonstrated to be an exceptional redox material in 

a hybrid redox scheme for methane partial oxidation and water-splitting. Coupled with a novel 

layered reverse-flow reactor concept, the redox material is shown to be capable of converting 

over 77.2% steam into hydrogen. Such a conversion not only triples the performance of 

existing thermochemical based water-splitting processes, but also significantly exceeds the 

theoretical water-splitting efficiency for unpromoted iron oxides. When applied to the hybrid 

solar-redox scheme for liquid fuel and hydrogen co-generation, the process efficiency can 

increase by 15.1% (HHV) and CO2 emission for H2 product is reduced by up to 60%.  
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CHAPTER 7 CONCLUSIONS AND OUTLOOK  

Two novel redox-based energy conversion processes, bimetallic chemical looping gasification 

(CLG) process and hybrid solar-redox process, are developed for coal and natural gas 

conversion respectively. These two processes provide promising approaches to convert 

carbonaceous fuel with improved kinetics, higher efficiency, and reduced CO2 emission. A 

common feature of the redox based processes is the use of oxygen carrier or redox catalyst to 

transfer lattice oxygen between two reactors in a cyclic manner. The potential issues of attrition 

and particulate emission, caused by large solid inventory, vigorous solids-solids interactions, 

and intense thermal and redox stresses, are evaluated in a fluidized bed for chemical looping 

combustion. 

 

A bimetallic chemical looping gasification process is developed based on the coal-direct 

chemical looping (CDCL) gasification process, which utilizes an iron oxide based oxygen 

carrier to indirectly gasify coal into separate streams of H2 and CO2. The CDCL process 

simplifies the conventional coal to hydrogen scheme by eliminating the gasifier, WGS, ASU, 

and CO2 capture units, so that high process efficiency can potentially be achieved. However, a 

key challenge resides in the slow solid-solid reaction kinetics between the fuel and the oxygen 

carriers. To address this issue, a bimetallic oxygen carrier by incorporating small amount of 

CuO into the Fe2O3 based oxygen carrier is proposed. The resulting bimetallic CLG process is 

effective for solid fuel conversion by using the “oxygen-uncoupling” characteristics of CuO, 

which is validated by Thermal-Gravimetric Analyzer (TGA) experiments. Formation of mixed 

metal oxides of copper and iron in the oxygen carrier particle is inhibited by segregating copper 

and iron atoms with an inert support. ASPEN Plus® simulation and mathematical modeling are 

also conducted to evaluate the reactor and process performance. Under a kinetically limited 

scenario, 78.8% hydrogen generation efficiency, 82.5% (HHV) overall efficiency, and 95% 

CO2 capture can be achieved by bimetallic CLG process. Although copper (oxides) does not 

directly participate in H2 generation in the CLG oxidizer, the presence of copper leads to 

improved H2 generation efficiency through simplified process heat integration scheme. To 

summarize, incorporation of a small amount of CuO to an iron based oxygen carrier can result 
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in an active composite oxygen carrier for solid fuel conversion. When used in the CLG 

processes, the composite oxygen carrier has the potential to enhance solid fuel conversion rate 

while improving the process efficiency for H2 generation. 

 

The hybrid solar-redox process is proposed to converted methane and solar energy into 

separate streams of liquid fuels and hydrogen with a novel lanthanum strontium ferrite (LSF) 

supported iron oxide. Methane is used in the reduction step to enhance iron oxide 

decomposition/reduction reactions at temperatures significantly lower than those in 

conventional solar-thermal water-splitting processes. Multiple redox cycle experiments using 

a lab-scale tubular reactor shows 95% conversion of methane with 2:1 H2 and CO molar ratio 

syngas as the product. Over 97% pure hydrogen is generated with 60% steam to hydrogen 

conversion in the subsequent water-splitting step. Results from experimental studies and/or 

thermodynamic analyses are then used in ASPEN Plus® process simulator. Results indicate 

64.2 HHV% process efficiency and 96.6 HHV% methane to fuel efficiency. These 

experimental and simulation studies confirm the feasibility of the proposed hybrid solar-redox 

scheme. The proposed process has the potential to produce transportation fuels and hydrogen 

at high efficiency with reduced steam usage and carbon footprint. 

 

The performance of the hybrid solar-redox process is further compared with steam methane 

reforming (SMR) and solar SMR by ASPEN Plus® simulation using a consistent set of 

assumptions. Integration of solar energy with methane conversion is found to significantly 

reduce the life cycle CO2 emissions. The efficiency of the process using solar energy can be 

largely affected by solar absorption efficiency. Under a conservative set of assumptions using 

experimental data, the hybrid solar-redox process is estimated to be 7.7% (HHV) more efficient 

than SMR based co-production processes. The efficiency increase is resulted from solar energy 

input and improved energy integration scheme. In addition, life cycle CO2 emission associated 

with H2 product for the solar-redox process is 85% lower than conventional approaches. To 

summarize, the hybrid solar-redox process offers an efficient yet flexible alternative to convert 
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methane and solar energy into a combination of hydrogen and liquid fuels at high efficiency, 

compared to conventional and solar SMR processes. 

 

Sensitivity analysis by ASPEN process simulation and exergy analysis indicate that steam 

conversion in the oxidizer also plays an important role for the overall efficiency of the hybrid 

solar-redox process. In contrast to previously reported ferrite materials, which typically exhibit 

20% or lower steam to hydrogen conversion, La0.8Sr0.2FeO3-δ (LSF) promoted Fe3O4 is capable 

of converting more than 67% steam with high redox stability. Both experiments and a defect 

model indicate that the synergistic effect of reduced LSF and metallic iron phases is 

attributable to the exceptional steam conversion. The contribution from the LSF phase, albeit 

small, is essential for steam conversion. A layered reverse-flow reactor concept composed of 

two layers of redox catalysts with varying LSF content is proposed. The bottom layer is iron 

(oxide) rich, whereas the top layer is primarily composed of LSF. A small amount of LSF at 

the bottom layer is necessary to prevent iron oxide sintering and deactivation. During the 

syngas generation stage, methane is introduced from the top of the reactor, producing syngas 

while removing the active lattice oxygen from both LSF and iron oxide-LSF layers. Since LSF 

has higher resistance towards coke formation,15 injecting methane from the LSF end would be 

advantageous. Using this concept, over 77% steam to hydrogen conversion is achieved at 930 

°C, which is 15% higher than the maximum conversion predicted by second law for 

unpromoted iron (oxides). When applied to the hybrid solar-redox scheme for liquid fuels and 

hydrogen co-generation, significant improvements in energy conversion efficiency can be 

achieved with reduced CO2 emissions. 

 

Particles attrition is a common challenge for redox based processes. Attrition inevitably occurs 

in fluidized bed reactor especially under high temperature and cyclic reducing-oxidizing 

environments. It can lead to loss of valuable oxygen carrier material, additional burden on the 

downstream particle separation systems, or emission of fine particulates that can cause health 

hazards. The study on the CuO-Al2O3 oxygen carriers in a fluidized reactor for chemical 

looping combustion (CLC) of methane shows that the reducing and oxidizing reactions lead to 
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an increased emission rate of find particle and particulates. The particulates emission contains 

primarily of 2-5 μm sized particles. Notable amount of < 1 μm particulates are also observed. 

The surface of the oxygen carrier is also found to be coarsened due to a Kirkendall effect, 

which also explains the surface enrichment of Cu. The fine particles in the size range of 10-75 

μm, generated primarily from fragmentation, are rich in Cu and lead to increased CuO loss. As 

a result, it is important to collect and reprocess fine particles generated from chemical looping 

processes to prevent oxygen carrier loss and to reduce the potential environmental impact. 

 

The concept of the hybrid solar-redox process has been demonstrated by lab scale experiments 

and process simulations. A critical consideration for such a process is the performance of the 

redox catalyst. Optimization of the redox catalyst will further improve the attractiveness of the 

novel process. Perovskite such as La0.8Sr0.2FeO3-δ (LSF) is a mixed ionic-electronic conductor, 

which could provide ionic and electronic conduction pathways for effective removal and 

replenishment of active lattice oxygen. Because of this, the LSF supported iron oxide has been 

reported with high reactivity and reasonable coke resistance as the redox catalyst. However, 

the rare earth elements contained in the particle, i.e. La significantly increase the cost and limit 

its application on the large–scale operation. Therefore, a perovskite composed of abundant, 

low-lost and environmental friendly element would be promising to be used as the redox 

catalyst for the hybrid solar-redox process. An economic analysis with assist of process 

simulation is useful to justify the feasibility of new redox catalysts. 

 

A deep understanding of the reaction mechanisms of methane partial oxidation and water 

splitting using metal oxide based redox catalysts is highly desirable since such understanding 

will provide fundamental basis for rational design of novel redox catalysts. It has been reported 

that methane oxidation by LSF-supported iron oxides exhibits four distinct regions, i.e. deep 

oxidation; competing deep and selective oxidation; selective oxidation with auto activation; 

and methane decomposition. According to this finding, the reaction is suggested to be 

controlled within the region of competing deep and selective oxidation and selective oxidation 

with auto activation. A better understanding of the reaction mechanisms can also help to 
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optimize reactor design. The design of layered reverse-flow reactor in Chapter 6 is a good 

example. Fundamental knowledge guided redox catalyst and reactor design should be one of 

the crucial studies in the future, which can have a significant effect on particle conversion, 

product yields, and process efficiency.  

 

In addition to catalyst and reactor design, studies on scale up demonstrations are of vital 

importance to the success of the redox process. Process scale-up and prototype demonstration 

is an important step to take conceptual technologies to commercial realization, which provides 

valuable data about reactions and catalyst properties at larger scale.  
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Appendix A Supplementary Information for Chapter 2 

This supporting information contains the following sections: 

S1 The Aspen Plus process configuration 

S2 TGA analysis 

S3 Effect of heat loss on the process performance 
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S1  The Aspen Plus process configuration1 

The ASPEN simulation model developed for the coal chemical looping gasification using 

bimetallic oxygen carrier particles is shown in Fig. 2.S1. It includes: the bimetallic looping 

section which has reducer, oxidizer and combustor; the power generation section which has 

steam turbines and HRSG; the product purification section. The process feedstock is coal and 

the final products from the gasification process are high purity compressed H2 and CO2. 

 

 

Fig. 2.S1. ASPEN Plus® flowsheet of the bimetallic chemical looping gasification process for 

hydrogen production from coal. 

 

S2  TGA analysis 

S2.1 Materials and procedures 

Two oxygen carriers, both containing 60 w.t.% Fe2O3, are synthesized via a solid state method. 

Fe2O3 supported on Al2O3 is used as a reference material. The reference material is prepared 

in which calculated amounts Fe2O3 (99.9%, Noah Chemical) and Al2O3 (99.9% anatase, Noah 

Chemical) precursors at a weight ratio of 60: 40 are used. The mixture is prepared in a planetary 

ball mill for 3 hours at a rotation speed of 250 rpm. This is followed with pelletization in a 
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tablet press (MTI). The pellets are then annealed in a tube furnace at 900 °C for 8 hours. A 

second oxygen carrier, which contains cupric oxide promoter, is prepared using a similar 

approach. The oxygen carrier is prepared from Fe2O3 (99.9%, Noah chemical) and CuO 

supported on Al2O3 (13 w.t.% CuO, Sigma Aldrich) at a weight ratio of 60:40. Since CuO is 

impregnated into the porous structure of Al2O3, solid state reactions between iron and copper 

oxides are minimized. Coal char is prepared from bituminous coal (Asbury Carbons C3) 

through pyrolysis under an inert environment. All the reactivity studies are conducted in a 

SETARAM SETSYS Evolution TGA. Samples are prepared via hand-mixing of oxygen 

carriers with char at a 20:1 ratio by weight. During each experiment, approximately 50 mg 

oxygen carrier-char mixture is heated to 950 °C at a rate of 50 °C/min. The temperature is then 

held steady for 5 hours.  50 mL min-1 of He is used as the purge gas. Although the reaction 

environment in TGA is notably different from that in a moving bed or fluid bed reactor, the 

TGA experiments are designed to obtain preliminary confirmation for char conversion activity 

of the bimetallic oxygen carrier. It also serves to confirm whether the formation of mixed Fe-

Cu oxide, which is undesirable for CLG, can be inhibited.  

 

S2.2 TGA analysis 

TGA does not provide a high fidelity environment comparable to moving bed or fluid bed 

reactors. It is most likely that all the CuO is converted by volatile and CO/H2 produced by char 

gasification. Therefore, not much CuO remains at the coal feeding point. However, splitting 

the metal oxide flow to co-inject metal oxides and coal can allow direct contract between coal 

and CuO. The TGA results are shown in Fig. 2.S2. The reactivity of the oxygen carriers is 

characterized by two parameters, i.e. the initial reduction temperature and the coal char 

conversions after 5 minutes. Conversion of the oxygen carrier/char mixture is calculated using 

equation 1: 

int( )
% t
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where mint is the initial mass of the oxygen carrier and the char, mt is the mass of the sample at 

some time, mc is the mass of the carbon inside the sample, MWC and MWCO are the molecular 

weights of carbon and carbon monoxide respectively. The results indicate that the initial 

reduction temperature of the CuO containing sample is about 200°C lower than the reference 

oxygen carrier. Comparing the conversion at 5 minutes after the temperature reaches 950°C 

shows that the copper enhanced sample achieved sixteen times as much conversion as the 

reference material. The TGA results confirm the kinetic improvement for char conversion by 

oxygen uncoupling. 

 

Fig. 2.S2: TGA results of pure Fe-based and bimetallic oxygen carrier particles. 

 

 

S3 Effect of heat loss on the process performance 

The simulation in Section 4.3.1 is based on the assumption that the overall process heat loss is 

1% of the total thermal input. Such a heat loss rate is suggested by National Energy Technology 

Laboratory (NETL) of the U.S. Department of Energy (USDOE) for coal gasification systems. 

Using Case III as the reference case, we simulated the effect of an increased heat loss of 5%. 

The results are shown in Fig. 2.S3. The increased heat loss leads to a decreased process 

efficiency of 79.4%, which is about 5% less than the case with 1% heat loss. 
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Fig. 2.S3: Effect of process heat loss on the overall process efficiency. 
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Appendix B Supplementary Information for Chapter 4 

Metal Oxide Synthesis: 

Lanthanum strontium ferrite (La0.8Sr0.2FeO3-δ or LSF) supported Fe3O4 is used as the redox 

material, a.k.a. oxygen carrier, for water-splitting. The LSF support, which is an effective 

mixed ionic-electronic conductor, can inhibit the sintering of iron/iron oxides, thereby 

enhancing the redox activity and thermal stability of the iron oxide.1,2 Fe2O3 is used as the 

precursor for Fe3O4. The oxygen carrier precursor contains 60 w.t.% Fe2O3 balanced with LSF. 

A solid-state reaction (SSR) method is used for oxygen carrier synthesis. Briefly speaking, a 

stoichiometric amount of precursors, i.e. iron oxide (Fe2O3, 99.9%, Noah Chemicals), La2O3 

(99.9%, Aldrich), and SrCO3 (99.9%, Noah Chemical), are weighed and mixed using a 

planetary ball-mill (XBM4X, Columbia International) for 6 hours. The solid mixture is then 

pelletized using a hydraulic press (YLJ-15T, MTI Corporation) under 7 to 8 MPa pressure. 

This is followed with annealing in air at 1200°C for 28 hours in a tube furnace (GSL-1500-

X50, MTI Corporation). The resulting pellets are subsequently crushed and sieved into 75 to 

300 µm for further characterization and testing. The as-prepared metal oxide obtained is 

composed of Fe2O3 and LSF. In order to obtain Fe3O4 phase, one cycle reduction with methane 

followed with steam regeneration is performed. Further details of the SSR method have been 

reported earlier.1,2 

 

  



 

189 

Experimental set up  

 

 

Fig. 4.S1 Experimental setup for hybrid redox process test with Fe2O3-LSF particle. 

 

 

 

 

Simulation assumptions 

Aspen Plus is used in the present study to determine the reactor and process performances. 

Table 4.S1 specifies the materials involved in the simulations. Since LSF is not available in 

the Aspen Plus database, SiC is used as the inert support in our simulations. It is noted that 

LSF support does not participate in the redox reaction to an appreciable extent. Replacement 

of LSF support with SiC will not affect the simulation results since the support material acts 

mainly as a heat carrier from a mass and energy balance standpoint. Aspen Plus modules, 

property methods, and physical property databanks are summarized in Table 4.S2. PR-BM is 

selected as the property method in all the simulation modules except for steam cycles, where 

STEAM-TA method is used. Table 4.S3 lists the key operating assumptions and parameters 

used in the process simulations. 

GC Gas Analyzer

Vertical electric 

tube furnace

Syringe Pump

Grits

Heating zone

T

Flue gas 

composition analyzing

Desiccate bed
Oxygen carrier 

particles

N2

CH4

Steam Injection
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Table 4.S1 Specifications of the materials 

Methane 
HHV (higher heating value) 55.5 MJ 

kg-1, LHV 50.0 MJ kg-1 

Concentrated solar 

energy input 
52-62 MW3-5 

Absorption efficiency 

for solar energy 
80%3,4,6 

Air 79% N2, 21% O2 by volume 

Oxygen carrier Fe3O4, SiC (inert) 

Water H2O 

H2 product Purity: >99.99%, Pressure: 6 MPa  

Naphtha C6-C11 

Diesel C12-C18 

 

 

 

 

Table 4.S2 Aspen Plus model setup 

Overall setup 

Stream class MIXCINC 

Databank COMBUST, INORGANIC, SOLIDS, PURE 

Solid components Fe, Fe0.947O, Fe3O4, SiC, C 

Property method PR-BM, except STEAM-TA for steam cycles 

Solution strategy Sequential Modular 

Unit operations models 

Reducer Single-stage RGibbs; RGibbs  

Oxidizer Multi-stage RGibbs (moving bed); RGibbs  

F-T Reactor RStoic 

Pressure changers Pump, Compr, Mcompr 

Heat exchangers Heater, MheatX 

Mixers/Splitters/Separators Mixer/Fsplit/Sep/Flash2 

Reducer Single-stage RGibbs  
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Table 4.S3 Key assumptions and simulation parameters in the Aspen Plus simulation 

Parameter Value 

Ambient condition T = 25 °C, P = 1 atm 

Reaction assumptions 
Except for Case III, all reactions reach 

equilibrium 

Heat loss in the reactors 1% of the total thermal input 

F-T catalyst Cobalt 

F-T reactor temperature and pressure 220 °C; 10 atm 

F-T α parameter 0.873 

CO per-pass conversion  

in the F-T reactor 
80% (10 atm)  

Pressure drop in the reducer and oxidizer 0.5 atm 

Mechanical efficiency of pressure 

changers 
1 

Isentropic efficiency of steam turbines 0.85 

Isentropic efficiency of air blowers and 

compressors 
0.8 

Heat Recovery Steam Generator Pinch point: 15 ℃ 

PSA 5 atm pressure drop, 95% H2 recovery 

Compressor specifications 
4 stage with intercooler at 40°C, 

Isentropic efficiency is 0.8 

Steam turbine conditions 

3-level Steam Cycle 

12.4 MPa (HP inlet)/3.1MPa(IP 

inlet)/0.45MPa(LP inlet)/0.01MPa(LP 

outlet) 
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Key reactions in the hybrid solar-redox scheme 

Key chemical reactions are given below. It includes methane conversion reactions in the 

reducer (A) and water-splitting reactions in the oxidizer (B). 

 

 

 

Table 4.S4 Key chemical reactions in the redox scheme 

Reactions 
Free energy@900 °C 

kJ/mol 

Reducer (Methane conversion) 

A1. CH4 + Fe3O4 → CO + 2H2 + 3FeO -78.3 

A2. CH4 + 4Fe3O4 → CO2 + 2H2O + 12FeO -99.5 

A3. CH4 + 4FeO → CO2 + 2H2O +4Fe -49.9 

A4. CH4 + FeO → CO + 2H2 + Fe -65.9 

A5. CO + Fe3O4 → CO2 + 3FeO -5.34 

A6. CO + FeO → CO2 + Fe 7.07 

A7. H2 + Fe3O4 → H2O + 3FeO -7.91 

A8. H2 + FeO → H2O + Fe 4.49 

A9. CO + H2O → CO2 + H2 2.57 

A10. CH4 → C+ 2H2 -38.0 

Oxidizer (Water-splitting) 

B1. H2O + Fe → FeO + H2         -4.49 

B2. H2O + 3FeO → Fe3O4 + H2 7.91 

B3. H2O + C → CO + H2 (coke is formed in reducer) -32.4 

B4. 2H2O + C → CO2 + 2H2 -29.8 
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Product gas concentration from reducer as a function of time 

While the real time methane conversion and syngas yield in the experiment are presented in 

the manuscript (Fig. 4.2), the corresponding product gases concentration as a function of time 

in the reducer is shown in Fig. 4.S2.  
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Fig. 4.S2 Product gases concentration (N2-free) as a function of time in the CH4 oxidizing 

step. (a) 5th cycle fixed-bed (b) 5th cycle fluidized-bed.  
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Fe3O4-LSF reactivity in the reducing step 

Reactivity study on Fe3O4-LSF is also conducted in a differential bed reactor system composed 

of a computer-controlled panel for gas mixing and delivery, a TGA (STARAM SETSYS 

Evolution) for redox reactions, and a quadrupole mass spectrometer (QMS, MKS Cirrus 2) for 

gaseous product analyses. In the experiment, 50 mg Fe3O4-LSF is heated to 900 °C at a rate of 

50 °C/min. And then the reacting gas in injected at the temperature of 900 °C for 10 minutes. 

Total gas flow rate is maintained at 300 ml/min. Concentrations of the reactive gases (CH4) is 

fixed at 10%. Helium is used as the carrier gas. Product distributions and catalyst selectivity 

towards syngas are determined using the QMS. TGA experiments are designed to obtain 

confirmation for the Fe3O4-LSF particle activity to react with methane. At about 0.9 minutes 

during the experiment, the average phase of iron oxides is FeO. The methane conversion and 

syngas yield are relatively low at the beginning of the experiment. Then, methane conversion 

rate and syngas yield increase significantly with time or increasing degree of iron oxide 

reduction. At approximately 5 minutes of CH4 injection, coke starts to form based on the 

carbon mass balance calculation. It causes the H2/CO molar ratio to exceed 2, where methane 

should be stopped to inhibit the coke formation. Coke formation is found to stop at between 

5.8 and 6 minutes. At that point, no further conversion of methane is observed due to lack of 

active lattice oxygen and lack of coke formation. In an actual process, constant reduction and 

regeneration of the oxygen carrier will be implemented as in fixed/fluidized bed experiments. 

Fig. 4.S3 summarizes the experimental results. 
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Fig. 4.S3 Flue gas analysis of Fe3O4-LSF and CH4 reaction at 900 °C (a) flow rates of 

product gases (b) methane conversion rate and syngas yield. 
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X-ray powder diffraction results 

X-ray powder diffraction (XRD) tests are carried out for spent oxygen carriers in both reduced 

and oxidized forms. The results are provided in Fig. 4.S4. Both wustite and metallic iron are 

observed in the reduced sample whereas the majority of the iron phase in the regenerated 

sample is magnetite. Iron carbide phases are not identified in the reduced sample, indicating 

that amorphous carbon and/or carbon fiber may represent the dominant forms of carbon. 

 

 

20 30 40 50 60 70 80

(a)

 LSF

 FeO

 Fe

 

 

In
te

n
s
it
y

2

20 30 40 50 60 70 80

(b)

 LSF

 Fe
3
O

4

 FeO

 

 

 

 

2

In
te

n
s
it
y

 

Fig. 4.S4 XRD results of the (a) reduced; (b) oxidized OC particles. 
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Experimental results on multi-cyclic studies 

7.5 to 20 grams of iron oxide particles are added on top of the SiC layer in the tubular reactor. 

In order to mimic the proposed hybrid redox scheme, the tests are carried out in two 

consecutive steps, i.e. methane partial oxidation and water-splitting. Both fixed-bed and 

fluidized-bed operation modes are tested. In typical fixed-bed experiments, the reactor is 

heated under N2 flow of 15 ml/min. In fluidized-bed experiments, 600 ml/min of N2 gas is 

provided during the heating stage to maintain fluidization of the Fe3O4-LSF particles. Once the 

desired temperature (900 °C unless otherwise specified) is reached, 15 ml/min of methane is 

introduced to the reactor. In order to inhibit excessive carbon formation from methane 

decomposition, methane injection is stopped when H2/(CO+CO2) molar ratio exceeds 2. 

Water-splitting reaction is carried out after the residue gas from the methane oxidation step has 

been completely purged with N2. The water-splitting reaction is initiated by steam injection. 

50 ml/min (fixed-bed) or 600 ml/min (fluidized-bed) of N2 is used as the internal standard. The 

reaction is stopped when H2 concentration is below 0.1%. The aforementioned redox reactions 

are carried out for 5 cycles. And the results are shown in the Fig. 4.S5. The CH4 conversion, 

syngas yield and H2/CO molar ratio is calculated for the reducing step, while the steam to H2 

conversion is calculated for the oxidizing step. Reproducible results are found among the 

various redox cycles.  
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Fig. 4.S5 Experimental data from 5 redox cycles performance on (A) fluidized bed and (B) 

fixed bed.  
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Comparison of the oxygen carrier activity for energy conversion 

The hybrid solar-redox process investigated in the current study represents an alternative 

scheme that converts methane and solar energy into separate streams of liquid fuels and 

hydrogen. Compared to the conventional solar water splitting scheme, solar-redox process has 

the advantages of multiple products and low reducing reaction temperature. In the present 

work, Lanthanum strontium ferrite (La0.8Sr0.2FeO3-δ or LSF) supported Fe3O4 (60 wt%) is used 

as the redox oxygen carrier material.  According to our experimental study, it is found 95% 

average methane conversion is achieved in the fixed-bed at 900 °C. Syngas with 2:1 H2 and 

CO molar ratio, which is ideal for F-T synthesis, can be generated. Hydrogen with an overall 

purity in excess of 97% is generated in the subsequent water-splitting step. The water-splitting 

step also exhibits high steam to hydrogen conversion. In sum, the particle shows promising 

activity for solar redox process. 

 

Kodama et al7 studied an iron oxide supported on yttrium-stabilized zirconia (YSZ) at 1400 °C 

for the conventional solar water splitting scheme. Mixed oxides based ferrite materials with 

general formula of MxFe3−xO4 (M = Mn, Co, Ni, Zn, Mg, etc.) has also been investigated as the 

alternative oxygen carrier.8-11 CoFe2O4 and Al2O3 was tested in the isothermal redox cycles for 

H2 generation.12 The H2 generation rates and oxygen carrier activities reported in their work 

are all in the same range. For comparison, we take the results of the Fe3O4/YSZ particle from 

Kodama et al., which is shown in Table 4.S5. The product generation rate is calculated by the 

energy of the product (HHV based) per gram of the oxygen carrier particle and per reaction 

time. As indicated in Table 4.S5, the Fe3O4/LSF used in the present work gives much higher 

H2 generation rate. In addition, syngas is produced in the reducing step in the meantime. The 

total products generation rate is about 20 time more than conventional solar water splitting 

scheme by using the Fe3O4/LSF particle. 

 

 

 

 

http://solarenergyengineering.asmedigitalcollection.asme.org/searchresults.aspx?q=Tatsuya%20Kodama&p=1&s=19&c=0&t=
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Table 4.S5 Comparison of Fe3O4 particle activity  

in the hybrid solar-redox and water splitting scheme 

 Peak H2 

generation rate 

Average H2 

generation rate 

Syngas 

generation 

Total product 

generation rate 

 J g-1 min-1 J g-1 min-1 J g-1 min-1 J g-1 min-1 

Ref7 6.3 3.2 NA 3.2 

Our work 49.8*  49.8 12.9 62.7 

* H2 generation close to steady state achieved in our work 
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The Aspen Plus® process configuration 

The ASPEN simulation model developed for the hybrid solar-redox process operating at low 

pressure for the redox reactions is shown in Fig. 4.S6. It includes: (1) the redox section which 

has reducer and oxidizer; (2) the F-T synthesis section where consists of the F-T reactor, 

upgrader and syngas compressor; (3) the power generation section which has steam turbines 

and HRSG; (4) the product purification section. As the process feedstock, methane is fed into 

the reducer, where it is partially oxidized by the oxygen carrier into syngas. In order to 

compensate the heat required for the endothermic methane oxidation reaction, solar energy is 

provided by direct irradiation. A methane processing capacity of 8 tonne/hr is assumed for all 

cases. Such a capacity, which requires solar input of approximately 60 MWth, allows for 

integration with existing concentrated solar thermal systems,1-3 Syngas produced by methane 

partial oxidation in the reducer is used as the feedstock for F-T synthesis. Byproducts from the 

F-T reactor, upgrader, and PSA units are recycled to the reducer to produce additional syngas. 

Besides syngas, the reducer generates reduced oxygen carrier particles which are transported 

to the oxidizer for water-splitting. The H2 generated from the water-splitting or steam-iron 

reaction is cooled, cleaned, and compressed as the final product. The high temperature gaseous 

products from the reactors as well as the heat generated from the F-T reactor are directed to a 

Heat Recovery Steam Generator (HRSG) for (partial) heat reclamation. A 3-pressure level 

steam turbines system is used to generate power to satisfy parasitic energy requirements. The 

final products from the solar-redox process comprises high purity compressed H2, liquid fuel 

and electricity. 
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Fig. 4.S6 ASPEN Plus® flowsheet of the hybrid solar-redox process operating at low pressure 

for the redox reactions 

 

Process material balance 

Table 4.S6 shows the mass flow rate of the gaseous products from inlet and outlet of the key 

reactors in the hybrid solar-redox process. The results are exported from Aspen Plus simulation 

of Case III. 

 

 

Table 4.S6 Key mass flow (kmol/hr) in the hybrid solar-redox process of Case III 

 
Feedstock of 

the reducer 

After 

reducer 

Fuel gas 

after F-T 

Liquid fuel 

collector 

After 

Oxidizer 
After PSA 

CO 0 304.0 65.9 0 4.8 0 

CO2 0 142.5 167.4 0 23.7 0 

H2 0 574.8 100.7 0 1016.4 965.6 

H2O 0 375.2 0 0 680.2 0 

CH4 500.0 25.0 26.7 0 0 0 

C2-C4 0 0 3.9 0 0 0 

C5-C11 0 0 0 10.9 0 0 

C12-C19 0 0 0 9.4 0 0 

Energy consumption in key unit operation steps 
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The energy consumption and generation from key unit operations in the hybrid solar-redox 

process are given in Table 4.S7. The results are exported from Aspen Plus simulation of Case 

III, where negative number represents energy consumption and positive number shows power 

generation. 

 

 

Table 4.S7 Energy consumption and generation from key unit operations in the hybrid solar-

redox process of Case III 

 Energy (MW) 

Syngas compression -4.49 

PSA -2.6 

H2 compression -4.12 

Total consumption -11.21 

Heat recovery  2.83 

Flue gas combustion 11.88 

Total generation 14.71 

Net Power 3.5 
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Appendix C Supplementary Information for Chapter 5 

This supporting information contains the following sections: 

S1. Hybrid solar-redox process description  

S2. Simulation parameters and assumptions 

S3. Process simulation results 
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S1. Hybrid solar-redox process description 

The hybrid solar-redox scheme adopts a two-step approach to convert methane. In the first 

step, oxidized ferrite material (Fe3O4) is used to partially oxidize methane into syngas in a 

reducer. As shown in Fig. 5.1C, methane is fed into the reducer, where it is partially oxidized 

by the oxygen carrier into syngas. Syngas is then used as the feedstock for F-T synthesis. The 

Fischer–Tropsch process involves a series of chemical reactions that produce a variety of 

hydrocarbons: (2n + 1) H2 + n CO → CnH(2n+2) + n H2O [1]. Cobalt based F-T catalyst are often 

utilized in low temperature F-T synthesis (200-250 ºC) with a high chain growth probability 

factor (α) ranging between 0.85 and 0.95. This leads to increased liquid fuel and wax yields 

[2]. In the present work, F-T reactor is simulated using the RStoic model in ASPEN Plus®. The 

product distribution is determined using the Anderson–Schulz–Flory distribution: 

. Based on a number of published experimental studies [3–5], α value in the 

current study is assumed to be 0.91 with 85% CO conversion at 22 atm and 249°C. After the 

F-T reactor, wax is introduced into the upgrader to generate diesel and naphtha. In the 

meantime, reduced ferrite material (Fe/FeO) is introduced to the second reaction step where it 

is regenerated with steam in an oxidizer reactor. H2 generated from this water-splitting step is 

cooled, cleaned, and compressed as the final product.  To compensate the heat required for the 

endothermic methane oxidation reaction, solar energy is provided by direct irradiation. The 

fuel gas containing CH4, CO and light hydrocarbons is combusted for heat generation. In 

addition, the high temperature gaseous products from the reactors as well as the heat released 

by the F-T reactor are directed to a Heat Recovery Steam Generator (HRSG) for (partial) heat 

reclamation. The recovered heat is used for (i) preheating the gaseous reactants; (ii) generating 

power using a 3-pressure level steam turbines system to satisfy parasitic energy requirements. 

In addition, solar-hybrid redox scheme also has the capability to operate under solar-free 

conditions by switch to a chemical looping combustion mode as shown in Fig. 5.1C. Since the 

focus of this article is process evaluations and comparisons, detailed reactor design is not 

within the scope of the current study. It is noted that many reactor designs for solar-thermal 

water-splitting processes can be directly utilized for solar energy integration in the current 

    2 1(1 ) n
nW n
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process. For instance, rotary-type and the volumetric gas-particle solar reactors will be directly 

applicable for the proposed solar-redox operations [6–9].  

 

 

 

S2. Simulation parameters and assumptions 

Aspen Plus is used in the present study to determine the reactor and process performances. 

Aspen Plus modules, property methods, and physical property databanks are summarized in 

Table 5.S1. Table 5.S2 lists the key operating assumptions and parameters used in the process 

simulations. 

 

 

Table 5.S1. Aspen Plus® model setup 

Stream class MIXCINC 

Databank COMBUST, INORGANIC, SOLIDS, PURE 

Solid components Fe, Fe0.947O, Fe3O4, SiC, C 

Property method PR-BM, except STEAM-TA for steam cycles 

Solution strategy Sequential Modular 

Unit operations Models 

Reducer RGibbs/ RStoic 

Oxidizer Multi-stage RGibbs (moving bed)/ RStoic 

F-T Reactor RStoic 

Pressure changers Pump, Compr, Mcompr 

Heat exchangers Heater, MheatX 

Mixers/Splitters/Separators Mixer/Fsplit/Sep/Flash2 
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Table 5.S2. Key assumptions and simulation parameters 

 Parameters 

Ambient condition T = 25 °C, P = 1 atm 

Heat loss in the key reactors 1% of the total thermal input 

SMR Reformer 866 °C 

Reducer 900-950 °C 

Oxidizer 750-900 °C 

F-T reactor temperature and pressure 249 °C; 22atm 

F-T catalyst Cobalt 

F-T α value 0.91 

CO per-pass conversion  

in the F-T reactor 
85% @ 22atm 

Pressure drop in the reducer and oxidizer 0.5 atm 

Mechanical efficiency of pressure changers 1 

Isentropic efficiency of steam turbines 0.85 

Isentropic efficiency of air blowers and compressors 0.8 

Heat Recovery Steam Generator Pinch point: 10℃ 

CO2 removal 90% [10,11] 

Steam for CO2 removal and solvent regeneration 
1.32 kg steam /kgCO2; steam conditions: 

4.4 atm and 149°C [10,11] 

PSA 
1atm pressure drop for H2 

90% H2 recovery 

Compressor specifications 
4 stage with intercooler at 40°C, Isentropic 

efficiency is 0.8 

Steam turbine conditions 

3-level Steam Cycle 

12.4 MP (HP inlet)/3.1MP(IP inlet)/ 

0.45MP (LP inlet)/0.1 (LP outlet) 
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S3. Process simulation results 

S3.1 Conventional SMR 

Case I mimics the conventional SMR process. The underlying assumptions are similar to those 

reported by DOE [10,11]. The scheme operates at a nominal pressure of 30 atm. Steam to CH4 

molar ratio for the reformer is 4.1 in order to ensure adequate steam for the WGS reactions. 

Table 5.S3 summarizes the flow rates of the key streams in Case I. 87% methane conversion 

is assumed in the reforming step with CO yield of ~47% and CO2 yield of ~40%. With 8 ton/h 

CH4 as the feedstock for the reformer, 6.6 ton/h CO and 3.0 ton/h H2 are generated, along with 

8.8 ton/h CO2. After heat exchangers, CO in the gas mixture is further reacted with H2O to 

generate H2 in the two WGS reactors. The overall CO conversion is over 95% in the WGS 

system. As a result, 0.46 ton/h additional H2 is produced in WGS. The gaseous stream from 

WGS is cooled down for water condensation. CO2 is then removed by the MDEA system, 

which has 90% CO2 capture efficiency [12]. The PSA downstream of MDEA operates at a 

considerably lower temperature and separates H2 from CH4, CO and CO2 in the gaseous 

mixture. The final product is high purity (>99.9 %) H2 at 20 atm. The off gas from PSA is sent 

to the combustor to generate heat for compensating the endothermic SMR reaction. 3.2 ton/h 

of supplemental CH4 is also consumed in the combustor. CO2 in the combustion flue gas is 

also captured by MDEA. Overall, 27.8 ton/h O2 is captured at >99.9% purity. Around 1.2 ton/h 

CO2 is emitted to the atmosphere in the stack gas. 

 

Table 5.S3: Key mass flow rates (ton/h) in conventional SMR (Case I) 

 After 

Reformer 

After WGS After CO2 

Removal 

Flue gas 

After PSA 

Combustor 

off-gas 

CO 6.58 0.13 0.13 0.13 0 

CO2 8.80 18.94 1.89 1.89 13.8 

H2 3.03 3.50 3.50 0.35 0 

H2O 25.89 21.74 0.00 0.00 12.7 

CH4 1.04 1.04 1.04 1.04 0 

T (°C) 866 204 40 38 886 

P (atm) 30 28 27 1 1 
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S3.2 Solar SMR 

Solar SMR is simulated in Case II. Similar to conventional SMR, the process is comprised of 

reforming, WGS, CO2 removal, and H2 purification steps. Despite the very similar simulation 

models, the main differences between Case II and Case I include solar energy integration and 

elimination of the combustor block for the SMR reaction. Since the off-gas from PSA is 

recycled to the reformer, approximately 20% additional steam is injected into reformer to 

maintain the desired steam to CH4 ratio of 4.1. Table 5.S4 summarizes the mass flows of key 

process streams. Resulting from 90.5 MW of solar energy input, the final H2 product yield is 

4 ton/h, which is 28% higher than Case I. Since no supplementary CH4 is needed, the total 

methane consumption in Case II is 28.7% less than that in Case I.  Overall, 22 ton/h CO2 is 

captured from Case II. 

 

Table 5.S4: Key mass flow (ton/h) in solar SMR (Case II) 

 
After 

Reformer 
After Shifter 

After CO2 

Removal 

Flue gas 

After PSA 

CO 7.72 0.15 0.15 0.15 

CO2 12.56 24.45 2.44 2.44 

H2 3.94 4.48 4.48 0.45 

H2O 31.06 26.19 0.00 0.00 

CH4 1.20 1.20 1.20 1.20 

T (°C) 866 204 40 38 

P (atm) 30 28 27 1 

 

 

S3.3 Hybrid solar-redox process 

The hybrid solar-redox scheme studied in Case III uses methane and solar energy to co-produce 

hydrogen and liquid fuels in a two-step redox process with the assistance of MIEC enhanced 

iron oxide particles. The iron oxide particles serve as energy and oxygen carriers (OC). As a 

result, simpler product separation schemes can be achieved. Case III incorporates the 

experimental data summarized in Table 5.3. In the reducer, CH4 conversion is 95.3% and 
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syngas yield is 59 % [13]. Key mass flow rates of the process are shown in Table 5.S5. As can 

be seen, 8.5 ton/h CO and 1.1 ton/h H2 is generated from the reducer. F-T unit and upgrader 

generates liquid fuel containing 1.44 ton/h naphtha and 1.88 ton/h diesel. As a by-product, 11.7 

ton/h CO2 is captured. The reduced iron oxides are then introduced to the oxidizer to produce 

hydrogen via the steam-iron reaction. After purified by PSA, yield of H2 product is 1.9 ton/h.  

 

Table 5.S5: Key mass flow (ton/h) in the hybrid solar-redox process of Case III 

 After reducer 
Fuel gas after 

F-T 

Liquid fuel 

collector 

After 

Oxidizer 

CO 8.51 0.3 0 0.14 

CO2 6.27 1.74 0 1.04 

H2 1.15 0.02 0 2.03 

H2O 6.75 0 0 7.86 

CH4 0.40 0.12 0 0 

C2-C4 0 0.31 0 0 

C5-C11 0 0 1.44 0 

C12-C19 0 0 1.88 0 

T (°C) 900 50 40 900 

P (atm) 1 1 1 1 
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Appendix C Supplementary Information for Chapter 6 

This Supplementary information contains the following sections: 

 Experimental method 

 Second law analysis on the impact of steam conversion on process efficiency 

 Steam conversion in the FeOx-H2O-H2 ternary system under equilibrium conditions  

 Non-stoichiometry within La0.8Sr0.2FeO3-δ perovskite 

 Steam to H2 conversion in the fixed bed experiments  

 Methane oxidation reaction in the layered reverse-flow reactor 

 Water-splitting reaction in the layered reverse-flow reactor 

 Process modeling of the hybrid solar-redox scheme 
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Experimental method 

Redox Catalyst Synthesis 

Lanthanum strontium ferrite (La0.8Sr0.2FeO3-δ or LSF) supported Fe3O4 is used as the redox 

catalyst. We reported that LSF being an effective, mixed ionic-electronic conductive support 

to inhibit sintering of iron/iron oxides, thereby enhancing the redox activity and thermal 

stability of iron oxide based redox catalysts.1 Fe3O4-LSF (25wt% LSF), Fe3O4-LSF (40wt% 

LSF), and pure LSF are synthesized by a solid-state reaction (SSR) method: a stoichiometric 

amount of precursors, i.e. iron oxide (Fe2O3, 99.9%, Noah Chemicals), La2O3 (99.9%, 

Aldrich), and SrCO3 (99.9%, Noah Chemical), are weighed. This is followed by ball-milling, 

pelletization, and sintering at 1200°C for 12 hours. The resulting pellets are subsequently 

crushed and sieved into 75 to 150 µm. A reference redox catalyst, i.e. Fe3O4-MgAl2O4 (40wt% 

MgAl2O4), is prepared with an identical method. Since the as-prepared redox catalysts are 

composed of Fe2O3 and LSF support, one cycle reduction followed with steam regeneration is 

performed to obtain Fe3O4 phase. Crystallite phases of the resulting redox catalysts are 

confirmed using X-ray powder diffraction (XRD) (Rigaku SmartLab). 

 

Fixed bed experiment  

Redox experiments are carried out in a stainless steel tubular reactor with an inner diameter of 

5 mm (Fig. 6.S1) under a fixed-bed mode. The reactor is externally heated with a tube furnace 

(MTI OTF-1200X-S-VT) with K type thermocouple measuring the temperature. A gas mixing 

panel with multiple Brooks mass flow controllers (MFCs) is used to deliver gaseous mixtures, 

e.g. nitrogen and methane, to the reactor. In each experiment, 2 to 3 grams of redox catalyst 

particles are added on top of the SiC layer which serves as a gas distributor. In order to mimic 

the hybrid redox scheme, the tests are carried out in two consecutive steps, i.e. methane partial 

oxidation (redox catalyst reduction) and water-splitting (redox catalyst oxidation). The redox 

reaction temperature is set at 930 °C. 15 ml min-1 (STP: standard temperature 0°C and pressure 

1 atm) N2 is used as the internal standard in both reduction and oxidation steps. 10 ml min-1 

(STP) CH4 is introduced along with N2 from the top of the reactor. Water-splitting reaction is 

carried out after the residue gas from the methane oxidation step has been completely purged 
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with N2. In the oxidation step, water is injected by a syringe pump (NE-300 Just InfusionTM) 

from the bottom of the reactor at a rate of 0.278 mmol min-1. Prior to entering the reactor, the 

water is vaporized and preheated. Compositions of the gases exiting the reactor are determined 

using a gas chromatograph (Agilent Micro GC 490) and a multi-gas analyzer (Emerson X-

Stream gas analyzer). Parameters for evaluating the redox experiments are summarized in 

Table 6.S1, where in  is the molar flow rate of component i, and in/out represents inlet/outlet 

steams of the reaction. 

 

 

 

 

 

Fig. 6.S1: Experimental setup for hybrid redox process test with Fe2O3-LSF particle 
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Table 6.S1: Summary of parameters used to characterize the redox reactions 

Parameters Equations 

CH4 Conversion 
4

4

,

,

(1- ) 100%
CH out

CH in

n

n
  

Syngas yield 
2

4

, CO,

CH ,in

100%
3

H out outn n

n


  

Steam to H2 Conversion 
2

2

H ,out

H O,in

100%
n

n
  

H2 Purity 
2

2 2

H ,out

H ,out CO,out ,out

100%
CO

n

n n n


 
 

 

 

 

H2 analysis  

The concentration of H2 in the experiment is determined by an online micro-GC (Agilent CP-

490) with a molecular sieve 5A column. The GC is calibrated to achieve the correlation 

coefficient of R>0.998 for H2. Flow rate of H2 generated is calculated by  

2

2 2 2

2

( ) ( )
N

H H Total H

N

F
V X F dt X dt

X
                     Equation S1 

where F is the flow rate, X is the mole fraction and V is the total volume of the gas. N2 is used 

as an internal standard. When CO and/or CO2 is detected in the oxidation step, H2 generated 

from carbon deposition is excluded based on the stoichiometry of steam carbon reactions: 

 

C + H2O  CO + H2                                        Reaction S1 

C + 2H2O  CO2 +2H2                                    Reaction S2 

 

Steam to H2 conversion is then calculated by the amount of H2 generated divided by the 

injected H2O. The flow rate of the syringe pump is independently calibrated through a 

gravimetric method. All the gas flows in the experiment are controlled by Brooks 5850E mass 
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flow controllers (MFCs) which has 0.25% of rate in repeatability. Before each experiment, the 

gas flow rates are calibrated by a Bios Flow Calibrator (DryCal Definer 220 Primary) and a 

bubble flowmeter. 

 

Steam Conversion Verification using a Thermal Gravimetric Analyzer (TGA)  

Since steam conversion is an important parameter for the current study, a TGA (TA 

Instrument) with external reducing and oxidizing gas injection is used to independently verify 

steam conversion of the redox catalysts. A schematic of the TGA setup is shown in Fig. 6.S2. 

The aforementioned gas mixing panel with multiple mass flow controllers (MFCs) is used to 

deliver gaseous mixtures. The experiments are conducted with a sample weight of 

approximately 20 mg at a specific isothermal temperature. 200 ml min-1 N2 and 50 ml min-1 

H2 is used as reducing gas, which is injected after the temperature reaches the setting. After 4 

hours reduction or when the sample weight change is less than 0.01 mg ml min-1, H2 flow is 

stopped. This is followed with injection of oxidizing gas i.e. H2 and steam mixture. To ensure 

accurate injection of steam, a gas mixture of N2 and H2 is injected into a bubbler at 50 °C to 

generate concentrated steam. The high concentration steam is then passed through another 

bubbler at 20 °C (5 ˚C below room temperature) to create a gaseous stream that contains 2.34 

mol% steam prior to entering the TGA. The premixed H2-steam allows for accurate verification 

of steam conversion. To determine the maximum steam conversion, H2 flow rate is reduced by 

1 ml min-1 until the sample weight in TGA start to increase. Provided that weight gain or 

oxidation of the redox catalyst is observed in the TGA at a given H2 mole fraction XH2, defined 

by  
F(H2)

F(H2)+ F(H2O)
× 100%, the redox catalyst is concluded to be capable of achieving steam 

conversion higher than XH2. The crystalline phases of the post-experiment redox catalysts are 

analyzed using X-ray powder diffraction (XRD) (Rigaku SmartLab) with Cu-Kα (λ=0.1542 

nm) radiation within the 20-80° 2θ angle range.  
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Fig. 6.S2: Schematic of TGA experimental setup with injection of reducing and oxidizing 

gases 

 

 

 

Second law analysis on the impact of steam conversion on process efficiency 

Fig. 6.S3 shows a simplified schematic for exergy analysis on the water-splitting reaction. X 

mole of H2O is converted into 1 mol H2, with the steam conversion of 1/X. In order to obtain 

the minimum exergy loss, we optimistically assume that the sensible heat for water and steam 

preheating can be fully recovered from product cooling with no heat loss. The most irreversible 

step is then resided in the product condensation step. It is noted that the product stream would 

have a lower total pressure (P2) and steam mole fraction (X-1)/X than those in the feed stream. 

Therefore, steam partial pressure and hence dew point of the product is lower than those of the 

feedstock. As a result, latent heat from steam condensation in the product stream cannot be 

fully recoverable. In addition, a minimum temperature difference, typically >5 K, is required 

for effective heat exchange. This means that water-vaporization prior to water-splitting needs 

to be provided by external energy sources. If we further assume, optimistically, that a turbine 

is available to recover the latent heat from product steam condensation at 85% of Carnot 

efficiency with 40 ˚C discharge temperature2,3, the exergy loss can be calculated using the 

following equation: 

2 1 ,

1 2

313 313ˆˆ ˆ(1 ) H 0.85(1 )5 0.85(1 )( 1) Ho
evp P steam evp

r

T
b b b X XC X

T T T
                 

Equation S2                     
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For each additional mole of water being heated and condensed, the minimal exergy loss is 

estimated to be: 

,

1 2

313 313ˆ ˆˆ ˆ(1 ) H 0.85(1 )5 0.85(1 ) Ho
evp P steam evp

r

T
b C

T T T
           Equation S3 

 

ΔHevp is the mole heat of vaporization of water. To is the standard temperature of 298K and T1 

is steam boiling temperature of 398K at 1 atm. T2 is the temperature at which latent heat from 

the unconverted steam is recovered (393K in this case). Tr is the temperature for the water-

splitting reaction. Assuming a system pressure of 1 atm and water-splitting temperature of 

1123K, minimum exergy loss is therefore estimated to be 3.05 kJ mol-1 of unconverted steam. 

Therefore, higher energy conversion efficiency can be anticipated with high steam to hydrogen 

conversion. 

 

 

 

 
 

Fig. 6.S3: Exergy analysis on a simplified thermochemical water-splitting scheme 

 

 

 

 

Steam conversion in the FeOx-H2O-H2 ternary system under equilibrium conditions 

Thermodynamic analysis can provide maximum steam to H2 conversion in the steam-iron 

reactions under varying temperatures. When metallic iron is oxidized to wüstite, steam has the 

highest conversion as compared to steam reaction with other types of iron oxides, as shown in 

http://en.wiktionary.org/wiki/%CE%94
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the equilibrium phase diagram for the FeOx-H2O-H2 ternary system (Fig. 6.S4).4 At the 

reaction temperature of interest, wüstite typically exhibits cation deficiency with formula of 

FeO0.947. As a result, water-splitting reaction: 0.947Fe + H2O = Fe0.947O + H2 should have the 

highest steam conversion for the FeOx-H2O-H2 ternary system. Steam conversion (X) can be 

calculated by the following equation: 

2

2
1

G
HRT

H O

p X
K e

p X




  


                            Equation S4 

where K is the equilibrium constant, ΔG is the free energy change of the reaction at the given 

temperature. Using HSC Chemistry v7, the thermodynamic steam conversion as a function of 

temperature is calculated and the results are shown in Table 6.S2. Steam conversion decreases 

with increasing temperatures. At 930 °C, the steam to hydrogen equilibrium conversion is 

62.3%. Such a conversion is confirmed using ASPEN Plus®. 

 

 

 

 

Fig. 6.S4: Phase diagram of the FeOx-H2O-H2 ternary system 
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Table 6.S2: Maximum steam to hydrogen conversion calculated by thermodynamic 

equilibrium  

T Steam Conversion 

750 °C 68.8% 

800 °C 66.8% 

850 °C 65.0% 

900 °C 63.3% 

930 °C 62.3% 

1000 °C 60.2% 

 

 

 

Non-stoichiometry within La0.8Sr0.2FeO3-δ perovskite 

Perovskite used in the present work has a general formula of La0.8Sr0.2FeO3-δ (LSF). The Sr 

acceptor doped perovskite exhibits varying degree of oxygen non-stiochiometry at different 

oxygen partial pressures. A defect model5,6 proposed by Mizusaki et al. is used to calculate the 

oxygen nonstoichiometry δ. Based on the model, the reaction between O2 and oxygen defects 

in La1-xSrxFe3-δ is expressed as 

2

1
( ) 2

2

x x

O Fe O FeO g V Fe O Fe           Reaction S3 

 

The equilibrium constant Kox
 is 

2 2

2 2

1 1
2 2

2 2

(3 )O Fe Fe

Ox

o O Fe o Fe

O Fe Fe
K

p V Fe p Fe


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

 

           

          

     Equation S5 

2

2

2

1

2 H O

O wat

H

p
p K

p
         Equation S6 

 

The concentration of iron with different charges is determined by disproportionation of FeIII 

to FeII and FeIV: 
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'2 Fe Fe FeFe Fe Fe            Reaction S3 

The equilibrium constant KFe
 is 

'

2

Fe Fe

Fe

Fe

Fe Fe
K

Fe

      
  

         Equation S7 

 

For La0.8Sr0.2FeO3-δ 

' 1Fe Fe FeFe Fe Fe                     Equation S8 

' 2Fe Fex Fe Fe                 Equation S9 

 

Combined Equations S5 to S9, 
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    
 

  

            Equation S10                     

where x = 0.2 for La0.8Sr0.2FeO3-δ. PO2 is the oxygen partial pressure. Fe’Fe, Fe×
Fe and Fe•Fe 

represents an Fe cation at the Fe site in the oxidation state of FeII, FeIII and FeIV, respectively. 

The relationship of the La0.8Sr0.2FeO3-δ oxygen deficiency (δ) with the steam conversion at 930 

°C is given in Fig. 6.S5, by using the equilibrium constants reported by Mizusaki et al.6. The 

reduction of FeIV conversion to FeIII and FeIII to FeII occur in two separated stages 0 < δ < 0.1 

and 0.1 < δ < 0.6. At the steam conversion of 62.3%, which is the thermodynamically 

maximum steam conversion for FeOx-H2O-H2 ternary system, the δ is equal to approximately 

0.107. When δ > 0.14, steam conversion of the defected perovskite is greater than 99%. This 

contributes to the high steam conversion obtained by the LSF supported iron oxide.   

 

Pure LSF tested in the TGA with H2 reduction (Fig. 6.S6) shows a total of ~10.5% weight loss. 

A comparison of the weight gain during steam oxidation from TGA results and defect model 

calculation are shown in Table 6.S3. The weight gain under different steam conversion is 

normalized by fully oxidized sample weight. The data predicted by the defect model shows 

good consistency with experimental results. Based on the experimental results and theoretical 
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calculations, LSF could achieve a higher steam conversion than iron oxides. Therefore, LSF is 

partially oxidized before reduced metallic iron start to react with steam.  
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Fig. 6.S5: relationship between La0.8Sr0.2FeO3-δ oxygen deficiency (δ) and steam conversion at 

930 °C. Red dash-dotted line displays thermodynamically predicted steam conversion for 

FeFeO phase transition 
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Fig. 6.S6: Pure LSF particle TGA test with steam and hydrogen mixture oxidation at 930°C. 
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Table 6.S3: Comparison on the normalized weight gain in the steam oxidation of the TGA 

results and defect model calculation 

 Defect Model Calculation  Experimental Data 

>95% conversion 10.0% 8.5% 

>86% conversion 10.2% 9.0% 

>62% conversion 10.2% 10.1% 

 

 

 

 

The theoretical steam to H2 conversion based on the defect model can be calculated under 

two idealized cases:  

(i) Additive effect of iron oxide and LSF 

Under the additive scenario, iron (oxides) and LSF are well mixed and act independently for 

steam conversion in a simultaneous manner. Assuming that iron (oxide) is the limiting 

reactant, parallel reactions will lead to the following conversion: 

2

2

2

2 2
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H O O LSF O Fe
H O

O LSF O FeH O

H O LSF H O Fe

n n n
X

n nn

X X

 

 

 


 



     Equation S11 

 

(ii) Sequential effect of iron oxide (first) and LSF (second) 

Under the sequential scenario, iron (oxides) and LSF are assumed to react with steam 

in a consecutive manner. In such a configuration, defect in reduced LSF will be able to further 

enhance steam conversion by reacting with the steam-hydrogen mixture resulted from steam-

iron reaction. Assuming that iron (oxide) is the limiting reactant, sequential reactions will lead 

to the following conversion: 
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  )           Equation S12 

nO-Fe and nO-LSF are the mole of oxygen gain in the water splitting reaction, and XO-Fe and XO-LSF 

are the corresponding steam conversion. The calculated results are shown in Fig. 6.2 and 6.3 

in the main paper. 

 

Steam to H2 conversion in the fixed bed experiments  

In order to demonstrate the high steam conversion, iron oxides with 25% and 40% 

La0.8Sr0.2FeO3-δ support and reference Fe3O4-MgAl2O4 are tested in a fixed-bed reactor. 

Hydrogen is selected as the fuel in the reduction step for accurate initial assessment of steam 

conversion in the water-splitting step since no side reactions are likely to take place between 

hydrogen and the redox catalyst samples. The redox catalyst is reduced by H2 for 30 minutes 

in the first step. After reduction, 6.8 ml min-1 steam with 15 ml min-1 N2 is injected from the 

bottom of the reactor to oxidize the redox catalysts for 40 minutes. Then alternate reduction 

and regeneration of the redox catalyst will be implemented by the same procedure. The XRD 

pattern (Fig. 6.S7) indicates that redox catalyst is fully reduced to metallic iron in the reduction 

step. And in the oxidation step, it is regenerated into a mixture of Fe, FeO and Fe3O4, which 

has an average composition of FeO0.5 by mass balance.  

 

The impact of temperature on the steam to H2 conversion is illustrated in Fig. 6.S8A for Fe3O4-

LSF (40wt% LSF). There are two competing effects: (i) increasing temperature leads to lower 

steam conversion based on thermodynamics; (ii) increasing temperature enhances the reaction 

kinetics and hence increases steam conversion in the fixed bed. At a fixed space velocity of 

approximately 6 minutes-1, the maximum steam to H2 conversion of Fe3O4-LSF(40wt%) is 

archived at 930 °C, which is consistent with the results of Fe3O4-LSF(25wt%). Therefore, 930 

°C is selected as the nominal temperature in the paper. After that, multi-cycle experiment is 

conducted at 930 °C in the fixed bed. As shown in Fig. 6.S8B, the average steam to H2 

conversion over 12 cycles of Fe3O4-LSF (25wt% LSF) and Fe3O4-LSF (40wt% LSF) is 64.0% 
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(±0.67%) and 67.1% (±1.27%) with 95% confidence, respectively. In comparison, MgAl2O4 

spinel supported iron oxide shows a steam conversion of 39%, which is 25-28% lower than 

LSF promoted Fe3O4 particle. 
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Fig. 6.S7: XRD Pattern of Fe3O4-LSF redox catalyst in the fixed bed experiment at 930 °C  

(A) reduced by hydrogen and (B) regenerated by steam.  
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Fig. 6.S8: (A) The temperature effects on the steam to H2 conversion per cycle for Fe3O4-

LSF (40wt% LSF). (B) Average steam to H2 conversion per cycle over multi-cycle at 930 °C. 

 

 

 

 

Methane oxidation reaction in the layered reverse-flow reactor 

Redox study on Fe3O4-LSF is conducted in a layered reverse-flow reactor, where methane is 

injected from the top of the bed to reduce the redox catalyst. Neal et al.8 reported that LSF has 

higher resistance towards coke formation compared to the iron oxides. In order to inhibit 

excessive carbon formation from methane decomposition, methane injection is stopped when 

H2/(CO+CO2) molar ratio exceeds 2. The product gas concentration as a function of time in 

the reducer is shown in Fig. 6.S9. The average methane conversion under the fixed-bed mode 

is above 99%. The corresponding syngas (CO+H2) yield is ~62% (±3%) with a H2/CO molar 

ratio of ~2.2 (±0.1). 
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Fig. 6.S9: Product gases concentration (N2 and H2O-free basis) as a function of time in 

methane oxidation step.  

 

 

 

Water-splitting reaction in the layered reverse-flow reactor 

Water-splitting or steam-iron reaction is initiated by introducing steam into the reactor after 

the methane conversion step. Fig. 6.S10 shows a representative H2 purity profile (water-free 

and N2-free basis) as a function of time. At the beginning of the steam oxidation, small amounts 

of CO and CO2 are detected, which corresponds to the gasification of carbon deposited in the 

methane oxidation step. Since it is well controlled to minimize the coke formation, an overall 

H2 purity of 98.5% is achieved in the water-splitting step. 
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Fig. 6.S10: H2 concentration (water-free) during the water splitting step as a function of time 

at 930 °C after the reduction step. 

 

 

 

The layered reverse-flow reactor concept is proved in fixed bed experiments. Fig. 6.S11 shows 

a comparison of real time steam conversion between with and without layered reverse-flow. In 

the layered reverse-flow experiment, steam is going through the bottom Fe3O4-LSF bed with 

~64.0% steam converted in the first place. And then the top layer of reduced LSF further 

converts part of the remaining steam into H2, resulting in exceptional overall steam conversion 

of 77.2%. The average steam to H2 conversion in the layered reverse-flow experiment is ~10% 

high than the one without reverse flow. 
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Fig. 6.S11: Real time steam conversion in oxidation with and without layered reverse-flow 

 

 

 

 

Process modeling of the hybrid solar-redox scheme 

In the hybrid solar-redox scheme (Fig. 6.S12A), liquid fuel and hydrogen are produced from 

methane and integrated solar energy in two redox steps.8,9 In the first step (reducer), methane 

is partial oxidized by redox catalyst material (Fe3O4-LSF) into CO and H2, which is then 

converted into naphtha and diesel in the Fischer-Tropsch (F-T) reactors. In the subsequent step 

(oxidizer), steam oxidizes the reduced redox catalyst material from the previous step, 

producing concentrated H2. ASPEN Plus simulation (Fig. 6.S12B) is used to estimate reactor 

and process performances of the hybrid solar-redox concept. Detailed simulation assumptions 

with respect to materials, simulation modules, property methods, physical property databanks, 

and key operating parameters are summarized in our previous publication.8 The temperature 

of the reducer and oxidizer is set at 930 °C, which matches the experimental conditions. Two 

simulation cases with different steam to hydrogen conversions in the oxidizer are simulated, 

and the results are shown in Table 6.S4. Case I is using the steam conversion of 77.2% which 

is achieved from the proposed layered reverse-flow reactor. Case II assumes steam conversion 

of 20%, which is the maximum reported conversion from literature. The incremental heat 
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requirement from the low steam conversion in Case II is provided by conventional methane 

combustion, so that the solar energy usage is identical in the two cases. All other simulation 

assumptions and parameters are assumed to be same.9 Under the scenario of no CO2 capture, 

case II uses 48% more methane to compensate the increased heat requirement through 

combustion. Therefore, with the benefit of exceptional steam to H2 conversion, Case I has the 

overall process thermal efficiency of 63.1% (HHV), which is 15.1% higher than case II with 

lower steam conversion. 

 

A life cycle greenhouse gas (GHG) footprint analysis is conducted, which considers the 

contributions from natural gas upstream and energy conversion facility. The estimated 

upstream natural gas emission based on US-DOE report is in the range of 6.1-9.1 g CO2/MJ 

for various feedstocks.10 The emission analysis from energy conversion facility is based on 

ASPEN model results. When calculating the emission on hydrogen, a CO2 emission quota for 

the liquid fuel products is subtracted. The emission on liquid fuel products from the solar-redox 

process is assumed to be are identical to the one of petroleum derived fuels, which is reported 

at 90 g CO2/ MJ11. Two scenarios are investigated for cases with and without CO2 capture. 

0.75 MJ/kg CO2 energy consumption is assumed for the amine-based CO2 capture.2 The CO2 

footprint from the hybrid solar-redox scheme are shown in Table 6.S4. 
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(A) 

 

(B) 

Fig. 6.S12: (A) Simplified schematic and (B) ASPEN flowsheet of the hybrid solar-redox 

scheme 
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Table 6.S4. Process simulation results on the hybrid solar-redox cases 

  Case I Case II 

 

 
Without CO2 

Capture 

With CO2 

Capture 

Without 

CO2 

Capture 

With CO2 

Capture 

Steam to H2 

conversion  
% 77.2% 20% 

Methane input  t hr-1 8.0 11.9 

Overall process 

efficiency  
HHV% 63.1 61.3 48.0 45.4 

CO2 footprint 

on all hydrogen 
g CO2/MJ H2 44.4 9.0 96.7 29.0 

CO2 footprint 

on all product 
g CO2/MJ  65.5 38.8 97.3 45.7 
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