
 

 

ABSTRACT 

WANG, WEI-CHENG. Development of a Small Scale Continuous Hydrolysis Process for Drop 

In Biofuel Production. (Under the direction of Dr. William L. Roberts and Dr. Larry F. 

Stikeleather.) 

 

Drop-in biofuel production for replacing traditional liquid transportation fuel can be 

accomplished by converting oils and fats, which are composed mostly triglycerides, into high 

quality free fatty acid (FFA) and then turning the hydrolyzed FFA into long-chain 

hydrocarbons through deoxygenation. A small scale thermal hydrolysis of fats and oils in 

continuous mode is presented in this study with high temperature (250°C~270°C) and with 

high pressure in order to suppress the vaporization of liquid reactants. Countercurrent water 

and lipid flows provided mass transfer and enhanced mixing. Preheating water and oil inflow 

reduced heat exchange between the inflows and the reactants, and this offered 44% more 

FFA yield than non-preheating. Increasing reaction temperature improved water solubility in 

lipid phase and accelerated hydrolysis reaction. Higher excess water also provided better 

replacement for glycerol content in sweet water and resulted in a better FFA yield. The mass 

yield, calculated from the reactions with commercial off-shelf canola oil, camelina oil as well 

as algal oil, was approximately 89% ~ 93%. Moreover, the energy conversion efficiency is 

determined to be 75.66%.  

In order to minimize the energy input and reaction time, and refine the glycerol refinery for 

use as an energy source, sweet water formed from the continuous hydrolysis process was 

recovered. Superheated steam, generated by heating the sweet water above the boiling point 

of water at the reaction pressure, was injected into the hydrolysis system. This resulted in a 

high yield of FFA without preheating water and oil as well as at low reactor temperatures and 



 

 

low water-to-oil ratios. Within 300 minutes process time, glycerol was concentrated from 

2~3% (from the reactor) to 5.5% (from the glycerol concentrator), and was expected to 

increase with extended reaction time. The high enthalpy of the steam and refined glycerol 

gave 78.64% of energy conversion efficiency, which was 2.98% more than the normal 

water/oil injection method.  

The experimental data allowed the use of two famous methods for determining 

thermochemical properties; Peng-Robinson departure functions and the Joback group 

contribution method gave the kinetic model of the continuous hydrolysis reaction, including 

four equilibrium constants and eight rate constants of the reaction steps. The results provided 

the activation energy for all forward and reverse reactions under a variety of reaction 

temperatures. In addition, the results indicated that diglycerides (DG) in the lipid feedstock 

reduce the induction period for hydrolysis. Moreover, mass balance was found to be 

conserved by observing uniform carbon distribution. The results from kinetic modeling of 

hydrolysis, coupled with thermophysical and thermochemical properties as well as liquid 

flow behavior, were used to develop a CFD model using ANSYS-CFX software. By showing 

good agreements with experimental data, the concentration distribution of every component 

of hydrolysis was predicted.  

FFA product from continuous hydrolysis reaction, composed of palmitic, oleic, linoleic, 

linolenic, stearic, arachidic and behenic acids, was fed into a catalytic fed-batch 

deoxygenation process at an average rate of 15.5 mmoles/min. With a constant temperature 

of 300°C and a constant pressure of 19 bar and 100g of 5% Pd/C catalyst in H2 and He 



 

 

atmosphere, the liquid product, contained mostly heptadecane, was a drop-in replacement for 

petroleum diesel fuel.   

  



 

 

Development of a Small Scale Continuous Hydrolysis Process for Drop-In Biofuel 

Production 

 

 

 

 

by  

Wei-Cheng Wang 

 

 

 

 

A dissertation submitted to the Graduate Faculty of 

North Carolina State University 

in partial fulfillment of the 

requirements for the Degree of 

Doctor of Philosophy 

 

 

 

Mechanical Engineering 

 

 

Raleigh, North Carolina  

 

2011 

 

 

 

APPROVED BY: 

 

 

 

 

________________________  ________________________ 

 William Roberts    Larry Stikeleather  

               Chair of Advisory Committee                                  Committee Co-Chair 

 

 

 

 

________________________  ________________________ 

        Kevin Lyons                     Tiegang Fang  

               



 

 

 

ii 

DEDICATION 

Dedicated to my family for their love, support and understanding  

  



 

 

 

iii 

BIOGRAPHY 

Born in Tainan, Taiwan in 1979, Wei-Cheng is the son of Huang Wang and Wen-Song Chen. 

He grew up in Tainan, Taiwan, where he had eighteen years fantastic life. Graduated from 

Nan-Kwang High School, where he developed his physics and chemistry interests, he 

attended Feng-Chia University and took Aerospace Engineering as his major. Within the four 

years college life, Wei-Cheng realized that the challenges of air transportation are not only 

the design itself, but the jet-fuel that feeds the aircraft. After eighteen months in military 

service, he started working in United System Engineering Co., Ltd. and served as a project 

manager. He tested, characterized and demonstrated biodiesel performance for Taiwan EPA. 

During this work he realized that alternative energy, especially renewable fuel, will be very 

significant all over the world in the future. The United States, where biofuels has been 

developed for a hundred years, was going to be a good place to learn. This motivated him to 

study abroad and pursue a higher education.  

Wei-Cheng first came to Lehigh University, PA, and worked as a research assistant in 

Energy Research Center under Professor Edward Levy. The studies of traditional coal-fired 

power plant as well as the alternatives of coal with biomass were his major research targets. 

He received his Master‟s degree at this time. However, making biofuels, especially aviation 

fuel, was always his dream work. This dream let him begin his PhD work in the Applied 

Energy Research Laboratory (AERL) at North Carolina State University with two 

enthusiastic professors, Dr. William Roberts and Dr. Larry Stikeleather. With their support, 

advice, and assistance, Wei-Cheng was able to finish his research work quickly and 



 

 

 

iv 

successfully. He believes that with the efforts of all his biofuel teammates, a large scale, 

automatic, continuous biofuel production process, will be completed soon. Then making bio 

jet-fuel will not be just a dream, it will be a reality.   



 

 

 

v 

ACKNOWLEDGEMENTS 

 This material is based upon work supported by the National Science Foundation 

under Grant NO. 0937721 “Algal Oils for „Drop in‟ Replacements for Petroleum 

Transportation Fuels”.  

 Professor William Roberts and Professor Larry Stikeleather, for their continuous 

guidance and assists. Professor Kevin Lyons, Professor Tiegang Fang and Professor 

Alexei Saveliev, for their kindly suggestions in the preliminary and final oral exam.  

 Tim Turner, for his help teaching me the laboratory skills and getting me started 

 Nirajan Thapaliya, Andrew Campos, Robert Netelson, Abhisheka Bhargava and  

Mengchen Yin, for their help in making the work progress and being good friends. 

 Pinja Chen, Marco Yang, Sin-Wei Hsu, Yenming Chen and Hsien-Tzer Tseng, for 

bringing me smiles when the research work was getting me down. 

 Hsiang-Lin Tseng, for the insistent support.  

 My family, to their patiently support and understanding toward the end of this phase 

of my education. 

 



 

 

 

vi 

TABLE OF CONTENTS 

 LIST OF TABLES ........................................................................................................................................... viii 

 

LIST OF FIGURES  .............................................................................................................................................x 

 

CHAPTER 1. INTRODUCTION ................................................................................................................. 1 

1.1 BACKGROUND AND REVIEW .................................................................................................................. 1 
1.1.1 Biofuel production........................................................................................................................ 1 
1.1.2 Hydrolysis process ....................................................................................................................... 5 

1.2 SPECIFIC AIM ....................................................................................................................................... 10 
1.3 CONTINUOUS HYDROLYSIS PROCESS .................................................................................................... 10 
1.4 KINETIC MODEL FOR HYDROLYSIS REACTION ...................................................................................... 12 

CHAPTER 2. LAB SCALE INVESTIGATION OF CONTINUOUS HYDROLYSIS REACTIONS . 14 

2.1 INTRODUCTION .................................................................................................................................... 15 
2.2 EXPERIMENTAL METHODS ................................................................................................................... 19 

2.2.1 Materials ..................................................................................................................................... 19 
2.2.2 Experimental .............................................................................................................................. 19 
2.2.3 Sample Analysis ......................................................................................................................... 21 

2.3 RESULTS AND DISCUSSIONS ................................................................................................................. 23 
2.3.1 CFD Simulation of Continuous Hydrolysis ............................................................................... 23 
2.3.2 Effect of water and oil preheating .............................................................................................. 26 
2.3.3 Effect of reaction temperatures .................................................................................................. 27 
2.3.4 Effect of water-to-oil ratio .......................................................................................................... 28 
2.3.5 Different feedstocks and mass yield from hydrolysis reaction ................................................... 30 
2.3.6 Energy balance for continuous hydrolysis reactions .................................................................. 31 
2.3.7 Continuous vs Batch reactions ................................................................................................... 34 

2.4 CONCLUSION ....................................................................................................................................... 36 

CHAPTER 3. SWEET WATER RECOVERY IN THE CONTINUOUS HYDROLYSIS OF 

TRIGLYCERIDES............................................................................................................................................. 37 

3.1 INTRODUCTION .................................................................................................................................... 39 
3.2 EXPERIMENTAL METHODS ................................................................................................................... 42 

3.2.1 Apparatus ................................................................................................................................... 42 
3.2.2 Co-feeding steam........................................................................................................................ 43 
3.2.3 Sample analysis .......................................................................................................................... 44 

3.3 RESULTS AND DISCUSSION ................................................................................................................... 47 
3.3.1 Glycerol Concentration in Sweet water during Hydrolysis Reactions ....................................... 47 
3.3.2 Glycerol refining process ........................................................................................................... 49 

3.4 FREE FATTY ACID CONVERSION FROM CONTINUOUS HYDROLYSIS REACTION WITH STEAM .................. 52 
3.4.1 Effect of co-feeding steam and pre-heating water/oil................................................................. 52 
3.4.2 Effect of co-feeding steam and reaction temperatures ............................................................... 54 
3.4.3 Effects of co-feeding steam at various water-to-oil feed rate ratios ........................................... 55 

3.5 ENERGY BALANCE CALCULATION ....................................................................................................... 58 
3.6 CONCLUSIONS ...................................................................................................................................... 62 

CHAPTER 4. KINETIC MODELING OF CONTINUOUS HYDROLYSIS OF TRIGLYCERIDES 63 

4.1 INTRODUCTION .................................................................................................................................... 64 



 

 

 

vii 

4.2 EXPERIMENTAL.................................................................................................................................... 67 
4.2.1 Apparatus ................................................................................................................................... 67 
4.2.2 Reaction procedures ................................................................................................................... 67 
4.2.3 Sample analysis .......................................................................................................................... 68 

4.3 KINETIC MODEL ................................................................................................................................... 70 
4.4 RESULTS AND DISCUSSION ................................................................................................................... 77 

4.4.1 Mass Balance ............................................................................................................................. 91 
4.5 CONCLUSIONS ...................................................................................................................................... 92 

CHAPTER 5. CFD SIMULATION OF CONTINUOUS HYDROLYSIS REACTIONS ...................... 94 

5.1 INTRODUCTION .................................................................................................................................... 94 
5.2 EXPERIMENTAL METHODS ................................................................................................................... 97 
5.3 MODEL DEVELOPMENT........................................................................................................................ 99 
5.4 SIMULATION RESULTS AND DISCUSSION ........................................................................................... 112 
5.5 CONCLUSIONS .................................................................................................................................... 121 

CHAPTER 6. HYDROCARBON FUELS FROM VEGETABLE OIL ................................................ 122 

6.1 INTRODUCTION .................................................................................................................................. 122 
6.1.1 Hydrolysis ................................................................................................................................ 123 
6.1.2 Deoxygenation ......................................................................................................................... 126 

6.2 EXPERIMENTAL METHODS ................................................................................................................. 129 
6.2.1 Hydrolysis ................................................................................................................................ 129 
6.2.2 Deoxygenation ......................................................................................................................... 132 

6.3 RESULTS AND DISCUSSION ................................................................................................................. 135 
6.3.1 Hydrolysis ................................................................................................................................ 135 
6.3.2 Decarboxylation ....................................................................................................................... 140 

6.4 CONCLUSION ..................................................................................................................................... 145 

CONCLUSIONS ............................................................................................................................................... 146 

REFERENCES ................................................................................................................................................. 150 

APPENDICES .................................................................................................................................................. 160 

 

   



 

 

 

viii 

LIST OF TABLES 

Table 2-1 Properties of reactants and products of hydrolysis used in the CFD model [44] ... 25 

Table 2-2 Hydrolysis results from different feedstocks; all reactions were conducted at 260 

°C with 10 mL/min of oil feed rate and 40 mL/min of water feed rate .................................. 31 

Table 2-3 Thermal dynamic analysis of continuous hydrolysis reaction based on the reaction 

conducted at 250 °C as well as 10 mL/min of oil and 20 mL/min of water ........................... 33 

Table 2-4 Comparison of continuous and batch hydrolysis at different temperatures and 

water-to-oil ratios. Feedstock: canola oil ................................................................................ 35 

Table 3-1 thermodynamic analysis of continuous hydrolysis reaction ................................... 61 

Table 4-1 thermochemical properties of all components from hydrolysis reaction ............... 77 

Table 4-2 the departure function of enthalpy and entropy of all components from hydrolysis 

reaction .................................................................................................................................... 77 

Table 4-3 Mathematical expression for experimental curve fitting results ............................ 88 

Table 4-4 rate constants, equilibrium constants and activation energy at three different 

temperatures ............................................................................................................................ 90 

Table 5-1: Simulation settings .............................................................................................. 102 

Table 5-2 Specified boundary conditions; simulation was based on the reaction conducted at 

250°C as well as water flow rate of 20 mL/min and oil flow rate of 10 mL/min ................. 103 

Table 5-3 the coefficients of the density equations .............................................................. 104 

Table 5-4 the coefficients of specific heat equation ............................................................. 105 

Table 5-5 the coefficients of dynamic viscosity equation .................................................... 106 

Table 5-6 the coefficients of equation of thermal conductivity ............................................ 107 



 

 

 

ix 

Table 5-7 fitting parameters for dielectric constant and ion product of water ...................... 109 

Table 5-8 calculated properties of all the components in the hydrolysis reactions; data was 

obtained based on the reaction at 250 °C .............................................................................. 111 

Table 5-9 Calculated values for reaction kinetics in the hydrolysis reactions; reaction was 

modeled at 250 °C with water flow rate of 20 mL/min and oil flow rate of 10 mL/min...... 111 

 

  



 

 

 

x 

LIST OF FIGURES 

Figure 1-1 diagram of hydrolysis reaction ................................................................................ 9 

Figure 1-2 Commercial fat splitting process ........................................................................... 11 

Figure 1-3 Foster-Wheeler continuous fat splitting process ................................................... 12 

Figure 2-1 Continuous hydrolysis system (numbers indicates states of energy input and 

output in Table 2-3) ................................................................................................................ 22 

Figure 2-2 Batch hydrolysis system ........................................................................................ 23 

Figure  2-3 Volume fractions of the components from ANSYS-CFX simulation (from left to 

right: Oil, water, FFA, Glycerol). The reaction was simulated at 250 °C, 20 mL/min of water 

feed rate and 10 mL/min of oil feed rate................................................................................. 25 

Figure 2-4 Effect of preheating water and oil on FFA % yield; reaction was carried out at a 

constant temperature of 250°C and oil feed rate of 10mL/min and water feed rate of 

20mL/min ................................................................................................................................ 26 

Figure 2-5 FFA conversions at different temperatures; water was fed at 20 mL/min and oil 

was fed at 10 mL/min ............................................................................................................. 28 

Figure 2-6 The variation of FFA and Glycerol concentration for continuous hydrolysis 

reactions; reaction was conducted at 250 °C as well as 20 mL/min of water feed rate and 10 

mL/min of oil feed rate ........................................................................................................... 29 

Figure 2-7 The effect of hydrolysis with various water-to-oil ratios at a constant reaction 

temperature of 250 °C. The feed rates of oil was 10 mL/min and of water was 20-40 mL/min

................................................................................................................................................. 30 



 

 

 

xi 

Figure 2-8 FFA as a function of temperature for Continuous and Batch hydrolysis reactions. 

Continuous reaction was conducted at 250 °C~270 °C and batch reaction was at 220 °C~310 

°C. ........................................................................................................................................... 35 

Figure 3-1 Lab-scale continuous hydrolysis system (numbers indicate energy input/output 

states in Table 3-1) .................................................................................................................. 46 

Figure 3-2 Glycerol concentration in sweet water for different water-to-oil ratios at a constant 

temperature of 250 °C.  The feed rate of oil was 10 mL/min and of water was varied between 

20 and 40 mL/min ................................................................................................................... 48 

Figure 3-3 FFA and glycerol (before and after refining) concentration as a function of time at 

a reaction temperature of 250 °C, 20 mL/min of water feed rate and 10 mL/min oil feed rate

................................................................................................................................................. 49 

Figure 3-4 Refined glycerol concentration from the glycerol concentrator with time for 

different sweet water feed rates at a refining temperature of 300 °C and pressure of 55 bars 

(the error bars are ±1 standard deviation based on two to three data sets) ............................. 52 

Figure 3-5 Effect of co-feeding steam and preheating water and oil on FFA conversion; 

reaction was carried out at 250 °C, and the feed rate of oil was 10 mL/min and of water was 

20 mL/min ............................................................................................................................... 53 

Figure 3-6 Effect of co-feeding steam and reaction temperature to FFA conversion; reaction 

was carried out at 200~260 °C, and the feed rate of oil was 10 mL/min and of water was 40 

mL/min .................................................................................................................................... 55 



 

 

 

xii 

Figure 3-7 Effect on FFA conversion of co-feeding steam at a 2:1 water-to-oil ratio; reactor 

was maintained at 250 °C, and the feed rate of oil was 10 mL/min and of water was 20 

mL/min .................................................................................................................................... 56 

Figure 3-8 Effect on FFA conversion of co-feeding steam at a 2:1 water-to-oil ratio; reactor 

was maintained at 250 °C, and the feed rate of oil was 10 mL/min and of water was 30 

mL/min .................................................................................................................................... 57 

Figure 3-9 Effect on FFA conversion of co-feeding steam at a 2:1 water-to-oil ratio; reactor 

was maintained at 250 °C, and the feed rate of oil was 10 mL/min and of water was 40 

mL/min .................................................................................................................................... 57 

Figure 3-10 Energy conversion efficiency as a function of sweet water flow rate into the 

glycerol concentrator .............................................................................................................. 60 

Figure 4-1 Continuous hydrolysis system .............................................................................. 69 

Figure 4-2 Four steps of continuous hydrolysis reactions [60]............................................... 71 

Figure 4-3 GC-FID chromatogram of the starting material (1.DG; 3,4: TG(C48); 5: TG(C50); 

6,7: TG(C52), 8: TG(C54), 9: TG(C56)); C48~C56 indicate the TG with 48~56 carbon number79 

Figure 4-4 GC-FID chromatogram of lipid-FFA during hydrolysis process (1.glycerol, 

2.palmitic acid, 3.oleic, linoleic and linolenic acid, 4. Stearic acid, 5.MG, 6,7. DG, 8: 

TG(C50); 9: TG(C52), 10: TG(C54), 11: TG(C56)) .............................................................. 79 

Figure 4-5 Concentrations of all components in the hydrolysis reaction at different 

temperatures ............................................................................................................................ 81 

Figure 4-6 Theoretical and experimental concentrations of all species in hydrolysis reaction

................................................................................................................................................. 89 



 

 

 

xiii 

Figure 4-7 Carbon balance during the continuous hydrolysis process ................................... 92 

Figure 5-1 Schematic diagram of experimental setup ............................................................ 99 

Figure 5-2 The model geometry and refined mesh: (1) The whole system model; (2) The top 

part, FFA outlet boundary; (3) The bottom part, sweet water outlet boundary; (4) Source 

points, water and oil inlets .................................................................................................... 101 

Figure 5-3 ANSYS-CFX simulation results: The concentration of TG, FFA and water; the 

simulation was modeled at 250 °C reaction temperature, 20 mL/min of water feed rate, and 

10 mL/min of oil feed rate. ................................................................................................... 114 

Figure 5-4 ANSYS-CFX simulation results: The concentration of DG and MG; the 

simulation was modeled at 250 °C reaction temperature, 20 mL/min of water feed rate, and 

10 mL/min of oil feed rate. ................................................................................................... 115 

Figure 5-5 ANSYS-CFX simulation results: The concentration of Gly; the simulation was 

modeled at 250 °C reaction temperature, 20 mL/min of water feed rate, and 10 mL/min of oil 

feed rate. ................................................................................................................................ 115 

Figure 5-6 Comparison between simulation and experimental results; Simulation and 

experiment were based on reaction condition at 250 °C reaction temperature, 20 mL/min of 

water feed rate, and 10 mL/min of oil feed rate. ................................................................... 118 

Figure 5-7 The instantaneous concentration profile of all components in hydrolysis 

simulation model; simulation was performed at 250°C, water flow rate of 20 mL/min, and oil 

flow rate of 10 mL/min ......................................................................................................... 120 

Figure 6-1 Continuous hydrolysis and decarboxylation system ........................................... 135 



 

 

 

xiv 

Figure 6-2 GC-FID chromatogram of the starting material-canola oil (1.DG, 3. TG (C48), 4. 

TG (C50), 5. TG (C52), 6. TG (C54), 7. TG (C56)) .................................................................. 137 

Figure 6-3 TG, DG and MG concentrations as a function of time; reaction was carried out at 

a temperature of 250 °C and feed rates of water was 20 mL/min and of oil was 10 mL/min

............................................................................................................................................... 138 

Figure 6-4 FFA and Gly concentrations as a function of time; reaction was carried out at a 

temperature of 250 °C and feed rates of water was 20 mL/min and of oil was 10 mL/min . 139 

Figure 6-5 GC-FID chromatogram of the hydrolyzed sample at 300 minute reaction time; 

reaction was conducted at a temperature of 250 °C and feed rates of water was 20 mL/min 

and of oil was 10 mL/min. (peak #1: Glycerol ; #2: palmitic acid ; #3: oleic, linoleic and 

linolenic acid ; #4: stearic acid ; #5: arachidic acid ; #6: behenic acid ; #7,8: MG ; #9: DG)

............................................................................................................................................... 139 

Figure 6-6 CO2 and CO molar production rates and effluent mol% H2 for fed-batch 

deoxygenation of canola derived FFA. Reaction conditions: 300 °C, 100 g catalyst (5% 

Pd/C) with dodecane solvent at 19 bar in a 5-litre Parr reactor. Feed rate of 7.0 ml/min was 

used. ...................................................................................................................................... 142 

Figure 6-7 Temporal percentage conversion and corresponding concentrations of alkanes for 

fed-batch deoxygenation of canola derived FFA. Reaction conditions: 300 °C, 100 g catalyst 

(5% Pd/C) with dodecane solvent at 19 bar in a 5-litre Parr reactor. Feed rate of 7.0 ml/min 

was used. ............................................................................................................................... 144 



 

 

1 

CHAPTER 1. INTRODUCTION 

1.1 Background and Review 

1.1.1 Biofuel production 

The hypothesized global impact of greenhouse warming because of carbon dioxide emissions 

generates concerns about the usage of all fossil fuels. According to the World Energy 

Council, approximately 82% of the world‟s energy needs are covered by fossil resources 

such as petroleum, natural gas and coal [1]. It is thought that petroleum will be running out 

within 50 years, natural gas within 65 years and coal within 200 years [1]. Petroleum has 

been the primary resource for the world‟s transportation fuels and commercial chemicals, and 

the rising use of petroleum fuels results in diminishing fuel reserves and the possibility of 

resultant fuel shortages. A famous example is the severe energy crisis developed in many 

parts of the world in 1974 due to disruptions in the distribution of petroleum to markets [2]. 

The two well-known petroleum experts, Campbell and Laherrère, have predicted that world 

petroleum production will soon reach its maximum level and then the production rate will 

certainly begin decreasing [3]. The estimation of the peak oil production timeline helps argue 

that renewable fuels are necessary to supplement petroleum-based fuel and to accommodate 

the decreasing oil production. The production of renewable transportation fuels from biomass 

can be accomplished in several ways, such as gaseous fuels from biogas or wood gasification 

plants, and liquid fuels derived from a series of conversion process suitable for various of 

biomass feedstocks [4]. It is generally known that in 1970s, vegetable oil and animal fats 
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were studied as alternative fuel before the energy crises [5]. In addition, the well-known 

engine inventor, Rudolf Diesel, was also interested in these fuels [5]. For a liquid alternative 

fuel to be economically attractive and technically feasible to replace current petroleum fuel, 

the challenges of (1) feedstock harvesting, storage and lipid extraction, (2) agricultural policy 

due to food needs and prices, (3) commercially applicable scale, (4) process energy 

conversion, (5) process mass yield, (6) fuel quality and characteristics, (7) emissions from 

engine combustion, and (8) the biofuel must be cost competitive.  

First generation biofuels, ethanol from corn and sugar cane via fermentation and biodiesel 

from fats and oils from transesterification, have increased significantly in recent years. The 

annual production of ethanol in US has increased from 3.4 billion gallons in 2004 to 13.23 

billion gallons in 2010 [6]. In 2010, ethanol has reduced the gas price by 89 cents and 

decreased greenhouse gas (GHG) emissions by 40-60%. However, ethanol is not a drop-in 

replacement for petroleum-based fuel because it has low energy density and requires 

modification of vehicle engine for usage. There are four methods to reduce the high viscosity 

of vegetable oils to enable their use in current diesel engines without any engine problems 

such as carbon deposits: (1) blending with petrodiesel, which is not appropriate for long-term 

fueling of direct injection diesel engines. (2) Pyrolysis, which involves the dissociation of 

chemical bonds to form smaller molecules. (3) Microemulsification, which forms hybrid 

diesel fuels by adding low-molecular-weight alcohols. (4) Transesterification, which leads to 

alkyl esters of oils and fats and is so far the most common biodiesel production method [5]. 

Transesterification, also named alcoholysis, is the displacement of alcohol from an ester by 
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another alcohol under mild conditions (< 100°C) [7]. Three consecutive and reversible 

reactions are expected to occur [7]: 

'
catalyst

Triglyceride ROH diglyceride R COOR               (1-1) 

''
catalyst

Diglyceride ROH monoglyceride R COOR                                                (1-2) 

'''
catalyst

Monoglyceride ROH glycerol R COOR                                                (1-3) 

The first reaction step is to covert triglycerides into diglycerides, and then to covert 

diglycerides into monoglycerides and followed by the conversion of monoglycerides to 

glycerol, producing one methyl ester from each glyceride from each step. The stoichiometric 

reaction requires 1 mol of triglycerides and 3 mol of alcohol. Excess alcohol is used to 

increase the yield of the alkyl esters by shifting reaction equilibrium and allowing phase 

separation from the glycerol produced [7]. The reaction time and conversion of 

transesterification is mostly affected by reaction temperature, ratio of alcohol to oil, mixing 

intensity, reactants purity, effects of free fatty acid (FFA) and moisture, as well as catalyst 

type and concentration. This process has a very low tolerance for FFA since the catalyst 

reacts with FFA to form soap. The co-product, glycerol, is a relatively high value basic 

chemical used in various applications in the cosmetic and chemical industry. For engine 

performance, the power output from biodiesel has no significant difference compared with 

traditional diesel. However, the two advantages of biodiesel, safety characteristics and 

emissions, make it more favorable than traditional diesel fuel. Biodiesel provides higher flash 

point and prevents producing explosive fuel vapors. It also offers lower mammalian toxicity 
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and it is biodegradable even if ingested into human body [4]. Also, the engine emissions 

from biodiesel are less toxic [4]. The biodiesel from transesterification has some 

disadvantages on physical-chemical properties compared with traditional diesel fuel such as 

high viscosity, poor cold flow properties, poor oxidation stability and lower energy density 

[8].  In addition, for most of the countries, the biodiesel made from traditional land crops 

does not represent a potential replacement for petroleum diesel fuel because the required land 

space is calculated to be greater than the available land. Alternatively, another feedstock, 

micro algae, has been providing a potential source of triglycerides theoretically and yielding 

more lipids per land space than traditional feedstock [9]. The oil yield of micro algae is two 

orders of magnitude greater than soybeans [9]. However, the cost to extract lipid from micro 

algae is still an order of magnitude too high. More investigations are needed for this subject.  

Although triglycerides can be obtained from some available feedstocks like algae, a huge 

amount of alcohol is needed when conducting transesterification. In addition, these 

alternative gasoline and diesel fuel are expected to operate in both gasoline and diesel 

engines without any engine modification. These lead to the development of second 

generation, hydrocarbon based biofuels. The hydrocarbons converted from triglycerides can 

be processed with traditional petroleum refining processes, such as hydroisomerization and 

dehydrocyclization, to produce fuels identical to petroleum gasoline, diesel or jet fuel. Two 

patented methods were proposed to generate hydrocarbons from triglycerides [9]: 

hydrodeoxygenation process and deoxygenation process. Hydrodeoxygenation is a 

hydrogenolysis process removing oxygenated compounds by fast pyrolysis or hydrothermal 

liquefaction derived bio-oil using hydrotreating catalyst. Hydrodeoxygenation of 
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triglycerides is conducted with high reaction pressure, which increases the equipment cost 

and reduces the economic feasibility. Moreover, hydrogen, considered as a reactant and used 

to break all C-O bonds, requires 12 mole for each mole of triglyceride to complete the 

reaction. Since hydrogen is viewed as another source of fuel, deoxygenation seems to be 

more applicable to generating the large quantities of renewable transportation fuel required to 

replace petroleum fuel. Kubickova et al. proposed that free fatty acid, such as stearic acid 

[11] and oleic acid [12], which is contained in vegetable oils, can be turned into diesel fuels 

through a deoxygenation process. Compared with hydrodeoxygenation, catalytic 

deoxygenation only requires 0 to 3 mole of hydrogen for each mole of triglyceride [9]. 

However, in order to obtain FFA for deoxygenation process, thermal hydrolysis has to be 

performed.  

The study presented here focuses on the hydrolysis of crude lipid containing mostly 

triglycerides to generate FFA via removing the glycerol backbone as a means to produce 

hydrocarbon fuels via deoxygenation.   

1.1.2 Hydrolysis process 

In order to split triglycerides, four methods along with four different splitting agents are 

proposed [13]: (1) transesterification, where the splitting agent is methanol, to produce 

methyl esters and glycerol; (2) hydrolysis, where water is the splitting agent, to form FFA 

and glycerol; (3) saponification, where the spitting agent is caustic soda, to form soap and 

glycerol; (4) Aminolysis, where amine is the splitting agent, to generate amides and glycerol. 

After the process, refining glycerol becomes the major problem for saponification and 
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aminolysis, therefore they are currently not important industrially. As mentioned in the 

previous section, FFA, generated from the hydrolysis reaction, is the target product to 

produce hydrocarbon fuel.  

The word hydrolysis is used in chemical reactions in which a material is split or decomposed 

by water. In organic chemistry, the products of the reaction are being generated by being 

attached with H and OH groups, as in the hydrolysis of an ester to an alcohol and a 

carboxylic acid [14]. For the hydrolysis of triglycerides, shown as Figure 1-1, water is 

decomposed to hydrogen cations (H
+
) and hydroxide anions (OH

-
) ion and these two ions 

break the ester bonds. For the two possible hydrolysis modes of rupture, acyl-oxygen fission 

and alkyl-oxygen fission, the route acyl-oxygen fission is chosen since the bonds broken are 

acyl-oxygen-bond [15].  The H
+ 

ion is attached on the glycerol backbone to form glycerol 

and OH
- 
ion is added on three acyl groups to generate FFA. In a hydrolysis reaction, two 

reactants, water and oil or fat, create a heterogeneous reaction system which forms two liquid 

phase. The aqueous phase contains water and glycerol; the homogeneous oil phase consists 

of glycerides and fatty acids [13]. The hydrolysis of fat to produce glycerol and fatty acids 

occurs in the lipid phase through partial glycerides, such as diglycerides and 

monoglycerides). According to the previous studies [16, 17], a series of three hydrolysis 

steps are required to obtain FFA and glycerol, and they occur in a stepwise manner where 

triglycerides is first converted into diglycerides and then to monoglyceride and eventually to 

glycerol. Each of these steps is reversible, which means at equilibrium DG and MG are 

possibly present in the product. In the early stage of the hydrolysis reaction, a small amount 

of fatty acid is produced. At this moment, emulsions are formed and the reaction is slow [18]. 
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The reaction occurring in this stage is heterogeneous and is named “emulsive hydrolysis” 

[18] or “induction period” [17] by the researchers, and this period does obscure the kinetics 

of hydrolysis [19]. As long as the emulsions disappear, a much more active homogeneous 

reaction takes this over and the quick reaction period is reached, which is termed “rapid 

hydrolysis”.  This is because triglycerides with glycerol backbone, due to the strong 

hydrophilic action of glycerol radical, are more easily emulsified than fatty acid and this 

emulsion reduces the reaction rate of hydrolysis [18]. As the reaction proceeds, the glycerol 

radicals are gradually being removed from the triglycerides and this emulsification becomes 

more difficult. In addition, water is more soluble in fatty acid than in oil, causing the 

increasing solubility of water in oil phase as the reaction proceeds. Hydrolysis reaction at this 

time reaches the highest rate. For the autoclave splitting [18], the reaction will eventually 

reach a limit. The decrease of glycerides and increase of glycerol drive the reaction toward 

the reverse direction and reduce the overall rate of reaction. This period, also a homogeneous 

reaction, is defined as “terminal hydrolysis” [18]. To accelerate the hydrolysis reaction, the 

industry uses zinc oxide, magnesia and lime as the reagents, which react with fatty acids to 

generate metal soap insoluble in water but soluble in fatty acid [18]. Because their 

insolubility in water, they are converted into metal soaps in the “emulsive hydrolysis” period. 

The metal ion increases the electrolytic dissociation of water via drawing the hydroxyl ion 

and then the hydrogen ion in the water layer is increased. The glycerides contact these ions 

and then split into FFA and glycerol. The degree of hydration and the valence of the metal 

ion are affected by the degree of activity of a reagent. It is concluded that the various 

reagents increase the solubility of water in the oil phase and activate water by releasing 
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hydrogen ions in it which then accelerates the hydrolysis reaction. Therefore, hydrolysis of 

triglycerides with these reagents is catalyzed by the hydrogen ions instead of hydroxyl ions.  

There are two ways to increase the water solubility without reagents. One is to conduct the 

reaction with much higher temperature, which enhances not only the solubility of water in 

fats but the electrolytic dissociation of water [18]. Mills and McClain [20] found that at 

233°C, the oil phase contains approximately 20% of water, but they form a single phase at 

293°C. The other way is the autocatalysis of hydrolysis reaction by FFA. Water with FFA 

yields ions such as hydronium and hydroxide, which hydrolyze the glycerol backbone of any 

glycerides [21]. Minami and Saka [22] also proposed a hydrolysis model in which FFA 

dissociated to generate hydrogen ions, which catalyzes the hydrolysis reaction. The induction 

period, known as “emulsive hydrolysis” period, ends as soon as 10~20% of FFA in the 

reactant mixture [22, 23].  

The main product from the hydrolysis process, FFA, is used primarily in the form of the 

sodium soaps of detergents, soaps and cosmetics [13]. Metal soaps, which are the 

combination of aluminum, magnesium and zinc, are used to make the thickening agents in 

cosmetic creams. They are also used in powders due to their lubricating properties. Saturated 

and short-chain fatty acids are employed in the paint industry. In tire manufacture, stearic 

acid is also used as a separating agent during molding. The technical-grade oleic acid has 

been used for many years as a lubricant in the textile industry [13]. The by-product of the 

hydrolysis process, glycerol, has been used previously in cosmetics, food and beverage 

industries. Another use of glycerol is for conversion to commodity chemicals, such as 
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propylene glycerol, propionic acid and iso-propanol, with higher market prices [24]. Glycerol 

is also applied to make absolute alcohol via dehydration through Mariller-Granger process 

[25]. As an alternative fuel, glycerol can be used as a boiler fuel to produce process steam 

and generate electricity [24].  

The metal contents such as sulfur, phosphorus as well as magnesium in vegetable oil derived 

FFA can cause problems in downstream processes if not removal. For example, they can 

deactivate the catalysts need for deoxygenation. These metal components are usually 

removed by degumming, alkali refining, bleaching and deodorization [26]. However, these 

components are still at a level after refining. Currently hydrolysis is considered as an 

alternative method to remove these three metal components [26]. The hydrogen ion and 

hydroxyl ion from water break off the bonds of the phospholipids and form palmitic acid and 

linoleic acid. Xu et al. [26] has also monitored the phospholipids content in crude tallow. It is 

found that the bulk of the phospholipids were in the glycerol sidestream after steam splitting.      
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Figure 1-1 diagram of hydrolysis reaction 
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1.2 Specific Objective 

Thermal hydrolysis of lipid has been applied for many years in industry and lab-scale 

research. Batch mode hydrolysis has been predominant in lab-scale study. However, the 

qualitative and quantitative information on the thermodynamics, reaction conditions, 

chemical kinetics, product quality as well as engineering aspects of continuous hydrolysis 

reactions is limited. The objective of this work is to demonstrate the lab-scale continuous, 

non-catalytic, counterflow hydrolysis process using different reaction temperatures and 

water-to-oil ratios. The study of the recovery of sweet water, which is the water and glycerol 

mixture, as well as the examination of glycerol refining and effect of co-feeding steam is also 

examined. The kinetic model, generated from the equilibrium parameters of hydrolysis 

reaction steps and validated with a CFD model, is also developed. Finally, the end product of 

hydrolysis reaction, FFA, is applied to catalytic deoxygenation process and produce diesel-

like fuel.    

1.3 Continuous hydrolysis process 

Continuous countercurrent hydrolysis was first developed by Ittner [27] and Mills [28], with 

continuously feeding water and fatty materials into the apparatus in proper amounts or 

proportions. The operating temperature was from 185°C to 235°C under high pressure to 

keep the water in liquid phase. With the use of zinc oxide as the catalyst, a high degree of 

splitting was obtained. For the principle of single stage, single-solvent countercurrent 

extraction [29], the feed and solvent, water in this case, are introduced into the bottom and 

top of an extraction tower, respectively. The density of the solvent is higher than that of the 
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feed and the boiling point of the solvent is lower than that of the feed. This process has been 

modified by various companies for different applications. Commercial countercurrent 

splitting towers have been developed by Colgate-Emery, Badger, Foster-Wheeler and Lurgi 

[13], shown in Figure 1-2[30].  

 

Figure 1-2 Commercial fat splitting process 

In the Colgate-Emery process [31], fat is fed via a sparge ring at a point about 3 ft. from the 

bottom of the tower with a high-pressure pump and water is introduced at a point near the top 

of the tower. The fat rises through the sweet water section, passes through the oil-water 

interface into the oil layer where the hydrolysis reaction happens [32]. No stirring motion is 

needed because high temperature provides sufficient water in the oil from the beginning [23]. 

The countercurrent water also carries away the glycerol which hydrolysis forms. High 

temperature and pressure also provide short reaction time.  The full countercurrent flow of 

water and oil gives high grade FFA.  

In the Foster-Wheeler process [13], fat is introduced near the bottom of the column at a point 

about 0.5m below the interface. Water is fed on the top. As Figure 1-3 shows, the reaction 

zone, which is located between upper and lower heat-exchange zones, is heated to the desired 
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temperature by direct feeding of steam. FFA is discharged from the top of the column and 

sweet water, which contains 12~18% of glycerol, is released from the bottom. In Foster 

Wheeler process, steam from the glycerol-water mixture can be used as another energy 

source for evaporating water content in the sweet water and this concentrates to 88% crude 

glycerol.  

 

Figure 1-3 Foster-Wheeler continuous fat splitting process 

1.4 Kinetic model for hydrolysis reaction 

Several Kinetic studies on hydrolysis reaction were carried out and most of them focus on 

batch mode hydrolysis [17, 19, 22, 33]. Hartman [19] determined the Twitchell Hydrolysis as 

the first order throughout and assumed that the reaction happened in the oil phase. Patil et al. 

[33] developed a kinetic model containing four equilibrium parameters and one rate 

parameters to describe the phenomena of the liquid-liquid thermal hydrolysis. The 

hydrolysis, in this study, was also assumed to occur in the oil phase and the first reaction 

step, which converts triglyceride to diglyceride, was rate limiting. In addition, this model also 

assumed that glycerol and water passing through the phases is faster than the reaction. The 
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results from this simulation were in good agreement with the data from both the batch reactor 

[33] and the continuous stirred tank reactor [34]. Minami and Saka [22] proposed a second-

order model for hydrolysis reaction and developed an autocatalytic mechanism for it. 

Because the study from Minami and Saka was focused on the effect of FFA on the 

autocatalytic reaction, the rate constant of triglycerides was assumed to be equal to those of 

diglycerides and monoglycerides. This research sufficiently modeled the concentration of 

FFA in the system but had no information about the simulation of triglycerides, diglycerides 

and monoglycerides. Moquin and Temelli [17] developed a kinetic study based on batch 

mode hydrolysis of canola oil in supercritical carbon dioxide (SC-CO2). This model 

predicted the concentrations of all components at each time period under particular 

conditions and determined the influence of temperatures, pressures, reaction media and initial 

molar ratio of the reactants. The rate constants of all reaction steps were also calculated, 

which provided good information for determining the mechanism of hydrolysis. These results 

offered significant information for optimizing industrial hydrolysis. However, in order to 

have a perfect prediction of industrial process, the kinetic model of continuous hydrolysis, 

with removing FFA and replacing sweet water by fresh water instantaneously, requires 

different investigation from the study of Moquin and Temelli. This model is developed in the 

following chapters.  
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CHAPTER 2. LAB SCALE INVESTIGATION OF CONTINUOUS 

HYDROLYSIS REACTIONS 

Recently, thermal hydrolysis of triglycerides has been employed as a first step in the 

production of biofuels from lipids.  To that end, batch and continuous hydrolysis of various 

feedstocks has been examined at the laboratory scale.  Canola, the primary feedstock in this 

paper, camelina and algal oils were converted to high quality FFA. The continuous 

hydrolysis system was found to provide better yields than the laboratory batch system. In 

addition, CFD simulation with ANSYS-CFX was used to model the performance and 

reactant/product separation in the continuous, counter-flow reactor.  The effects of reaction 

temperature, water-to-oil ratio, and preheating of the reactants were examined 

experimentally.  Optimization of these parameters has resulted in an improved, continuous 

process with high mass yields (89~93%) and energy efficiency (76%).   
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2.1 Introduction 

Oils and fats have been viewed as the most important renewable raw materials of the 

chemical industry. They have been converted into high purity free fatty acid (FFA) to be used 

for chemical conversions and for the synthesis of chemically pure compounds [35]. Fatty 

acids are also used in a wide variety of end-use industries, such as commercial soap, 

cosmetics and pharmaceuticals production [13]. The total production of fatty acid in the 

world was estimated at 2×10
6
 ton in 1986 and increased to about 902×10

6
 ton in 1994 [13]. 

Currently it is found that straight alkanes can be produced from FFA through a 

decarboxylation process [11], and these hydrocarbons are considered good replacements as 

petroleum-like diesel or other transportation fuels after suitable refining. In other words, 

FFAs are now an important precursor for next generation biofuel production. 

Through hydrolysis of triglycerides, FFA was produced from oils or fats with subcritical 

water. There are numerous theoretical and experimental investigations of fat splitting. Under 

ideal stoichiometric conditions, fat splitting is a reversible reaction which requires the 

addition of three moles of water to one mole of triglyceride to produce three moles of fatty 

acids and one mole of glycerol.  In practice, excess water is used to drive the equilibrium 

balance toward the desired product.   

       Fatty acids and glycerol are valuable chemical intermediates with a variety of 

applications. Glycerol, a by-product of hydrolysis, is widely used in soaps, cosmetics, foods 

and many industrial products. Glycerol can also be used as an energy source because of its 

moderate heating value [36].  
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The hydrolysis reaction can proceed via either a batch or continuous process.  The reaction 

requires relatively high temperatures.  High enough pressure is maintained to keep the water, 

and hence the entire reaction, in the liquid phase.  If a continuous process is used, a flow-

through process can be expected to produce higher yields than a continuous stirred-tank 

reactor (CSTR), since hydrolysis is an equilibrium reaction under these conditions.  Thermal 

hydrolysis of fats in a continuous process was first reported by Ittner [27]. The counter-flow 

process was operated at about 200°C and provided satisfactory yields.  A wide variety of 

temperatures (185 °C – 315 °C) and pressures (10 bar – 110 bar) were investigated in a 

continuous counter-flow reactor [28]. A higher yield and rapid rate of splitting were obtained 

in their invention.  These efforts led to the development of the Colgate-Emery process, which 

is still widely used today [31]. In the Colgate-Emery process, fat and water react in a counter-

flow column at about 260 °C and about 50 bar. Heat transfer and mass exchange between 

fatty acid and water take place in the top portion of the column and between fat and sweet 

water in the bottom part. This method usually takes from 1-3 hours to accomplish 99% 

conversion. Also, this process can be operated with high throughput and with high yields 

without the use of a catalyst, and the quality of produced FFA is exceptionally good, 

particularly from high-grade fats. Recently, King et al. [37] proposed a semi-continuous 

reactor for hydrolyzing soybean oil with subcritical water in a very short time period, 

producing 100% yield of FFA using 338 °C and 5:1 water-to-oil ratio. 

All industrial fat splitting methods have the twin objectives of high rate of reaction along 

with high yields. The objectives are achieved by the optimum balance of: (1) desired reaction 

temperature and pressure; (2) use of appropriate water-to-oil ratio; (3) use or nonuse of 
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catalyst. Previous studies have identified the following factors that influence the hydrolysis 

rate: 

(1) Reaction temperature: Increasing the reaction temperature not only improves the 

reaction rate but also increases the diffusion rate of water and glycerol into and out of the oil 

phase [38]. The higher the reaction temperature, the greater the solubility of water in oil and 

the faster the reaction occurs. For hydrolysis with pure water without any catalyst, much 

higher temperatures are needed to increase both the solubility of water in oil phase and the 

electrolytic dissociation of this water [39]. There are some reports showing that the fatty acid 

solubility increases with the increasing of temperature [40].  

Patil et al. [33] has found that in batch hydrolysis reactors, higher acid value will be 

measured at higher temperatures.  Another study indicated that a temperature increase of 

10°C produces a rise of reaction rate of 1.2 to 1.5 times [18]. Sturzenegger [41] found that 

hydrolysis attains equilibrium 5 times faster when temperature is increased from 225 °C to 

280 °C [39]. Correspondingly, lowering the temperature from 250 °C to 200 °C and keeping 

the other parameters constant have shown a dramatic decrease in conversion rates [17]. These 

results confirmed that temperature has a considerable influence on the reaction rates of non-

catalyzed hydrolysis.  

(2) Water-to-oil ratio: The initial ratio of water-to-oil affects the degree of hydrolysis. 

Higher water-to-oil ratio shifts the equilibrium balance in favor of product [42]. King et al. 

[37] showed that 5:1 water-to-oil volume ratio would produce higher FFA in less time than 

2.5:1 ratio in subcritical water. Moquin et al. [17, 42] have also found a significant increase 
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of FFA yield as the water-to-oil volume ratio was increased from 3:1 to 17:1and 70:1 in 

supercritical CO2. 

(3) Catalyst:  The use of small amounts of hydrolytic agents, or catalysts, considerably 

enhances the hydrolysis level. The catalysts differ according to the hydrolysis process 

employed. At the beginning of the reaction, the catalyst remains in the water phase, 

promoting emulsification without inhibiting the progress of hydrolysis. When there is 

sufficient quantity of fatty acid, the catalyst passes through the oil phase and increases the 

solubility of water in the oil phase [23]. In general, acid catalysts are the most effective for 

hydrolysis. In the study of catalyst-supported hydrolysis reactions [18 41], zinc oxide 

accelerates the hydrolysis of fats considerably by increasing the water solubility.  Recently, 

fatty acid was also found to act as an acid catalyst in subcritical water hydrolysis [22].  

   In this paper, a continuous, lab scale high-pressure non-catalytic counter-flow hydrolysis 

process has been demonstrated to produce high percentage yield of FFA. The extent of 

completion of hydrolysis at various temperatures and different water-to-oil ratios are 

presented to help understand the mechanism of the continuous hydrolysis reaction. Canola oil 

was the primary feedstock in this research; hydrolysis of camelina oil as well as algal oil was 

also demonstrated to show the versatility of this process. This modified Colgate-Emery 

process is an efficient and inexpensive method for large scale production of FFA from 

triglycerides. 
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2.2 Experimental Methods 

2.2.1 Materials 

The basic materials used in this study were commercial canola oil and distilled water 

obtained from a local grocery store. The other feedstocks were refined, bleached and 

deodorized (RBD) canola oil purchased from Jedwards International Inc. (Quincy, MA), 

camelina oil from Touchet Seed & Energy (Touchet, WA), and algal oil from Eldorado 

Biofuels (Santa Fe, NM).   

2.2.2 Experimental 

Figure 2-1 shows the lab-scale continuous hydrolysis reactor setup. In this system, 

appropriate proportions of water and oil were fed at 55 bar into the hydrolysis reactor via a 

Neptune proportional pump (Model: 515-S-N1, Neptune Chemical Pump Company, Inc., 

Buffalo, NY) and modified Waters HPLC pumps (Model: 510, Waters Corporation, Milford, 

MA) (External Swagelok check valves were plumbed to the pump heads in order to allow 

effective pumping of the viscous oils). The water and oil can be pumped individually or 

simultaneously. The hydrolysis reaction was performed in a custom 316 SS reactor, 150 cm 

tall by 8.9 cm inner diameter, providing a fluid volume of 10 L. This reactor was heated via 

direct electromagnetic induction coils driven by two modified commercial induction oven 

cooktops [43]. The top and bottom halves of the reactor were heated by separate induction 

coils. Temperature control was via K type thermocouples mounted on the surface of the 

reactor. These thermocouples were connected to Delta DTB 4824 Temperature Controllers 
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which control the ovens in on-off mode. The power consumption of the heaters was adjusted 

by tuning the inductive circuits, with a maximum power of 1.8 kW per coil. The heaters are 

capable of bringing the upper and lower parts of the reactors to the desired temperature in 

about 120 minutes.  

For a hydrolysis reaction, the reaction temperature was set between 250-270 °C. Water was 

pumped into a column with a fluid volume of 600 mL. Oil was pumped into a second column 

with a 154 mL volume. Both columns were heated to 250 °C by induction coils similar to 

those described above. Experiments with and without water and oil pre-heating were 

conducted. Water was injected at a point about 25 cm below the top of the reactor and oil 

was injected about 120 cm below the top of the reactor. By the difference of densities, water 

and oil flow counter-currently, which also enhances mixing.  

   During the continuous reaction, the FFA and the sweet water streams leaving the vessel 

were cooled by a tube-in-shell heat exchanger.  Pressure was controlled via Swagelok back 

pressure relief valves. The flow rates of the FFA and sweet water were maintained by 

Swagelok metering valves. The purity of the product was obtained by comparing the acid 

value, which is proportional to the molar fraction of free fatty acid present, to the 

saponification value, which is proportional to the total number of moles of bound and 

unbound fatty acids.   

Batch hydrolysis experiments were also conducted for comparison with the continuous 

hydrolysis results. Figure 2-2 shows the 5 liter batch hydrolysis reactor (Parr HT/HP reactor, 

14 cm I.D. × 37.7 cm high, Model 4580, Parr Instrument Company, Moline, IL). This vessel 
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is equipped with 3600 W ceramic fiber heaters which are designed to provide uniform heat 

distribution to the walls and bottom of the vessel.  A thermowell is inserted in the heater to 

accommodate an external J type thermocouple for contact with the outside vessel wall. The 

reaction temperature and pressure were controlled by the Parr 4857 process controller and 

operated through CAL GRAPHIX interface. During a run, the reactants were constantly 

stirred at 600 rpm via the stirrer driven by DC variable speed motor and manually or 

automatically controlled by Parr 4857 process controller. After purging with N2, appropriate 

amounts of water and canola oil were heated to 270 °C and reacted for 2 hours without any 

catalytic agents. The FFA product stream was released from the upper part of the reactor and 

sweet water was released from the bottom part. 

2.2.3 Sample Analysis 

Besides titration, the FFA product was analyzed via gas chromatography (Shimadzu 

QP2010) equipped with a RESTEK MXT
®

-Biodiesel TG column (15 m long, 0.32 mm in 

diameter, 0.1 µm film thickness) and coupled to an FID. Sixty mg of product samples were 

dissolved in 4 mL HPLC grade hexane and a sample of 1 µL was injected into the GC with a 

split ratio 10/1 and a carrier gas (helium) flow rate of 32.9 mL/min. The injector temperature 

was 380 °C.  The initial oven temperature was 50 °C and was held for 1 minute, and then 

increased to 180 °C at 15 °C/min, followed by an increase of 7 °C/min to 230 °C and finally 

an increase of 30 °C/min to 380 °C and held for 5 minutes. Quantitative calculations were 

performed by the area method and supplemented by using the external standard method.  
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   The concentration of glycerol in the sweet water was tested by measuring the density via a 

density meter (Model: DMA 5000M, Anton Paar, Graz, Austria).  The glycerol concentration 

was calculated by interpolating the density data with the glycerol-water solution [45].  
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Figure 2-1 Continuous hydrolysis system (numbers indicates states of energy input and output in Table 

2-3) 
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Figure 2-2 Batch hydrolysis system 

2.3 Results and discussions 

2.3.1 CFD Simulation of Continuous Hydrolysis 

To gain a better understanding of the reactant and product distributions inside the reactor as 

well as the reaction performance, a simulation modeled by ANSYS-CFX (Ansys, Inc.) has 

been carried out (Figure  2-3). The analysis of computational fluid dynamics (CFD) for 

continuous hydrolysis was based on the properties of reactants and products of the reaction at 

250 °C, as shown in Table 2-1, along with the reaction kinetics. The hydrolysis reaction is 

shown as [17]: 
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                              (2-3)  

                                                 (2-4)  

Where ( 353 )(COORHC ), ( )()( 253 OHCOORHC ), ( 253 ))(( OHCOORHC ), ( RCOOH) and (

353 )(OHHC ) represent triglyceride (TG), diglyceride (DG), monglyceride (MG), FFA and 

glycerol (GLY), respectively. The rate equations can be described as follows: 
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For the given rate constants [17], the results showed that oil distributes slowly to the upper 

part of the reactor and water stays in the lower part. When the reaction happens, FFA is 

formed at the oil and water interface, and flows upward and accumulated at the very top of 
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the vessel. Glycerol, produced at the same location, flows downward and mixes with the 

water at the bottom.   

Table 2-1 Properties of reactants and products of hydrolysis used in the CFD model [44] 

 water canola oil FFA glycerol 

Molar Mass (g/mole) 18.02 878 282.46 92.09 

Density (g/cm
3
) at 250 °C 0.798 0.753 0.734 1.09 

Heat Capacity (J/mole K)  at 250 °C 87.38 2187.98 1030.00 349.94 

Thermal conductivity (W/m K) at 250 

°C 

0.62 0.15 0.08 0.32 

Dynamic Viscosity (Pa s) at 250 °C 0.00011 0.00021 0.00053 0.00061 

Thermal expansivity (1/°C) at 250 °C 0.00021 0.00209 0.00107 0.00088 

                       

 

Figure  2-3 Volume fractions of the components from ANSYS-CFX simulation (from left to right: Oil, 

water, FFA, Glycerol). The reaction was simulated at 250 °C, 20 mL/min of water feed rate and 10 

mL/min of oil feed rate. 
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2.3.2 Effect of water and oil preheating 

  As described by Mill [28], water and oil were pre-heated to the reaction temperature before 

entering the reactor. Pre-heating water and oil is actually used to avoid heat exchange 

between the new feed pumped into the reactor and the reactants in the vessel within the 

hydrolysis reaction. Water and oil pumped into the reactor without pre-heating will reduce 

the reaction temperature at some parts of the reactor and decrease hydrolysis rate. As the 

experimental results shows in Figure 2-4, at a reaction temperature of 250 °C and an water-

to-oil ratio of 2:1,  pre-heating both water and oil at 250 °C provided 79%~82% FFA yield 

when reaching steady-state, 44% more than no pre-heating, 10% more than only pre-heating 

water and 3% more than only pre-heating oil.  

 

Figure 2-4 Effect of preheating water and oil on FFA % yield; reaction was carried out at a constant 

temperature of 250°C and oil feed rate of 10mL/min and water feed rate of 20mL/min 
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2.3.3 Effect of reaction temperatures 

   Increasing the reaction temperature not only increases the rate of reaction but improves the 

rate of diffusion of water and glycerol in and out from the oil phase [16]. Water at higher 

temperature has low dielectric constant and behaves more like polar organic solvents rather 

than ambient liquid water [39]. Therefore, water solubility in the oil phase is enhanced by 

higher temperatures, hence the period of emulsive hydrolysis is reduced and the reaction is 

accelerated [18]. Figure 2-5 shows the degree of hydrolysis with respect to temperature. With 

an increase of 20 °C (from 250 °C to 270 °C), the water content in the oil phase increased 

accordingly, and results in an improvement of FFA conversion by 8%. These results are in 

agreement with the previous studies [38, 41]. For industrial application, in an attempt to 

reduce the power consumption, the lower part of the reactor was kept at low temperature 

(200 °C) while the upper part was at the desired temperature (260 °C), the resulting FFA 

yield was lower for the first three hours but reached the same equilibrium eventually. Thus, it 

seems evident that for the overall hydrolysis reaction, the heterogeneous reaction occurs at 

the beginning of hydrolysis and a homogeneous reaction occurs thereafter, and these take 

place in the water/oil interface and in the oil phase, respectively.   
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   Figure 2-5 FFA conversions at different temperatures; water was fed at 20 mL/min and oil was fed at 

10 mL/min 

2.3.4    Effect of water-to-oil ratio 

  The water-to-oil ratios in this study represent the ratio of inflow rates for the two reactants.  

To obtain a better conversion to FFA, the instantaneous or final glycerol concentration must 

be kept low [18] or washed out countercurrently [16]. In the continuous hydrolysis reactor, as 

the reaction reached equilibrium, glycerol concentration in sweet water, calculated from the 

density of glycerol-water solution [45], was reduced faster when more fresh water was 

applied. As shown in Figure 2-6, glycerol concentration tracks very closely with FFA yield, 

which represents the progress of the reaction. The highest glycerol concentration measured 

was 2.03%, at the time the hydrolysis reached equilibrium. The best way to improve the 

hydrolysis level is replacing glycerol-water phase by adding fresh water as soon as the 
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reaction rate slows down [18]. In addition, higher excess water improves the forward reaction 

rate in each of the reaction steps and accelerates the completion of hydrolysis. Higher water-

oil ratio, shown as Figure 2-7, has a lower reaction rate at first, but results in a higher yield 

eventually. As Figure 2-7 demonstrated, compared with 2:1 water-to-oil inflow ratio, 

continuous hydrolysis with 4:1 water-to-oil ratio was 14~19% lower before 210 minutes but 

7~8% higher as the reaction reached steady-state. It is thought that as the reaction reached 

equilibrium, the condition with 20 mL/min water feed rate (2:1 ratio) had insufficient fresh 

water to flush out the glycerol content in sweet water and this limited the extent of the 

hydrolysis reaction.  

 
Figure 2-6 The variation of FFA and Glycerol concentration for continuous hydrolysis reactions; 

reaction was conducted at 250 °C as well as 20 mL/min of water feed rate and 10 mL/min of oil feed rate  
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Figure 2-7 The effect of hydrolysis with various water-to-oil ratios at a constant reaction temperature of 

250 °C. The feed rates of oil was 10 mL/min and of water was 20-40 mL/min 

2.3.5    Different feedstocks and mass yield from hydrolysis reaction 

Table 2-2 shows FFA yield, profile and concentrations as well as the mass yield of the 

reaction, for the continuous hydrolysis reactions for the four different feedstocks; canola oil 

(raw and RBD), camelina oil and algal oil. Hydrolyzed canola oil and algal oil contain 

mostly oleic acid and linoleic acid while camelina contains a significant amount of alpha-

linolenic acid. For the same experimental conditions, a 260 °C reaction temperature and 4:1 

water-to-oil ratio, a FFA yield of 91% at equilibrium was obtained from these four 

feedstocks. Due to the removal of the glycerol backbone, every one mole of triglycerides will 

lose one mole of glycerol. Therefore, the theoretical mass yields of these four feedstocks are 

96.3%, 96%, 95.9% and 89.8%, respectively. As Table 2-2 described, mass conversion 

ranged from 89~93%, showing a high mass yield in this process.   
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Table 2-2 Hydrolysis results from different feedstocks; all reactions were conducted at 260 °C with 10 mL/min 

of oil feed rate and 40 mL/min of water feed rate 

  Canola oil RBD canola oil Camelina oil Algal oil 

FFA yield at steady state (%) 95.46 93.45 91.49 93.4 

FFA profile FFA concentration (mg/g sample) 

C 12:0 0.00 0.00 0.00 0.00 

C 14:0 0.01 0.05 0.04 0.01 

C14:1, cis  0.00 0.00 0.00 0.00 

C 16:0 0.94 0.98 3.54 1.38 

C 16:1, cis  0.51 0.61 2.14 1.14 

C 17:0 0.03 0.05 0.00 0.04 

C 17:1, cis 0.00 0.00 0.00 0.00 

C 18:0 0.47 0.49 1.63 0.60 

C 18:1, trans 0.45 0.39 1.13 0.63 

C 18:1, cis 20.62 22.53 17.97 19.77 

C 18:2, cis 3.33 3.91 11.07 6.20 

C 18:3, cis 6, 9, 12 0.25 0.30 1.82 0.25 

C 18:3, cis 9,12, 15 0.85 1.29 15.08 1.11 

C 20:0 1.90 2.36 5.60 3.77 

C 20:1, cis 0.25 0.31 8.72 0.24 

C 20:2, cis 0.00 0.00 0.00 0.00 

C 22:0 0.10 0.08 0.60 0.03 

C 22:1, cis 0.00 0.01 1.15 0.00 

C 20:5, cis 0.04 0.04 0.34 0.03 

C 24:0 0.04 0.04 0.06 0.03 

C 24:1, cis 0.02 0.01 0.03 0.02 

          
Mass reacted (g) 2459.4 2321.3 2260.7 904.2 

Mass produced (g) 2272.2 2113.9 2107.8 808.7 

Mass Conversion (% wt)  92  91 93 89 

2.3.6    Energy balance for continuous hydrolysis reactions 

   Table 2-3 shows the energy balance for the continuous hydrolysis process, derived from 

thermodynamic calculation. According to the energy conversion efficiency equation, 
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          (2-10) 

the actual energy conversion efficiency, from the calculation of electrical power 

measurements, and ideal energy conversion efficiency, from the calculation based on 

thermodynamics, were determined. These values were obtained from the reaction carried out 

at 250 °C and 2:1 water-to-oil ratio. After filling and heating the reactor, which gave a startup 

energy cost of 15.98 MJ, the reaction was conducted for 5 hours. The total mass and total 

water/oil feeding time were determined by the period which started at the beginning of the 

reaction and ended when the FFA yield reached steady state. After 5 hours, 2.431 kg of FFA 

was obtained from hydrolyzing 2.83 kg of canola oil. The total heating value of reactant, e.g. 

canola oil, within this reaction was 110.25 MJ [44] and the total thermal energy equivalent 

input to the process, as shown in Table 2-3, was 17.96 MJ for the actual case and 11.53 MJ 

for the ideal calculation. The energy content of the products, including FFA and glycerol, is 

97 MJ. The energy content of FFA was determined based on the average enthalpy of all FFA 

components derived from canola oil, valued at 38.15 MJ/kg. The actual energy conversion 

efficiency obtained was 75.66%, where the ideal theoretical conversion efficiency was 

79.66%. The reasons for the difference were inefficiencies of the heaters, pumping losses and 

heat losses.  

 

 

  

energy conversion efficiency
energy content of product

energy content of feedstock input energy



 

 

33 

Table 2-3 Thermal dynamic analysis of continuous hydrolysis reaction based on the reaction conducted at 250 

°C as well as 10 mL/min of oil and 20 mL/min of water 

Energy Balance Calculation 

state description Species 

T 

 (°C ) 

P 

(psig) 

volume flow 

rate(mL/min) 

mass 

fraction 

mass 

flow 

rate 

(g/min) 

Total 

volume 

(L) 

Total 

Mass 

(kg) 

h 

(kJ/kg) H (kJ) 

Electricity 

input 

(KWH) 

Electrici

ty input 

(kJ) 

E in (kJ) 

ideal 

  Start-up costs                          

  Reactor heat                    4.35 15660   

  Fill reactor                    0.09 324   

  Total                      15984   
                             

1 Water from tank H2O 25 0 20   20 6.00 6.000 104.96 629.76       

2 Water from pump H2O 25 800     20 6.00 6.000 110.06 660.36 0.39 1404 30.60 

3 Water pre-heated H2O 250 800     20 6.00 6.000 1085.80 6514.80 2.13 7668 5885.04 

4 Oil from tank Canola 25 0 10.2   9.44 3.06 2.831 0.00 0.00       

5 Oil from pump Canola 25 800     9.44 3.06 2.831 16.87 47.76 0.18 648 47.76 

6 Oil pre-heated Canola 250 800     9.44 3.06 2.831 517.91 1465.96 0.39 1404 1418.19 

7 FFA from reactor FFA 250 800       2.89 2.431 1741.78 4234.66       

8 FFA cooled FFA 50 800         2.431           

9 FFA after pressure 

relief 
FFA 25 0         2.431           

10 Sweet water from 

reactor 
 250 800                     

    H2O 250 800   0.9626 

 
    6.849 1085.80 7436.57       

    Glycerol 250 800   0.0374     0.266 1725.81 458.98       

  Total               7.115   7895.55       
                              

11 Sweet water cooled   50 800                     

    H2O 50 800   0.9626 

 
    6.849 214.21         

    Glycerol 50 800   0.0374     0.266           

  Total                           
                              

12 

Sweet water after 

pressure relief   25 0                     

    H2O 25 0   
0.9626 

 
    6.849 104.96         

    Glycerol 25 0   0.0374     0.266           

  Total                          
                             

  Reactor makeup heat                   1.90 6840 4149.45 
                            

  Totals                 4.99 17964 11531.05 
                          

                      
Measured 

Value 

theoretic

al value 

start-up 

cost 

              

Energy of 

product 

produced 

(MJ)   97.004      

              

Energy 

inputs to 

process 

(MJ)     17.964 11.531 15.984 

              

Energy of 

feedstocks(

MJ)   110.248      

                    
measured 

value 

theoretic

al value 

start-up 

cost 

              

Energy 

conversion 

efficiency 

(%)    75.66% 79.66%   
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2.3.7  Continuous vs Batch reactions 

Figure 2-8 presents the comparison between continuous and batch hydrolysis reactions. Note 

that the batch reactions were conducted with 2:1 water-to-oil initial volume ratio, whereas 

continuous reactions were performed with 2:1 water-to-oil inflow volume ratio. The value of 

FFA yield from the continuous process was determined when the hydrolysis reaction reached 

steady state. It is observed that the degree of hydrolysis for the continuous process at 250 

°C~270 °C shows good agreement with the batch process. However, as higher water flow 

rate was applied, the reaction limit improved as shown in Table 2-4, because the glycerol-

water mixture was continuously replaced by the fresh water. The continuous process 

produced higher purity of FFA than the batch mode, even when the batch mode operated at 

higher temperature, higher water-to-oil ratio and with catalyst (ZnO) as suggested in 

Sturzenegger‟s study [41]. Thus, for industrial applications, needing high concentrations of 

FFA, a continuous system is more favorable than a batch system.  
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Figure 2-8 FFA as a function of temperature for Continuous and Batch hydrolysis reactions. Continuous 

reaction was conducted at 250 °C~270 °C and batch reaction was at 220 °C~310 °C.  

 
Table 2-4 Comparison of continuous and batch hydrolysis at different temperatures and water-to-oil ratios. 

Feedstock: canola oil 

 Temperature (°C) Volumetric water-

to-oil ratio 

Catalyst Max % 

FFA 

Batch reaction 1 280 3:1 N/A 91.26 

Batch reaction 2 270 6:1 N/A 94.8 

Batch reaction 3 280 3:1 ZnO 93.14 

Batch reaction 4 310 2:1 N/A 90.60 

Batch reaction 5 –Re-hydrolyze 

FFA with fresh water 

270 3:1 N/A 92.1 

Continuous reaction 260 4:1  N/A 95.46 
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2.4 Conclusion 

   The performance of lab scale continuous hydrolysis of various oils to FFA was 

demonstrated in this study. CFD analysis from ANSYS-CFX models the counter-current 

flow and hydrolysis reaction inside the reactor and shows that the FFA and sweet water 

products can be obtained from the very top and bottom of the reactor, respectively. In this 

process, preheating water and oil increased the FFA yield by 44% compared with no 

preheating. Reaction temperatures and water-to-oil ratios are two critical factors for this 

experiment. Higher temperature, which resulted in faster and better mixing, not only 

accelerated the reaction, but produced higher purity FFA. Better conversion of FFA resulted 

from the increase of water-to-oil ratio due to the continuous glycerol removal. Besides 

commercial food grade canola oil, the primary feedstock in this work, RBD canola oil, 

camelina oil and algal oil were also converted into high purity of FFA, as well as good mass 

conversion, approximately 89% to 93%. In addition, the determination of actual and ideal 

energy conversion efficiency gave significant insight for this process. These results provide 

insights for optimizing the industrial hydrolysis process.  
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CHAPTER 3. SWEET WATER RECOVERY IN THE CONTINUOUS 

HYDROLYSIS OF TRIGLYCERIDES  

Hydrolysis of triglycerides to form free fatty acids (FFA) has been used for many decades for 

soap manufacturing and other products.  The primary intent here is to minimize the reaction 

temperature and reaction time.  Specifically, hydrolysis is the first step of a proprietary 

chemical process to convert lipids to sustainable, drop-in replacements for petroleum based 

fuels.  Although the hydrolysis reaction is already well understood, to improve the economics 

of the process, attention is now focused on the energy efficiency of the process, maximize the 

reaction rate, and improve the recovery of the glycerol by-product.  A laboratory-scale 

reactor system has been designed and built with this focus in mind.   

The reactor has a counterflow design modeled after the Colgate-Emory process.  Sweet water 

(water with glycerol) is recovered by means of a distillation column, which is heated above 

the boiling point of water at the reaction pressure.  The pressure of the steam is allowed to 

rise in a quasi-continuous manner, so that the steam pressure allows the recovered water to 

return to the reactor without pumping.  Thus, some of the water content in the sweet water is 

converted to steam and relatively high purity glycerol is obtained.  Continuous extraction of 

the sweet water and glycerol and steam injection are shown to provide favorable equilibrium 

conditions resulting in a high quality of FFA product, even without preheating water and oil 

as well as at low reaction temperatures and low water-to-oil ratio.  The high enthalpy of the 

steam, due to the elevated temperature and enthalpy of evaporation, provides energy for the 
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hydrolysis reaction. These results offer the optimal conditions for continuous hydrolysis of 

triglycerides to FFA.   
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3.1 Introduction 

The important industrial process of hydrolyzing bio fats and oils to produce FFA has been in 

commercial operation for many years.  World production of fatty acids in 1986 was 

estimated at 2×10
6
 ton and increased to about 902×10

6
 ton in 1994 [13].  Due to the 

increasing demand for petroleum fuels and environmental concerns, fats and oils from 

renewable sources are currently used to produce biofuels such as biodiesel (FAME) from 

transesterification and “drop in” replacements via the proprietary Red Wolf Process
TM

 [47], 

which converts triglycerides to FFA as the first step.  There are many theoretical [34, 17] and 

experimental [41, 22] investigations showing that FFA can be produced from oils or fats 

through hydrolysis of triglycerides with subcritical water [37] or supercritical CO2 [17]. The 

process consists of a series of steps to obtain FFA and glycerol: 

                
RCOOHOHCOORHCOHCOORHC )()()( 2532353     (3-1) 

                       
RCOOHOHCOORHCOHCOORHC )()()( 2532353     (3-2) 

                       
RCOOHOHCOORHCOHCOORHC )()()( 2532353     (3-3) 

                       
RCOOHOHCOORHCOHCOORHC )()()( 2532353     (3-4) 

Where triglyceride ( 353 )(COORHC ) is converted to diglyceride ( )()( 253 OHCOORHC ), then 

to monoglyceride (
253 ))(( OHCOORHC ), and then to FFA ( RCOOH ) and glycerol (

353 )(OHHC ). FFA, as the product of hydrolysis reaction, is used for soap production, 

synthetic detergents, greases, cosmetics and several other products [13].  Glycerol, the by-
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product of the hydrolysis reaction, is widely used in soaps, cosmetics, foods and for many 

other industrial uses [48].  It has also been considered as the alternative source for petroleum-

based fuel [24].  It may also be used as a fuel to provide combined heat and power in the fuel 

conversion process due to its moderate heating value, approximately 16MJ of heat per 

kilogram [36].  The main purpose for optimizing the hydrolysis reaction is to obtain high 

purity FFAs for downstream conversion to fuel in the Red Wolf Process
TM

 while refining the 

glycerol as an energy source or co-product.  

The continuous hydrolysis reaction requires relatively high temperatures.  High pressure is 

maintained to keep the water, and hence the entire reaction, in the liquid phase. Thermal 

hydrolysis of fats in a continuous process was first reported by Ittner [27]. His counter-flow 

process was carried out at 200 °C and gave satisfactory yields.  Temperatures from 185 °C to 

315 °C and pressures from 10 bar to 110 bar were investigated in a continuous countercurrent 

flow reactor [28].  One percent of zinc oxide was used in the process described by Mills as a 

catalyst.  A high conversion and a rapid rate of splitting were obtained.  These efforts led to 

the development of the Colgate-Emery process, which is still widely used today [31].  In the 

C-E process, fat and water react in a counter-current flow column at 260 °C and 50 bar.  This 

process can be operated with high throughput and with high yields without the use of a 

catalyst, and the quality of the FFA product is exceptionally good, especially from high-

grade fats.  

There are two disadvantages to the continuous hydrolysis process.  First, the reaction time to 

reach equilibrium is long, on the scale of hours.  Second, the required reaction temperature is 
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high, about 260 °C.  Low reaction temperature, especially below 200 °C, results in an even 

slower reaction and low purity of FFA [17] due to the relatively low reaction rate, low 

diffusion rate and low oil solubility.  In addition, the reverse process, in which FFA reverts 

back to diglcyeride and monoglyceride, is more active at low temperatures.  In the interest of 

industrial applications, two significant goals for the continuous hydrolysis process are 

minimizing the reaction time and reaction temperature.  

 Steam splitting has been used to remove the phosphorus groups contained in crude tallow 

[49].  Heat and agitation provided by the admission of steam lead to faster hydrolysis 

reactions.  In a batch reactor, for example, 90% of the splitting was achieved in 180 min at 

260 °C [49].  Also, phospholipids mixed with the triglyceride were hydrolyzed and the 

phosphorus compound was removed from the glycerol backbone after steam splitting.  

Research showed that co-feeding steam in the hydrolysis reaction results in a decrease in 

residence time of the oil in the reactor and facilitates the process [50].  

The glycerol obtained from hydrolysis may be refined by processing the sweet water through 

multiple-effect evaporators [24, 51].  In the Colgate-Emery Process [31], the sweet water 

goes to a flash tank and then to a settling tank where small amounts of fat and dirt are 

removed.  After a lime treatment, it is sent to the glycerol concentrator.  The performance of 

the glycerol refinery depends on the outflow of sweet water, the glycerol content in the sweet 

water, as well as the temperature and pressure of the system.  When applying higher water 

flow rates in the continuous process, sweet water will be replaced by more fresh water and 

the glycerol concentration will be kept low.  This provides an optimal operation for the 
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hydrolysis reaction [18].  However, high sweet water output and low glycerol concentration 

in the sweet water increases the difficulties in refining glycerol, i.e., more time and energy 

are required because more water needs to be boiled off to concentrated glycerol.  

 In this paper, a lab-scale, counter-flow, continuous hydrolysis reaction has been carried out 

to produce FFA from canola oil with high conversion. The steam evaporated from the sweet 

water was recovered, and injected back to the reactor continuously, stimulating the 

hydrolysis reaction. The steam, with relatively high energy content, can provide sufficient 

heat to sustain the hydrolysis reaction. The process not only produces high quality FFA due 

to the improved emulsion of the oil and water at low reaction temperature and low water-to-

oil ratio, but also produces highly purified glycerol from the glycerol separation stage. In 

addition, for the continuous hydrolysis reaction, due to the steam recovery, the energy 

requirement for reactor make-up heat was less with co-feeding steam than without steam 

injecting.  

3.2 Experimental Methods 

3.2.1 Apparatus  

Figure 3-1 shows the continuous hydrolysis reactor, which is a lab-scale application modeled 

from current commercially-available reactor designs.  The hydrolysis reaction was performed 

in a 316 stainless steel reactor, 150 cm tall with an 8.9 cm inner diameter, providing a fluid 

volume of 10 L.  This reactor was heated by electromagnetic induction coils driven by two 

modified commercial induction cooktops [43].  The top and bottom halves of the reactor 

were heated by separated induction coils, which can be adjusted to different temperatures.  
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Temperature was monitored by K-type thermocouples mounted on the surface of the reactor. 

These thermocouples were connected to two Delta DTB 4824 Temperature Controllers 

which controlled the induction units in on-off mode.  The maximum power of the ovens is 

1.8 kW and they are capable of bringing the upper and lower parts of the reactor to the 

desired temperature in about 120 minutes.  

In this system, proper ratios of water and oil were pumped continuously and simultaneously 

into the hydrolysis vessel via Neptune proportional pumps (Model: 515-S-N1, Neptune 

Chemical Pump Company, Inc., Buffalo, NY) and Waters HPLC pumps (Model: 510, Waters 

Corporation, Milford, MA).  Water and oil were pumped into two separate columns with 154 

mL of inner volume.  According to the authors‟ previous experiments [52], preheating water 

and oil increases FFA yield by 43% compared with no pre-heating.  In this case, therefore, 

water and oil inflow were preheated to between 190 and 220 °C and 140 °C, respectively.  

The pre-heating was accomplished by the induction coils similar to those described above.  

When the reactor reached the desired temperature, water was introduced about 25 cm below 

the top of the reactor and oil was introduced about 120 cm below the top of the reactor.  Due 

to their different densities, water and oil flow in opposite directions, which also enhances 

mixing.  

3.2.2 Co-feeding steam 

The high temperature sweet water was pumped off from the very bottom of the reactor and 

injected into a separation column called the glycerol concentrator.  The column was made 

from 316 stainless steel with a fluid volume of 600 mL.  It was also heated via an induction 
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coil in a similar manner to the reactor.  The temperature was set to 300 °C, slightly above the 

saturation temperature of water at the reaction pressure [53].  In the glycerol concentrator, the 

water portion of the sweet water was converted to superheated steam and then injected back 

to the reactor through the steam line.  A thermocouple, inserted downstream of the steam line 

right before the reactor, was used to ensure that the water was in vapor form.  The steam line 

extended 25 cm below the top of the reactor.  Co-feeding steam provided an energy input for 

the hydrolysis.  The heat source for the hydrolysis reactor was switched from the reactor‟s 

induction heaters to the steam once the reactor reached the desired reaction temperature.  

Simultaneously, a portion of the post-reaction sweet water was continuously feds into the 

glycerol concentrator at flow rates sufficient to maintain steam.  By repeating this semi-

continuous process, the glycerol concentration of the sweet water in the hydrolysis reactor 

was kept low by continuously removing glycerol from the system.  As expected, low glycerol 

concentration resulted in high percent yield of FFA. 

3.2.3 Sample analysis 

During the reaction, the FFA and sweet water effluents were cooled by tube-in-shell heat 

exchangers and continuously released via pressure relief valves.  The flow rates of the FFA 

and sweet water were maintained via metering valves.  The concentration of the FFA was 

obtained by comparing the acid value, which is proportional to the molar fraction of free fatty 

acid present, to the saponification value, which is proportional to the total number of moles 

of bound and unbound fatty acids.  Additionally, FFA samples were analyzed via gas 

chromatography (Shimadzu QP2010) equipped with a Restek MXT
®
-Biodiesel TG column 
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(15 m long, 0.32 mm in diameter, 0.1 µm film thickness) and coupled to an FID.  Sixty mg of 

product samples were dissolved in 4 mL HPLC grade hexane and a sample of 1 µL was 

injected into the GC and the carrier gas (hydrogen) flow rate was 4 mL/min.  The injector 

temperature was 380 °C.  The initial oven temperature was 50 °C and was held for 1 minute, 

and then increased to 180 °C at 15 °C/min, followed by an increase of 7 °C/min to 230° C 

and finally an increase of 30 °C/min to 380 °C and held for 5 minutes.  Quantitative 

calculations were performed by the area method and supplemented by using the external 

standard method.  

The concentrated glycerol was bled off from the bottom of the concentrator at specific times.  

The purity of glycerol was tested by measuring the density via a density meter (Model: DMA 

5000M, Anton Paar, Graz, Austria).  The glycerol concentration was calculated by 

interpolating the density data with the glycerol-water solution [45].  
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Figure 3-1 Lab-scale continuous hydrolysis system (numbers indicate energy input/output states in Table 

3-1)  
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3.3 Results and discussion 

3.3.1 Glycerol Concentration in Sweet water during Hydrolysis Reactions 

For the continuous hydrolysis reaction, fresh distilled water was continuously pumped into 

the reactor to replace the sweet water in order to maintain low glycerol concentration in the 

liquid phase.  As shown in Figure 3-2, at a temperature of 250 °C and an oil feed rate of 10 

mL/min, more glycerol was produced when higher water flow rates were applied (from 20 

mL/min to 40 mL/min), due to the increasing reaction rate of hydrolysis.  With higher water-

to-oil ratios, the time required for the glycerol concentration in the sweet water to reach a 

maximum was shorter.  However, the glycerol content decreased faster due to dilution by 

more flash water as the reaction reached equilibrium.  For a water feed rate of 30~40 

mL/min, 2.2% glycerol concentration in the sweet water was maintained, even for longer 

reaction times.  Figure 3-3 shows the FFA concentration and glycerol concentrations in sweet 

water and those after refining in the glycerol concentrator as a function of reaction time.  For 

the lowest water-to-oil ratio and a temperature of 250 °C, when the hydrolysis reaction really 

begins in earnest, illustrated by the rapidly increasing FFA content, the glycerol 

concentration in the sweet water starts increasing.  For these reaction conditions, the 

maximum glycerol concentration in the sweet water was measured to be 3.2% when the 

hydrolysis reaction reached steady-state and was nearly complete.  The purity of glycerol was 

enhanced with longer refining time and with higher glycerol concentration in sweet water.  

During these 300 minutes of reaction time, glycerol was concentrated to approximately 5.5%; 
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the glycerol concentration is expected to continue to increase with longer processing times.  

In the present experimental set-up, the power of the concentrator heater was a limiting factor.   
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Figure 3-2 Glycerol concentration in sweet water for different water-to-oil ratios at a constant 

temperature of 250 °C.  The feed rate of oil was 10 mL/min and of water was varied between 20 and 40 

mL/min 
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Figure 3-3 FFA and glycerol (before and after refining) concentration as a function of time at a reaction 

temperature of 250 °C, 20 mL/min of water feed rate and 10 mL/min oil feed rate 

3.3.2 Glycerol refining process 

Based on an energy balance calculation, to make superheated steam from sweet water in the 

glycerol concentrator, we need to consider: 

 
loss gly water vaporW H H H H

                                                                (3-5)  

Where W =the energy provided by the induction heating coil, lossH = heat loss (both 

conduction and convection), 
glyH = the heat required to raise the glycerol temperature from 

25°C to 300°C, waterH = the heat required to raise the water temperature from 25 °C to 300 

°C, 
vaporH = the enthalpy of vaporization of the water at process pressure.  
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On average, the glycerol concentration in the sweet water coming out from the hydrolysis 

reaction was 2%.  The energy provided by the induction heating system and the heat losses 

from the glycerol concentrator, measured by the electrical consumption meters, were 6708.6

0.1 kJ and 1296.4 0.1 kJ, respectively.  The heat losses were measured using a pretest, 

which measured the energy consumption of the glycerol concentrator when the temperature 

reached steady-state without feeding in sweet water. Also,  

(1) heating glycerol from 25 °C to 300 °C: 

, ,300 , ,252% ( )gly v gly C boiler v gly C initialH m C T C T

                                              (3-6) 

where m  is the total mass of sweet water pumped into the glycerol concentrator for the 

whole reaction time. The heat capacities Cv of glycerol at 25 °C and 300 °C are 2.4 kJ/kg K 

and 3.8 kJ/kg K [54], respectively. The boiler temperature boilerT =573.15 K and the initial 

temperature initialT =298.15 K.            

(2) heating water from 25 °C to 300 °C: 

300 2598% ( )water C CH m u u
                                                                      (3-7) 

where the internal energy of water at 300 °C and 25 °C are 2669.7 kJ/kg and 104.37 kJ/kg, 

respectively[53].  

(3) enthalpy to evaporate the water,  

,98%vapor va waterH m E
                                                                            (3-8) 
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 where the enthalpy of evaporation for water is 1390 KJ/kg at 50 bar [54].  

Using experimental values for W and Hloss, the total amount of sweet water pumped into the 

glycerol boiler is calculated to be 1.47 0.01 kg, or a volume flow rate of 4.15 0.01 

mL/min.  To generate sufficient steam and refined glycerol, the sweet water feed rate into the 

glycerol concentrator should therefore be close to this value.  Figure 3-4 displays the 

concentration of refined glycerol as a function of the sweet water flow rates.  The error bars 

are ± one standard deviation based on two to three data sets.  At a refining temperature of 

300 °C and pressure of 55 bars, a sweet water feed rate of 3.5 mL/min yielded the highest 

glycerol concentration, in reasonable agreement with the flow rate determined from the 

energy balance calculation.  As the pumping rates were increased above 3.5 mL/min, the 

energy provided by the heating element was insufficient to completely recover the sweet-

water, and the refined glycerol concentration did not increase after 300 minutes.  At feed 

rates lower than 3.5 mL/min, not enough vapor pressure was generated to overcome the 

reactor pressure.  
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Figure 3-4 Refined glycerol concentration from the glycerol concentrator with time for different sweet 

water feed rates at a refining temperature of 300 °C and pressure of 55 bars (the error bars are ±1 

standard deviation based on two to three data sets) 

 

 

3.4 Free fatty acid conversion from continuous hydrolysis reaction with 

steam 

3.4.1 Effect of co-feeding steam and pre-heating water/oil 

Flowing water and oil into the reactor without pre-heating causes heat exchange and reverses 

the reaction. From the patent by Mills [28], water and oil were pre-heated to the reaction 
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temperature before entering the reactor.  Pre-heating the reactants helps the reaction proceed 

and increases its FFA yield by 43% compared with no pre-heating [52].  As Figure 3-5 

shows, at the 250 °C and 2:1 water-to-oil ratio, injecting steam from the glycerol 

concentrator increases its FFA yield by 41% compared with no steam, which agrees closely 

to the results of applying water and oil pre-heaters.  It is thought that the admission of steam 

provides better mixing of water and triglycerides and helps overcome the heat exchange 

effects from water and oil inflows.  Moreover, from a thermal efficiency consideration, for 

steam generation, 5645 kJ was consumed from the glycerol concentrator, which was lower 

than the energy consumption of water and oil pre-heaters (8678 kJ).  Therefore, co-feeding 

steam can be an attractive alternative to preheating the reactants.  
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Figure 3-5 Effect of co-feeding steam and preheating water and oil on FFA conversion; reaction was 

carried out at 250 °C, and the feed rate of oil was 10 mL/min and of water was 20 mL/min 
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3.4.2 Effect of co-feeding steam and reaction temperatures  

Higher reaction temperatures provide more activation energy and accelerate the reaction, as 

expected. Increasing reactor temperature by 20 °C, from 250 °C to 270 °C, results in 8% 

higher FFA yield [52].  King et al. [37] mentioned that at a temperature of 339 °C, the oil and 

water phase became completely miscible, and this leads the reaction toward completion.  As 

Figure 3-6 presents, at a temperature of 200 °C and 4:1 water-to-oil volume flow ratio, co-

feeding steam increased FFA yield by 58% compared with no steam injection.  

Emulsification was observed during the reaction and this was expected to achieve a complete 

hydrolysis reaction due to an increase in interfacial area.  With steam injection, when the 

higher reaction temperatures were used, i.e. 250 °C and 260 °C, the time to significant 

hydrolysis decreased from 180 min to 60 min.  When the hydrolysis reaction was carried out 

at a temperature of 260 °C, about 90% FFA yield was obtained in 120 minutes.  Compared to 

the results without steam, applying steam reduced the time to reach equilibrium by 

significantly, with the most dramatic effect at lower reaction temperatures.  It is believed that 

the injection of the superheated steam improved the mixing of water and oil at the interface 

due to turbulent mixing and increased reaction rates.  
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Figure 3-6 Effect of co-feeding steam and reaction temperature to FFA conversion; reaction was carried 

out at 200~260 °C, and the feed rate of oil was 10 mL/min and of water was 40 mL/min 

 

3.4.3 Effects of co-feeding steam at various water-to-oil feed rate ratios 

The water-to-oil ratio in this paper is defined as the ratio of the flow rates of the two reactants 

flowing into the reactor.  As steam was injected, at a temperature of 250 °C and various 

water-to-oil ratios, the FFA concentrations at equilibrium increased from 71% to 91% for 2:1 

water-to-oil ratio, from 89% to 94% for 3:1 and from 90% to 95% for 4:1, as shown in 

Figures 3-7~3-9.  Moreover, co-feeding steam reduces the time to equilibrium (similar to that 

observed in Figure 3-6), especially at high water-to-oil ratios.  As these figures describe, for 
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the 2:1 water-to-oil ratio, 90% FFA conversion was obtained in 240 minutes, compared with 

210 minutes for a ratio of 3:1 and 180 minutes for 4:1.  However, recall that high water-to-oil 

ratios result in low glycerol content in sweet water after reaching equilibrium (Figure 3-2) 

thus requiring more energy and time to concentrate the glycerol.  
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Figure 3-7 Effect on FFA conversion of co-feeding steam at a 2:1 water-to-oil ratio; reactor was 

maintained at 250 °C, and the feed rate of oil was 10 mL/min and of water was 20 mL/min 
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Figure 3-8 Effect on FFA conversion of co-feeding steam at a 2:1 water-to-oil ratio; reactor was 

maintained at 250 °C, and the feed rate of oil was 10 mL/min and of water was 30 mL/min 
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Figure 3-9 Effect on FFA conversion of co-feeding steam at a 2:1 water-to-oil ratio; reactor was 

maintained at 250 °C, and the feed rate of oil was 10 mL/min and of water was 40 mL/min 
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3.5 Energy Balance Calculation 

A standard measure of a fuel production process is the energy conversion efficiency, defined 

as 

energy conversion efficiency
energy content of product

energy content of feedstock input energy             (3-9) 

The energy balance calculation shown in Table 3-1 computes the actual energy conversion 

efficiency, based on electrical power measurements, as well as the ideal conversion 

efficiency, based on thermodynamics. Both of these calculations merely describe the current 

laboratory configuration. Higher efficiencies can be easily achieved by making use of the 

enthalpy of the products of the reaction. For example, the sweet water from the reactor could 

be fed directly to the glycerol concentrator, rather than allowing it to cool and depressurize 

first. Similarly, the enthalpy of the FFA could be used to help pre-heat the triglyceride 

feedstock.   

The measured quantities in the table are highlighted in light green. All other quantities are 

derived. After filling the reactor and preheating the reactor and the concentrator, the reaction 

was run at steady state for 5 hours. After this time, 2.27 kg of FFA was recovered from 2.45 

kg of canloa oil.  GC-FID analysis of the FFA product shows near 100% conversion. For the 

purpose of the analysis, the amount of canola was computed from the measured volume flow 

rate, and the amount of FFA from stoichiometry. The amount of water in the sweet water 
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product was calculated by conservation of mass. The resulting concentration of glycerol in 

the sweet water shows good agreement with measurement.   

The actual energy conversion efficiency was found to be 78.6% vs. the ideal efficiency of 

84.2%. The difference between these values is caused by heat losses, pumping losses, and 

inefficiencies of the heaters.   

From this analysis, it is possible to predict the effect of the sweet water feed rate to the 

concentrator on the overall energy conversion efficiency of the process. The results of this 

calculation are shown in Figure 3-10.  In the calculation, the total amount of water fed to the 

reactor is held constant.  As the sweet water feed rate increases, the feed rate of the make-up 

water from the tank decreases.  The energy to concentrate the glycerol increases while the 

energy to preheat the water from the tank decreases.   

If all of the enthalpy of the steam is delivered to the reactor, which in our case is 3.5 mL/min 

or more sweet water feed rate, then the ideal process efficiency remains constant with 

increasing sweet water feed rate, until the net enthalpy provided by the steam equals the 

heating requirement for the reactor.  At this point, we assume that any additional enthalpy 

provided by the steam is discarded.  In actual fact, the excess enthalpy of the steam can be 

put to use elsewhere until the enthalpy of the steam exceeds the total input energy required.   

The actual efficiency of the process, as the sweet water feed rate is higher than 3.5 mL/min, 

decreases with increasing sweet water feed rate, because of the increased losses in the 

concentrator and the reactor.  Once the enthalpy of the steam exceeds the actual makeup heat 
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required by the reactor, the efficiency drops off more rapidly, again assuming that the excess 

enthalpy is discarded.   
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Figure 3-10 Energy conversion efficiency as a function of sweet water flow rate into the glycerol 

concentrator 
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Table 3-1 thermodynamic analysis of continuous hydrolysis reaction 

Energy Balance Calculation 

state description Species T (°C ) 

P 

(psig) 

volume flow 

rate(mL/min) 

mass 

fraction 

mass flow 

rate (g/min) 

Total volume 

(L) 

Total 

Mass (kg) h (kJ/kg) H (kJ) 

Electricity 

input (KWH) 

Electricity 

input (kJ) 

E in (kJ) 

ideal 

  Start-up costs                          

  Reactor heat                    4.35 15660   

  Concentrator heat                    0.10 360   

  Fill reactor                    0.09 324   

  Total                      16344   

                             
1 Water from tank H2O 25 0 20   20 6.000 6.000 104.96 629.76       

2 Water from pump H2O 25 800     20 6.000 6.000 110.06 660.36 0.39 1404 30.60 

3 Water pre-heated H2O 250 800     20 6.000 6.000 1085.80 6514.80 2.13 7668 5885.04 

4 Oil from tank Canola 25 0 10.2   9.435 3.060 2.831 0.00 0.00       

5 Oil from pump Canola 25 800     9.435 3.060 2.831 16.87 47.76 0.18 648 47.76 

6 Oil pre-heated Canola 250 800     9.435 3.060 2.831 517.91 1465.96 0.39 1404 1418.19 

7 FFA from reactor FFA 250 800       3.219 2.701 1743.55 4709.97       

8 FFA cooled FFA 50 800         2.701           

9 FFA after pressure relief FFA 25 0         2.701           

10 Sweet water from reactor  250 800                     

    H2O 250 800   0.9586     6.849 1085.80 7436.57       

    Glycerol 250 800   0.0414     0.296 1725.81 509.98       

  Total               7.144   7946.55       

                              
11 Sweet water cooled   50 800                     

    H2O 50 800   0.9586     6.849 214.21         

    Glycerol 50 800   0.0414     0.296           

  Total                           

                              

12 

Sweet water after pressure 

relief   25 0                     

    H2O 25 0   0.9586     6.849 104.96         

    Glycerol 25 0   0.0414     0.296           

  Total                          

                             
13 Sweet water to pump  25 0                   

    H2O 25 0   0.9586 3.3843   1.015 104.96 106.57       

    Glycerol 25 0   0.0414 0.14601   0.044 0.00 0.00       

  Total      3.5   3.53034   1.059   106.57       

                             
14 Sweet water from pump  25 850                   

    H2O 25 850   0.9586     1.015 110.38 112.07       

    Glycerol 25 850   0.0414   0.035 0.044 0.21 0.01       

  Total               1.059   112.08 0.1049 377.64 5.51 

                              
15 Steam  from concentrator H2O 300 850         1.015 2887.20 2931.37       

16 Steam to reactor H2O 300 850         1.015 2887.20 2931.37       

17 Glycerol from concentrator  300 850         0.044 0.00 0.00       

                             
  Reactor makeup heat                   1.9 6840 4675.76 

  Concentrator heat                   1.568 5644.8 2819.29 

                            

  Totals           Total mass in 9.846     6.6629 23986.44 14882.16 

              Total mass out 9.846           

                      

Measured 

Value 

theoretical 

value start-up cost 

              

Energy of 

product 

produced (MJ)   

107.782

28      

              

Energy inputs to 

process (MJ)     23.98644 14.882162 16.344 

              

Energy of 

feedstocks(MJ)   

113.078

4      

                    

measured 

value 

theoretical 

value start-up cost 

              

Energy 

conversion 

efficiency (%)    78.64% 84.23%   
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3.6   Conclusions 

Co-feeding superheated steam by boiling the sweet water to concentrate glycerol shows 

promise as an effective method to enhance continuous hydrolysis reactions, including an 

improvement of the FFA yield, energy conversion, and glycerol recovery.  During the 

hydrolysis reaction, glycerol concentration in the bottom of the glycerol concentrator 

increased from 2-3% (the sweet water concentration) to 5.5%.  This concentration is 

expected to continue to increase with extended operation time.  From the significant 

improvement in FFA concentration, the injection of recovered steam provides an 

improvement over the pre-heating of inlet water and oil, as it improves the yield of FFA and 

also accelerates the reactions at low reactor temperature and low water-to-oil ratio, at lower 

energy costs.  The purification of glycerol in the concentrator, a necessary function if the 

glycerol is to be re-used, poses no theoretical penalty to the energy conversion efficiency of 

the process.  The actual conversion efficiency decreases slightly with increasing feed rate to 

the concentrator, due to heat losses and heater inefficiencies associated with the concentrator.  

To the degree that the process is optimized, these losses can be minimized.   
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CHAPTER 4. KINETIC MODELING OF CONTINUOUS 

HYDROLYSIS OF TRIGLYCERIDES 

   A chemical kinetic model has been developed for the continuous hydrolysis of triglycerides 

to fatty acid and glycerol. The Peng-Robinson departure function and Joback group 

contribution method were applied to determine the equilibrium constants of the four 

reversible reactions in the kinetic mechanism. Continuous hydrolysis of canola oil in 

subcritical water was conducted at a range of temperatures and the concentrations of all 

components (tri-, di-, and monoglycerides, free fatty acids, and glycerol) were quantified via 

GC-FID. Several of the rate constants in the model were obtained by modeling the 

experimental data, with the remaining determined with the calculated equilibrium constants. 

The kinetic model was validated through agreement between the theoretical and experimental 

results. The activation energy was also determined for all forward and reverse reactions 

under a variety of reaction temperatures. The rate constants determined in this paper indicate 

that diglycerides in the feedstock accelerate the transition from “emulsive hydrolysis” to 

“rapid hydrolysis”.  Also from the uniform distribution of mass balance derived from carbon 

distribution, this process has been shown to be a mass conserved process.  
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4.1 Introduction 

Hydrolysis of triglycerides to form free fatty acids (FFA) has been applied for many years for 

production of soaps and other products. Recent developments in next generation biofuel 

production have shown that continuous hydrolysis can be a key step in producing fuels and 

chemicals from oils and fats. Hydrolysis is also performed in the first step of the Red Wolf 

Refining Process 
TM

, which converts crude lipids into “drop in” replacement for liquid 

transportation fuels [47]. With three moles of subcritical water, one mole of triglyceride, 

through hydrolysis, is split into three moles of fatty acids and one mole of glycerol. FFA, the 

expected product of hydrolysis, has been viewed as an alternative source for petroleum-based 

fuels and chemicals. Glycerol, a by-product of hydrolysis reaction, can either be sold as a 

commodity or used as a low BTU fuel chemical due to its moderate energy content.  

The Colgate-Emery [31] and Foster-Wheeler [55] processes are the most well-known 

industrial fat splitting methods. In a continuous counter-current flow column, oil and water 

react at about 260 °C and about 50 bars. Without the use of a catalyst, high quality FFA is 

produced in 1~3 hours. Besides the FFA product, sweet-water (the glycerol-water mixture) is 

controlled by applying more fresh water, and this method maintains the glycerol content in 

the sweet-water at a very low concentration and maintains a high yield of FFA [31].   

 Reaction temperature and water-to-oil ratio are two main variables that affect continuous 

hydrolysis reactions. Both reaction rates and oil solubility in water depend on reaction 

temperatures. Lascaray showed that an increase in reaction temperature from 240 °C to 250 

°C results in 1.2 to 1.5 times higher reaction rate [18]. Experiments by several of the present 
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authors also showed that FFA conversion increased by 8% when increasing the temperature 

from 250 °C to 270 °C [52]. Increasing the water-to-oil ratio helps drive the reversible 

hydrolysis reaction to completion. The degree of hydrolysis is a function of the initial amount 

of water as well as the glycerol concentration in the sweet-water [18].  When the water 

inflow increases, due to the law of mass action, the reaction rate diminishes at first, but the 

degree of hydrolysis is higher at the reaction equilibrium [52].   

 Kinetic studies of hydrolysis and transesterification reactions have been investigated for 

many years. Studies on the transesterification kinetics include the determination of the 

reaction rate constants [56-58], the equilibrium constant and the activation energy [57, 59]. A 

kinetic study of batch hydrolysis was first used to describe and predict the experimental data 

[34].  The equilibrium constants as well as rate constants for each reaction step and overall 

reaction at various temperatures and aqueous-to-fat mass ratio were obtained. To elucidate 

the mechanism for fatty acid autocatalytic reaction, Minami et al. [22] performed a kinetic 

study on hydrolysis of triglycerides to fatty acids with a mathematical model. It was observed 

that the theoretical prediction had a perfect fit with the experimental results for both 

triglycerides itself and FA –added cases. Recently, Moquin et al. [17] developed a kinetic 

model for batch hydrolysis of canola oil in supercritical media via a regression analysis of 

experimental data. The concentrations of triglyceride (TG), diglyceride (DG), monoglyceride 

(MG) and FFA as well as the rate constants of all reaction steps were determined for different 

amounts of initial water by Moquin‟s model [17,42].  
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In this paper, the reaction equilibrium constants and rate constants for continuous 

hydrolysis were determined based on the acentric factors and critical properties of TG, DG, 

MG, FFAs and glycerol, which were calculated via the well-developed group contribution 

method. A chemical kinetic model with eight reactions and six species was constructed based 

on the prevailing kinetic theory of hydrolysis and the empirical observations from 

experiments conducted for this study.  The concentrations of all the species in continuous 

hydrolysis were computed from the model and compared with the experimental data. A 

kinetic mechanism was established based on this simulation model which helps optimize 

counter-current flow hydrolysis.  
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4.2 Experimental 

4.2.1 Apparatus 

     Continuous hydrolysis was carried out via a 316 SS reactor with a volume of 10L, shown 

in Figure 4-1. The reactor, including top and bottom halves, was heated by separate 

electromagnetic induction coils driven by two modified commercial induction oven cooktops 

[43]. The reaction temperature was controlled via a K-type thermocouple and a Delta DTB 

4824 Temperature Controller operating in on-off mode.  The heaters, with a maximum power 

of 1.8 kW per coil, were able to bring the top and bottom sections of the reactor to the 

desired temperature in about 120 minutes.  The reaction pressure, which maintains the 

reactants in liquid phase, was controlled via Swagelok back pressure relief valves. Certain 

proportions of water and oil, which were preheated by induction coils similar to those on the 

reactor, were pumped into two separate columns with 154 mL of inner volume. These 

reactants were then pumped into the hydrolysis vessel with Neptune proportional pumps 

(Model: 515-S-N1, Neptune Chemical Pump Company, Inc., Buffalo, NY) and Waters 

HPLC pumps (Model: 510, Waters Corporation, Milford, MA).  

4.2.2  Reaction procedures 

Hydrolysis experiments were conducted in the continuous system described above at 

reaction temperatures varying between 200 °C and 260 °C. Water was injected at a point 

about 25 cm below the top of the reactor. Canola oil, the feedstock in this study, was injected 

at 120 cm below the top of the reactor. Because of the density difference, these reactants flow 
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counter-currently which provides mixing, heat exchange and mass transfer. At various times, 

the FFA or intermediates were withdrawn from the very top of the reactor, and sweet-water, 

containing a few percent glycerol, was taken out from the very bottom of the reactor. Both 

FFA and sweet-water flow rates were controlled by Swagelok metering valves.  

4.2.3 Sample analysis 

   FFA or lipid-FFA, as well as sweet-water products, collected at specific times, were 

analyzed via gas chromatography (Shimadzu QP2010) equipped with a RESTEK MXT
®
-

Biodiesel TG column (15m length, 0.32 mm ID, 0.1 µm film thickness) and coupled to a 

flame ionization detector. Twenty-four mg of product samples were dissolved in 4 mL HPLC 

grade hexane and a sample of 1 µL was injected into the GC with a split ratio 10/1 and 

carrier gas (helium) flow rate 4 mL/min. The injector temperature was 380 °C.  The initial 

oven temperature was 50 °C and was held for 1 minute, and then was increased to 180 °C at 

15 °C/min, followed by an increase of 7 °C/min to 230 °C and finally an increase of 30 

°C/min to 380 °C and held for 5 minutes. Quantitative calculations were performed by the 

area method and supplemented by using the external standard method. 
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Figure 4-1 Continuous hydrolysis system 
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4.3 Kinetic model 

The hydrolysis mechanism includes three reversible reaction steps, as shown in Figure 4-2, 

from triglyceride (TG) to diglyceride (DG) and linoleic acid, from DG to monoglyceride 

(MG) and oleic acid and finally from MG to glycerol (GLY) and stearic acid [17,60]. Based 

on the products, it is clear that the reaction path is the acyl-oxygen fission route [61]. These 

reactions may be catalytic [18, 23]. There are several possible sources of ions for the acid 

catalyzed hydrolysis of the ester bond. Minami and Saka [22] developed a hydrolysis model 

where FFA dissociated to form hydrogen ions; Krammer et al. made a similar assumption 

[62]. However, the model includes only the species empirically observed.  Water with acid, 

such as FFA, yields ions such as hydronium and hydroxide, which can then hydrolyze the 

glycerol backbone at the ester group of any glyceride. Studies have observed that hydronium 

can be the catalytic agent [21].  Nevertheless, the model only includes the neutrals as they 

were the only species measured experimentally. The fourth reaction step, which happens at 

high reaction temperature, was included in order to account for the significant phenomena 

which occur in the oil mixture [17, 63].  
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Figure 4-2 Four steps of continuous hydrolysis reactions [60] 

    The symbols k1to k8 represent the rate constants of each reaction step. In order to 

understand the mechanism of continuous hydrolysis, the rate of concentration of each species 
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should be determined. The rates of reaction can be described, using the Law of Mass Action, 

as a system of six second-order differential equations:  

                                                       (4-1) 

                       (4-2) 

                      (4-3) 

               (4-4) 

                (4-5) 

                                                                                     (4-6) 

   A number of studies have investigated the rate constants for transesterification and 

hydrolysis processes based on experimental data [56-42, 63]. By regression analysis of 

experimental measurements of TG, DG, MG and FFA concentrations as a function of time, 

mathematically derived rate expressions were developed and evaluated for the equations 

described above. The Runge-Kutta method was applied to numerically integrate these 

equations [64]. On the other hand, an equilibrium constant Kc was used to define the rate 

constants for each single step [34]: 
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   And
,                                                                                                        (4-8)  

where is the universal gas constant and T is reaction temperature.  

Also 
 [65]                                                                                          (4-9) 

where is the overall Gibbs free energy change in one reaction. While Kp is an 

expression for the gas phase, it is utilized as an approximation for the present calculations 

with certain assumptions. The calculation of  corrects for the liquid phase because it 

uses, as described below, enthalpy and entropy calculations from an equation of state 

developed for vapor and liquid phases. A more accurate equation for condensed phases and 

solutions is the Lewis equation that determines  from the activities of the 

components, rather than the partial pressures used in Kp [66]. However, because only neutral 

species were measured in the present study, the ionic reactions are assumed to be captured 

within the empirically observed reaction set of neutrals. Departures from ideal behavior are 

treated with the equation of state, as discussed below, and Eq.4-9 is used as an 

approximation. From the definition,  

                                                                                                             (4-10) 

In this study, departure functions are used to determine and . From the definition of 

thermo-chemical property change, we have enthalpy and entropy changes in two different 

states, (T1, P1) and (T2, P2) [67],  

( ) n
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       where and refer to the ideal gas enthalpy and entropy and and indicate 

the departure functions of these two properties. State 1 refers to standard temperature and 

pressure, and state 2 refers to the experimental reaction conditions. Eq.4-11 and 4-12 account 

for deviations from an ideal gas to a real fluid.  is ideal gas specific heat (J/ (mole K)).  

   To model the property changes, the Peng-Robinson equation of state was utilized because it 

has been shown to perform well for liquid phase densities and for multi-component systems 

[68].  From the Peng-Robinson equation of state, the departure functions can be written as: 

  
, ,
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Tc and Tr are critical and reduced temperatures, 
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                                                                                                                          (4-15)    

and the compressibility factor Z can be obtained from [68]: 

3 2 2 2 3(1 ) ( 3 2 ) ( ) 0Z B Z A B B Z AB B B                                                 (4-16) 

Where 

2
0.45724 r

r

P
A

T
                                                                                                         (4-17) 

0.07780 r

r

P
B

T
                                                                                                             (4-18) 

r

c

P
P

P
                                                                                                                          (4-19)    

Pc and Pr are critical and reduced pressures. Eq. 4-16 yields one or three roots depending 

upon the number of phases in the system. In the two-phase region, the largest root is for the 

compressibility factor of the vapor while the smallest positive root corresponds to that of the 

liquid [68].  

   And  was obtained from [68]: 

            

20.37464 1.54226 0.26992
                                                             (4-20) 

            where is the acentric factor.  

          can be modified as [69]  
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2 0.5 2[1 (0.48508 1.55171 0.17613 )(1 )]rT

  (4-21) 

   From the group contribution method developed by Constantinou et al. [70], the acentric 

factor can be found as 

           
1 2exp( / )b

i i j j

i j

a c N A M

                                                              (4-22) 

where the values of a, b and c are 0.4085, 0.5050 and 1.1507 [70].  N is the number of each 

of the i first-order groups with acentric factor group contributions of .  When second-order 

groups are included, A = 1 and M is the number of each of the j second-order groups with 

acentric factor group contributions of . Also, the Joback group contribution method was 

used to estimate , and 
 
[71].  

  
198b iT G

                                                                                              (4-23) 

  
2 1[0.584 0.965 ( ) ]c b i iT T G G

                                                          (4-24) 

  
2[0.113 0.0032 ]c A iP N G
                                                                      (4-25) 

  
4 2 7 337.93 [ 0.210] [ 3.91*10 ] [ 2.06*10 ]o

P i i i iC a b T c T d T
 (4-26) 

Where , ~ denote the contribution from each group and NA represents number of 

atoms in the molecular structure. From Eq. 4-23 ~ 4-26, the properties estimated from group 

contribution method are shown in Table 4-1.   
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Table 4-1 thermochemical properties of all components from hydrolysis reaction 

 Acentric factor  Critical temperature Tc 

(K) 

Critical pressure Pc 

(bar) 

Heat capacity at 

250 °C (J/(mole 

K)) 

TG 1.69 1640 5.1 2020 

DG 1.36 909 11.8 1420 

MG 1.04 448 86.5 804 

GLY [54] 0.51 850 75.0 167 

FFA-linoleic acid 1.13 819 13.1 626 

FFA-oleic acid 1.19 819 12.7 646 

FFA-stearic acid 1.24 819 12.2 666 

 

These data were confirmed by comparing with the previous studies [72-74]. The departure 

functions of enthalpy and entropy were obtained as shown in Table 4-2. 

Table 4-2 the departure function of enthalpy and entropy of all components from hydrolysis reaction 

  

(J/mole) 

 

(J/mole) 

 

(J/mole K) 

 

(J/mole K) 

TG -138500 -398200 -101.2 -412.8 

DG -120200 -160600 -132.6 -249.9 

MG -2731 -46320 -4.34 -142.6 

GLY  -64250 -22220 -80.35 -55.14 

FFA-linoleic acid -84300 -123000 -95.75 -208.0 

FFA-oleic acid -89480 -126900 -103.3 -214.1 

FFA-stearic acid -94780 -130600 -111.4 -219.6 

 

By substituting the values from Table 4-2 to Eq. 4-13 and 4-14, and can be found 

[13-76]. From Eq. 4-7 ~ 4-10, the rate constants related to equilibrium constants were 

obtained.  

4.4 Results and discussion 

   Figure 4-3 GC-FID chromatogram of the starting material (1.DG; 3,4: TG(C48); 5: 

TG(C50); 6,7: TG(C52), 8: TG(C54), 9: TG(C56)); C48~C56 indicate the TG with 48~56 carbon 

number shows the GC-FID chromatogram of starting material, canola oil, as the baseline 

2 2( , )dH T P 1 1( , )dH T P 2 2( , )dS T P 1 1( , )dS T P

H S
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reference for the following products. The peaks in the following plots were identified via 

standard lipid and FFA samples. The oil contains 98.8% TG and 1.2% DG. At a temperature 

of 250 °C and 2:1 water-to-oil volume flow ratio, as Figure 4-4 illustrates, 5.6% MG, 1.8% 

palmitic acid, 82.6% oleic, linoleic and linolenic acids, as well as 0.68% stearic acid were 

obtained within 120 minutes of hydrolysis reaction. TG and DG from canola oil were 

converted into MG and FFAs throughout the hydrolysis reaction. From the results reported in 

the literature [17], FFA concentration is expected to increase when applying higher reaction 

temperature. The molar concentration, calculated based on the area normalization, was 

calibrated by standard glycerides, glycerol and FFAs.  
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Figure 4-3 GC-FID chromatogram of the starting material (1.DG; 3,4: TG(C48); 5: TG(C50); 6,7: 

TG(C52), 8: TG(C54), 9: TG(C56)); C48~C56 indicate the TG with 48~56 carbon number 

 

Figure 4-4 GC-FID chromatogram of lipid-FFA during hydrolysis process (1.glycerol, 2.palmitic acid, 

3.oleic, linoleic and linolenic acid, 4. Stearic acid, 5.MG, 6,7. DG, 8: TG(C50); 9: TG(C52), 10: 

TG(C54), 11: TG(C56)) 

    For the continuous hydrolysis mechanism, increasing the temperature favors the 

conversion of TG and increases the concentration of FFA [17]. Figure 4-5 displays the 

behaviors of all hydrolysis components at different reaction temperatures.  For the first 90 

minutes, an increase of 10 °C provides an increasing TG conversion rate by a factor of 1.3. 
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At 200 °C, TG concentration starts decreasing after 210 minutes. Compared with higher 

temperatures, the hydrolysis efficiency is 55% lower at 200 °C. At higher temperatures, DG 

and MG molar distributions followed a Gaussian function, which were consistent with the 

modeling results from Moquin et al. [17]. Higher temperature enhances the formation of DG 

and MG at the beginning of the transient stage but concentrations are lower after 120 

minutes. At 200 °C, there is obviously no change in DG and MG concentration before 210 

minutes. It is known that higher temperature leads to higher solubility of oil in water and 

causes higher conversion rates. Higher concentrations of FFA and glycerol were obtained 

when applying higher reaction temperatures, which is strongly in agreement with the 

previous research [52, 17, 22, 34]. Significantly slower TG decomposition was observed at 

200 °C and little FFA was produced during the 300 minute reaction time.  
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Figure 4-5 Concentrations of all components in the hydrolysis reaction at different temperatures 
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The measured concentrations as a function of reaction time were curve fitted using OriginPro 

7.5 [77] and mathematical expressions were generated by this program. As Figure 4-5 shows, 

TG data at 250 °C and 260 °C, which performed as curvilinear shapes, were fitted as 

Boltzmann, Gaussian function, shown in Table 4-3. TG concentration data at 200 °C, which 

has a different trend from data at 250 °C and 260 °C, was fitted as Lorentz function. The 

correlation coefficients (R
2
) for 200 °C, 250 °C and 260 °C were calculated to be 0.915, 

0.972 and 0.953, respectively. DG concentrations at 250 °C and 260 °C, which performed as 

a bell shape, were modeled by GaussAmp and ECS. At 200 °C, DG data was more like a 

curvilinear shape, and therefore it was modeled by polynomial function. These three 

functions gave R
2 

values of 0.81~0.98. MG concentrations for 250 °C and 260 °C also 

displayed as bell shapes. They are, therefore, described via Gaussian and Lorentz models. 

However, at 200 °C, the MG data had a sigmoidal shape, hence a polynomial function was 

used. These functions provide R
2 

values of 0.96~0.98. As the previous literature described 

[17], a Logistic model perfectly illustrated the FFA experimental data. At 200 °C, either 

polynomial or Logistic function gives excellent curve fitting on FFA data (R
2
 = 0.97). 

Finally, the Gly concentration was modeled by Gaussian or polynomial functions, with R
2 

values of 0.95~0.98. 

   With the curve fitting equations based on the experimental results, the molar concentration 

for each species during continuous hydrolysis was obtained every 3 minutes for 300 minutes. 

These data were embedded into the rate equations of hydrolysis and the rate of change from 

Eq. 4-1-4-6 were computed by applying four initial rate constants, k1, k3, k5 and k7, as well as 

the four equilibrium constants from Eq.4-7, which provided the relationship between forward 
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and backward reactions. The predicted concentrations as a function of time were achieved by 

adding the product of rate change and time interval to the experimental concentrations [17]. 

The error was determined by the normalized summed squared error between experimental 

and predicted concentrations. Through minimizing the error values by optimizing the rate 

equations, the rate constants k1~ k8 were obtained, and are shown in Table 4-4.  

 The rate constants k1~ k8 were employed to Eq. 4-1~4-6 again with unknown concentrations 

of TG, DG, MG, FFA, Gly and water. Theoretical values of concentration for these 

components were calculated via a fourth-order Runge-Kutta method. Figure 4-6 provides the 

comparison of experimental and theoretical data at a reaction temperature of 250 °C and 2:1 

water-to-oil ratio. The solid line describes the theoretical curves of the conversion of TG, DG 

and MG as well as the formation of DG, MG, FFA and Gly. The error bars were defined via 

the ±1 standard deviation based on two to three data sets to confirm the experimental 

repeatability. Note that the MG concentration, due to the malfunctioned mathematical 

expression, was a bit offset with the experimental data after 180 minutes. However, by taking 

the error bars into account, uniformly well agreement is observed in all the components.   

The relationship between reaction rate constant and temperature is given by an Arrhenius 

expression: 

                                     
ln( )a u

k
E R T

A                                                                      (4-27) 
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Where Ea is activation energy, is universal gas constant ( =8.314 J/mole K), T is the 

temperature (in Kelvin), A is the pre-exponential factor (1/sec).  The pre-exponential factor 

can be obtained from the approximate relation [78-79], 

                         

( 1)3.5
exp[ ]irot

u

nekT
A rpd

h R                                                      (4-

28) 

 

Where  is a mathematical constant,  is Boltzmann‟s constant,  is Planck‟s constant,  

is temperature, is the gas constant,  is the reaction path degeneracy (number of 

abstractable H-atoms) and is the change in the number of free rotors. The reaction rate 

constants and the pre-exponential factor were determined from experimental data, and the 

energy of activation was computed from Eq. 4-27, listed in Table 4-4.  

The rate constants reported in Table 4-4 explain the mechanism of continuous hydrolysis 

reaction. For the first reaction step, there was no FFA in the reactants. The reaction rate is 

slow because of the low solubility of water in TG, therefore lower k1 value compared to k3, 

k5 and k7.  The smallest value, k2, illustrates that the backward reaction rate is slow in the 

initial step, which was in agreement with previous research [17]. As the DG was produced, it 

reacted with water to generate MG and oleic acid. From the GC-FID analysis, oleic acid has 

the highest concentration of the FFA. This explains why k3 is higher than k1 and k5. In 

addition, at higher temperatures, TG will react with MG which is produced in the second step 

and forms two moles of DG. Relatively high value of k7 leads to high concentrations of DG, 

uR uR

e k h T

uR rpd

irotn



 

 

85 

and speeds up the second reaction step. It is known that FFA produced from the first step will 

react with the MG produced from the second step and results in a higher k4 than k3 [17]. 

However, in the continuous hydrolysis reaction, due to the continual water inflow, water 

concentration remains high enough to drive the second reaction step forward. This gives 

higher k3 than k4. MG, according to the forward reaction in the third step, will react with 

water and produce FFA and glycerol. In the continuous system, glycerol was continuously 

replaced with fresh water and its concentration was kept low at all times. This forces the 

reaction to move forward and gives a higher k5 than k6. Also, as expected, the rate constants 

are strongly dependent on temperature. Higher temperature provides higher rate constants, 

and gives higher reaction rates.   

As shown in Figure 4-5, the decomposition of TG is slow for the first 180 min at this reaction 

temperature. During this time, R1, R3, and R5 are occurring at very slow rates, as shown in 

the rate constants calculated in Table 4-4.  Moreover, the reversibility of each of those 

reactions, R2, R4, and R6, is possible. This regime has been termed the “emulsive 

hydrolysis” reaction period by Lascaray [18]. By 180 min, enough FFA has been produced to 

act as an acid catalyst in the water. The concentration of TG decreases sharply with 

concomitant increases in FFA and Gly.  

The rate constants for R1, R3, and R5 are slower for the present study than those of Moquin 

et al. [17] at the same reaction temperature for a batch reactor.  At 250 
o
C, Kc2 for the present 

study is greater by a factor of two.  This may be due to the greater water concentration in the 

present study, thus pushing R3 forward and reducing R4.  Also, Kc3 is greater by a factor of 
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10.  This may be due to the glycerol extraction process in the continuous reactor.  This may 

move R5 forward while reducing R6. Of note, R2 has a nonzero value in the present study, 

unlike Moquin et al. which calculated a zero rate value.  This may be due to the presence of 

DG in our feedstock, which was not observed in their study.  This DG may contribute to 

pushing R2 forward.   

The continuous hydrolysis reactor exploits the FFA catalyst present. After 180 min, enough 

FFA has been produced to reach the "rapid hydrolysis" reaction period as identified by 

Lascaray [18].  CFD modeling of the continuous hydrolysis reactor has shown that the oil 

layer has FFA mixed within it [52]. Also at 180 min, the concentration of FFA is 77% for the 

250 
o
C experiment. Lascaray reported that the proportion of FFA required for it to pass from 

the water layer to the oil layer is 15-20% [18]. A similar proportion was observed by Minami 

et al. [22], who found that an addition of 10% by weight of oleic acid to the hydrolysis 

reactor caused the rapid hydrolysis regime to occur more quickly. 

Of note is that k8, the rate constant of R8, which TG reacts with MG to produce DG, is large. 

As mentioned, DG was measured to be 0.00020 mole/L in the feedstock.  If the concentration 

is significant enough, this DG could react via R8 to form MG.  The rate constant for 

hydrolysis of MG (via R5) is greater than k1 by a factor of almost 400.  Thus, DG in the 

feedstock could indirectly lead to more rapid production of FFA, if the temperature is high 

enough for R7-R8 to be active. As R8 is predominant in the 4
th

 reaction step, MG is formed 

directly or indirectly from TG through R1 and R3, and then provides more FFA 

production. R7-R8 were suggested by Noureddini et al. [63] at 230 
o
C in soybean oil 
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glycerolysis and also included in the study of Moquin et al. [17]. Higher temperature 

provides higher solubility of water in glycerides and higher reaction rates of R7 and R8, 

which enhances the formation of DG and MG and moves the hydrolysis reaction forward.   
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Table 4-3 Mathematical expression for experimental curve fitting results 

Temp. Species 
Curve fitting 

type Curve fitting Equation R2 

200
 oC TG Lorentz y =0.0186 + (2*-2.10247/PI)*(104.32584/(4*(x-294.58054)^2 + 104.32584^2)) 0.92 

  DG Polynomial 5 

y = 0.00018 + 0.00005*x + (-9.1021E-7)*x^2 + 6.3184E-9*x^3 +(-1.6124E-11)*x^4 + (1.1958E-

14)*x^5 0.96 

  MG Polynomial 5 
y = 0.00002+ (-9.3776E-6)*x + (3.6511E-7)*x^2 + (-4.3898E-9)*x^3 +(2.0094E-11)*x^4 + (-
2.9917E-14)*x^5 0.99 

  FFA Polynomial 5 

y = 0.00182+ (0.00353)*x + (-0.00006)*x^2 + (4.2489E-7)*x^3 +(-1.3473E-9)*x^4 + (1.5667E-

12)*x^5 0.97 

  Gly Polynomial 5 

y = 0.00003+ (-0.00003)*x + (9.0257E-7)*x^2 + (-6.569E-9)*x^3 +(1.935E-11)*x^4 + (-1.7124E-

14)*x^5 0.99 

250  oC TG Boltzmann y = -0.00031 + (0.0169-(-0.00031))/(1 + exp((x-120.18716)/29.36835)) 0.97 

  DG GaussAmp y=0.00044+0.00324*exp(-0.5*((x-116.35757)/36.69261)^2) 0.87 

  MG Gauss y=0.00042 + (0.31246/(43.61429*sqrt(PI/2)))*exp(-2*((x-149.40608)/43.61429)^2) 0.97 

  FFA Logistic y = 11.56693 + (0.00038-11.56693)/(1 + (x/3.846E12)^0.20321) 0.97 

  Gly Gauss y=0.00107 + (3.6332/(161.54896*sqrt(PI/2)))*exp(-2*((x-257.76919)/161.54896)^2) 0.96 

260 oC TG Gauss  y=0.71978 + (-1948.52632/(2158.34644*sqrt(PI/2)))*exp(-2*((x-241.85514)/2158.34644)^2) 0.95 

  

DG ECS 
y = 0.19e-3+.41154*{(exp(-.5*Z^2))(1+((-.61169)*(1/factorial(3)))*z(z^2-3)+((-

2.03084)*(1/factorial(4)))*(z^4-6*z^3+3)+10*(-.61169)^2*(z^6-15*z^4)/factorial(6)+45*z^2-

15)}/(47.34869*sqrt(2*Pi)) ; z=(x-257.76919)/161.5489 

0.99 

  MG Lorentz y = -0.00035 + (2*0.69069/PI)*(59.49791/(4*(x-124.06535)^2 + 59.49791^2)) 0.99 

  FFA Logistic y = 5.97711+ (0.00019-5.97711)/(1 + (x/1.709E12)^0.17841) 0.98 

  Gly Gauss y=-0.00654 + (11.00376/(346.6576*sqrt(PI/2)))*exp(-2*((x-267.79436)/346.6576)^2) 0.98 
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Figure 4-6 Theoretical and experimental concentrations of all species in hydrolysis reaction 
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Table 4-4 rate constants, equilibrium constants and activation energy at three different temperatures 

  
k1 k2 k3 k4 k5 k6 k7 k8 

Rate constant at 200 °C 1.00E-03 2.87E-04 4.69E+00 6.95E-01 7.93E-01 3.07E-01 1.20E+03 1.13E+05 

Pre-exponential factor A 

at 200 °C (1/sec) 
3.46E+13 3.52E+13 3.52E+13 2.68E+13 2.68E+13 2.68E+13 3.46E+13 3.52E+13 

Activation energy Ea at 

200 °C(J/mole) 
 

1.83E+05 1.89E+05 1.47E+05 1.54E+05 1.53E+05 1.57E+05 1.23E+05 1.03E+05 

 Kc1 Kc2 Kc3 Kc4 

Equilibrium Constant 
Kc from group 

contribution method 

(200 °C) 

3.48E+00 6.74E+00 2.58E+00 1.07E-02 

         
 k1 k2 k3 k4 k5 k6 k7 k8 

Rate constant at 250 °C 5.00E-03 2.13E-02 8.09E+00 6.12E+00 1.95E+00 5.52E-01 1.41E+03 4.30E+04 

Pre-exponential factor A 

at 250 °C(1/sec) 
3.83E+13 3.89E+13 3.89E+13 2.96E+13 2.96E+13 2.96E+13 3.83E+13 3.89E+13 

Activation energy Ea at 

250 °C (J/mole) 
1.77E+05 1.71E+05 1.45E+05 1.45E+05 1.50E+05 1.55E+05 1.22E+05 1.08E+05 

 Kc1 Kc2 Kc3 Kc4 

Equilibrium Constant 

Kc from group 
contribution method 

(250 °C) 

2.34E-01 1.32E+00 3.53E+00 3.27E-02 

         
 k1 k2 k3 k4 k5 k6 k7 k8 

Rate constant at 260 °C 3.80E-01 2.36E-01 1.31E+01 1.21E+01 2.63E+00 2.02E+00 3.90E+03 1.46E+03 

Pre-exponential factor A 

at 260 °C (1/sec) 
3.90E+13 3.96E+13 3.96E+13 3.02E+13 3.02E+13 3.02E+13 3.90E+13 3.96E+13 

Activation energy Ea at 

260 °C (J/mole) 
1.58E+05 1.60E+05 1.43E+05 1.42E+05 1.49E+05 1.50E+05 1.18E+05 1.22E+05 

 Kc1 Kc2 Kc3 Kc4 

Equilibrium Constant 
Kc from group 

contribution method 

(260 °C) 

1.61E+00 1.08E+00 1.30E+00 2.67E+00 
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4.4.1 Mass Balance 

  The mass balance was determined by the carbon distribution from every component 

entering or leaving the continuous hydrolysis system. The carbon distribution can be defined 

as:   

Total carbon distribution Molar concentrations of species Corresponding carbon number

(4-29) 

   In the canola oil, the carbon number of the different TG varies from 54 to 60. The carbon 

number of DG and MG are 39 and 21, respectively. The hydrolyzed canola oil contains C16, 

C18 and C20 FFAs, which provide 16, 18 and 20 carbons. The glycerol, obtained from sweet 

water, contains 3 carbons. Figure 4-7 displays the carbon distribution at each time step during 

the hydrolysis reaction. A consistent distribution with a standard deviation of 0.07 (calculated 

via the root of the mean square error) proves the mass is conserved in the continuous 

hydrolysis process as required.  
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Figure 4-7 Carbon balance during the continuous hydrolysis process 
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usage of an Arrhenius expression, the rate constants indicate that the DG in the feedstock 

helps switch the reaction from “emulsive hydrolysis” to “rapid hydrolysis” at high reaction 

temperature. Moreover, the mass balance was calculated via the carbon distribution from 

each component and shown to be closed.  
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CHAPTER 5. CFD SIMULATION OF CONTINUOUS HYDROLYSIS 

REACTIONS 

Computational Fluid Dynamic (CFD) modeling of a continuous hydrolysis process was 

performed using ANSYS-CFX. The liquid properties and flow behavior such as density, 

specific heats, dynamic viscosity, thermal conductivity, thermal expansivity as well as water 

solubility of the hydrolysis components, TG, DG, MG, FFA, Gly, were calculated via 

specific definitions and equations. Chemical kinetics for the hydrolysis reaction were also 

simulated in this model by applying Arrhenius parameters. The simulation was based on 

actual experimental reaction conditions, including temperature and water-to-oil ratio. The 

results not only have good agreement with experimental data but show instantaneous 

distributions of concentrations of every component in hydrolysis reaction. This model 

provided visible insight into the continuous hydrolysis process.   

5.1 Introduction 

Oils and fats have been considered as one of the most dominant renewable raw materials of 

the chemical industry. They have been turned into free fatty acid (FFA) in a high purity grade 

to be used for chemical conversions and for the synthesis of chemically pure compounds 

[35]. Fatty acids are also utilized in a wide variety of end-use industries, such as commercial 

soap, cosmetics and pharmaceuticals production [13]. Currently n- alkanes can be produced 

from FFA through a decarboxylation process [11], and these hydrocarbons are viewed as 
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good replacements of petroleum-like diesel or other transportation fuels after suitable 

refining. In other words, FFA is a precursor for biofuel production.  

Hydrolysis of fats and oils composed of mostly triglycerides has been performed in industry 

for many years. Commonly, hydrolysis of esters is the acyl-oxygen fission route [21]. The 

excess of three moles of subcritical water, at high temperature or over appropriate acid 

catalyst, yields hydronium or hydroxide ions to hydrolyze glycerol backbone at the ester 

group of any triglycerides (TG), diglyceride (DG) or monoglyceride (MG) [17] and form 

three moles of FFA and one mole of glycerol (Gly). In practice, the intermediates, such as 

DG and MG, are stable in small amounts during the reaction and are viewed as the impurities 

in the product [63]. The three consecutive reversible reaction steps are shown below. The 

fourth reaction step explains the reaction phenomenon at high temperature range [17, 63]. 

1

2
2

k

k
Triglyceride H O Diglyceride FFA

             (R1) 

             (R2) 

             (R3) 

            (R4) 

The hydrolysis reaction in continuously operating counter-flow systems, known as Colgate-

Emery [31] and Foster-Wheeler [55] processes, gives high purity of FFA without using a 

catalyst. These processes require relatively high temperature, which overcomes the activation 

3

4
2

k

k
Diglyceride H O Monoglyceride FFA

5

6
2

k

k
Monoglyceride H O Glycerol FFA

7

8

2
k

k
Triglyceride Monoglyceride Diglyceride
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energy to have the reaction proceed or energizes water to dissociate to hydronium ion, as 

well as high pressure, which suppresses the vapor pressure and maintains the reactants in 

liquid phase.  Mass transfer between the lipid and aqueous phases has a predominant effect 

on the degree of hydrolysis [31]. Higher temperature is necessary not only to increase the oil 

solubility in water but to enhance the electrolytic dissociation of water and this accelerates 

the reaction [37].  Water-to-oil ratio also highly influences the degree of hydrolysis at the 

reaction equilibrium [52].  A large water-to-oil ratio inflow reduces the glycerol 

concentration in sweet water (glycerol-water mixture) and drives the reaction toward 

completion.  

A computational Fluid Dynamics(CFD) model that described the liquid-liquid flow 

phenomena observed in a reaction medium was investigated by Nikou et al. [80] and 

represented a promising use of CFD for the design, scale-up and optimal operation of various 

chemical processes equipment. In their study, the velocity distribution, pressure, 

concentration and temperature profiles were accurately predicted by CFD model [80]. 

ANSYS-CFX is a high-performance, general purpose fluid dynamics software that has been 

used to solve many fluid flow problems and achieve reliable and accurate solutions quickly 

robustly. The solver is able to capture virtual images for any type of phenomena related to 

fluid flow. It is also capable of showing the geometry of the computational domain used and 

the various boundary conditions incorporated with the actual experimental setup [80, 81]. It 

can be applied to model the chemical kinetics within a reaction by incorporating kinetic 

parameters. ANSYS-CFX has been used for developing a CFD model to simulate the 

biodiesel transesterification process [82]. The analysis of the reactant mixture focused on 
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achieving simulation convergence. However, in order to achieve a realistic model, the 

turbulent dispersion forces, reaction kinetics and the component solubilities and dissociations 

need to be applied.   

In this study, attention is focused on the contribution of multi-component liquid flow 

behavior and reaction kinetics for a continuous hydrolysis process. Based on the solubilities, 

the dissociation rates and the density differences as well as the thermal and physical 

properties, the distribution of the reactants and products were demonstrated. Also, the 

Arrhenius parameters were applied to the forward and backward reaction steps for 

determining the reaction kinetics. The computational results were compared with actual 

experimental data for validation.  

5.2 Experimental Methods 

To quantitatively validate the CFD model, a lab-scale countercurrent continuous hydrolysis 

system was setup, as shown in Figure 5-1. The reactions were performed in a 316 SS reactor 

with a size of 150 cm length by 8.9 cm inner diameter. The heat of the reaction was provided 

by the electromagnetic induction coils driven by two modified induction oven cooktops [43]. 

The top and bottom halves of the vessel were heated via two separated coils which can be 

operated at two different temperatures.  Temperature was measured via K-type thermocouple 

attached on the surface of the reactor. Delta DTB 4824 Temperature Controllers which 

control the oven in on-off mode were connected with the thermocouples. The reaction 

pressure, which was generated via liquid flow and maintains the reactants as liquid at the 

saturation temperature, was controlled via Swagelok back pressure relief valves. 
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Commercial off-the-shelf distilled water and RBD canola oil were used in this study. From 

the beginning of the reaction, water and oil with volume ratios of 2:1 were continuously and 

simultaneously fed into the hydrolysis reactor through two separated ports via Neptune 

proportional pumps (Model: 515-S-N1, Neptune Chemical Pump Company, Inc., Buffalo, 

NY) and WATERS HPLC pumps (Model: 510, WATERS Corporation, Milford, MA). Both 

inputs were heated to 250 °C by induction coils similar to the reactor coils. Distilled water 

was injected at a point about 25 cm below the top of the reactor and canola oil was injected 

about 120 cm below the top of the vessel. Due to the difference of densities, water and oil 

flow in opposite direction, which also enhances mixing. The FFA product with the lowest 

gravity ends up at the very top of the reactor and the sweet water which has the highest 

density moves to the bottom. During the reaction, the FFA and sweet water were 

continuously released and the outflow rates were controlled via Swagelok metering valves. 

The FFA flow rate was maintained at the same value as the oil feed rate, and sweet water was 

released at the same rate as fresh water feed rate.  

   The lipid samples, containing TG, DG, MG and FFA, as well as sweet water samples, 

containing a few percent of Gly, were taken periodically during the reaction. These samples 

were quantified via gas chromatography (Shimadzu QP2010) equipped with a RESTEK 

MXT
®
-Biodiesel TG column (15m length, 0.32 mm ID, 0.1 µm film thickness) and coupled 

to a flame ionization detector (FID). Sixty mg of product samples were dissolved in 4 mL 

HPLC grade hexane and a sample of 1 µL was injected into the GC with a split ratio 10/1 and 

the carrier gas (helium) flow rate was 32.9 mL/min. The injector temperature was 380 °C.  

The initial oven temperature was 50 °C and was held for 1 minute, and then it was increased 
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to 180 °C at 15 °C/min, followed by an increase of 7 °C/min to 230 °C and finally an 

increase of 30 °C/min to 380 °C and held for 5 minutes. The FID makeup flow rate was 30 

ml/min along with 30 ml/min of hydrogen and 300 ml/min of air. Standard glycerides, FFA 

and Gly samples from AccuStandard, Inc. (New Haven, CT) were first tested in order to 

qualitatively identify these components and quantitatively calculate their concentration. 

Quantitative calculations were performed by the area method and supplemented by using the 

external standard method. 

 

Figure 5-1 Schematic diagram of experimental setup 

5.3    Model Development 

    The CFD simulation demonstrated in this study was carried out using the commercial 

ANSYS CFX 11.0 (ANSYS, Inc.), which provides the functionality to predict heat and mass 
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transfer as well as chemical kinetics between two immiscible Newtonian and non-Newtonian 

fluids.  

The first step in the modeling process was to use geometric features of the reactor 

(dimensions, etc.) To build a CAD type solid model of the reactor complete with ports for 

inlets and outlets. The ANSYS meshing tool in Workbench 12 was then used to create the 

three dimensional mesh. Figure 5-2 shows the mesh arrangement after the meshing process, 

which was applied into the surface area first and then to the volume. The finer the mesh is, 

the more accurate the results are. But over refinement leads to very long solution times. [83].  
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(1)                                                                                 (2) 

             

           (3)                                                                          (4)                                                

Figure 5-2 The model geometry and refined mesh: (1) The whole system model; (2) The top part, FFA 

outlet boundary; (3) The bottom part, sweet water outlet boundary; (4) Source points, water and oil 

inlets  

The physical model which is to be displayed in the simulation is chosen in CFX-PRE. The 

settings for defining the simulation are shown in Table 5-1. The fluid properties, such as 
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molecular mass, density, specific heat capacity, dynamic viscosity, thermal conductivity, 

thermal expansivity and solubility at the reaction conditions, as well as the boundary 

conditions (Table 5-2) need to be specified.  

Table 5-1: Simulation settings 

Simulation Settings Settings   

Morphology Continuous Fluid   

Free surface model standard   

turbulence k-Epsilon   

Heat Transfer Thermal Energy   

Fluid Buoyancy Model Density difference   

Fluid Pair Model Interface Transfer Momentum Transfer (Drag Force) 

TG to water Mixture model (length scale= 1mm) Drag coefficient = 0.44 

TG to DG Mixture model (length scale= 1mm) Drag coefficient = 0.44 

TG to FFA Particle model Schiller Naumann 

TG to MG Mixture model (length scale= 1mm) Drag coefficient = 0.44 

TG to Gly Particle model Schiller Naumann 

DG to water Mixture model (length scale= 1mm) Drag coefficient = 0.44 

DG to MG Mixture model (length scale= 1mm) Drag coefficient = 0.44 

DG to FFA Particle model Schiller Naumann 

DG to Gly Particle model Schiller Naumann 

MG to water Mixture model (length scale= 1mm) Drag coefficient = 0.44 

MG to Gly Particle model Schiller Naumann 

MG to FFA Particle model Schiller Naumann 

FFA to water Particle model Schiller Naumann 

Gly to water Particle model Schiller Naumann 
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Table 5-2 Specified boundary conditions; simulation was based on the reaction conducted at 250°C as well as 

water flow rate of 20 mL/min and oil flow rate of 10 mL/min 

Boundary 

conditions 

Continuity-

mass flow rate 

(kg/s) 

Temperature 

(K) 

Turbulence Eddy 

dissipation 

(m^2/S^3) 

Turbulence 

Kinetic Energy 

(m^2/S^2) 

Velocity 

(m^2/s) 

1. water 

inlet 
2.67E-04 523.15 100 1 w= -0.0295 

2. oil inlet 1.33E-04 523.15 100 1 w= -0.015 

            

  Boundary type 

Mass and 

Momentum flowing direction Turbulence 

Heat 

Transfer 

3. FFA 

outlet 
opening 

Opening 

pressure and 

direction 

Normal to B.C. Intensity = 5% 

Opening 

Temp= 

523.15K 

4. sweet 

water 

outlet 

Outlet 
Bulk mass flow 

rate 
   

   

Density estimations for vegetable oils and fatty acids are reported in the literature [84-

87]. The density of vegetable oil can be predicted by using fatty acid mixture properties 

and the composition of the oil [84, 85]. Saponification and iodine values along with 

temperature of the vegetable oils are also used to obtain the oil density [46]. The liquid 

density estimation is a temperature-dependent function. At above 150 °C, the relation 

between density and temperature is expressed as [54]: 

                                            (5-1)    

where the coefficients A, B, C and D for all the species are shown in Table 5-3, and T is in 

Kelvin.  

 

  

[1 (1 / ) ]DT C

A

B



 

 

104 

Table 5-3 the coefficients of the density equations 

 TG DG MG Gly FFA 

A 0.019443 0.13004 0.2226 0.92382 0.26668 

B 0.12411 0.27959 0.26934 0.24386 0.26667 

C 1238 1025 885 850 781 

D 0.37833 0.28571 0.28571 0.22114 0.30687 

 

    Many studies have investigated specific heats of oils and fats and this property depends 

primarily on composition and temperature [86, 88-90]. In the liquid state, specific heat 

increases slightly with molecular weight but decreases slightly with iodine value [88]. For the 

TG and DG, specific heats Cp can be obtained from [89]: 

  (5-2) 

  where  refers to the ideal gas specific heat capacity, which can be calculated from the 

Joback group contribution method [71], 

  (5-3) 

       ~ denote the contribution from each group. R is the universal gas constant.  is the 

reduced temperature and  is the acentric factor. They were obtained from the authors‟ 

previous study [91]. For the MG, Gly and FFA, DIPPR [54] provides a temperature-

dependent equation:    

                                                                              (5-4) 

                        where A, B, C, D and E are constants listed in Table 5-4.  

  

0 1 1/3 1 1( ) / 1.45 0.45(1 ) 0.25 [17.11 25.2((1 ) 1.742(1 ) )]P P r r r rC C R T T T T
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4 2 7 337.93 [ 0.210] [ 3.91*10 ] [ 2.06*10 ]o
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Table 5-4 the coefficients of specific heat equation 

 MG Gly FFA 

A 955540 78468 459000 

B -1703.1 480.71 -866 

C 4.1768 0 3.74 

D 0 0 0 

E 0 0 0 

    

     In hydrolysis reactions, water and oil have different flow behavior, which represents 

Newtonian and non-Newtonian fluids, respectively. Viscosity estimation for lipid and fatty 

acids relies mainly on experimental measurements and correlation of experimental data [85, 

86, 88, 90, 92-94], it increases with molecular weight but decreases with increasing 

temperature and unsaturation [85]. Viscosities of pure fatty acid compounds can be 

developed based on the number of carbon atoms and double bonds [93]. Moreover, Dutt et 

al. [95] presented two general equations to predict viscosity of fatty oils based on the ratio of 

iodine value over the saponification value as well as the temperature. An average absolute 

deviation of 13.0% and 14.5% was obtained from this estimation. It is believed that the 

viscosity values of the oils strongly depend on the temperature. Over the temperature range 

from 20 °C to 110 °C, viscosity drops about 30% for a 10 °C temperature rise [85].  At high 

temperature range, the dynamic viscosities  of glycerides and fatty acids perform as the 

following relation [54]: 

                                                                                          (5-5) 

A, B, C, D, E refer to the coefficients in the viscosity equation (Table 5-5), and T is in 

Kelvin.  

  

exp[ ln ]EB
A C T DT

T
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Table 5-5 the coefficients of dynamic viscosity equation 

 TG MG Gly FFA 

A 136.48 -11.67 120.62 -44.774 

B -18584 1731.2 -15959 4444.3 

C -18.61 0 -17.118 4.6242 

D 2596500 0 2693000 0 

E -2 0 -2 0 

      

     In addition to Eq.5-5, the Joback method [71] was used to describe the dynamic viscosity 

as a function of temperature:  

                                                                (5-6) 

   Where η is the dynamic viscosity (Pa ∙ s) is the molecular weight; T is temperature in 

Kelvin; and indicate the group contribution values. The viscosity of DG was obtained 

via Eq.5-6.  

   There is very little thermal conductivity data reported for vegetable oils and FFAs perhaps 

because of the difficulty in conducting experimental measurements. Coupland and 

McClements [86] referred to an empirical equation of thermal conductivity  and showed 

that it slightly decreases with temperature: 

                                        
                                                         (5-7)

 

   Where τ is the thermal conductivity (W ∙ m
-1

∙ C
-1

) correlated with temperature, and T is in 

Kelvin.  

( 597.82)
exp[ 11.202]
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Moraes et al. [90] arranged an equation for determining the thermal conductivity of a pure 

liquid based on the boiling point, reduced temperature and molecular weight: 

                                                                                           (5-8) 

    in which is the molecular weight of the substance,  is the reduced temperature, and 

is the reduced normal boiling temperature. Besides, the thermal conductivity of MG, 

Gly and FFA can be reached by [54]: 

                                                                                                             (5-9) 

A and B were specified in Table 5-6.  

Table 5-6 the coefficients of equation of thermal conductivity 

 MG Gly FFA 

A 0.22919 0.258 0.20833 

B -0.00019061 0.0001134 -0.00019277 

    

     The coefficient of thermal expansion was defined by the change of volume fraction of a 

substance with temperature [86]. For lipid or FFA, the value increases almost linearly with 

temperature. By definition: 

                                                                                                                (5-10) 
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    So, the temperature dependency of the thermal expansion coefficient can be calculated 

from the constants given for the density correlations [86]. In this case, a density equation was 

given as: 

                                                                                                                     (5-11) 

The relevant constants are provided in Ref. [86]. Moreover, Werner et al. [87] applied 

linear regression to various experimental data to obtain thermal expansion coefficient  as 

the following relation: 

                                                                                 (5-12) 

   In which is the thermal conductivity (mW ∙ m
-1

 ∙ K
-1

) and T is temperature in Kelvin.  

    Solubility data of pure lipids including TG, DG, MG and FFA are available mostly for 

supercritical CO2 [96-103]. Less data is available for water [104]. Instead of using the Peng-

Robinson equation of state, which has good agreement with experimental data for the 

solubilities of fatty acids and their esters but less so for glycerides, a statistical model 

correlated with density and temperature gave excellent predictions for solubility of 

glycerides, FFA and fatty acid esters [98].  

                                                                                                       (5-13)       
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   Where c is the solubility of the solute, d is the density of the pure solvent, k is the number 

of molecules in the solute-solvent complex. Parameter  depends on the heat of the reaction 

and  depends on the molecular weights of the solute and solvent as well as the association 

constant. On the other hand, Uematsu and Franck [105] as well as Marshall and Franck [106] 

proposed two empirical equations estimating dielectric constant  and ion product of 

water as a function of temperature and density, 

   (5-14) 

   where  is a normalized temperature , is a normalized density.  

                                                          (5-15) 

   where T is temperature in Kelvin and ρw is density in g/cm
3
. The fitting parameters for 

A1~A10 for Eq.5-14 and A~G for Eq.5-15 are listed in Table 5-7. 

Table 5-7 fitting parameters for dielectric constant and ion product of water 

Coefficients for dielectric constant 

A1 A2 A3 A4 A5 A6 A7 A8 A9 A10 

7.625E
+00 

2.440E 
+02 

-1.40E 
+02 

2.78E 
+01 

-9.628E 
+01 

4.1791E 
+01 

-1.021E 
+01 

-4.5E 
+01 

8.46E 
+01 

-3.6 
E+01 

                                          Coefficients for ion product    

A B C D E F G    

-4.098 -3245.2 

2.2362E 

+05 

-3.984E 

+07 

1.3957E 

+01 

-1.2623E 

+03 

8.5641E 

+05    

 

   These two equations describe the changes in the extent of hydrogen bonding and show the 

diffusivity variation of water as the temperature and density change [39]. The water 

diffusivity increases with increasing temperature and decreasing density [39].        
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   The chemical kinetics of transesterification [56-59] and hydrolysis reactions [17, 22, 33] 

have been investigated in many studies. The rate constants for each of the hydrolysis reaction 

steps, including forward and reverse reactions determine the time required for the reaction to 

reach equilibrium. In the author‟s previous study [91], the Arrhenius equation [56] was 

applied to give the activation energy or rate constant:  

                                                       
ln( )a

k
E RT

A                                                       (5-16) 

     where the pre-exponential factor A was calculated via [78, 79] 

                                                                             (5-17)            

where  is a mathematical constant,  is Boltzmann‟s constant,  is Planck‟s constant,  

is temperature in Kelvin,  is the gas constant,  is the reaction path degeneracy (number 

of abstractable H-atoms) and is the change in the number of free rotors during each 

reaction step. As the rate constants are determined, the activation energy Ea can be obtained 

with these parameters.  

   The properties and values for reaction kinetics shown in Table 5-8 and Table 5-9 were 

inserted into ANSYS-CFX for simulating the practical model.  
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Table 5-8 calculated properties of all the components in the hydrolysis reactions; data was obtained based on 

the reaction at 250 °C 

Properties TG DG MG Gly FFA H2O 

Molar Mass 878 622 356 92 282 18 

Density at 250 °C (g/cm3) 0.753 0.818 0.813 1.092 0.734 0.800 

Cp at 250 °C (J/(mole K)) 2023.55 1424.08 804.74 258.40 826.70 87.38 

Dynamic Viscosity at 250 °C (N s/m2) 0.00021 0.00011 0.00004 0.00061 0.00053 0.00011 

Thermal Conductivity at 250 °C (W/(m 

K)) 
0.16 0.17 0.13 0.32 0.08 0.62 

Thermal Expansivity at 250 °C (1/°C) 0.002 0.002 0.001 0.0009 0.001 0.0002 

 

Table 5-9 Calculated values for reaction kinetics in the hydrolysis reactions; reaction was modeled at 250 °C 

with water flow rate of 20 mL/min and oil flow rate of 10 mL/min 

 
step 1 

(forward) 

step 1 

(reverse) 

step 2 

(forward) 

step 2 

(reverse) 

step 3 

(forward) 

step 3 

(reverse) 

step 4 

(forward) 

  step 4 

(reverse) 

Rate constants  

(m3/(mole sec)) 
5.00E-03 2.13E-02 8.09E+00 6.12E+00 1.95E+00 5.52E-01 1.41E+03 4.30E+04 

Pre-exponential 

 factor A  

(1/sec) 

3.83E+13 3.89E+13 3.89E+13 2.96E+13 2.96E+13 2.96E+13 3.83E+13 3.89E+13 

Activation energy 

 Ea  

(J/mole) 

1.77E+05 1.71E+05 1.45E+05 1.45E+05 1.50E+05 1.55E+05 1.22E+05 1.08E+05 

 

   In order to obtain the best performance for the CFD simulation, the default domain was 

divided into several sub-domains. There are three sub-domains indicating the reaction steps 

of hydrolysis. TG was first dissolved into the first sub-domain with the rate of solubility, 

reacting with water and then producing DG and FFA. DG was then dissociated from the first 

sub-domain with the rate of dissociation, and then dissolved into the second sub-domain. At 

the second sub-domain, DG reacted with water and producing MG and FFA, where MG 

dissociated from the second sub-domain at a certain dissociation rate. Finally, MG dissolves 

into the third sub-domain, reacting with water and producing FFA and Gly. Gly dissociated 
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from the third sub-domain with a very low dissociation rate. In each of these three sub-

domains, FFA was produced and released. The fourth reaction step (R4) was modeled in the 

oil phase and not considered in the sub-domains.  

5.4 Simulation Results and Discussion 

   The CFD simulation modeled the reaction at 250 °C and 2:1 water-to-oil ratio for 600 time 

steps. Each time step represented 30 seconds of the physical reaction time, for a total 

simulation of 300 minutes of reaction time. During the simulation, monitor points were 

placed at three locations; the surface on the top of the reactor volume, the whole reacting 

system and the surface at the bottom of the reactor. The monitor surface at the top of the 

reactor volume was used to detect the instantaneous concentration of TG, DG, MG and FFA 

during the simulation, as shown in Figure 5-3 and Figure 5-4. Each point in these three 

figures is the average of 5 time steps. Figure 5-3 shows that TG increased dramatically at 

time step of 50, because the TG feed was started at time zero and it took 25 minutes to reach 

the top of the reactor. The TG concentration was constant for another 75 minutes (150 time 

steps), and then decreased by 20%. The reduction of TG concentration was due to the 

dissolution of TG in water during the hydrolysis reaction. This period was described as 

“emulsive hydrolysis” by Lascaray [18] and as the “induction period” by Hartman [19], 

where strong emulsification happens at the beginning of the hydrolysis reaction and 

decelerates the reaction rate. During this induction period, FFA volume fraction at the top 

part of the reactor increased by a factor of 3 and then remained constant. It is noted that the 

increasing FFA concentration, which helps water release hydronium and hydroxide ions, 
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accelerated the dissolution of TG and consequently promoted hydrolysis reaction. This was 

proposed by Lascaray [18] and Minami et al. [22], who found that 10~20% of FFA in the 

water solution increased the solubility of water in the oil layer and accelerated the reaction. 

The TG concentration increased at 125, 175, 225, and 275 minutes (250, 350, 450 and 550 

time steps) because of the continuous oil feeding into the reactor and the FFA concentration 

was sometimes diluted for the same reason. The concentration of FFA at the top surface 

reached steady state at 230 minutes (460 time steps), resulting in a volume fraction of 0.27.  

   DG and MG display similar curves during the simulation. At 25 minutes (50 time steps), 

DG started increasing to the volume fraction of 0.0035, where MG began to increase at the 

same reaction time and reached volume fraction of 0.0025. The formation of DG and MG 

during this time period described the proceeding of the forward reactions R1 and R2, and 

FFA was produced accordingly. The concentrations of DG and MG were followed by short 

decreases from 0.0035 to 0.002 and from 0.0025 to 0.0015, respectively, and stayed constant 

for approximately 50 minutes (100 time steps). By the time of 200 minutes (400 time steps), 

DG and MG reached steady-state at the volume fraction of 0.001 and 0.0008. The reduction 

of DG at 150 minutes (300 time steps) was caused by the backward reaction of R4 and 

resulted in slight increases of TG and MG. The FFA concentration reached the maximum 

value at this time. As observed in the previous study [91], DG in the oil phase, which 

stimulates the backward reaction of R4 and forward reaction of R3, could indirectly lead to 

rapid production of FFA. Figure 5-5 shows the glycerol volume fraction as a function of time 

during the whole reaction period. As the reactions proceed, the Gly concentration increased 

according to the increase of FFA, and then was diluted by the continuous feeding of water. 
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The maximum volume fraction of Gly went to 0.016 at around 150 minutes (300 time steps), 

where FFA concentration reached the highest value. This is shown in the previous study [91] 

that the curve of Gly displays similarly as the yield of FFA, meaning the processing of the 

reaction.  

 

 

Figure 5-3 ANSYS-CFX simulation results: The concentration of TG, FFA and water; the simulation 

was modeled at 250 °C reaction temperature, 20 mL/min of water feed rate, and 10 mL/min of oil feed 

rate. 

  

0

0.2

0.4

0.6

0.8

1

0 100 200 300 400 500 600 700

TG
FFA
Water

V
o
lu

m
e
 F

ra
c
tio

n

time steps



 

 

115 

 

Figure 5-4 ANSYS-CFX simulation results: The concentration of DG and MG; the simulation was 

modeled at 250 °C reaction temperature, 20 mL/min of water feed rate, and 10 mL/min of oil feed rate. 

 

 

Figure 5-5 ANSYS-CFX simulation results: The concentration of Gly; the simulation was modeled at 250 

°C reaction temperature, 20 mL/min of water feed rate, and 10 mL/min of oil feed rate. 
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   CFD simulation results from ANSYS-CFX were extracted every 30 minutes and compared 

with the data from experiments, shown in Figure 5-6. Both simulation model and experiment 

were conditioned at the reaction temperature of 250 °C as well as 2:1 water-to-oil inlet ratio. 

For the results of TG, the starting point was taken from the time when TG concentration 

reached the maximum value and began to dissolve or react. During 300 minutes reaction 

time, the TG concentration obtained from simulation displayed a similar curve with 

experimental results. Due to the inaccurate prediction of water solubility in TG related to 

water ion product (kw) and the effect of FFA content in water, differences were noted 

between CFD and experimental results after 120 minutes (240 time steps). Note that the TG 

concentration attained equilibrium at around 210 minutes (420 time steps), which 

corresponds with the results from the actual reaction. For the first 30 to 150 minutes (60 to 

300 time steps), the DG concentration shows inaccurate prediction. In the CFD model, we 

assumed there was only TG in the feedstock initially. However, in the actual experiment, DG 

was measured as 0.00020 mole/L in the canola oil. As mentioned above, the small amount of 

DG ignites the occurrence of R4 at high temperature and increases the hydrolysis reaction 

rate. The prediction of DG concentration could have been improved by including DG content 

in the feedstock. The simulation model for MG concentration provided a good agreement 

with experimental results. MG is first dissociated from the first subdomain and then 

dissolved in the third subdomain. This gave the same behavior, a bell shape curve, as 

observed experimentally. The comparison of FFA concentrations between CFD and 

experimental results, showed the average deviation to be approximately 25%, especially at 

30, 180, 210 and 240 minutes (60, 360, 420 and 480 time steps), which reflected the 
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prediction of poor dissociation rate for water in the CFD model. Note that the CFD model 

does not perfectly describe the autocatalysis of hydrolysis reaction by FFA content, and this 

influences the prediction of the transition between “emulsive hydrolysis” to “rapid 

hydrolysis” as well as “terminal hydrolysis” [18]. The CFD Gly concentration values were 

from the instantaneous monitoring of the water solution at the bottom of the reactor model. 

However, when conducting actual experiments, the values were obtained from GC-FID 

results of the sweet water samples taken from the reactor. The CFD Gly concentration 

monitored at the bottom of the reactor model is not a perfect representative for the Gly 

content in each of the sweet water samples. This likely caused the deviation between 

simulation and experimental results.  
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Figure 5-6 Comparison between simulation and experimental results; Simulation and experiment were 

based on reaction condition at 250 °C reaction temperature, 20 mL/min of water feed rate, and 10 

mL/min of oil feed rate. 
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   The instantaneous CFD concentration profiles of all reaction components of hydrolysis 

were shown in Figure 5-7. These graphs were taken at 150 minutes (300 time steps) of 

physical reaction time. Oil was fed into the lower third of the reactor and it moved slowly to 

the upper part of the vessel. DG and MG were produced in the oil phase and flowed upward 

to the top part of the reactor. FFA, which is the lightest liquid among these components, 

formed mainly at the oil-water interface and accumulated at the top of the vessel at the outlet 

tube. The by-product of hydrolysis, Gly, was produced in the oil layer and flowed downward 

due to the gravity effect. Because Gly has very good solubility in water and high gravity, it 

mixed with water and settled to the bottom part of the reactor forming a concentration 

gradient. It is observed that as FFA was formed, the water solubility in TG increased and a 

small fraction of water was detected in the oil phase. It is expected that the fraction of water 

in the oil phase will increase if higher temperature is applied [20].  
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                   (TG)                                             (DG)                                         (MG) 

 

                    (FFA)                                             (Gly)                                        (Water) 

Figure 5-7 The instantaneous concentration profile of all components in hydrolysis simulation model; 

simulation was performed at 250°C, water flow rate of 20 mL/min, and oil flow rate of 10 mL/min 
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5.5 Conclusions 

   CFD simulation for continuous hydrolysis was performed using ANSYS-CFX. The model 

was run at the same reaction temperature and water-to-oil inlet ratio as used for experimental 

comparison. Multiple liquid flow behaviors along with reaction kinetics of hydrolysis were 

simulated, predicted, and compared with experimental data. The thermophysical and 

thermochemical properties of the liquids at the reaction temperature were determined from 

published equations and applied to this model. The reaction kinetics was also specified, 

based on the Arrhenius parameters applied to the forward and reverse hydrolysis steps. The 

thermophysical and thermochemical properties allowed the CFD model to show good 

agreement between simulation results and experimental data. This model may prove to be a 

useful tool in further optimizing this important industrial process.  
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CHAPTER 6. HYDROCARBON FUELS FROM VEGETABLE OIL 

   Hydrocarbon fuel converted from thermal hydrolysis in continuous system for vegetable oil 

as well as catalytic fed-batch deoxygenation of hydrolyzed free fatty acid (FFA) was 

investigated. FFA product from hydrolysis reaction, quantified via GC-FID, showed the 

99.7% of conversion along with the formation of palmitic, oleic, linoleic, linolenic, stearic, 

arachidic and behenic acids. The hydrolyzed FFA was then deoxygenated at 15.5 

mmoles/min in average over 5% Pd/C catalyst. Approximately 90% conversion was obtained 

within 5 hours reaction time and highly selected n-alkanes were observed. Liquid products, 

produced through hydrolysis then deoxygenation process, were indistinguishable from the 

petroleum fuel.  

6.1 Introduction 

   Due to the increasing petroleum costs and environmental considerations with the 

consumption of fossil fuels, bio-renewable resources, particularly biofuel, has attracted the 

public. There are many biofuel production processes, such as transesterification, pyrolysis, 

Fisher-Tropsch synthesis etc…, that convert biomass to liquid transportation fuels. However, 

some of these biofuels, especially “first generation” biofuels, are tied to a single feedstock, 

leading to the reliance on a single agricultural product. In addition, the fuel characteristics, 

such as chemical and physical properties of these biofuels, first generation biodiesel or 

ethanol for example, have a huge difference from petroleum fuel. This raises the 

complications in the storage, distribution and transportation of these fuels. The biofuel 

production process has to accommodate the following: (1) Variety of feedstocks, (2) 
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industrial applicable, (3) meet fuel characteristic requirement, (4) high thermal efficiency, (5) 

high mass yield, (6) low combustion emissions.    

Traditional diesel fuel is composed of hydrocarbons in the 10 to 15 carbon number range. 

Biodiesel is an alternative diesel fuel obtained currently from transesterfication of vegetable 

oils and animal fats which contain mostly triglycerides [5].  Compared to traditional diesel 

fuel, biodiesel has the advantages of the reducing exhaust emissions, improved 

biodegradability, higher flash point and domestic origin [5]. However, low energy density 

results from the carboxyl group, poor cold flow properties, high cost due to required alcohol 

and catalyst, high NOx exhaust emissions and limited feedstocks are the technical challenges 

which the biodiesel has been facing. Efforts have been made to the biofuel production 

process to produce hydrocarbon fuels that are drop in replacement for traditional petroleum-

derived fuel. A broad range of feedstocks, such as vegetable oils, animal fats and algal-based 

oils were converted into clean-burning, high energy density fuels with physical and 

combustion characteristics identical to petroleum-derived fuels via the proprietary Red Wolf 

Process
TM

[47]. Triglycerides (TG) from crude lipid were thermally hydrolyzed with 

subcritical water to form saturated and unsaturated FFA and glycerol (Gly). The FFA 

products were then catalytically decarboxylated to normal alkanes, which was considered as 

diesel-type fuel.  

6.1.1 Hydrolysis 

   Hydrolysis of TG to form FFA has been applied in industrials for many years for soap 

production and other products. With three moles of subcritical water, one mole of 
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triglycerides was split to three moles of FFA and one mole of Gly. The reaction steps were 

described as the following [17]: 

1

2
3 5 3 2 3 5 2( ) ( ) ( )

k

k
C H COOR H O C H COOR OH RCOOH

                                      (6-1)                      

3

4
3 5 2 2 3 5 2( ) ( ) ( )( )

k

k
C H COOR OH H O C H COOR OH RCOOH

                              (6-2)        
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C H COOR C H COOR OH C H COOR OH

                              (6-3) 

7

8
3 5 2 2 3 5 3( )( ) ( )

k

k
C H COOR OH H O C H OH RCOOH

                                            (6-4) 

   Where triglyceride (TG, 353 )(COORHC ) is converted to diglyceride (DG,

)()( 253 OHCOORHC ), then to monoglyceride (MG, 253 ))(( OHCOORHC ), and then to FFA (

RCOOH ) and glycerol (Gly, 353 )(OHHC ). The main product, FFA, is used for soap 

production, synthetic detergents, greases, cosmetics and several other products [13]. It has 

also been viewed as the acid catalyst to promote the two-step supercritical methanol process 

[22].  Gly, the by-product of the hydrolysis reaction, is widely used in many industrial uses 

[48]. Burning glycerol provides approximately 16MJ of heat per kilogram of glycerol could 

also be used as an energy source due to this moderate heating value [24].  

   Hydrolysis reaction was studied through batch [37, 38] and continuous [27-28, 31] system. 

In the continuous hydrolysis, water and oil were feeding simultaneously, continuously and 

counter-currently into a high temperature and pressure reactor. High temperature not only 

helps overcome the activation energy of the reaction but increases the water solubility in the 
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lipid phase [23], which makes the induction period, termed emulsive hydrolysis period [18] 

shorter and the time to reach the equilibrium faster. High pressure is maintained to keep the 

water, and hence the entire reaction, in the liquid phase. The counter-flow process was first 

operated by Ittner [27] at 200 °C and this provided satisfactory yields. This investigation was 

followed up by Mills [28]. At a variety of temperatures (185 °C – 315 °C) and pressures 

(10.3 bar ~ 110.3 bar), A higher yield and rapid rate of splitting were obtained in this 

invention. The Colgate-Emery [31] and Foster-Wheeler [55] processes are the most well-

known industrial fat splitting methods. In the Colgate-Emery process [31], fat and water react 

in a counter-flow column at about 260 °C and about 50 bars. Mass and momentum transfer as 

well as heat exchange take place along the reactor. This process is non-catalytic and can be 

operated with high throughput and produce high quality FFA product.  

     Reaction temperatures and water-to-oil feeding ratios are two main variables that offer 

potential for optimizing the continuous hydrolysis process [52]. Increasing the reaction 

temperature not only increases the diffusion rate of water and glycerol in and out of TG by 

the higher electrolytic dissociation of water [18, 23, 40-41] but also enhances the rate of 

reaction and pushes the reaction toward equilibrium [18]. Mills and McClain [20] pointed out 

that the water content in coconut oil was about 10% under normal condition and at 293 °C 

water and oil form a single phase. King et al. [37] also found that complete miscibility of 

soybean oil and water showed at the temperature of 339 °C. The more water dissolves in 

lipid phase, the faster the reaction towards completion. From batch hydrolysis results, 

Sturzenegger and Sturm [41] found that hydrolysis reaches equilibrium 5 times faster as 

temperature is increased from 225 °C to 280 °C. In addition, a study from Lascaray [18] 
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indicated that a temperature increase of 10 °C produces a rise of reaction rate of 1.2 to 1.5 

times. For non-catalytic hydrolysis, these results provide the evidence that reaction 

temperature has a considerable influence on accelerating the reaction.  

     Higher ratio of water shifts the equilibrium balance in favor of product and affects the 

degree of hydrolysis [18]. From the law of mass transfer, equilibrium determined by the 

concentration of glycerol in oil phase [23]. To obtain high degree of hydrolysis, the glycerol 

concentration in sweet-water (the mixture of glycerol and water) has to be kept low [18]. 

King et al. [37] show that lower water-to-oil ratios produced incomplete hydrolysis. As long 

as the sweet-water is continuously being replaced by fresh water when hydrolysis reaction 

starts declining, high degree of hydrolysis was obtained. Thus, the ratio of water-to-oil flow 

rate affects the rate of reaction and the yield of FFA [52].    

 

6.1.2 Deoxygenation 

 

Once all the glycerides from crude lipid were converted to FFA, the next step is to convert 

this FFA into straight-chain alkanes. A reaction, known as deoxygenation, accomplish this. 

FFA can be converted via two pathways: decarboxylation, which produces paraffinic 

hydrocarbon via the removal of the carboxyl group with release of carbon dioxide [107]: 

17 35 17 36 2C H COOH n C H CO
                                                                             (6-5) 

or decarbonylation, which produces olefinic hydrocarbon by the removal of the carboxyl 

group with release of  carbon monoxide [107].  
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17 35 17 34 2C H COOH C H CO H O                                                                          (6-6) 

Deoxygenation was first carried out in liquid phase with converting stearic acid over the 

metal catalyst supported by carbon [11]. These reactions were running at the temperature of 

300 °C -360 °C and pressure of 17- 40 bars, which was used to maintain the reactant in liquid 

phase at the corresponding temperature. Unsaturated FFAs such as oleic acid and linoleic 

acid were turned into saturated diesel fuel range hydrocarbons via decarboxylation reactions 

under similar conditions and catalyst [12]. The expected main liquid product, n-heptadecane, 

was formed with high selectivity. N-pentadecane was also the product from this reaction 

[108]. The composition in the resulting effluent gas was analyzed and carbon dioxide, carbon 

monoxide, methane and propane were observed [108]. The concentrations of CO2 and CO 

indicate the two deoxygenation pathways described above [109].  

Among various catalysts, Pd/C has been chosen as the most dominating catalyst for 

deoxygenation[107]. The highest initial reaction rate was obtained from the 5% Pd with 

carbon support [107]. The catalyst began deactivating after a certain period of time due to the 

formation of coke and the reduced pore size on the catalyst.  The catalyst deactivation was 

from decarbonylation switchover, which depends on FFA feed rates, H2 partial pressure and 

CO concentration [110]. The catalyst deactivation was investigated in a fed-batch process 

[110] or continuous [111, 112] system with down flow and upward flow instead of batch one 

because it is challenging to separate the reaction kinetics and deactivation mechanism [111]. 

From the fed-batch process, Immer and Lamb [109] suggested that reducing H2 and CO 

partial pressure as well as ceasing feeding FFA prevent the catalyst from deactivating. In the 
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continuous mode, the effects of residence time, FFA feed rates and reaction temperatures 

were studied [111, 112]. Reduced residence time due to the high feed rates resulted in 

extensive catalyst deactivation and low conversion rate but ended up with high n-alkane 

selectivity. Higher temperature improved the conversion level, but made no benefit on the 

selectivity for n-alkanes [112].  

Two carrier gases, hydrogen and an inert gas, were used in the decarboxylation process 

[113]. Hydrogen prevents Pd from deactivating, helps organic species desorb from the 

surface of metal [113] and saturates the double bonds on the unsaturated FFAs [109]. 

Compared with the reaction in the inert atmosphere, the conversion of unsaturated FFA 

improved in the presence of hydrogen [12]. Mäki-Arvela et al. [109] confirmed this fact by 

testing different H2/He ratios and found that the conversion of FFA and the activity of 

catalyst were benefited from the admission of hydrogen after a prolonged reaction time. 

Nevertheless, the increase of H2 partial pressure reduces the rates of decarboxylation and 

results in lower CO2 selectivity [10]. The two pathways, decarboxylation and 

decarbonylation, were selected via hydrogen partial pressure in the carrier gas and affected 

the reaction rates as well as catalyst turn-over frequencies (TOFs) [10]. Increased H2 partial 

pressure pushed the reaction pathway toward decarbonylation and increased the 

concentration of CO in the gas product [113]. The catalyst was contaminated by the 

formation of CO and this inhibited the proceeding of decarboxylation. Low partial pressure 

of H2, such as 5% H2 in the carrier gas [11, 113], has been proved to provide better TOFs 

[11]. On the other hand, decarboxylation was also conducted with no H2 via the usage of 
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hydrotalcites with MgO contents [114]. Approximately 98% FFA was converted, but resulted 

in low heptadecane selectivity due to cracking.  

 Reaction temperatures, different feedstocks, the use of solvent as well as the ratio of FFA-to-

catalyst effect the accomplishment of decarboxylation.  Higher temperature, which leads to 

the reduced probability of the colliding molecules capturing one another and causes a 

decrease in the activation energy [108], improves the conversion of FFA and the selectivity 

of n-heptadecane [12, 108]. Also, FFA impurities, such as phosphorus, significantly poisoned 

the catalyst [111]. The use of heptadecane as a solvent, because of the H2 inhibition resulting 

from low vapor pressure, was six times slower than dodecane [113].  Moreover, the initial 

reaction rates as well as n-heptadecane selectivity increased with the catalyst loading.   

   The purpose of this work was to demonstrate the feasibility of converting triglycerides into 

hydrocarbon transportation fuel. FFA produced from the hydrolysis reaction, which the 

distribution of components was confirmed, was then decarboxylated to normal alkanes 

through deoxygenation, and the conversion, the product gas composition as well as n-alkanes 

concentration were measured and calculated. The final product, long chain n-alkanes, was a 

complete sustainable fuel and will be indistinguishable from the petroleum fuels.  

6.2 Experimental Methods 

6.2.1    Hydrolysis 

   Hydrolysis experiments were carried out in the continuous system described in Figure 

6-1with a 316 stainless steel reactor, 150 cm tall with an 8.9 cm inner diameter, providing a 
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fluid volume of 10 L. The reactor vessel was heated via direct electromagnetic induction 

coils driven by two modified commercial induction oven cooktops [43]. Reaction 

temperature was monitored by K-type thermocouples mounted on the surface of the reactor. 

These thermocouples were connected to two Delta DTB 4824 Temperature Controllers 

which controlled the induction units in on-off mode. The maximum power of the ovens is 1.8 

kW and they are able to bring the reactor to the desired temperature in about 120 minutes. 

Pressure increased with temperature and was maintained as 55 bar via Swagelok back 

pressure relief valves to keep the reactant in liquid phase. Various proportions of 

commercially available distilled water and canola oil were fed continuously and 

simultaneously into the reactor via a Neptune proportional pump (Model: 515-S-N1, Neptune 

Chemical Pump Company, Inc., Buffalo, NY), a modified Waters HPLC pump (Model: 510, 

Waters Corporation, Milford, MA) (External Swagelok check valves were plumbed to the 

pump heads in order to allow effective pumping of the viscous oils) and an Eldex metering 

pump (Model: PN5979, Eldex Laboratories, Inc., Napa, CA). Before water and oil were fed 

into the reactor, they were pumped through two separate columns with 154 mL of inner 

volume. The columns were heated by the induction coils to 200~250 °C, respectively. As the 

reactor reached the reaction temperature, water was introduced at 25 cm below the top of the 

reactor and oil was introduced at 120 cm below the top of the reactor.  

   During the reaction, FFA-lipid samples were released from the top of the reactor and 

sweet-water samples were bled off from the bottom of the reactor. The flow rates of FFA-

lipid and sweet-water were controlled by Swagelok metering valves. Once the reaction 

reached equilibrium, FFA was fed to the decarboxylation process. Sweet-water from the 
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reactor was pumped into the steam generator via the Waters HPLC pump described above. 

This generator was made from 316 stainless steel with an inner volume of 600 mL. It was 

heated to 300 °C, above the saturation temperature of water at the reaction pressure [53], by 

induction coils similar to the reactor. In the steam generator, the water portion of the sweet-

water was turned into superheated steam and then injected back to the reactor through the 

steam line, which is introduced at 25 cm below the top of the reactor, shown in Figure 6-1. 

Co-feeding superheated steam not only agitated the reaction by providing better water 

solubility but gave another energy input for hydrolysis process. Post-reaction sweet-water 

was kept pumping into the steam generator at flow rates adequate to maintain sufficient 

steam. By replacing the sweet-water with fresh water and steam, the glycerol concentration 

within the sweet-water was kept low so as not to limit the forward reaction.  

   FFA-lipid and sweet-water samples were analyzed via gas chromatography (Shimadzu 

QP2010) equipped with a Restek MXT
®

-Biodiesel TG column (15 m long, 0.32 mm in 

diameter, 0.1 µm film thickness) and coupled to an FID. Sixty mg of product samples were 

dissolved in 4 mL HPLC grade hexane and a sample of 1 µL was injected into the GC and 

the carrier gas (helium) flow rate was 4 mL/min. The injector temperature was 380 °C.  The 

initial oven temperature was 50 °C and was held for 1 minute, and then increased to 180 °C 

at 15 °C/min, followed by an increase of 7 °C/min to 230 °C and finally an increase of 30 

°C/min to 380 °C and held for 5 minutes. Standard TG, DG, MG, FFA and Gly samples from 

AccuStandard, Inc. (New Haven, CT) were first tested in order to qualitatively identify these 

components and quantitatively calculate their concentration. The concentrations were 

obtained by area normalization between standard samples and experimental samples.  
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6.2.2 Deoxygenation 

Materials 

     A commercial 5 wt% Pd/C (E117, particle size distribution: 90% < 110 micron, 56% 

water content, EVONIK DEGUSSA, Parsippany, NJ) was used as the catalyst in this study. 

For the purpose of reducing the moisture content, it was first dried in an oven at 40 °C 

overnight. High purity helium and hydrogen as well as nitrogen were obtained from Airgas 

National Welders, Inc. (Raleigh, NC). The solvent, 99% dodecane, was purchased from 

ACROS (117590025, West Chester, PA). The standard calibration gas, with 1% CO2, 1% 

CO, 1% C2H6, 1% H2, 1% CH4, 1% O2 and He as balance, was obtained from Airgas 

Specialty Gases (X07HE94C80A15G9, Durham, NC). The standard n-alkane sample for GC-

FID calibration was purchased from AccuStandard, Inc. (DRH-008S-R2, New Haven, CT). 

The FFA reactant, obtained from hydrolysis reaction described above, was heated to 120 °C 

to evaporate the water content.  
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Experimental description 

      Deoxygenation was conducted as a fed batch process in a 5 liter Parr reactor (14 cm I.D. 

× 37.7 cm high, Model 4580, Parr Instrument Company, Moline, IL), shown in Figure 6-1. 

This vessel is equipped with 3600W ceramic fiber heaters which are designed to provide 

uniform heat distribution to the walls and bottom of the vessel.  The reaction temperature and 

pressure were controlled by the Parr 4857 process controller and operated through a CAL 

GRAPHIX interface. During the reaction, the reactants were constantly stirred at 450 rpm via 

the stirrer driven by DC variable speed motor and manually or automatically controlled by 

Parr 4857 process controller. The gas flow rates were controlled by Brooks mass flow 

controllers (5850D, Brooks Instrument, Hatfield, PA). Approximately 100 gram of catalyst 

was placed inside the reactor, along with 600 gram of dodecane as solvent in order to protect 

the catalyst from poisoning. Before starting the reaction, the reactor was flushed with N2 to 

remove any O2 content within the reactor. The Pd/C was then reduced in situ by flowing 500 

mL/min of hydrogen at the temperature of 200 °C and pressure of 4.82 bars for two hours. 

Once the reduction process was finished, the reactor was then heated up to 300 °C and 

pressurized to 19 bars by flowing He into the reactor. As the temperature and pressure of the 

reactor reached the desired value, FFA was then fed at 7 mL/min via an Eldex metering 

pump (Model: PN5979, Eldex Laboratories, Inc., Napa, CA) for 5 hours. In the mean time, a 

mixture composed of 5-10% H2 balanced with He was continuously flowed through the 

reactor in order to saturate FFA double bonds and prevent the catalyst from deactivating. 

Product gases were released via a Swagelok pressure relief valve and H2, CO2 as well as CO 

were analyzed with a GOW-MAC Serious 400 Thermal Conductivity Detector (GOW-MAC 
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Instrument Co., Bethlehem, PA). The concentrations of CO2 and CO indicate the state and 

completeness of the reaction. The liquid product was taken from a sampling tube or 

withdrawn via Swagelok back pressure regulator every hour. Following the FFA feed, the 

reaction was allowed to continue for another two hours to complete FFA conversion. Zero % 

concentration of CO2 and CO indicated the completeness of the reaction.   

Liquid product analysis 

     The liquid products were quantified via gas chromatography (Shimadzu QP2010) 

equipped with a Restek MXT
®
-Biodiesel TG column (15 m long, 0.32 mm in diameter, 0.1 

µm film thickness) coupled to an FID. Sixty mg of product samples were dissolved in 4 mL 

HPLC grade hexane and a sample of 1 µL was injected into the GC. The flow rate of helium 

carrier gas was 32.9 mL/min. Two gases for FID, hydrogen and air, flowed at 30 mL/min and 

300 mL/min, respectively. The injector temperature was 250 °C. The initial oven temperature 

was 50 °C and was held for 1 minute, and then increased to 150 °C at 1 °C/min and held for 

10 minutes, followed by an increase of 7 °C/min to 270 °C and held for 10 minutes. Standard 

n-alkane samples were first tested in order to qualitatively identify these components and 

quantitatively calculate their concentrations. The concentrations were obtained by area 

normalization between standard and experimental results.  

 



 

 

135 

 

Figure 6-1 Continuous hydrolysis and decarboxylation system 

 

 

6.3 Results and discussion 

6.3.1 Hydrolysis 

   Canola oil feedstock was analyzed via GC-FID and the chromatogram is shown in Figure 

6-2. These peaks were identified and quantified through standard glycerides obtained from 

AccuStandard, Inc. (New Haven, CT). From FID area percentage, approximately 1.17% DG, 

1.55% T48 (TG with 48 carbon), 10.59% T50, 26.23% T52, 58.51% T54 and 1.22% T56 were 

contained in the canola oil. The continuous hydrolysis reaction was performed at 250 °C with 

the feed rate of 20 mL/min of water and 10 mL/min of oil. Figure 6-3 and Figure 6-4 show 

the variance of concentrations of TG, DG, MG, FFA and Gly during the 300 minute reaction 
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time. Time zero indicates the point where the temperature reached 250 °C and water or oil 

starts being fed in. From the sample analysis, described in Figure 6-3, the concentration of 

TG was converted from 0.0187 mole/L to 0.000435 mole/L within 120 minutes and then 

reached steady-state. It is believed that the conversion of triglycerides during the induction 

period, introduced by Lascaray and Hartman [18, 19] and was determined as the period 

which the reaction is switched from heterogeneous to homogeneous [18], is slow due to the 

low solubility of water in lipid phase. The solubility of water is dependent on the reaction 

temperature [18] and the formation of FFA that auto-catalyzes the reaction [22].  In this case, 

co-feeding steam gave a dramatic temperature increase at some areas in the oil phase. The 

decomposition of TG was better and the emulsive hydrolysis period was shorter compared to 

the results without steam. These results were confirmed from the previous experiments [115]. 

The concentration of DG reached maximum value (0.0022 mole/L) at 90 minutes and then 

started decreasing until it reached equilibrium at 240 minutes. It is thought that the existence 

of DG promoted the backward reaction of R4 (the 4
th

 step of hydrolysis reaction) and 

produced TG and MG. The concentration of MG began to increase dramatically at 60 

minutes and reached the highest value (0.00198 mole/L) at 90 minutes. One can conclude 

that as soon as DG starts increasing, the forward reaction of R2 as well as backward reaction 

of R4 begins functioning. MG was produced simultaneously with DG, and then began to 

decrease by the peak time and reached equilibrium at 270 minutes. The earlier appearance of 

DG was observed in Figure 6-3, showing the order of hydrolysis reaction steps that TG was 

first converted to DG and then converted to MG. Figure 6-4 shows that the concentration of 

FFA and Gly started increasing before 50 minutes, and reached equilibrium at 180 minutes 
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and 210 minutes, respectively. From FID percent area calculation, 99.7% FFA concentration 

was obtained at equilibrium. As soon as FFA accumulates inside the reactor, water with FFA 

releases hydronium and hydroxide ions, which can then break the glycerol backbone at the 

ester group of any glyceride. The occurrence of this hydrophilic action accelerates the 

hydrolysis reaction. The Gly concentration in the sweet water was maintained steady after 

210 minutes because of the continuous exchange of sweet water for fresh water (steam). 

Continuous removal of the glycerol from the reactor maintains the reaction kinetics while 

continuously pumping in feedstock. The hydrolyzed samples at 300 minutes were analyzed 

and showed 3.15% palmitic acid, 89.3% oleic, linoleic and linolenic acid, 6.13% stearic acid, 

0.49% arachidic acid and 0.3%  behenic acid, as shown in Figure 6-5.   

 

Figure 6-2 GC-FID chromatogram of the starting material-canola oil (1.DG, 3. TG (C48), 4. TG (C50), 5. 

TG (C52), 6. TG (C54), 7. TG (C56)) 
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Figure 6-3 TG, DG and MG concentrations as a function of time; reaction was carried out at a 

temperature of 250 °C and feed rates of water was 20 mL/min and of oil was 10 mL/min 
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Figure 6-4 FFA and Gly concentrations as a function of time; reaction was carried out at a temperature 

of 250 °C and feed rates of water was 20 mL/min and of oil was 10 mL/min 

 

Figure 6-5 GC-FID chromatogram of the hydrolyzed sample at 300 minute reaction time; reaction was 

conducted at a temperature of 250 °C and feed rates of water was 20 mL/min and of oil was 10 mL/min. 

(peak #1: Glycerol ; #2: palmitic acid ; #3: oleic, linoleic and linolenic acid ; #4: stearic acid ; #5: 

arachidic acid ; #6: behenic acid ; #7,8: MG ; #9: DG) 
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6.3.2 Decarboxylation 

 

Figure 6-6 shows the CO and CO2 molar flow rates for deoxygenation of canola derived FFA 

in fed-batch mode at a feed rate of 7.0 ml/min with 100g catalyst (5% Pd/C) and dodecane 

solvent. It also shows the H2 partial pressure in the effluent gas as analyzed by the GC-TCD. 

The gas analysis started with the auto-sampler in the GC-TCD at 0 minute as the temperature 

reached 300 °C. The CO2 molar flow rate was observed to increase rapidly until it reached 

quasi steady-state after about 24 minutes. The steady-state was then maintained for 5 hours 

after which the FFA feed was stopped. Corresponding decrease of CO and CO2 production 

was observed and the reaction stopped after their traces as detected by the GC-TCD reduced 

to zero. The reaction was highly selective towards decarboxylation with much higher 

production rates of CO2 than that of CO. An increase in CO production was seen towards the 

end of the reaction. The average decarboxylation rate, defined by dividing CO2 production 

rate by the weight of catalyst, was 0.14 mmoles/min-gcat, which gave the turn-over 

frequency (TOF) of 0.0322s
-1 

and the average decarbonylation rate, defined by dividing CO 

production rate by the weight of catalyst, at the same period was noted to be 0.015 

mmoles/min-gcat (TOF 0.0017s
-1

); an order in magnitude smaller than the decarboxylation 

rate. 

The average deoxygenation rate, defined by the total molar flow rate of CO and CO2 and 

calculated as 15.5 mmoles/min, was lower than the feed rate, 21.25 mmoles/min, throughout 

the period of the entire reaction. This is also evident from Figure 6-6 below. The difference 

between the feed rate and conversion rate causes the unconverted fatty acids to accumulate in 
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the system and eventually favors decarbonylation. This could be seen towards the end of the 

reaction whereby the decarboxylation rate decreases with an evident decrease in the 

selectivity towards CO2 production. However, when the reaction started favoring 

decarbonylation, the feed was stopped and the reaction was eventually brought to an end with 

CO2 and CO traces decreasing to zero.    

H2 flow rate for the reaction was determined based on the amount required to hydrogenate 

the unsaturated fatty acids in the feed at 7.0 ml/min. An excess of about 3% H2 was 

employed to prevent coking of the catalyst. A hydrogen flow rate of 650 sccm was used in 

this reaction. The H2 calculations were based on the molar percentages of single and double 

bonded unsaturated fatty acids in the feed. The consumption of H2 during the reaction, 

accounted for the hydrogenation of the unsaturated bonds in the fatty acids. It has been 

shown that the hydrogenation reaction precedes the deoxygenation reaction. Therefore, 

sufficient H2 for hydrogenation is necessary for the deoxygenation reaction to proceed 

without inhibition. For the entire reaction, 1.12 moles of H2 was consumed per mole of FFA 

converted. In order to maintain an effective lower partial pressure of H2 throughout the 

reaction, H2 flow was decreased to 100sccm after the FFA feed was stopped. Immer et al. 

[113] has shown that high partial pressure of H2 and CO inhibits the decarboxylation 

pathway.  
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Figure 6-6 CO2 and CO molar production rates and effluent mol% H2 for fed-batch deoxygenation of 

canola derived FFA. Reaction conditions: 300 °C, 100 g catalyst (5% Pd/C) with dodecane solvent at 19 

bar in a 5-litre Parr reactor. Feed rate of 7.0 ml/min was used. 

 

     The temporal percentage conversion to n-alkanes and the corresponding concentration of 

n-alkanes inside the reactor is plotted in Figure 6-7. The percent conversion was very high at 

above 90% except the 5
th

 hour. This is because of the reduced decarboxylation rate and the 

corresponding decrease seen in the total deoxygenation rate. It is observed that the increase 

in the decarbonylation rate was lower than the decrease in the decarboxylation rate. The 

decrease in deoxygenation rate, further causes FFA to accumulate thereby significantly 

changing the dynamics of the reaction. The accumulation of FFA is noted by the trough seen 

in the conversion plot as well as the drop in concentrations of the alkanes shown in Figure 
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6-7. However, when the feed was stopped after 5 hours, the decarboxylation rate increased 

with higher conversion and corresponding increase in the concentrations of the alkanes. 

Heptadecane being the product of deoxygenation of stearic acid, oleic acid and linoleic acid, 

its concentration increases with time. Dodecane is neither consumed nor produced in the 

reaction and the decrease in its concentration observed is merely due to the reactants and 

products being accumulated inside the reactor. Pentadecane is produced in very small 

proportions by deoxygenation of the palmitic acids. N-alkanes like heneicosane, tricosane 

and their derivatives with some trace amounts of unconverted fatty acids were also seen in 

the GC-FID chromatogram of the final product but not in significant proportions to be 

included in the Figure 6-7.  
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Figure 6-7 Temporal percentage conversion and corresponding concentrations of alkanes for fed-batch 

deoxygenation of canola derived FFA. Reaction conditions: 300 °C, 100 g catalyst (5% Pd/C) with 

dodecane solvent at 19 bar in a 5-litre Parr reactor. Feed rate of 7.0 ml/min was used. 
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6.4 Conclusion 

   Conversion of vegetable oil composed mostly triglycerides using both continuous thermal 

hydrolysis and fed-batch catalytic deoxygenation demonstrates an applicable option to 

produce replacements for liquid transportation fuels.  Commercially available canola oil was 

first hydrolyzed in a continuous system with water and oil flowing countercurrently at a 

volume ratio of 2:1. At a reaction temperature of 250 °C while co-feeding superheated steam, 

high purity FFA, with the total concentration of 99.7% and with the composition of palmitic, 

oleic, linoleic, linolenic , stearic, arachidic and behenic acid, was produced and removed 

from the top portion of the reactor. As the reaction reached steady state, it was maintained by 

continuous removal of glycerol by distillation of the sweet water. The FFA derived from 

canola oil was then deoxygenated by a fed-batch decarboxylation at a constant temperature 

of 300 °C and a constant pressure of 19 bar over 100 g of 5% Pd/C catalyst. With a FFA feed 

rate of 7 mL/min in H2 and He as carrier gases, more than 90% conversion was obtained at 

an average decarboxylation rate of 0.14 mmoles/min-gcat. Liquid products obtained from the 

deoxygenation process contained mostly heptadecane, suitable as alternative transportation 

fuel or other useful chemicals after suitable refining processes. 
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CONCLUSIONS 

Continuous thermal hydrolysis to form FFA and glycerol can be used as the first step in drop- 

in biofuel production. A high yield of FFA can be produced by converting crude lipids, 

mostly triglycerides, with subcritical water through a hydrolysis process. FFA from 

hydrolyzed fats and oils can be further processed, through a deoxygenation reaction, to 

produce hydrocarbon fuel which can be the drop-in replacement of petroleum diesel fuel. A 

series of experiments were conducted in this study in order to qualify and quantify 

thermodynamic parameters and chemical kinetics of the continuous hydrolysis process. In 

addition to the purity of FFA and concentration of glycerol, the energy conversion efficiency 

and mass yield were also investigated and discussed. The overall investigations in this study 

are described below: 

The lab-scale continuous hydrolysis has been demonstrated with high temperatures (250 

°C~270 °C) and high pressure to maintain liquid phases. A significant increase in FFA yield 

resulted when pre-heating water and oil inflows. As expected, higher reaction temperature, 

which increases water solubility in the lipid phase, accelerated the reaction rates and resulted 

in better yield of FFA. Higher water inflow rate, which gives an increase in the water-to-oil 

ratio, resulted in better FFA yield at equilibrium due to the continuous removal of glycerol. 

High quality FFA was produced from different feedstocks, such as commercial off-shelf 

canola oil, camelina oil as well as algal oil. The mass yield, based on the mass balance 

between the feedstock fed into the system and the product coming out from the process, was 

found to be approximately 89% ~ 93%. The energy conversion efficiency, calculated from 
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the ratio of the enthalpy of product to the electricity input plus the energy of feedstock, was 

determined to be 76%.  

 Sweet water taken from the bottom of the reactor was refined at the boiling point 

temperature of water at the corresponding reactor pressure. The effects of two results from 

this refinery, superheated steam and concentrated glycerol, were investigated and discussed. 

During the 300 minutes continuous hydrolysis, recovered glycerol concentration increased 

from 2~3% to 5.5%, and would have continued to increase with extended reaction time.  Co-

feeding steam made from sweet water recovery not only improved FFA yield without pre-

heating water and oil but accelerated the hydrolysis reaction at relatively low reactor 

temperature and low water-to-oil ratio. In addition, sweet water recovery as well as co-

feeding steam offered an improved energy conversion efficiency by 3%, which gave 79%.  

 By applying Peng-Robinson departure functions and the Joback group contribution method, 

the equilibrium constants describing the continuous hydrolysis reaction were determined. 

The rate constants representing four hydrolysis reaction steps were then calculated at reaction 

temperatures ranging from 200 
o
C to 260 

o
C and constant water-to-oil ratio. The results were 

validated by confirming the agreement with experimental data. Activation energy for each 

reaction step, based on the Arrhenius expression and the determined rate constants, were also 

computed. These all led to the observation that DG content in the feedstock can reduce the 

transition time from “emulsive hydrolysis” to “rapid hydrolysis”, which accelerates the 

hydrolysis reaction, at high reaction temperature. Moreover, mass balance was again 

confirmed via calculating the carbon distribution of each component.  
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By using ANSYS-CFX, the powerful commercial CFD software, the continuous hydrolysis 

process was again modeled at specific reaction temperatures and water-to-oil volume ratios. 

The thermophysical and thermochemical properties, flow behavior and the chemical kinetics 

of water and oil in the hydrolysis reaction at the desired temperature were determined and 

applied to this simulation. This model not only provided a good agreement with experimental 

data but offered a visible representation for the continuous hydrolysis process. 

The vegetable oil, which contains mostly triglycerides, was converted into FFA through 

continuous hydrolysis described above and followed through a thermal-catalytic 

deoxygenation process to produce drop-in replacement for liquid transportation diesel fuel. 

FFA, generated from continuous hydrolysis, was composed of palmitic, oleic, linoleic, 

linolenic , stearic, arachidic and behenic acid, ranging from C16 to C22 fatty acids. This FFA 

was then deoxygenated in fed-batch mode at a constant temperature of 300 °C and a constant 

pressure of 19 bar over 100 g of 5% Pd/C catalyst along with a FFA feed rate of 7 mL/min in 

H2 and He carrier gases. With 90% conversion and 0.14 mmoles/min∙gcat average 

decarboxylation rate, the liquid product from deoxygenation process, composed mostly 

heptadecane. This product can be an alternative for petroleum diesel.     

As presented, the development of the lab scale continuous hydrolysis process provides 

insights for optimizing the industrial hydrolysis process and an alternative method to the 

traditional biodiesel process. However, reducing the reaction time to reach steady-state is a 

target very important to the industry. Increasing reaction temperature and water-to-oil ratio as 

well as applying specific catalyst are the ways to accomplish this goal. Because the glycerol 
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concentration in the sweet water must be kept low by the use of excess water, getting it 

concentrated enough to use as a supplemental energy source for the process will be a 

challenge. Glycerol concentration through sweet water recovery is an important issue for this 

process.  These require more research efforts to fully optimize the current hydrolysis process.   
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A Matlab code for determining rate constants of all hydrolysis reaction steps.   

clear; 
%initial value of concentration 
MAGPRE = 0; DAGPRE = 0; TAGPRE = 0.9936; FFAPRE = 0; H2OPRE = 1.9873; 

GlyPRE = 0; 
SecondMAG = 0; SecondDAG = 0; SecondTAG = 0; SecondFFA = 0; SecondH2O = 0; 

SecondGly = 0; 
ThirdMAG = 0; ThirdDAG = 0; ThirdTAG = 0; ThirdFFA = 0; ThirdH2O = 0; 

ThirdGly = 0; 
FourthMAG = 0; FourthDAG = 0; FourthTAG = 0; FourthFFA = 0; FourthH2O = 0; 

FourthGly = 0; 
%initial value of k 
k7 = 0.001278; k8 = 1.06E-12; k1 = 3.62; k2 = 1.12E-018; k3 = 1.0869E-05; 

k4 = 2.28E-06; k5 = 8.33E-06; k6 = 1.49E-05; 
%initial value of rate change 
q11 = 0; q12 = 0; q13 = 0; q14 = 0; q15 = 0; q16 = 0; 
q21 = 0; q22 = 0; q23 = 0; q24 = 0; q25 = 0; q26 = 0; 
q31 = 0; q32 = 0; q33 = 0; q34 = 0; q35 = 0; q36 = 0; 
q41 = 0; q42 = 0; q43 = 0; q44 = 0; q45 = 0; q46 = 0; 
h = 0.01; 

  
load ('TAGEXP.mat'); 

  
load ('DAGEXP.mat'); 

  

  
t1=3; 
for i=1:100 
    z1=(t1-76.59)/17.34-(17.34/61.925); 
    MAGEXP(i) = 0.00005 + (0.29427/61.925)* exp(1/2*((17.34/61.925)^2)-

((t1-

76.59)/61.925))*(7186705221432913/36028797018963968*2^(1/2)*pi^(1/2)+71867

05221432913/36028797018963968*pi^(1/2)*2^(1/2)*erf(1/2*2^(1/2)*z1));    
 t1=t1+3; 
end 
MAGEXP = MAGEXP'; 

  
t2=3; 
for i=1:100 
    z2=(t2-120.91)/47.95; 
    GlyEXP(i) = 0.00571 + (0.9298/(47.95*((2*pi)^(1/2))))* exp(-

(z2^2)/2)*(1+abs((3.814/6)*(z2^3-3*z2)+(-1.682/24)*((z2^4)-6*z2^3+3))); 
  t2=t2+3; 
end 
GlyEXP = GlyEXP'; 

  
load ('FFAEXP.mat'); 

  
load ('H2OEXP.mat'); 
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errorTAG = 1; 
errorDAG = 1; 
errorMAG = 1; 
errorGly = 1; 
errorFFA = 1; 
errorH2O = 1; 

  
while (errorTAG > 1E-12) 
    while(errorDAG > 1E-8) 
        while (errorMAG > 1E-11) 
            while (errorGly > 1E-6) 
                while (errorFFA > 1E-4) 
                    while (errorH2O > 1E-2) 

     
for i = 1:100 

  
k1 = k1 + 0.01; 
k3 = k3 + 1E-05; 
k5 = k5 + 1E-06; 
k7 = k7 + 0.001; 

     
k2 = (1/3.22E+11)* k1; 
k4 = (1/4.766) * k3; 
k6 = (1/0.5587) * k5; 
k8 = (1/1.22) * k7;  

     

     
GraphMAG(i) = MAGPRE; 
GraphDAG(i) = DAGPRE; 
GraphTAG(i) = TAGPRE; 
GraphFFA(i) = FFAPRE; 
GraphH2O(i) = H2OPRE; 
GraphGly(i) = GlyPRE; 
GraphX(i) = (i-1)/12; 

  
q11(i) = -k7 * TAGEXP * MAGEXP + k8 * DAGEXP * DAGEXP + k3 * DAGEXP * 

H2OEXP - k4 * MAGEXP * FFAEXP - k5 * H2OEXP * MAGEXP + k6 * GlyEXP * 

FFAEXP; 
q12(i) = 2 * k7 * TAGEXP * MAGEXP - 2 * k8 * DAGEXP * DAGEXP + k1 * TAGEXP 

* H2OEXP - k2 * DAGEXP * FFAEXP - k3 * DAGEXP * H2OEXP + k4 * MAGEXP * 

FFAEXP; 
q13(i) = -k7 * TAGEXP * MAGEXP + k8 * DAGEXP * DAGEXP - k1 * TAGEXP * 

H2OEXP + k2 * DAGEXP * FFAEXP; 
q14(i) = k1 * TAGEXP * H2OEXP - k2 * DAGEXP * FFAEXP + k3 * DAGEXP * 

H2OEXP - k4 * MAGEXP * FFAEXP + k5 * H2OEXP * MAGEXP - k6 * GlyEXP * 

FFAEXP; 
q15(i) = -k1 * TAGEXP * H2OEXP + k2 * DAGEXP * FFAEXP - k3 * DAGEXP * 

H2OEXP + k4 * MAGEXP * FFAEXP - k5 * H2OEXP * MAGEXP + k6 * GlyEXP * 

FFAEXP; 
q16(i) = k5 * MAGEXP * H2OEXP - k6 * GlyEXP * FFAEXP; 
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SecondMAG = MAG + .5*q11*h; 
SecondDAG = DAG + .5*q12*h; 
SecondTAG = TAG + .5*q13*h; 
SecondFFA = FFA + .5*q14*h; 
SecondH2O = H2O + .5*q15*h; 
SecondGly = Gly + .5*q16*h; 

  
q21 = -k7 * SecondTAG * SecondMAG + k8 * SecondDAG * SecondDAG + k3 * 

SecondDAG * SecondH2O - k4 * SecondMAG * SecondFFA - k5 * SecondH2O * 

SecondMAG + k6 * SecondGly * SecondFFA; 
q22 = 2 * k7 * SecondTAG * SecondMAG - 2 * k8 * SecondDAG * SecondDAG + k1 

* SecondTAG * SecondH2O - k2 * SecondDAG * SecondFFA - k3 * SecondDAG * 

SecondH2O + k4 * SecondMAG * SecondFFA; 
q23 = -k7 * SecondTAG * SecondMAG + k8 * SecondDAG * SecondDAG - k1 * 

SecondTAG * SecondH2O + k2 * SecondDAG * SecondFFA; 
q24 = k1 * SecondTAG * SecondH2O - k2 * SecondDAG * SecondFFA + k3 * 

SecondDAG * SecondH2O - k4 * SecondMAG * SecondFFA + k5 * SecondH2O * 

SecondMAG - k6 * SecondGly * SecondFFA; 
q25 = -k1 * SecondTAG * SecondH2O + k2 * SecondDAG * SecondFFA - k3 * 

SecondDAG * SecondH2O + k4 * SecondMAG * SecondFFA - k5 * SecondH2O * 

SecondMAG + k6 * SecondGly * SecondFFA; 
q26 = k5 * SecondMAG * SecondH2O - k6 * SecondGly * SecondFFA; 

  
ThirdMAG = MAG + .5*q21*h; 
ThirdDAG = DAG + .5*q22*h; 
ThirdTAG = TAG + .5*q23*h; 
ThirdFFA = FFA + .5*q24*h; 
ThirdH2O = H2O + .5*q25*h; 
ThirdGly = Gly + .5*q26*h; 

  
q31 = -k7 * ThirdTAG * ThirdMAG + k8 * ThirdDAG * ThirdDAG + k3 * ThirdDAG 

* ThirdH2O - k4 * ThirdMAG * ThirdFFA - k5 * ThirdH2O * ThirdMAG + k6 * 

ThirdGly * ThirdFFA; 
q32 = 2 * k7 * ThirdTAG * ThirdMAG - 2 * k8 * ThirdDAG * ThirdDAG + k1 * 

ThirdTAG * ThirdH2O - k2 * ThirdDAG * ThirdFFA - k3 * ThirdDAG * ThirdH2O 

+ k4 * ThirdMAG * ThirdFFA; 
q33 = -k7 * ThirdTAG * ThirdMAG + k8 * ThirdDAG * ThirdDAG - k1 * ThirdTAG 

* ThirdH2O + k2 * ThirdDAG * ThirdFFA; 
q34 = k1 * ThirdTAG * ThirdH2O - k2 * ThirdDAG * ThirdFFA + k3 * ThirdDAG 

* ThirdH2O - k4 * ThirdMAG * ThirdFFA + k5 * ThirdH2O * ThirdMAG - k6 * 

ThirdGly * ThirdFFA; 
q35 = -k1 * ThirdTAG * ThirdH2O + k2 * ThirdDAG * ThirdFFA - k3 * ThirdDAG 

* ThirdH2O + k4 * ThirdMAG * ThirdFFA - k5 * ThirdH2O * ThirdMAG + k6 * 

ThirdGly * ThirdFFA; 
q36 = k5 * ThirdMAG * ThirdH2O - k6 * ThirdGly * ThirdFFA; 

  

  
FourthMAG = MAG + q31*h; 
FourthDAG = DAG + q32*h; 
FourthTAG = TAG + q33*h; 
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FourthFFA = FFA + q34*h; 
FourthH2O = H2O + q35*h; 
FourthGly = Gly + q36*h; 

  
q41 = -k7 * FourthTAG * FourthMAG + k8 * FourthDAG * FourthDAG + k3 * 

FourthDAG * FourthH2O - k4 * FourthMAG * FourthFFA - k5 * FourthH2O * 

FourthMAG + k6 * FourthGly * FourthFFA; 
q42 = 2 * k7 * FourthTAG * FourthMAG - 2 * k8 * FourthDAG * FourthDAG + k1 

* FourthTAG * FourthH2O - k2 * FourthDAG * FourthFFA - k3 * FourthDAG * 

FourthH2O + k4 * FourthMAG * FourthFFA; 
q43 = -k7 * FourthTAG * FourthMAG + k8 * FourthDAG * FourthDAG - k1 * 

FourthTAG * FourthH2O + k2 * FourthDAG * FourthFFA; 
q44 = k1 * FourthTAG * FourthH2O - k2 * FourthDAG * FourthFFA + k3 * 

FourthDAG * FourthH2O - k4 * FourthMAG * FourthFFA + k5 * FourthH2O * 

FourthMAG - k6 * FourthGly * FourthFFA; 
q45 = -k1 * FourthTAG * FourthH2O + k2 * FourthDAG * FourthFFA - k3 * 

FourthDAG * FourthH2O + k4 * FourthMAG * FourthFFA - k5 * FourthH2O * 

FourthMAG + k6 * FourthGly * FourthFFA; 
q46 = k5 * FourthMAG * FourthH2O - k6 * FourthGly * FourthFFA; 

  
MAGPRE = MAG + (1/6) * (q11 + 2*q21 + 2*q31 + q41) * h; 
DAGPRE = DAG + (1/6) * (q12 + 2*q22 + 2*q32 + q42) * h; 
TAGPRE = TAG + (1/6) * (q13 + 2*q23 + 2*q33 + q43) * h; 
FFAPRE = FFA + (1/6) * (q14 + 2*q24 + 2*q34 + q44) * h; 
H2OPRE = H2O + (1/6) * (q15 + 2*q25 + 2*q35 + q45) * h; 
GlyPRE = Gly + (1/6) * (q16 + 2*q26 + 2*q36 + q46) * h; 

  
  TAGPRE(i) = TAGEXP(i)+ q11(i)*3;  
  DAGPRE(i) = DAGEXP(i)+ q12(i)*3; 
  MAGPRE(i) = MAGEXP(i)+ q13(i)*3; 
  GlyPRE(i) = GlyEXP(i)+ q14(i)*3; 
  FFAPRE(i) = FFAEXP(i)+ q15(i)*3; 
  H2OPRE(i) = H2OEXP(i)+ q16(i)*3; 

   
  errorTAG = errorTAG + (TAGEXP(i)- TAGPRE(i))^2; 
  errorDAG = errorDAG + (DAGEXP(i)- DAGPRE(i))^2; 
  errorMAG = errorMAG + (MAGEXP(i)- MAGPRE(i))^2; 
  errorGly = errorGly + (GlyEXP(i)- GlyPRE(i))^2; 
  errorFFA = errorFFA + (FFAEXP(i)- FFAPRE(i))^2; 
  errorH2O = errorH2O + (H2OEXP(i)- H2OPRE(i))^2; 

  

  
end 

  
                    end 
                end  
            end  
        end  
    end  
end  
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k1; 
k2; 
k3; 
k4; 
k5; 
k6; 
k7; 
k8; 

  
MAGPRE; 
DAGPRE; 
TAGPRE; 
FFAPRE; 
H2OPRE; 
GlyPRE; 

  
GraphMAG(101) = MAG; 
GraphDAG(101) = DAG; 
GraphTAG(101) = TAG; 
GraphFFA(101) = FFA; 
GraphH2O(101) = H2O; 
GraphGly(101) = Gly; 
GraphX(101) = 12.1; 

  
%plot(GraphX,GraphMAG,GraphX,GraphDAG,GraphX,GraphTAG,GraphX,GraphFFA,Grap

hX,GraphH2O,GraphX,GraphGly) 
figure(1); 
plot(GraphTAG,'ok','MarkerSize',3); 
xlabel('time(min)'); 
ylabel('TAG(mole/L)'); 
title('TAG vs time'); 
figure(2);  
plot(GraphDAG,'ok','MarkerSize',3); 
xlabel('time(min)'); 
ylabel('DAG(mole/L)'); 
title('DAG vs time'); 
figure(3);  
plot(GraphMAG,'ok','MarkerSize',3); 
xlabel('time(min)'); 
ylabel('MAG(mole/L)'); 
title('MAG vs time'); 
figure(4); 
plot(GraphGly,'ok','MarkerSize',3); 
xlabel('time(min)'); 
ylabel('Gly(mole/L)'); 
title('Gly vs time'); 
figure(5); 
plot(GraphFFA,'ok','MarkerSize',3); 
xlabel('time(min)'); 
ylabel('FFA(mole/L)'); 
title('FFA vs time'); 
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figure(6); 
plot(GraphH2O,'ok','MarkerSize',3); 
xlabel('time(min)'); 
ylabel('H2O(mole/L)'); 
title('H2O vs time'); 

 

 

 


